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PREFACE

My purpose in presenting the third edition of this book continues to be that of
the previous edition: “to provide a vehicle for teaching, either through a formal
course or through self-study, the techniques of, and principles of equipment
design for, the mass-transfer operations of chemical engineering.” As before,
these operations are largely the responsibility of the chemical engineer, but
increasingly practitioners of other engineering disciplines are finding them
necessary for their work. This is especially true for those engaged in pollution
control and environment protection, where separation processes predominate,
and in, for example, extractive metallurgy, where more sophisticated and diverse
methods of separation are increasingly relied upon.

I have taken this opportunity to improve and modernize many of the
explanations, to modernize the design data, and to lighten the writing as best I
could. There are now included discussions of such topics as the surface-stretch
theory of mass-transfer, transpiration cooling, new types of tray towers, heatless
adsorbers, and the like. Complete design methods are presented for mixer-settler
and sieve-tray extractors, sparged vessels, and mechanically agitated vessels for
gas-liquid, liquid-liquid, and solid-liquid contact, adiabatic packed-tower ab-
sorbers, and evaporative coolers. There are new worked examples and problems
for student practice. In order to keep the length of the book within reasonable
limits, the brief discussion of the so-called less conventional operations in the
last chapter of the previous edition has been omitted.

One change will be immediately evident to those familiar with previous
editions; the new edition is written principally in the SI system of units. In order
to ease the transition to this system, an important change was made: of the more
than 1000 numbered equations, all but 25 can now be used with any system of
consistent units, SI, English engineering, Metric engineering, cgs, or whatever.
The few equations which remain dimensionally inconsistent are given in SI, and
also by footnote or other means in English engineering units. All tables of
engineering data, important dimensions in the text, and most student problems
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are treated similarly. An extensive list of conversion factors from other systems
to SI is included in Chapter 1; these will cover all quantities needed for the use
of this book. I hope this book will stimulate the transition to SI, the advantages
of which become increasingly clear as one becomes familiar with it.

I remain as before greatly indebted to many firms and publications for
permission to use their material, and most of all to the many engineers and
scientists whose works provide the basis for a book of this sort. I am also
indebted to Edward C. Hohmann and William R. Schowalter as well as to
several anonymous reviewers who provided useful suggestions. Thanks are due
to the editorial staff of the publisher, all of whom have been most helpful.

Robert E. Treybal

Robert E. Treybal passed away while this book was in production. We are
grateful to Mark M. Friedman who, in handling the proofs of this book, has
contributed significantly to the usability of this text.



CHAPTER

ONE
THE MASS-TRANSFER OPERATIONS

A substantial number of the unit operations of chemical engineering are con-
cerned with the problem of changing the compositions of solutions and mixtures
through methods not necessarily involving chemical reactions. Usually these
operations are directed toward separating a substance into its component parts.
For mixtures, such separations may be entirely mechanical, e.g., the filtration of
a solid from a suspension in a liquid, the classification of a solid into fractions of
different particle size by screening, or the separation of particles of a ground
solid according to their density. On the other hand, if the operations involve
changes in composition of solutions, they are known as the mass-transfer
operations and it is these which concern us here.

The importance of these operations is profound. There is scarcely any
chemical process which does not require a preliminary purification of raw
materials or final separation of products from by-products, and for these the
mass-transfer operations are usually used. One can perhaps most readily develop
an immediate appreciation of the part these separations play in a processing
plant by observing the large number of towers which bristle from a modern
petroleum refinery, in each of which a mass-transfer separation operation takes
place. Frequently the major part of the cost of a process is that for the
separations. These separation or purification costs depend directly upon the
ratio of final to initial concentration of the separated substances, and if this ratio
is large, the product costs are large. Thus, sulfuric acid is a relatively low-priced
product in part because sulfur is found naturally in a relatively pure state,
whereas pure uranium is expensive because of the low concentration in which it
is found in nature,

The mass-transfer operations are characterized by transfer of a substance
through another on a molecular scale. For example, when water evaporates from
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a pool into an airstream flowing over the water surface, molecules of water
vapor diffuse through those of the air at the surface into the main portion of the
_ airstream, whence they are carried away. It is not bulk movement as a result of a
" pressure difference, as in pumping a liquid through a pipe, with which we are
primarily concerned. In the problems at hand, the mass transfer is a result of a
concentration difference, or gradient, the diffusing substance moving from a
place of high to one of low concentration.

CLASSIFICATION OF THE MASS-TRANSFER OPERATIONS

It is useful to classify the operations and to cite examples of each, in order to
indicate the scope of this book and to provide a vehicle for some definitions of
terms which are commonly used.

Direct Contact of Two Immiscible Phases

This category is by far the most important of all and includes the bulk of the
mass-transfer operations. Here we take advantage of the fact that in a two-phase
system of several components at equilibrium, with few exceptions the composi-
tions of the phases are different. The various components, in other words, are
differently distributed between the phases.

In some instances, the separation thus afforded leads immediately to a pure
substanice because one of the phases at equilibrium contains only one con-
stituent. For example, the equilibrium vapor in contact with a liquid aqueous
salt solution contains no salt regardless of the concentration of the liquid.
Similarly the equilibrium solid in contact with such a liquid salt solution is either
pure water or pure salt, depending upon which side of the eutectic composition
the liquid happens to be. Starting with the liquid solution, one can then obtain a
complete separation by boiling off the water. Alternatively, pure salt or pure
water can be produced by partly freezing the solution; or, in principle at least,
both can be obtained pure by complete solidification followed by mechanical
separation of the eutectic mixture of crystals. In cases like these, when the two
phases are first formed, they are immediately at their final equilibrium composi-
tions and the establishment of equilibrium is not a time-dependent process. Such
separations, with one exception, are not normally considered to be among the
mass-transfer operations.

In the mass-transfer operations, neither equilibrium phase consists of only
one component. Consequently when the two phases are initially contacted, they
will not (except fortuitously) be of equilibrium compositions. The system then
attempts to reach equilibrium by a relatively slow diffusive movement of the
constituents, which transfer in part between the phases in the process. Separa-
tions are therefore never complete, although, as will be shown, they can be
brought as near completion as desired (but not totally) by appropriate manipula-
tions.
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The three states of aggregation, gas, liquid, and solid, permit six possibilities
of phase contact.

Gas-gas Since with very few exceptions all gases are completely soluble in each
other, this category is not practically realized.

Gas-liquid If all components of the system distribute between the phases at
equilibrium, the operation is known as fractional distillation (or frequently just
distillation). In this instance the gas phase is created from the liquid by
application of heat; or conversely, the liquid is created from the gas by removal
of heat. For example, if a liquid solution of acetic acid and water is partially
vaporized by heating, it is found that the newly created vapor phase and the
residual liquid both contain acetic acid and water but in proportions at
equilibrium which are different for the two phases and different from those in
the original solution. If the vapor and liquid are separated mechanically from
each other and the vapor condensed, two solutions, one richer in acetic acid and
the other richer in water, are obtained. In this way a certain degree of separation
of the original components has been accomplished.

Both phases may be solutions, each containing, however, only one common
component (or group of components) which distributes between the phases. For
example, if a mixture of ammonia and air is contacted with liquid water, a large
portion of the ammonia, but essentially no air, will dissolve in the liquid and in
this way the air-ammonia mixture can be separated. The operation is known as
gas absorption. On the other hand, if air is brought into contact with an
ammonia-water solution, some of the ammonia leaves the liquid and enters the
gas phase, an operation known as desorption or stripping. The difference is purely
in the direction of solute transfer.

If the liquid phase is a pure liquid containing but one component while the
gas contains two or more, the operation is humidification or dehumidification,
depending upon the direction of transfer (this is the exception mentioned
earlier). For example, contact of dry air with liquid water results in evaporation
of some water into the air (humidification of the air). Conversely, contact of
very moist air with pure liquid water may result in condensation of part of the
moisture in the air (dehumidification). In both cases, diffusion of water vapor
through air is involved, and we include these among the mass-transfer opera-
tions.

Gas-solid Classification of the operations in this category according to the
number of components which appear in the two phases is again convenient.

If a solid solution is partially vaporized without the appearance of a liquid
phase, the newly formed vapor phase and the residual solid each contains all the
original components, but in different proportions, and the operation is fractional
sublimation. As in distillation, the final compositions are established by interdif-
fusion of the components between the phases. While such an operation is
theoretically possible, practically it is not generally done because of the incon-
venience of dealing with solid phases in this manner.



Not all components may be present in both phases, however. If a solid
which is moistened with a volatile liquid is exposed to a relatively dry gas, the
liquid leaves the solid and diffuses into the gas, an operation generally known as
drying, sometimes as desorption. A homely example is drying laundry by ex-
posure to air, and there are many industrial counterparts such as drying lumber
or the removal of moisture from a wet filter cake by exposure to dry gas. In this
case, the diffusion is, of course, from the solid to the gas phase. If the diffusion
takes place in the opposite direction, the operation is known as adsorption. For
example, if a mixture of water vapor and air is brought into contact with
activated silica gel, the water vapor diffuses to the solid, which retains it
strongly, and the air is thus dried. In other instances, a gas mixture may contain
several components each of which is adsorbed on a solid but to different extents
(fractional adsorption). For example, if a mixture of propane and propylene
gases is brought into contact with activated carbon, the two hydrocarbons are
both adsorbed, but to different extents, thus leading to a separation of the gas
mixture.

When the gas phase is a pure vapor, as in the sublimation of a volatile solid
from a mixture with one which is nonvolatile, the operation depends more on
the rate of application of heat than on concentration difference and is essentially
nondiffusional. The same is true of the condensation of a vapor to the condition
of a pure solid, where the rate depends on the rate of heat removal.

Liquid-liquid Separations involving the contact of two insoluble liquid phases
are known as liquid-extraction operations. A simple example is the familiar
laboratory procedure: if an acetone-water solution is shaken in a separatory
funnel with carbon tetrachloride and the liquids allowed to settle, a large portion
of the acetone will be found in the carbon tetrachloride—rich phase and will thus
have been separated from the water. A small amount of the water will also have
been dissolved by the carbon tetrachloride, and a small amount of the latter will
have entered the water layer, but these effects are relatively minor. As another
possibility, a solution of acetic acid and acetone can be separated by adding it to
the insoluble mixture of water and carbon tetrachloride. After shaking and
settling, both acetone and acetic acid will be found in both liquid phases, but in
different proportions. Such an operation is known as fractional extraction.
Another form of fractional extraction can be effected by producing two liquid
phases from a single-phase solution by cooling the latter below its critical
solution temperature. The two phases which form will be of different composi-
tion.

Liquid-solid When all the constituents are present in both phases at equilibrium,
we have the operation of fractional crystallization. Perhaps the most interesting
examples of this are the special techniques of zone refining, used to obtain
ultrapure metals and semiconductors, and adductive crystallization, where a
substance, such as urea, has a crystal lattice which will selectively entrap long
straight-chain molecules like the paraffin hydrocarbons but will exclude
branched molecules.
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Cases where the phases are solutions (or mixtures) containing but one
common component occur more frequently. Selective solution of a component
from a solid mixture by a liquid solvent is known as leaching (sometimes also as
solvent extraction), and as examples we cite the leaching of gold from its ores by
cyanide solutions and of cottonseed oil from the seeds by hexane. The diffusion
is, of course, from the solid to the liquid phase. If the diffusion is in the opposite
direction, the operation is known as adsorption. Thus, the colored material which
contaminates impure cane sugar solutions can be removed by contacting the
liquid solutions with activated carbon, whereupon the colored substances are
retained on the surface of the solid carbon.

Solid-solid Because of the extraordinarily slow rates of diffusion within solid
phases, there is no industrial separation operation in this category.

Phases Separated by a Membrane

These operations are used relatively infrequently, although they are rapidly
increasing in importance. The membranes operate in different ways, depending
upon the nature of the separation to be made. In general, however, they serve to
prevent intermingling of two miscible phases. They also prevent ordinary hydro-
dynamic flow, and movement of substances through them is by diffusion. And
they permit a component separation by selectively controlling passage of the
components from one side to the other.

Gas-gas In gaseous diffusion or effusion, the membrane is microporous. If a gas
mixture whose components are of different molecular weights is brought into
contact with such a diaphragm, the various components of the gas pass through
the pores at rates dependent upon the molecular weights. This leads to different
compositions on opposite sides of the membrane and consequent separation of
the mixture. In this manner large-scale separation of the isotopes of uranium, in
the form of gaseous uranium hexafluoride, is carried out. In permeation, the
membrane is not porous, and the gas transmitted through the membrane first
dissolves in it and then diffuses through. Separation in this case is brought about
principally by difference in solubility of the components. Thus, helivm can be
separated from natural gas by selective permeation through fluorocarbon-
polymer membranes.

Gas-liquid These are permeation separations where, for example, a liquid solu-
tion of alcohol and water is brought into contact with a suitable nonporous
membrane, in which the alcohol preferentially dissolves. After passage through
the membrane the alcohol is vaporized on the far side.

Liquid-liquid The separation of a crystalline substance from a colloid, by
contact of their solution with a liquid solvent with an intervening membrane
permeable only to the solvent and the dissolved crystalline substance, is known
as dialysis. For example, aqueous beet-sugar solutions containing undesired
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colloidal material are freed of the latter by contact with water with an interven-
ing semipermeable membrane. Sugar and water diffuse through the membrane,
but the larger colloidal particles cannot. Fractional dialysis for separating two
crystalline substances in solution makes use of the difference in membrane
permeability for the substances. If an electromotive force is applied across the
membrane to assist in the diffusion of charged particles, the operation is
electrodialysis. If a solution is separated from the pure solvent by a membrane
which is permeable only to the solvent, the solvent diffuses into the solution, an
operation known as osmosis. This is not a separation operation, of course, but by
superimposing a pressure to oppose the osmotic pressure the flow of solvent is
reversed, and the solvent and solute of a solution can be separated by reverse
osmosis. This is one of the processes which may become important in the
desalination of seawater.

Direct Contact of Miscible Phases

Because of the difficulty in maintaining concentration gradients without mixing
the fluid, the operations in this category are not generally considered practical
industrially except in unusual circumstances.

Thermal diffusion involves the formation of a concentration difference
within a single liquid or gaseous phase by imposition of a temperature gradient
upon the fluid, thus making a separation of the components of the solution
possible. In this way, *He is separated from its mixture with “He.

If a condensable vapor, such as steam, is allowed to diffuse through a gas
mixture, it will preferentially carry one of the components along with it, thus
making a separation by the operation known as sweep diffusion. If the two zones
within the gas phase where the concentrations are different are separated by a
screen containing relatively large openings, the operation is called atmolysis.

If a gas mixture is subjected to a very rapid centrifugation, the components
will be separated because of the slightly different forces acting on the various
molecules owing to their different masses. The heavier molecules thus tend to
accumulate at the periphery of the centrifuge. This method is also used for
separation of uranium isotopes.

Use of Surface Phenomena

Substances which when dissolved in a liquid produce a solution of lowered
surface tension (in contact with a gas) are known to concentrate in solution at
the liquid surface. By forming a foam of large surface, as by bubbling air
through the solution, and collecting the foam, the solute can be concentrated. In
this manner, detergents have been separated from water, for example. The
operation is known as foam separation. It is not to be confused with the flotation
processes of the ore-dressing industries, where insoluble solid particles are
removed from slurries by collection into froths.

This classification is not exhaustive but it does categorize all the major
mass-transfer operations. Indeed, new operations continue to be developed,
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some of which can be fit into more than one category. This book includes
gas-liquid, liquid-liquid, and solid-fluid operations, all of which involve direct
contact of two immiscible phases and make up the great bulk of the applications
of the transfer operations.

Direct and indirect operations The operations depending upon contact of two
immiscible phases particularly.can be further subclassified into two types. The
direct operations produce the two phases from a single-phase solution by
addition or removal of heat. Fractional distillation, fractional crystallization,
and one form of fractional extraction are of this type. The indirect operations
involve addition of a foreign substance and include gas absorption and strip-
ping, adsorption, drying, leaching, liquid extraction, and certain types of frac-
tional crystallization.

It is characteristic of the direct operations that the products are obtained
directly, free of added substance; these operations are therefore sometimes
favored over the indirect if they can be used.

If the separated products are required relatively pure, the disadvantages of
the indirect operations incurred by addition of a foreign substance are several.
The removed substance is obtained as a solution, which in this case must in turn
be separated, either to obtain the pure substance or the added substance for
reuse, and this represents an expense. The separation of added substance and
product can rarely be complete, which may lead to difficulty in meeting product
specifications. In any case, addition of a foreign substance may add to the
problems of building corrosion-resistant equipment, and the cost of inevitable
losses must be borne. Obviously the indirect methods are used only because they
are, in the net, less costly than the direct methods if there is a choice. Frequently
there is no choice.

When the separated substance need not be obtained pure, many of these
disadvantages may disappear. For example, in ordinary drying, the water-
vapor—air mixture is discarded since neither constituent need be recovered. In
the production of hydrochloric acid by washing a hydrogen chloride—containing
gas with water, the acid-water solution is sold directly without separation.

CHOICE OF SEPARATION METHOD

The chemical engineer faced with the problem of separating the components of
a solution must ordinarily choose from several possible methods. While the
choice is usvally limited by the peculiar physical characteristics of the materials
to be handled, the necessity for making a decision nevertheless almost always
exists. Until the fundamentals of the various operations have been clearly
understood, of course, no basis for such a decision is available, but it is well at
least to establish the nature of the alternatives at the beginning.

One can sometimes choose between using a mass-transfer operation of the
sort discussed in this book and a purely mechanical separation method. For
example, in the separation of a desired mineral from its ore, it may be possible



to use either the mass-transfer operation of leaching with a solvent or the purely
mechanical methods of flotation. Vegetable oils can be separated from the seeds
in which they occur by expression or by leaching with a solvent. A vapor can be
removed from a mixture with a permanent gas by the mechanical operation of
compression or by the mass-transfer operations of gas absorption or adsorption.
Sometimes both mechanical and mass-transfer operations are used, especially
where the former are incomplete, as in processes for recovering vegetable oils
wherein expression is followed by leaching. A more commonplace example is
wringing water from wet laundry followed by air drying. It is characteristic that
at the end of the operation the substance removed by mechanical methods is
pure, while if removed by diffusional methods it is associated with another
substance.

One can also frequently choose between a purely mass-transfer operation
and a chemical reaction or a combination of both. Water can be removed from
an ethanol-water solution either by causing it to react with unslaked lime or by
special methods of distillation, for example. Hydrogen sulfide can be separated
from other gases either by absorption in a liquid solvent with or without
simultaneous chemical reaction or by chemical reaction with ferric oxide.
Chemical methods ordinarily destroy the substance removed, while mass-
transfer methods usually permit its eventual recovery in unaltered form without
great difficulty.

There are also choices to be made within the mass-transfer operations. For
example, a gaseous mixture of oxygen and nitrogen may be separated by
preferential adsorption of the oxygen on activated carbon, by adsorption, by
distillation, or by gaseous effusion. A liquid solution of acetic acid may be
separated by distillation, by liquid extraction with a suitable solvent, or by
adsorption with a suitable adsorbent.

The principal basis for choice in any case is cost: that method which costs
the least is usually the one to be used. Occasionally other factors also influence
the decision, however. The simplest operation, while it may not be the least
costly, is sometimes desired because it will be trouble-free. Sometimes a method
will be discarded because of imperfect knowledge of design methods or unavail-
ability of data for design, so that results cannot be guaranteed. Favorable
previous experience with one method may be given strong consideration.

METHODS OF CONDUCTING THE MASS-TRANSFER
OPERATIONS

Several characteristics of these operations influence our method of dealing with
them and are described in terms which require definition at the start,

Solute Recovery and Fractionation

If the components of a solution fall into two distinct groups of quite different
properties, so that one can imagine that one group of components constitutes the
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solvent and the other group the solute, separation according to these groups is
usually relatively easy and amounts to a solute-recovery or solute-removal
operation. For example, a gas consisting of methane, pentane, and hexane can
be imagined to consist of methane as solvent with pentane plus hexane as solute,
the solvent and solute in this case differing considerably in at least one property,
vapor pressure. A simple gas-absorption operation, washing the mixture with a
nonvolatile hydrocarbon oil, will easily provide a new solution of pentane plus
hexane in the oil, essentially methane-free; and the residual methane will be
essentially free of pentane and hexane. On the other hand, a solution consisting
of pentane and hexane alone cannot be classified so readily. While the compo-
nent properties differ, the differences are small, and to separate them into
relatively pure components requires a different technique. Such separations are
termed fractionations, and in this case we might use fractional distillation as a
method.

Whether a solute-recovery or fractionation procedure is used may depend
upon the property chosen to be exploited. For example, to separate a mixture of
propanol and butanol from water by a gas-liquid contacting method, which
depends on vapor pressures, requires fractionation (fractional distillation) be-
cause the vapor pressures of the components are not greatly different. But nearly
complete separation of the combined alcohols from water can be obtained by
liquid extraction of the solution with a hydrocarbon, using solute-recovery
methods because the solubility of the alcohols as a group and water in hydro-
carbons is greatly different. The separation of propanol from butanol, however,
requires a fractionation technique (fractional extraction or fractional distillation,
for example), because all their properties are very similar.

Unsteady-State Operation

It is characteristic of unsteady-state operation that concentrations at any point
in the apparatus change with time. This may result from changes in concentra-
tions of feed materials, flow rates, or conditions of temperature or pressure. In
any case, barch operations are always of the unsteady-state type. In purely batch
operations, all the phases are stationary from a point of view outside the
apparatus, i.e., no flow in or out, even though there may be relative motion
within. The familiar laboratory extraction procedure of shaking a solution with
an immiscible solvent is an example. In semibatch operations, one phase is
stationary while the other flows continuously in and out of the apparatus. As an
example, we may cite the case of a drier where a quantity of wet solid is
contacted continuously with fresh air, which carries away the vaporized mois-
ture until the solid is dry.

Steady-State Operation

It is characteristic of steady-state operation that concentrations at any position
in the apparatus remain constant with passage of time. This requires continuous,
invariable flow of all phases into and out of the apparatus, a persistence of the



flow regime within the apparatus, constant concentrations of the feed streams,
and unchanging conditions of temperature and pressure.

Stagewise Operation

If two insoluble phases are first allowed to come into contact so that the various
diffusing substances can distribute themselves between the phases, and if the
phases are then mechanically separated, the entire operation and the equipment
required to carry it out are said to constitute one stage, e.g., laboratory batch
extraction in a separatory funnel. The operation can be carried on in continuous
fashion (steady-state) or batchwise fashion, however. For separations requiring
greater concentration changes, a series of stages can be arranged so that the
phases flow through the assembled stages from one to the other, e.g., in
countercurrent flow. Such an assemblage is called a cascade. In order to
establish a standard for the measurement of performance, the equilibrium, ideal,
or theoretical, stage is defined as one where the effluent phases are in
equilibrium, so that a longer time of contact will bring about no additional
change of composition. The approach to equilibrium realized tn any stage is
then defined as the stage of efficiency.

Continuous-Contact (Differential-Contact) Operation

In this case the phases flow through the equipment in continuous, intimate
contact throughout, without repeated physical separation and recontacting. The
nature of the method requires the operation to be either semibatch or steady-
state, and the resulting change in compositions may be equivalent to that given
by a fraction of an ideal stage or by many stages. Equilibrium between two
phases at any position in the equipment is never established; indeed, should
equilibrium occur anywhere in the system, the result would be equivalent to the
effect of an infinite number of stages.

The essential difference between stagewise and continuous-contact opera-
tion can be summarized. In the case of the stagewise operation the diffusional
flow of matter between the phases is allowed to reduce the concentration
difference which causes the flow. If allowed to continue long enough, an
equilibrium is established, after which no further diffusional flow occurs. The
rate of diffusion and the time then determine the stage efficiency realized in any
particular situation. On the other hand, in continuous-contact operation the
departure from equilibrium is deliberately maintained, and the diffusional flow
between the phases may continue without interruption. Which method will be
used depends to some extent on the stage efficiency that can be practically
realized. A high stage efficiency can mean a relatively inexpensive plant and one
whose performance can be reliably predicted. A low stage efficiency, on the
other hand, may make the continuous-contact methods more desirable for
reasons of cost and certainty.
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DESIGN PRINCIPLES

There are four major factors to be established in the design of any plant
involving the diffusional operations: the number of equilibrium stages or their
equivalent, the time of phase contact required, the permissible rate of flow, and
the energy requirements.

Number of Equilibrium Stages

In order to determine the number of equilibrium stages required in a cascade to
bring about a specified degree of separation, or the equivalent quantity for a
continuous-contact device, the equilibrium characteristics of the system and
material-balance calculations are required.

Time Requirement

In stagewise operations the time of contact is intimately connected with stage
efficiency, whereas for continuous-contact equipment the time leads ultimately
to the volume or length of the required device. The factors which help establish
the time are several. Material balances permit calculation of the relative quanti-
ties required of the various phases. The equilibrium characteristics of the system
establish the ultimate concentrations possible, and the rate of transfer of
material between phases depends upon the departure from equilibrium which is
maintained. The rate of transfer additionally depends upon the physical proper-
ties of the phases as well as the flow regime within the equipment.

It is important to recognize that, for a given degree of intimacy of contact of
the phases, the time of contact required is independent of the total quantity of
the phases to be processed.

Permissible Flow Rate

This factor enters into consideration of semibatch and steady-state operations,
where it leads to the determination of the cross-sectional area of the equipment.
Considerations of fluid dynamics establish the permissible flow rate, and
material balances determine the absolute quantity of each of the streams
required.

Energy Requirements

Heat and mechanical energies are ordinarily required to carry out the diffusional
operations. Heat is necessary for the production of any temperature changes, for
the creation of new phases (such as vaporization of a liquid), and for overcom-
ing heat-of-solution effects. Mechanical energy is required for fluid and solid

transport, for dispersing liquids and gases, and for operating moving parts of
machinery.



The ultimate design, consequently, requires us to deal with the equilibrium
characteristics of the system, material balances, diffusional rates, fluid dynamics,
and energy requirements. In what follows, basic considerations of diffusion rates
are discussed first (Part One) and these are later applied to specific operations.
The principal operations, in turn, are subdivided into three categories, depend-
ing upon the nature of the insoluble phases contacted, gas-liquid (Part Two),
liquid-liquid (Part Three), and solid-fluid (Part Four), since the equilibrium and
fluid dynamics of the systems are most readily studied in such a grouping.

UNIT SYSTEMS

The principal unit system of this book is the SI (Systéme International d’ Unités),
but to accommodate other systems, practically all (992 of a total of 1017)
numbered equations are written so that they can be used with any consistent set
of units. In order to permit this, it is necessary to include in all expressions
involving dimensions of both force and mass the conversion factor g, defined
through Newton's second law of motion,

MA
&

F=

where F = force

M = mass

A = acceleration
For the SI and cgs (centimeter-gram-second) system of units, g, is unnecessary,
but it can be assigned a numerical value of unity for purposes of calculation.
There are four unit systems commonly used in chemical engineering, and values
of g, corresponding to these are listed in Table 1.1.

For engineering work, SI and English engineering units are probably most
important. Consequently the coefficients of the 25 dimensionally inconsistent
equations which cannot be used directly with any unit system are given first for
SI, then by footnote or other means for English engineering units. Tables and
graphs of engineering data are similarly treated.{

Table 1.2 lists the basic quantities as expressed in SI together with the unit
abbreviations, Table 1.3 lists the unit prefixes needed for this book, and Table
1.4 lists some of the constants needed in several systems. Finally, Table 1.5 lists
the conversion factors into SI for all quantities needed for this book. The
boldface letters for each quantity represent the fundamental dimensions: F =
force, L = length, M = mass, mole = mole, T = temperature, 8 = time. The
list of notation at the end of each chapter gives the symbols used, their meaning,
and dimensions.

T In practice, some departure from the standard systems is fairly common. Thus, for example,
pressures are still frequently quoted in standard atmospheres, millimeters of mercury, bars, or
kilograms force per square meter, depending upon the local common practice in the past.
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Table 1.1 Conversion factors g, for the common unit systems

System
Fundamental
quantity SI English engineeringt cgs Metric engineeringf
Mass M Kilogram, kg Pound mass, 1b Gram, g Kilogram mass, kg
Length L Meter, m Foot, ft Centimeter,cm  Meter, m
Time 6 Second, s Second, s, or hour, h Second, s Second, s
Force F Newton, N Pound force, 1b, Dyne, dyn Kilogram force, kg,
& 1kg-m/N-s? 321741b - ft/lb,- s* 1g-cm/dyn-s? 9.80665 kg - m/kg,- s>

or
4.1698 X 10° Ib - ft/lb, - h?

1 Note that throughout this book Ib alone is used as the abbreviation pound mass and b, is used

for pound force.
1 Note that throughout this book kg alone is used as the abbreviation for kilogram mass and kg,

is used for kilogram force.

Table 1.2 Basic SI units

Force = newton, N

Length = meter, m

Mass = kilogram, kg

Mole = kilogram mole, kmol

Temperature = kelvin = K

Time = second, s

Pressure = newton/meter?, N/m? = pascal, Pa
Energy = newton-meter, N - m = joule, J

Power = newton-meter/second, N - m/s = watt, W
Frequency = 1/second, s~ ! = hertz, Hz

Table 1.3 Prefixes for SI units

Amount Multiple Prefix Symbol

1 000 000 10° mega M
1000 10 kilo k
100 10? hecto h

10 10 deka da
0.1 107! deci d
0.01 1072 centi c

0.001 1073 milli m

0.000 001 10~ micro B

0.000 000 001 10™* nano n '
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Table 1.4 Constants

Acceleration of gravityt
9.807 m/¢*
980.7 cm /s?
32.211/s?
4.17 x 10* ft/h?

Gas constant R
8314 N - m/kmol - K
1.987 cal /g mol - K
82.06 atm - cm*/g mol - K
0.7302 atm - ft*/Ib mol - °R
1545 1b, - ft/1b mol - °R
1.987 Btu/1b mo! - °R
847.8 kg, - m/kmol - K

Molar volume of ideal gases at standard conditions (STP)
(0°C, 1 std atm)}
22.41 m* /kmol
2241 1/g mol
359 £t /1b mol
Conversion factor g,
lkg-m/N - s?
1 g-cm/dyn - s
9.80665 kg - m/kg; - s>
32.1741b - ft/1b,- s
4.1698 X 10% b - ft/lb,- h?

+ Approximate, depends on location.
1 Standard conditions are abbreviated STP, for standard temperature and pressure.

Table 1.5 Conversion factors to SI units

Length

Length, L
f1(0.3048) = m
in(0.0254) = m
in(25.4) = mm
¢m(0.01) = m
A(107) = m
pm(107%) = m

Area, L?
£3(0.0929) = m?
in%(6.452 X 107%) = m?
in%(645.2) = mm?
cm(10™4) = m?
Volume, L?
113(0.02832) = m*
em(107%) = m®
(1073 = m?
U.5. gal(3.285 X 107%) = m®
U.K. gal(4,546 X 107%) = m?
Specific area, L?/L3
(f12/1°X3.2804) = m?/m?
(cm?/cmK100) = m?/m?
Velocity, L/6
(ft/s}0.3048) = m/s
(ft/min}(5.08 X 10~%) = m /s
({t/h)8.467 X 10~%) = m/s



Table 1.5 (Continued)
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Acceleration, L/8?
(ft/s?0.3048) = m/s*
(ft/h*)2.352 X 10™%) = m/s*
(cm/$*X0.01) = m/s?

Diffusivity, kinematic viscosity, L?/©
(ft2/h)(2.581 X 10~%) = m?/s
(cm?/sK10™% = m?/s
St(10™%) = m?/s*
cSt(10~%) = m?/s*

Volume rate, L*/6
(f13/5X0.02832) = m®/s
(f* /min)(4.72 X 10=%) = m?/s
(ft3/h)(7.867 X 107%) = m’/s
(U.S. gal/min}6.308 X 1075) = m*/s
(UK. gal/minX7.577 X 10~%) = m®/s

Mass

Mass, M
15(0.4536) = kg
ton(907.2) = kg
1(1000) = kg*

Density, concentration, M/L?
(Ab/fX16.019) = kg/m*
{tb/U.S. gaty(119.8) = kg/m’
(b/U.K. gal)(99.78) = kg/m’
(8/cm®)(1000) = kg/m” = g/I

Specific volume, L?/M
(63 /1bX0.0624) = m? /kg
(cm? /g)0.001) = m*/kg

Mass rate, M/0
(b/sX0.4536) = kg/s
(Ib/min}7.56 X 1073 = kg /s
(b/h)X1.26 X 10~ = kg/s

Mass rate /length, M/L8
@b/ft - hY(4.134 X 10~%) = kg/m - s

Viscosity, M/L8
(b/ft - sK1.488) = kg/m - 5
(b/ft - h)(4.134 X 1074 = kg/m - s
P(0.1) = kg/m - s°
cP(0.001) = kg/m - &°
N-s/m*=kg/m-s

Mass flux, mass velocity, M/L?8
(/- hY(1.356 X 107%) = kg/m?- s
(g/cm?- sX10) = kg/m?- 5

Molar flux, molar mass velocity, mole,/L20

(1b mol /§t2- h)(1.356 X 10~3) = kmol/m?-

(g mol/cm? - sX10) = kmol/m?- s
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Table 1.5 (Continued)

Mass-transfer coefficient, mole/L*&(F /L?) and others
K, k(b mol/it*- h - atm)(1.338 X 10~%) = kmol/m?- s - (N/m?)
K, K., k;, k [lb mol/ft2- h - (Ib mol/ft*)}(8.465 X 10™5) = kmol/m? s « (kmol/m?)
Ko kyey K kg('lb mol/ft?« h - mole fraction)(1.356 X 10~3) = kmol/m?- s - mole fraction
Ky kyllb/iC- h - (IbA/IbB))(1.356 X 10-3) = kg/m? s - (kg A/kg B)
Fg, Fy(Ib mol /{2 - hY(1.356 X 10~3) = kmol/m? s

Volumetric mass-transfer coefficient, mole /L>*&(F /L?) and others

For volumetric coefficients of the type Ka, ka, Fa, and the like, multiply the conversion factors
for the coefficient by that for a.

Force

Force, F
Ib(4.448) = N
kg(9.807) = N
kp(9.807) = N¢
dyn(10~5) = N

Interfacial tension, surface tension, F/L
(b, /16)(14.59) = N/m
(dyn/cmX107%) = N/m
(erg/em?)(107?) = N/m
kg/s* = N/m

Pressure, F/L?
(ib,/t>X47.88) = N/m? = Pa
(b, /in®)(6895) = N/m? = Pa
std atm(1.0133 X 10%) = N/m? = Pa
inHg(3386) = N/m? = Pa
inH,0(249.1) = N/m? = Pa
(dyn/cm2)(10™") = N/m? = Pa
¢mH,0(98.07) = N/m? = Pa
mmHg(133.3) = N/m? = Pa
torr(133.3) = N/m? = Pa
(kp/m2y(9.807) = N /m? = Pa
bar(10%) = N/m? = Pa
(kg,/cm?)(9.807 X 10%) = N/m? = Pa
Pressurc drop/length, (F/L?)/L
(b /1) /£1K157.0) = (N/m?)/m = Pa/m
(inH,0/ft)}817) = (N/m?)/m = Pa/m
Energy, work, heat, FL
(ft - 1bX1.356) =N -m = J
Btu(1055) = N - m = J
Chu(1900) = N - m = J¢
erg(10”7) =N -m =J
cal(4187) =N .m = J
keal(d18T) = N -m = J
&KW -h)E6 X105 =N-m=]J
Enthalpy, FL/M
(Btu/Ib}(2326) = N - m/kg = J/kg
(cal /g}4187) = N - m/kg = J /kg
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Table 1.5 (Continued)

Molar enthalpy, FL/mole
(Btu/1b mol)2326) = N - m/kmol = J/kmol
(cal/g mol¥4187) = N - m/kmol = J/kmol

Heat capacity, specific heat, FL/MT
(Btu/1b - °FY4187) = N -m/kg- K = J/kg - K
(cal/g - °C)4187) =N - m/kg - K = J/kg - K
Molar heat capacity, FL/mote T
(Bte/1b mol - °F)4187) = N - m/kmol - K = J/kmol - K
(cal/g - °CY4187) = N - m/kmol - K = J/kmol - K

Energy flux, FL/L"G
(Btu/ft* - h)3.155) = N - m/m?*- s = W/m?
(cal/cm?- s)(4.187 X 10°) = N - m/m?- s = W/m?

Thermal conductivity, FL?/L?6T = FL/L*&(T/L)
(Btu - ft/fi2 h - °FY1.7307) =N - m/m - s - K = W/m - K
(kcal - m/m? b °CY1.163) =N -m/m s K =W/m K
(cal -cm/cm?- s °CY4187) =N -m/m-s-K=W/m-K
Heat-transfer coefficient, FL/L?*6T
(Btu/ft*- h - °FX5.679) =N - m/m?.s- K = W/m?- K
(cal/em?- s - °C)4.187 X 10) =N -m/m*-s- K = W/m?- K

Power, FL/©
(it - Ib,/s)(1.356) = N - m/s = W
hp(745.7) = N - m/s = W
(Btu/minX4.885 X 103 = N - m/s = W
(Btu/h)0.293) =N - m/5s = W
Power /volume, FL/L*®
(ft - b /ft>- s}(47.88) = N - m/m?- s = W/m®
(bp/1000 US. gal)(197) = N - m/m®- s = W/m>
Power /mass, FL/M
(ft - Ibg/1b + 5)(2.988) = N - m/kg - s = W/kg

St is the abbreviation for stokes.

t is the abbreviation for metric ton (= 1000 kg).

P is the abbreviation for poise. -
kp is the abbreviation for kilopond = kg force, kg;.
Chu is the abbreviation for centigrade heat unit.

“ an oo

In reading elsewhere, the student may come upon an empirical equation
which it would be useful to convert into SI units. The procedure for this is
shown in the following example.

INustration 1.1 The minimum speed for a four-bladed paddle in an unbaffled, agitated vessel to
mix two immiscible liquids is reported to be {S. Nagata et al,, Trans. Soc. Chem. Eng. Jap., 8, 43
(1950)]

N = 30600(&)0-”1(.42:)0.26

T2\ I3
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where N’ = impeller speed r/h = h~!

T’ = vessel diameter, ft

' = continuous-liquid viscosity, Ib/ft - h

p’ = continuous-liquid density, 1b/ft®

Ap' = difference in density of liquids, lb/ft®

Substitution of the units or dimensions of the various quantities shows that neither the
dimensions nor the units on the left of the equals sign are the same, respectively, as those on the
right. In other words, the equation is dimensionally inconsistent, and the coefficient 30 600 can
be used only for the units listed above. Compute the coefficient required for the equation to be
used with SI units: N =s~!, T=m, g = kg/m - s, p = kg/m>, and Ap = kg/m’.

SoLuTION The conversion factors are taken from Table 1.5. The procedure involves substitu-
tion of each SI unit together with necessary conversion factor to convert it into the unit of the
equation as reported, the inverse of the usual use of Table 1.5. Thus,

Ns~! = N'h-!
2778 X 1074
Then
N _ _ 30600 1/ (4134 X 1074 "-“'( Ap/16.019 )"-“
2.778 X 107¢  (T/0.3048)*/* 16.019 p/16.019
_ 4.621 e 0.111 _A_B 0.26
or N="rn (p) ( P

which is suitable for SI units.
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DIFFUSION AND MASS TRANSFER

We have seen that most of the mass-transfer operations used for separating the
components of a solution achieve this result by bringing the solution to be
separated into contact with another insoluble phase. As will be developed, the
rate at which a component is then transferred from one phase to the other
depends upon a so-called mass-transfer, or rate, coefficient and upon the degree
of departure of the system from equilibrium. The transfer stops when
equilibrium is attained.

The rate coefficients for the various components in a given phase will differ
from each other to the greatest extent under conditions where molecular
diffusion prevails, but even then the difference is not really large. For example,
gases and vapors diffusing through air will show transfer coefficients whose ratio
at most may be 3 or 4 to 1. The same is true when various substances diffuse
through a liquid such as water. Under conditions of turbulence, where molecular
diffusion is relatively unimportant, the transfer coefficients become much more
nearly alike for all components. Consequently, while in principle some separa-
tion of the components could be achieved by taking advantage of their different
transfer coefficients, the degree of separation attainable in this manner is small.
This is especially significant when it is considered that we frequently wish to
obtain products which are nearly pure substances, where the ratio of compo-
nents may be of the order of 1000 or 10 000 to 1, or even larger.

Therefore we depend almost entirely upon the differences in concentration
which exist at equilibrium, and not upon the difference in transfer coefficients,
for making separations. Nevertheless, the mass-transfer coefficients are of great
importance, since, as they regulate the rate at which equilibrium is approached,
they control the time required for separation and therefore the size and cost of
the equipment used. The transfer coefficients are also important in governing
the size of equipment used for entirely different purposes, such as carrying out



chemical reactions. For example, the rate at which a reaction between two gases
occurs on a solid catalyst is frequently governed by the rate of transfer of the
gases to the catalyst surface and the rate of transfer of the product away from
the catalyst.

The mass-transfer coefficients, . their relationship to the phenomenon of
diffusion, fluid motion, and to related rate coefficients, such as those describing
heat transfer, are treated in Part One.



CHAPTER

TWO
MOLECULAR DIFFUSION IN FLUIDS

Malecular diffusion is concerned with the movement of individual molecules
through a._substance by wirtiie of their thermal epergy. The kinetic theory of
gases provides a means of visualizing what occurs, and indeed it was the success
of this theory in quantitatively describing the diffusional phenomena which led
to its rapid acceptance. In the case of a stmplified kinetic theory, a molecule is
imagined to travel in a straight line at a uniform velocity until it collides with
another molecule, whereupon its velocity changes both in magnitude and
direction. The average distance the molecule travels hetween collisions is its
mean free path, and the average velocity is dependent upon the temperature.
The molecule thus travels a highly zigzag path, the net distance in_one direction
which it moves in a given time, the rate of diffusion, being only a small fraction
of the length of its’ actual path. For this reason the diffusion rate is very slow,
although we can expect it to increase with decreasing pressure, which rednces

the number of collisions, and with increased temperature which increases the
molecular velocity.

The importance of the barrier molecular collision presents to diffusive
movement is profound. Thus, for example, it can be computed through the
kinetic theory that the rate of evaporation of water at 25°C into a complete
vacuum is roughly 3.3 kg/s per square meter of water surface. But placing a
layer of stagnant air at 1 std atm pressure and only 0.1 mm thick above the
water surface reduces the rate by a factor of about 600. The same general
mechanism prevails also for the liquid state, but because of the considerably

higher_molecular_concentration, we find even_slower diffusion rates than in
gases.

The phenomenon of molecular diffusion ultimately leads to a completely
uniform concentration of substances throughout a solution which may initially

21
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have been nonuniform. Thus, for example, if a drop of blue copper sulfate
solution is placed in a beaker of water, the copper sulfate eventually permeates
the entire liquid. The blue color in time becomes everywhere uniform, and no
subsequent change occurs.

We must distinguish at the start, however, between malecular diffusion,
which is a slow process, and the more rapid mixing which can be brought about
by mechanical stirring and convective _moyvement. of the fluid. Visualize a tank
1.5 m in diameter into which has been placed a salt solution to a depth of
0.75 m. Imagine that a 0.75-m-deep layer of pure water has been carefully
placed over the brine without disturbing the brine in any way. If the contents of
the tank are left completely undisturbed, the salt will, by molecular diffusion,
completely permeate the liquid, ultimately coming everywhere to one-half its
concentration in the original brine. But the process is very slow, and it can be
calculated that the salt concentration at the top surface will still be only 87.5
percent of its final value after 10 years and will reach 99 percent of its final
value only after 28 years. On the other hand, it has been demonstrated that a
simple paddle agitator rotating in the tank at 22 r/min will bring about
complete uniformity in about 60 s [27]. The mechanical agitation has produced
rapid_movement of relatively large chunks, or eddies, of fluid characteristic of
turbulent motion, which have carried the salt with. them. This method of solute
transfer is known as eddy or turbulent diffusion, as opposed to molecular

“» diffusion. Of course, within_each eddy, no matter how small, upiformity is

achieved only by molecular diffusion, which is the ultimate process. We see then
that moleenlar diffusion is the mechanism of mass transfer in stagnant fluids or
in fluids which are moving only in laminar:flow, although it is nevertheless
always present even in highly developed turbulent flow,

In a two-phase system not at equilibrium, such as a layer of ammonia and

air as a gas_solution in contact with a layer of liquid water, spontaneous

alteration through molecular diffusion also occurs, ultimately bringing the entire
system to a state of equilibrium, whereupon alteration stops. At the end, we
observe that the concentration of any constituent is the same throughout a
phase, but it will not necessarily be the same in hath phases. Thus the ammonia
concentration will be uniform throughout the liquid and uniform at a different
value throughout the gas. On the other hand, the ¢hemical potential of the
ammonia (or its activity if the same_reference state is used), which is differently
dependent upon concentration in the fwo phases, will be uniform everywhere
throughout the system at equilibrium, and it is this uniformity which has
brought the diffusive process to a halt. Evidently, then, the true drving force for
diffusion is activity or chemical potential, and not concentration. In multiphase
systems, however, we customarily deal with diffusional processes in each phase
separately, and within one phase it is usually described in terms of that which is
most readily observed, namely, concentration changes.

Mélecu!ar Diffusion

We have noted that if a solution is everywhere uniform in concentration of its
constituents, no alteration occurs but that as long as it is not uniform, the
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solution 1s spontaneously brought to uniformity by diffusion, the substances
moving from a place of high _concentration to_one of low. The_rate at which a
solute _moyes at any point in_any direction must therefore depend on the
concentration gradient at that point and in that direction. In describing this
quantitatively, we need an appropriate measure of rate.

Rates will be most conveniently described in terms of a molar flux, or
mol/(area)(time), the area being measured in a direction normal to the diffu-
sion. In a nonuniform solution even containing only two constituents, however,
both constituents must diffuse if uniformity is the ultimate result, and this leads
to the use of two fluxes to describe the motion of one constituent: N, the flux
relative to a fixed-location in space; and ./, the flux-of a constituent relative to
the average molar velocity of all constituents. The first of these is of importance
in the applications to design of equipment, but the second is more characteristic
of the nature of the constituent. For example, a fisherman is most interested in
the rate at which a fish swims upstream against the flowing current to reach his
baited hook (analogous to N), but the velocity of the fish relative to the stream
(analogous to J) is more characteristic of the swimming ability of the fish.

The diffusivite, or diffusion_coefficient, D, of a constituent A in solution in
B. which 1s a measurg of its diffusive mobility, is then defined as the ratio of its
flux J, to its concentration gradlent

Fick's | dc ax

} O Lot !U D5 aA = _CDAB'a_zA 2.1
which is Fick’s first law written for the z direction. The negative sign emphasizes
that diffusion occurs in the ditection of a drop_in concentration. The diffusivity
is a characteristic of a constituent and its environment (temperature, pressure,
concentration, whether in liquid, gas, or solid solution, and the nature of the
other constituents).

Consider the box of Fig. 2.1, which is separated into two parts by the
partition P. Into section I, 1 kg water (A) is placed and into section II 1 kg
ethanol (B) (the densities of the liquids are different, and the partition is so
located that the depths of the liquids in each section are the same). Imagine the
partition to be carefully removed, thus allowing diffusion of both liquids to
occur. When diffusion stops, the concentration will be uniform throughout at 50
mass percent of each constituent, and the masses and moles of each constituent
in the two regions will be as indicated in the figure. It is clear that while the
water has- diffused to the right and the ethanol to the left, there has been a net
mass movement to the nght, so that if the box had originally been balanced on a
knife-edge, at the end of the process it would have tipped downward to the right.
If the dicection to the right is taken as_positive, the flux N, of A relative_to_the
fixed position P has been.positive and the flux .My of B has been negative. For a
condition of steady state, the net flux is

No+ Ng=N 22)

The movement of A is made up of two parts, namely, that resulting from the
bulk_motion #. and the fraction x, of N which is _A_and that resulting from



K kmo} kg kniol
Initially.
H,0 100 5.55 EtOH 100 2,17
Finally:
H,0: 44.08 2.45 55.92 3.10
EEtOH: 44.08 0.96 55.92 1.2
Total 88.16 341 Total: 111.84 431

Figure 2.1 Diffusion in a binary solution.-

diffusion J,:
N,=Nx, +J, (23)
Ca A,
Np=(Ny+ Np)—=— Dpp—-~ (2.4)
The counterpart of Eq. (2.4) for B is
¢ dc
Ng = (N, + NB)—C.E_ DBAa_zB (2.5)
Adding these gives
dcy dcg
— Dppg— 3z = Dpr— - 8z (2'6)
orJ, = —Jp If ¢, + cy = const, it follows that D,y = Dy, at the ]:_»revaxhng

concentration and temperature.

All the above has considered diffusion in only one.direction, but in general
concentration gradients, velocities, and diffusional fluxes exist-in all directions,
50 that counterparts of Egs. (2.1) to (2.6) for all three directions in the cartesian
coordinate system exist. In certain solids, the diffusivity D,y may also be
direction-sensitive, although in fluids which are true solutions it is not.

The Equation of Continuity

Consider the volume element of fluid of Fig, 2.2, where a fluid is flowing
through the element. We shall need a material balance for a component of the
fluid applicable to a differential fluid volume of this type.
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z
Ax
Ay,
9 A—J-(X‘fAX,
ytby,
2+AZ)
Az £
\(1‘ %2
x
Y Figure 2.2 An ¢lemental fluid volume.

The mass rate of flow of component A into the three faces with a common corner at E is
MA[(Na ) &y 8z + (N4 ), Ax Bz + (N, ), Ax Ay]

where N, , signifies the x-directed flux and (N, ,), its value at location x. Similarly the mass rate
of flow out of the three faces with a common corner at G is

MA[(NA.x)x+Ax Ay Az + (NA.y)y+Ay Ax Az + (NA. z):+A: Ax Ay]

The total component A in the element is Ax Ay Az p,, and its rate of accumulation is therefore
Ax Ay Az 3p,/36. If, in addition, A is generated by chemical reaction at the rate R, mol/(volu-
me)(time), its production rate is M, R, Ax Ay Az, mass/time. Since, in general,

Rate out — rate in -+ rate of accumulation = rate of generation
then

MA{[(NA,x)x+Ax ~(Na ) By Az + [(NA,y),+A, - (NA,y)y] Ax Az

3
* UNaDpar = (Vo)) Ax &) + Ax Ay Az 22 = MR, Ax by Az

a8
@mn
Dividing by Ax Ay Az and taking the limit as the three distances become zero gives
N, » aNA-)‘ ON4, 9pa
MA( Ax + S + 3z + 0= M,R, (2.8)
Similarly, for component B
Ny,  8Np, 8Np.\ 3
MB( Ix + m + 3z + 20 = MgRy (2.9)
The total material balance is obtained by adding those for A and B \
HMAN, + MyNy),  HMAN, + MoNp), | OMuNp + MyNy), B0 _ (510
ax dy 8z 38

where p = p, + pg = the solution density, since the mass rate of generation of A and B must equal
2er0.
Now the counterpart of Eq. (2.3) in terms of masses and in the x direction is

M\N, . =upp+ MJ, , 2.11)
where u, is the mass-average velocity such that

Pt ™ Uy pp + Uip wPp = M N, . + MpNy (2.12)



+

WMNA+ MgNe), _ O, 3p
9x =P T %ax

Therefore,

Equation (2.10) therefore becomes

du, Oy p B P , I
p(-aT+-§}T+3;)+ ,ax‘l'lfy +Mx—a~;+30—-— (213)

which is the equation of continuity, or a mass balance, for total substance. If the solution density is
constant, it becomes

du, a“y du,
Friaem % +~a—z—--0 (2.149)
Returning to the balance for component A, we see from Eq. (2.11) that
anN, A_X 3pa Ot N Pa ou, 3%,
M,—> = vy +pAa + M= = by T PATS. Bx MADABa 3 (2.15)
Equation (2.8) then becomes
s, B pA 3y,
ux—a~;+uy-$+u, 3z +pA +Ev- 31
3%k, 3%, 9%, 9o,
- MADAB(E;;T + 2 + Py + E e M, R, (2.16)

which is the equation of continuity for substance A. For a solution of constant density, we can apply
Eq. (2.14) to the terms multiplying p,. Dividing by AM,, we then have

acA acA dca | p A, | 3%, 8%,
v Ay, KA TA_p +A +R 217
‘5 u. AB ax)_ ayz 822 A ( )

In the special case where the velocity equals zero and there is no chemical reaction, it reduces to
Fick’s second Jaw

ac, (a’:A . 3%, + Bch) @.18)

3 T Al gy ypr 3t
This is frequently applicable to diffusion in solids and to limited situations in fluids.

In similar fashion, it is possible to derive the equations for a differential energy balance. For a
fluid of constant density, the result is

9 At [T} 3% | 9% Q0
u’3;+tly$+u‘§+¥_a(ax2+ay +§)+P_C; (219)

where a = k/pC, and Q is the rate of heat generation within the fluid per unit volume from a
chemical reaction. The significance of the similarities between Egs. (2.17) and (2.19) will be
developed in Chap. 3.

Y.
STEADY—STATE MOLECULAR DIEEUSION IN FLUIDS:
"AT REST'AND IN LAMINAR FLOW:

Applying Eq. (2.4) to the case of diffusion only in the z.direction, with N, and
Np both constant (steady state), we can readily separate the variables, and if

D,y is constant, it can be integrated

A2 - d(.‘A

1 2!
= d: 2.20
en Nac = cu(Np+ Ny)  cDyp j;. ‘ (220)
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where 1 indicates the beginning of the diffusion path (¢, high) and 2 the end of
the diffusion path (¢, low). Letting z, — z; = z, we get

Nac — +
Lo Nac = cpdNp * Ny) 2 (221)
No+ Ng Nyc—cp(Ny+ Ng)  cDup
or N = N D ppc nNA/(NA+NB) = car/c 1\ (2.22)
A No+ Ny 2 No/ (Ng+ Np) = ca/c

Integration under steady-state conditions where the flux N, is not constant is also possible. Consider
radial diffusion from the surface of.a solid sphere into a fluid, for example. Equation (2.20) can be
applied, but the flux is a function of distance owing to the geometry. Most practical problems which
deal with such matters, however, are concerned with diffusion under turbulent conditions, ang the
transfer coefficients which are then used are based upon a flux expressed in terms of some arbitrarily
chosen area, such as the surface of the sphere. These matters are considered in Chap. 3.

ylglecular Diffusion in Gases

When the 1deal-gas law can be applied, Eq. (2.21) can be written in a form more
convenient for use with gases. Thus,

lq, Qé y4

ala (2.23)

o

where 5, = partia) pressure of component A

p, = total pressure
Y4 = mole fraction concentrationt
Further, c= Tn/ = % (2.24)

so that Eq. (2.22) becomes ¥ fir pyiricompo, & (Mp +Ng) e =N

I N/ (Ny+ Np)1p, — Paz |
iNA - N, D ppp, In [ A/ (N4 B)]P, P_Az (2.25)
: N, + Ng RT:z [No/ (No+ No)]p, = Ba

N = Na DABP;ID Na/ (Na+ Np) = a2
~ N,f_-l- Ny RTz ~ N,/(N,+ Ny) ~ Yal
In order to use these equations the relation between N, and Ny must be

known. This is usually fixed by other considerations. For example, if methane is
being cracked on a catalyst,

or (2.26)

CH4—>C + 2H2

under circumstances such that CH, (A) diffuses to the cracking surface and H,
(B) diffuses back, the reaction stoichiometry fixes the relationship Ny = — 2N,

+ The component subscript A on y, will differentiate mole fraction from the y meaning distance
in the y direction.



and

Na N _ |
N.+ Ny N, -2N,

On other occasions, in the absence of chemical reaction, the ratio can be fixed
by enthalpy considerations. In the case of the purely separational operations,
there are two situations which frequently arise.

_Steady-state diffusion of A threugh nondiffusing B This might occur, for exam-

ple, if ammonia (A) were being absorbed from air (B) into water. In the gas
phase, since air does not dissolve appreciably in water, and if we neglect the
evaporation of water, only the ammonia diffuses. Thus, Np = 0, N, = const,

_Na
N+ Ny
and Eq. (2.25) becomes
_ DapPi, P — Paa
Ny = RTz 1np' _— (2.27)
Since p, — Pay = Ppy P — Pay = Poi» Pra — Pu1 = Par — Pap then
DopP, Par — Pazy Ppa
N, = ARt fAl  “A2), B2 (2.28)
A RTz Py, — pm Pa
1752 _ P_m = .
If welet ——— =7 Jlog meon B0} (2.29)
In(pgy/ Pp1) B M
then RN 230)
.A ,R.Z:ZP_B,AL»_A_T_] S A_z J l

This equation is shown graphically in Fig. 2.3. Substance A diffuses by virtue of
its concentration gradient, —dp,/dz. Substance B is also diffusing relative to

Py by {
4 Pas [EPN N;}; At g “'1,:‘ 4 g
Ps
Lo
32 P
“w
d? Pat
Pa
Paz
Z 2,
! Distance, 2 2 Figure 2.3 Diffusion of A through stagnant B.
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the average molar velocity at a flux Jg, which depends upon — dpy/dz, but like
a fish which swims upstream at the same velocity as the water flows down-
stream, Ny = 0 relative to a fixed place in space.

/ . . . .
Steady-state equimolal counterdiffusion This is a situation which frequently
pertains in distillation operations. N, = — Ny = const. Equation (2.25) be-
comes indeterminate, but we can go back to Eq. (2.4), which, for gases, becomes

Dap Ba

Nya=(N,+ NB)%} “RT & (231)
or, for this case,
Ny=~— % % (2.32)
fz 1“ dr = — Rir?vaj P’” 4 (2.33)
mﬁ (Par = Pad) (2.34)

This is shown graphically in Fig. 2.4.

feady-state diffusion in multicomponent mixtures The expressions for diffusion
in multicomponent systems become very complicated, but they can frequently
be handled by using an effective diffusivity in Eq. (2.25), where the effective
diffusivity of a component can be synthesized from its binary diffusivities with
cach of the other constituents [1].+ Thus, in Eq. (2.25), N, + Ny is replaced by
27=AN,, where IV, is positive if du‘fusxon 18 in the same direction as that of A and
negative if in the opposite dlrcctlon and D,g is e __Rlaced by the effective D,

,I Na )’AEN
|’

D, .. = izA (2.35)

) _1-( Ny—yaN) |
P D Yi — Yal¥; |
The D, ; are the binary diffusivities. This indicates that D, , may vary
considerably from one end of the diffusion path to the other, but a linear
variation with distance can usually be assumed for practical calculations [1]. A
common situation is when all the N’s except N A are zero; i.e., all but one
component is stagnant. Equation (2.35) then becomes [23]

1—y 1 ?
' D, =— A _ - - | (2.36)
| S Yi 2 Yi "\{Dc 455, 6¢

i=B DAA i=B DA.I b o

T Numbered references appear at the end of the chapter.
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where y, is the mole fraction of component i on an A-free basis. The limitations
of Eq. (2.35) and some suggestions for dealing with them have been considered
[21].

Ilustration 2.1 Oxygen (A) is diffusing through carbon monoxide (B) under steady-state
conditions, with the carbon monoxide nondiffusing. The total pressure is I X 10° N/m?, and
the temperature 0°C. The partial pressure of oxygen at two planes 2.0 mm apart is, respectively,
13 000 and 6500 N/m?. The diffusivity for the mixture is 1.87 X 103 m?/s. Calculate the rate
of diffusion of oxygen in kmol/s through each square meter of the two planes.

Sotution Equation (2.30) applies. Dyg = 1.87 X 107% m?/s, p, = 10° N/m?, z = 0.002 m,
R =38314 N-m/kmol - K, T =273 K; p, ;= 13 X 10%, pp , = 10° = 13 X 10* = 87 x 10",
Paz = 6500, g, = 10° — 6500 = 93.5 X 107, all in N/m?. .

__ _Pmi—Pp _ (87 -935010% _
P T G/ I @/35) O RON/

N, = D g, (Gui - F )=(|.s7>< 10~3)(10°)(13 — 6.5)(10%)
AT RTzpg , T PR 8314(273)(0.002)(90.2 X 10%)

PlanCe ¥ L s P

i
=297 X 10"*kmol/m?-s Ans. ¢

Hlustration 2.2 Recalculate the rate of diffusion of oxygen (A) in Illustration 2.1, assuming that
the nondiffusing gas is a mixture of methane (B) and hydrogen (C) in the volume ratio 2 : 1.
The diffusivities are estimated to be Doy, = 6.99 X 1074, Dg, ey, = 1.86 X 1075 m?/s.

SoLuTion Equation (2.25) will become Eq. (2.30) for this case. p, = 10° N/m?, T =273 K,
Bay = 13X 10°, pap = 6500, fa =902 X 10% all in N/m?% z=0002 m, R =834
N m/kmol - K, as in Illustration 2.1, In Eq. (236}, yp = 2/(2 + 1) = 0.667, yo = 1 — 0.667
= (0,333, whence
= ! = 1

Y3/ Dan +¥e/Da.c 0.667/(1.86 X 105) + 0.333/ (6.99 X 107%)

= 2.46 X 1075 m*/s
Therefore Eq. (2.30) becomes

(2.46 X 107%)(13 000 — 6500) _ _s 7.
3314(273)(0002)(90 2m) =39] X 10 kmol/m s Ans,

pA.m

Ny=
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Table 2.1 Diffusivities of gases at standard atmospheric pressure, 101.3 kN /m’

System Temp, °C Diffusivity, m*/s X 10° Ref.
H,-CH, 0 6.25% 3
0,-N, 0 1.81 3
CO0-0, 0 1.85 3
C0,-0, 0 1.39 3
Air-NH, 0 1.98 26
Air-H,0 259 2.58 7
59.0 3.05 7
Air-ethanol 0 1.02 14
Air-n-butano) 25.9 0.87 7
59.0 1.04 7
Air-ethyl acetate 25.9 0.87 7
59.0 1.06 7
Air-aniline 259 0.74 7
59.0 0.90 7
Air-chlorobenzene 259 0.74 7
59.0 0.90 7
Air-toluene 25.9 0.86 7
59.0 0.92 7

t For example, Dy ¢y, = 6.25 X 107% m?/s.

Diffusivity of Gases

The diffusivity, or diffusion coefficient, D is a property of the system dependent
upon temperature, pressure, and nature of the components. An advanced kinetic
theory [12] predicts that in binary mixtures there will be only a small effect of
composition. The dimensions of diffusivity can be established from its defini-
tion, Eq. (2.1), and are length?/time. Most of the values for D reported in the
literature are expressed as cm?/s; the SI dimensions are m?/s. Conversion
factors are listed in Table 1.5. A few typical data are listed in Table 2.1; a longer
list is available in “The Chemical Engineers’ Handbook™ [18]. For a complete
review, see Ref. 17.

Expressions for estimating D in the absence of experimental data are based
on considerations of the kinetic theory of gases. The Wilke-Lee modification [25]
of the Hirschfelder-Bird-Spotz method [11] is recommended for mixtures of

nonpolar gases or of a polar with a nonpolar gas}
1074(1.084 — 0249V 1 /M, + 1/ My )T>*\ 1/ M, + 1/ My

2
r kT/¢
N{m? fim
t The listed units must be used in Eq. (2.37). For D g, p,,-and T in units of feet, pounds force,
hours, and degrees Rankine and all other quantities as listed above, multiply the right-hand side of
Eq. (2.37) by 334.7.

Dp
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Figure 2.5 Collision function for diffusion,

where D, = diffusivity, m?/s

T = absolute temperature, K
M, My = molecular weight of A and B, respectively, kg/kmol
p, = abs pressure, N /m?
rap = molecular separation at collision, nm = (r, + ry)/2
eap = energy of molecular attraction = Ve, eq
k = Boltzmann’s constant

J(kT/e,5) = collision function given by Fig. 2.3

The values of r and &, such as those listed in Table 2.2, can be calculated
from other properties of gases, such as viscosity. If necessary, they can be
estimated for each component empirically [25]

r=118p"/? (2.38)
& =121T, (2.39)

where v is the molal volume of liquid at normal boiling point, m®/kmol
(estimate from Table 2.3), and T, is the normal boiling point in Kelvins. In using
Table 2.3, the contributions for the constituent atoms are added together. Thus,
for toluene, CH; o = 7(0.0148) + 8(0.0037) — 0.015 = 0.1182. Diffusion
through air, when the constituents of the air remain in fixed proportions, is
handled as if the air were a single substance.

Iustration 2.3 Estimate the diffusivity of ethanol vapor, C,H;OH, (A), through air (B) at 1 std
atm pressure, 0°C.

Sorution T = 273 K, p, = 101.3 kN/m?, M, = 46.07, My = 29. From Table 2.2 for air,
eg/k = 78.6, ry = 0.3711 nm. Values for ethanol will be estimated through Egs. (2.38) and
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Table 2.2 Force constants of gases as determined from

viscosity data
Gas e/k, K r, nm Gas e/k, K r, nm
‘Air 78.6 0.3711 HCI 344.7 0.3339
ca, 3227 0.5947 He 1022 0.2551
CH,OH 4818 0.3626 H, 59.7 0.2827
CH, 148.6 0.3758 H,0 809.1 0.2641
co 91.7 0.3690 H,S 3011 0.3623
co, 195.2 0.3941 NH, 558.3 0.2900
CSs, 467 0.4483 NO 116.7 0.3492
C,H, 215.7 0.4443 N, 71.4 0.3798
C3Hy 237.1 0.5118 N,0 232.4 0.3828
CoHg 412.3 0.5349 0, 106.7 03467
Q, 316 0.4217 S0, 3354 0.4112

t From R. A. Svehla, NASA Tech. Rept. R-132, Lewis Research Center, Cleveland, Ohio, 1962.

(239). From Table 23, o, = 2(0.0148) + 6(0.0037) + 0.0074 = 00592, whence r, =
1.18(0.0592)'/% = 0.46 nm. The normal boiling point is 7, o = 351.4 K and ¢, /k = 1.21(351.4)

= 425.
‘ Fap = QL";W—” - 0416 A2 2 VIS(786) = 1707
kT 273
o 1707 - 1%
Fig. 2.5:
kT R
KT\ _ 0505 ML B¢ £
/( eAB) M, Mg
Eq. (2.37):

D= 10~ 471.084 — 0.249(0.237)](273%/%)(0.237)
A8 (101.3 X 10%)(0.416)%(0.595)
= 1.05 X 10~* m?/s
The observed value (Table 2.1) is 1.02 X 1075 m?/s.

Table 2.3 Atomic and molecular volumes

Atomic volume, Molecular volume, Atomic volume, Molecular votume,
m*/1000 atoms X 10 m’/kmol X 10* m*/1000 atoms X 10° m /kmol X 10°
Carbon 148 H, 143 | Oxygen 74 NH, 25.8
Hydrogen 37 0, 25.6 In methyl esters 9.1 H,0 18.9
Chlorine 246 N, 312 In higher esters 1.0 H,S 329
Bromine 270 Air 29.9 In acids 120 COS 515
Todine 370 CO 307 In methyl ethers 99 (, 48.4
Sulfur 256 CO, 34.0 In higher ethers 110  Br, 53.2
Nitrogen 156 SO, 44.8 | Benzene ring: subtract 15 I, 71.5
In primary amines 10.5 NO 23.6 | Naphthalene ring: subtract 30
In secondary amines 120 N,0 36.4




Equation (2.37) shows D varying almost as 7%/ (although a more correct
temperature variation is given by considering also the collision function of Fig,
2.5) and mversely as the pressure, which will serve for pressures up to about
1500 kN/m? (15 atm) [19].

The coefficient of self-diffusion, or D for a gas diffusing through itself, dan
be determined experimentally only by very special techniques 1nvolvmg,/ for
example, the use of radioactive tracers. It can be estimated from Eq. (2. 37D by
setting A = B,

Molecular Diffusion in Liquids

The integration of Eq. (2.4) to put it in the form of Eq. (2.22) requires the
assumption that D,y and ¢ are constant. This is satisfactory for binary gas
mixtures but not in the case of liquids, where both may vary considerably with
concentration. Nevertheless, in view of our very meager knowledge of the D’s, it
is customary to use Eq. (2.22), together with an average ¢ and the best average
D, available. Equation (2.22) is also conveniently writtent

Na DAB(i) lnNA/(NA+NB)_x
Nyi+ Ny 2 Nu/ (No + Ng) — xa
where p and M are the solution density and molecular weight, respectively. As

for gases, the value of ¥, /(N, + Npg) must be established by the circumstances
prevailing. For the most commonly occurring cases, we have, as for gases:

Np=

(2.40)

\. Steady-state diffusion of A through nondiffusing B. N, = const, Ny =0,
whence

_Das o _
Na= o2 (), (i = 5 (241)
Xg2 ~ XBi

where Xppy = —r————— (2.42)

B In (xgy/ xpy)

2, Steady-state equimolal counterdiffusion. N, = — Ny = const.
D D p

Np= ”‘ZA—B(CM —Cpp) = %(ﬁ)“()‘m = Xa3) (243)

Illustration 2.4 Calculate the rate of diffusion of acetic acid (A) across a film of nondiffusing
water (B) solution 1 mm thick at 17°C when the concentrations on opposite sides of the film
are, respectively, 9 and 3 wt % acid. The diffusivity of acetic acid in the solution is 0.95 X 10~?
m2/s.

SoLuTioN Equation (2.41) applies. z = 0,001 m, M, = 60.03, My = 18.02. At 17°C, the

+ The component subscript on x, indicates mole fraction A, to distinguish it from x meaning
distance in the x direction.
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density of the 9% solution is 1012 kg/m>. Therefore,

= 0.09/60.03 _ 00015
AT 0.09/60.03 + 0.91/18.02 ~ 0.0520

xgy = 1 — 0.0288 = 0.9712 mole fraction water

)] o _lo12
0.0520 M 1921

Similarly the density of the 3% solution is 1003.2 kg/m’, x,, = 0.0092, xg, = 0.9908, M =
18.40, and p/ M = 54.5.

= 00,0288 mole fraction acetic acid

M = = 19.21 kg/kmol 52,7 kmol /m?

0.9908 — 0.9712

PN _527+545 B _ 09908 — 09712 _
( M),v - 2 = 53.6 kmol/m *BM = Tn (0.9508,09712) 0.980
Eq. (241):
-9
Ny o= 95X 10" ¢4 06,0288 — 0.0092) = 1.018 X 10~6 kmol/m?- s Ans.

= 0.001{0.980)

Diffusivity of Liquids

The dimensions for diffusivity in liquids are the same as those for gases,
length?/time. Unlike the case for gases, however, the diffusivity varies apprecia-
bly with concentration. A few typical data are listed in Table 2.4, and larger lists
are available [6, 8, 10, 15, 17].

Estimates of the diffusivity in the absence of data cannot be made with
anything like the accuracy with which they can be made for gases because no
sound theory of the structure of liquids has been developed. For dilute solutions
of nonelectrolytes, the empirical correlation of Wilke and Chang [23, 24] is
recommended.t
o (1173 X 1078 (M)’ T
Dyg = 06

HOQ

where D2, = diffusivity of A in very dilute solution in solvent B, m?/s
Mg = molecular weight of solvent, kg/kmol
T = temperature, K
p = solution viscosity, kg/m - s
v, = solute molal volume at normal boiling point, m?/kmol
= 0.0756 for water as solute
¢ = association factor for solvent
= 2.26 for water as solvent [9]
= 1.9 for methanol as solvent
= 1.5 for ethanol as solvent
= 1.0 for unassociated solvents, e.g., benzene and ethyl ether
The value of v, may be the true value [9] or, if necessary, estimated from the
data of Table 2.3, except when water is the diffusing solute, as noted above. The

(2.44)

t The listed units must be used for Eq. (2.44). For D, g, and T in units .of feet, hours, pounds
mass, and degrees Rankine, with v, as listed above, multiply the right-hand side of Eq. (2.44) by
5.20 x 107



Table 2.4 Liquid diffusivities [8]

Temp, Solute concentration, Diffusivity,{
Solute Solvent °C kmol/m? m?/s x 10°
Cl, Water 16 0.12 1.26
HCI Water 0 9 2.7
2 1.8
10 9 33
25 2.5
16 0.5 244
NH,3 Water 5 35 1.24
15 1.0 1.77
CO, Water 10 0 1.46
20 0 1.77
NaCl Water 18 0.05 1.26
0.2 121
1.0 1.24
3.0 1.36
54 1.54
Methanol Water 15 0 1.28
Acetic acid Water 12.5 1.0 0.82
0.01 091
18.0 1.0 0.96
Ethanol Water 10 3.75 0.50
0.05 0.83
16 2.0 0.90
n-Butanol Water 15 0 077
Cco, Ethanol 17 0 32
Chloroform Ethanol 20 20 1.25

+ For example, D for Cl, in water is 1.26 X 10~° m?/s.

association factor for a solvent can be estimated only when diffusivities in that
solvent have been experimentally measured. If a value of ¢ is in doubt, the
empirical correlation of Scheibel [20] can be used to estimate D. There is also
some doubt about the ability of Eq. (2.44) to handle solvents of very high
viscosity, say 0.1 kg/m -s (100 cP) or more. Excellent reviews of all these
matters are available [4, 19].

The diffusivity in concentrated solutions differs from that in dilute solutions
because of changes in viscosity with concentration and also because of changes
in the degree of nonideality of the solution [16]

(245)

x - dlogy
D,y = (DSAI-‘A) A(D,gla tp) ’(‘ + "_A)

dlog x,

where DYy is the diffusivity of A at infinite dilution in B and Dg, the diffusivity
of B at infinite dilution in A. The activity coefficient y, can typically be
obtained from vapor-liquid equilibrium data as the ratio (at ordinary pressures)



MOLECULAR DIFFUSION IN FLUIDS 37

of the real to ideal partial pressures of A in the vapor in equilibrium with a
liquid of concentration x,:

Da Yab
=" =22 2.46
A XAPA  XaAPa (2:46)

and the derivative (d log y,)/(d log x,) can be obtained graphically as the slope
of a graph of log y, vs. log x,.

For strong electrolytes dissolved in water, the diffusion rates are those of the
individual ions, which move more rapidly than the large, undissociated mole-
cules, although the positively and negatively charged ions must move at the
same rate in order to maintain electrical neutrality of the solution. Estimates of
these effects have been thoroughly reviewed [8, 19] but are beyond the scope of
this book.

Illustration 2.5 Estimate the diffusivity of mannitol, CH,OH(CHOH),CH,0H, C:H,,Os, in
dilute solution in water at 20°C. Compare with the observed value, 0.56 X 10~° mz/s.

SorutioN From the data of Table 2.3
v, = 0.0148(6) + 0.0037(14) + 0.0074(6) = 0.185

For water as solvent, ¢ = 2,26, My = 18,02, T = 293 K. For dilute solutions, the viscosity p

may be taken as that for water, 0,001 005 kg/m - 5. Eq, (2.44):

- (117.3 x 10~ '%)[2.26(18.02)]*(293)

D
A 0.001 005(0.185)°°

= 0.601 X 10~ m?/s Ans.

Ilustration 2.6 Estimate the diffusivity of mannito! in dilute water solution at 70°C and
compare with the observed value, 1.56 X 107° m?/s.

SoLuTION At 20°C, the observed Dp = 0.56 X 107° m?/s, and g = 1.005 X 10~ kg/m - s
(Ilustration 2,5). At 70°C, the viscosity of water is 0.4061 X 10~3 kg/m - s. Equation (2.44)
indicates that D,/ T should be constant:

D,p(0.4061 X 107%) _ (056 x 10~%)(1.005 X 10~%)
70 + 273 20 + 273

Dyp = 1.62 X 1079 m?/s at 70°C  Ans.

Applications of Molecular Diffusion

While the flux relative to the average molar velocity J always means transfer
down a concentration gradient, the flux N need not. For example, consider the
dissolution of a hydrated salt crystal such as Na,CO, - 10H,0 into pure water at
20°C. The solution in contact with the crystal surface contains Na,CO, and H,0
at a2 concentration corresponding to the solubility of Na,CO, in H,0, or 0.0353
mole fraction Na,CO; and 0.9647 mole fraction H,0. For the Na,CO,, transfer
is from the crystal surface at a concentration 0.0353 outward to 0 mole fraction
Na,COj in the bulk liquid. But the water of crystallization which dissolves must
transfer outward in the ratio 10 mol H,O to 1 mol Na,CO, from a concentration



at the crystal surface of 0.9647 to 1.0 mole fraction in the bulk liquid, or transfer
up a concentration gradient. Application of Eq. (2.40) confirms this. The
expressions developed for the rate of mass transfer under conditions where
molecular diffusion defines the mechanism of mass transfer (fluids which are
stagnant or in laminar flow) are of course directly applicable to the experimental
measurement of the diffusivities, and they are extensively used for this.

In the practical applications of the mass-transfer operations, the fluids are
always in motion, even in batch processes, so that we do not have stagnant
fluids. While occasionally the moving fluids are entirely in laminar flow, more
frequently the motion is turbulent. If the fluid is in contact with a solid surface,
where the fluid velocity is zero, there will be a region in predominantly laminar
flow adjacent to the surface. Mass transfer must then usually take place through
the laminar region, and molecular diffusion predominates there. When two
immiscible fluids in motion are in contact and mass transfer occurs between
them, there may be no laminar region, even at the interface between the fluids.

In practical situations like these, it has become customary to describe the
mass-transfer flux in terms of mass-transfer coefficients. The relationships of this
chapter are then rarely used directly to determine mass-transfer rates, but they
are particularly useful in establishing the form of the mass-transfer coefficient-
rate equations and in computing the mass-transfer coefficients for laminar flow.

MOMENTUM AND HEAT TRANSFER IN LAMINAR FLOW

In the flow of a fluid past a phase boundary, such as that through which mass
transfer occurs, there will be a velocity gradient within the fluid, which results in
a transfer of momentum through the fluid. In some cases there is also a transfer
of heat by virtue of a temperature gradient. The processes of mass, momentum,
and heat transfer under these conditions are intimately related, and it is useful to
consider this point briefly.

Momentum Transfer

Consider the velocity profile for the case of a gas flowing past a flat plate, as in
Fig. 2.6. Since the velocity at the solid surface is zero, there must necessarily be a
layer (the laminar sublayer) adjacent to the surface where the flow is predomi-
nantly laminar. Within this region, the fluid can be imagined as being made up
of thin layers sliding over each other at increasing velocities at increasing
distances from the plate. The force per unit area parallel to the surface, or
shearing stress 7, required to maintain their velocities is proportional to the

velocity gradient,
du
8= —h (2.47)

where p is the viscosity and z is measured as increasing in the direction toward
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Figure 2.6 Velocity profile, flow of air along a flat plate. {Page, ef al, Ind Eng. Chem., 44, 424
(1952).]

the surface. This can be written

_ _pdp) _ _ d(up)
78, = . & v—r (2.48)

where » is the kinematic viscosity, p/p.

The kinematic viscosity has the same dimensions as diffusivity, length?/
time, while the quantity up can be looked upon as a volumetric momentum
concentration. The quantity 7g, is the rate of momentum transfer per unit area,
or flux of momentum. Equation (2.48) is therefore a rate equation analogous to
Eq. (2.1) for mass flux. In the transfer of momentum in this manner there is of
course no bulk flow of fluid from one layer to the other in the z direction.
Instead, molecules in one layer, in the course of traveling in random directions,
will move from a fast-moving layer to an adjacent, more slowly moving layer,
thereby transmitting momentum corresponding to the difference in velocities of
the layers. Diffusion in the z direction occurs by the same mechanism. At high
molecular concentrations, such as in gases at high pressures or even more so in
liquids, the molecular diameter becomes appreciable in comparison with the
molecular movement between collisions, and momentum can be imagined as
being transmitted directly through the molecules themselves [2]. Visualize, for
example, a number of billiard balls arranged in a group in close contact with
each other on a table. A moving cue ball colliding with one of the outermost
balls of the packed group will transmit its momentum very rapidly to one of the
balls on the opposite side of the group, which will then be propelled from its
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original position. On the other hand, the cue ball is unlikely to move bodily
through the group because of the large number of collisions it will experience.
Thus, at high molecular concentrations the direct parallelism between molecular
diffusivity and momentum diffusivity (or kinematic viscosity) breaks down:
diffusion is much the slower process. It is interesting to note that a relatively
simple kinetic theory predicts that both mass and momentum diffusivities are
given by the same expression,

Ba WA

D,, on 3 (2.49)
where w is the average molecular velocity and A is the mean free path of
molecule. The Schmidt number, which is the dimensionless ratio of the two
diffusivities, Sc = p/pD, should by this theory equal unity for a gas. A more
sophisticated kinetic theory gives values from 0.67 to 0.83, which is just the
range found experimentally at moderate pressures. For binary gas mixtures, Sc
may range up to 5. For liquids, as might be expected, Sc is much higher:
approximately 297 for self-diffusion in water at 25°C, for example, and ranging
into the thousands for more viscous liquids and even for water with slowly
diffusing solutes.

Heat Transfer
When a temperature gradient exists between the fluid and the plate, the rate of
heat transfer in the laminar region of Fig. 2.6 is
ar

q= - k'a-; (250)

where k is the thermal conductivity of the fluid. This can also be written
___k dGe) __ dliGe)
T=7Cp da dz

2.51)

where C, is the specific heat at constant pressure. The quantity ¢C,0 may be
looked upon as a volumetric thermal concentration, and a = k/C,p is the
thermal diffusivity, which, like momentum and mass diffusivities, has dimen-
sions length?/time. Equation (2.51) is therefore a rate equation analogous to the
corresponding equations for momentum and mass transfer.

In a gas at relatively low pressure the heat energy is transferred from one
position to another by the molecules traveling from one layer to another at a
lower temperature. A simplified kinetic theory leads to the expression

— k — 1 Co
a= s =3WA C. (2.52)

Equation (2.49) and (2.52) would give the dimensionless ratio v/a = C,u/k
equal to C,/C,. A more advanced kinetic theory modifies the size of the ratio,
known as the Prandtl number Pr, and experimentally it has the range 0.65 to 0.9
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for gases at low pressure, depending upon the molecular complexity of the gas.
At high molecular concentrations, the process is modified. Thus for most liquids,
Pr is larger (Pr = 7.02 for water at 20°C, for example).

The third dimensionless group, formed by dividing the thermal by the mass
diffusivity, is the Lewis number, Le = /D = Sc/Pr, and it plays an important
part in problems of simultaneous heat and mass transfer, as will be developed
later.

We can summarize this brief discussion of the similarity between momen-
tum, heat, and mass transfer as follows. An elementary consideration of the
three processes leads to the conclusion that in certain simplified situations there
is a direct analogy between them. In general, however, when three- rather than
one-dimensional transfer is considered, the momentum-transfer process is of a
sufficiently different nature for the analogy to break down. Modification of the
simple analogy is also necessary when, for example, mass and momentum
transfer occur simultaneously. Thus, if there were a net mass transfer toward the
surface of Fig. 2.6, the momentum transfer of Eq. (2.48) would have to include
the effect of the net diffusion. Similarly, mass transfer must inevitably have an
influence on the velocity profile. Nevertheless, even the limited analogies which
exist are put to important practical use.

NOTATION FOR CHAPTER 2

Consistent units in any system may be used, except in Eqs. (2.37) to (2.39) and (2.44).
concentration, mol/volume, mole L3

heat capacity at constant pressure, FL/MT
heat capacity at constant volume, FL/MT
differential operator

diffusivity, L2/6

diffusivity for a solute at infinite dilution, L2/6
function

conversion factor, ML /F8&*

flux of diffusion relative to the molar average velocity, mole/L*8
thermal conductivity, FL/LT8®

Boltzmann’s constant, 1.38 X 10~'¢ erg/K
natural logarithm

Lewis number = k /pDC,, dimensionless
molecular weight, M/mole

number of moles, dimensionless

molar flux refative to a fixed surface, mole/L*®
vapor pressure, F/L?

partial pressure, F/L?

total pressure, F/L?

Prandtl number = C p/k, dimensionless

flux of heat, FL/L*9

molecular separation at collision, nm

universal gas constant, FL /mole T

rate of production of component i, mole/L%0
Schmidt number = g /pD, dimensionless

(=]
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absolute temperature, T

normal boiling point, K

linear velocity, L/8

liquid molar volume, m® /kmol

volume, L?

average molar velocity, L/8

(with no subscript) distance in the x direction, L
mole-fraction concentration of component i in a liquid
(with no subscript) distance in the y direction, L
mole-fraction concentration of component i in a gas
mole-fraction concentration of component i, diffusing-solute-free basis
distance in the z direction, L

thermal diffusivity, L2/©

activity coefficient, dimensionless

partial differential operator

difference

energy of molecular attraction, ergs

time

mean free path of 2 molecule, L

viscosity, M/LO

kinematic viscosity or momentum diffusivity = /p, L?/8
density, M/L?

shearing stress, F/L?

dissociation factor for a solvent, dimensionless

Subscripts
A component A
B component B
i component {
n the last of n components
m effective
M mean
x in the x direction
¥y in the y direction
2 in the z direction
1 beginning of diffusion path
2 end of diffusion path
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PROBLEMS

2.1 In an oxygen-nitrogen gas mixture at 1 std atm, 25°C, the concentrations of oxygen at two
planes 2 mm apart are 10 and 20 vol %, respectively. Calculate the flux of diffusion of the oxygen for
the case where:

(a) The nitrogen is nondiffusing. Ans.: 4.97 X 10™* kmol/m?- s.

(b) There is equimolar counterdiffusion of the two gases.
2.2 Repeal the calculations of Prob. 2.1 for a total pressure of 1000 kN/m?,
2.3 Estimate the diffusivities of the following gas mixtures:

(a) Acetone-air, STP.} Ans.: 9.25 X 1076 m?/s,

(&) Nitrogen-carbon dioxide, | std atm, 25°C.

(¢) Hydrogen chloride-air, 200 kN/m?, 25°C. Ans.: 9.57 X 107 m?/s.

(d) Toluene-air, | std atm, 30°C. Reported value [Gilliland, Ind. Eng. Chem., 26, 681 (1934)} =
0.088 cm?/s.

(¢) Aniline-air, STP. Observed value = 0.0610 ¢cm?/s (Gilliland, loc. cit.).
2.4 The diffusivity of carbon dioxide in helium is reported to be 5.31 X 1073 m2/s at | std atm,
3.2°C. Estimate the diffusivity at 1 std atm, 225°C. Reported value = 14,14 x 10~ m?/s [Seager,
Geertson, and Giddings, J. Chem. Eng. Data, 8, 168 (1963)].
25 Ammonia is diffusing through a stagnant gas mixture consisting of one-third nitrogen and
two-thirds hydrogen by volume. The total pressure is 30 lb;/in? abs (206.8 kN/m?) and the
temperature 130°F (54°C). Calculate the rate of diffusion of the ammonia through a film of gas 0.5
mm thick when the concentration change across the film is 10 to 5% ammonia by volume. Ans.:
2.05 X 1074 kmol/m?- s.
2.6 Estimate the following liquid diffusivities:

(a) Ethanot in dilute water solution, 10°C.

1 STP (standard temperature and pressure is 0°C and 1 std atm.



(b) Carbon tetrachloride in dilute solution in methanol, 15°C (observed value = 1.69 X 103
cm?/s). Ans.: 1.49 X 10~ m?/s.

2.7 The diffusivity of bromoform in dilute solution in acetone at 25°C is listed in Ref. 14, p. 63, as
2.90 X 10~% cm?/s. Estimate the diffusivity of benzoic acid in dilute solution in acetone at 25°C.
Reported value [Chang and Wilke, J. Phys. Chem., 59, 592 (1955)] = 2,62 X 103 cm?/s.

Ans.: 2.269 X 10~° m?/s.
2.8 Calculate the rate of diffusion of NaCl at 18°C through a stagnant film of water 1 mm thick
when the concentrations are 20 and 10%, respectively, on either side of the film. Ana.: 3.059 X 10~6
kmol/m?- s.
29 At 1 std atm, 100°C, the density of air = 0.9482 kg/m>, the viscosity = 2.18 X 1075 kg/m - 5,
thermal conductivity = 0,0317 W/m - K, and specific heat at constant pressure = 1.047 kJ /kg - K.
At 25°C, the viscosity = 1,79 X 10~5 kg/m - s.

(a) Calculate the kinematic viscosity at 100°C, m?/s.

(b) Calculate the thermal diffusivity at 100°C, m?/s.

(¢) Calculate the Prandtl number at 100°C.

(d) Assuming that for air at 1 std atm, Pr = Sc and that Sc = const with changing temperature,
calculate D for air at 25°C, Compare with the value of D for the system O,~N, at 1 std atm, 25°C,
Table 2.1.

2.16 Ammonia is being cracked on a solid catalyst according to the reaction

2NH; » N, + 3H,

At one place in the apparatus, where the pressure is 1 std atm abs and the temperature 200°C, the
analysis of the bulk gas is 33.33% NH, (A), 16.67% N, (B), and 50.00% H, (C) by volume. The
circumstances are such that NH, diffuses from the bulk-gas stream to the catalyst surface, and the
products of the reaction diffuse back, as if by molecular diffusion through a gas film in laminar flow
1 mm thick. Estimate the local rate of cracking, kg NH,/(m? catalyst surface) - s, which might be
considered to occur if the reaction is diffusion-controlled (chemical reaction rate very rapid) with the
concentration of NH; at the catalyst surface equal to zero.
Ans.: 0.0138 kg/m?- s.

2.11 A crystal of copper sulfate CuSO, - 5SH,O falls through a large tank of pure water at 20°C.
Estimate the rate at which the crystal dissolves by calculating the flux of CuSO, from the crystal
surface to the bulk solution. Repeat by calculating the flux of water. Data and assumptions:
Molecular diffusion occurs through a film of water uniformly 0,0305 mm thick, surrounding the
crystal. At the inner side of the film, adjacent to the crystal surface, the concentration of copper
sulfate is its solubility value, 0.0229 mole fraction CuSO, (solution density = 1193 kg/m?). The
outer surface of the film is pure water. The diffusivity of CuSOy is 7.29 X 107 m?/s.



CHAPTER

THREE
MASS-TRANSFER COEFFICIENTS

We have seen that when a fluid flows past a solid surface under conditions such
that turbulence generally prevails, there is a.region immediately adjacent to the
surface where the flow is predominantly laminar. With increasing distance from
the surface, the character of the flow gradually changes, becoming increasingly
turbulent, until in the outermost regions of the fluid fully turbulent conditions
prevail. We have noted also that the rate_of transfer of dissolved snhstance
throngh the fluid will necessarily depend upon the nature of the fluid motion
prevailing in the various regions.

In the turbulent region, particles of fluid no longer flow in the orderly
manner found in the laminar sublayer. Instead, relatively large portions of the
fluid, called eddies, moye_rapidly from one position to the other with an
appreciable component of their velocity in the direction perpendicular to the
surface past which the fluid is flowing. These eddies bring with them dissolved
material, and the eddy motion thus contributes constderably to the mass-transfer
process. Since the eddy motion is rapid, mass transfer in the turbulent region is
also rapid, much more so than that resulting from molecular diffusion in the
laminar sublayer. Because of the rapid_eddy motion, the concentration gradients
existing in the turbulent region will be smaller than those in the film, and Fig.
3.1 shows concentration gradients of this sort. In the experiment for which these
are the data, air jn turbulent motion flowed past_a_water surface, and water
evaporated into the air. Samples of the air were taken at various distances from
the surface, and the water-vapor concentration was determined by analysis. At
the water surface, the water concentration in the gas was the same as the vapor
pressure of pure water at the prevailing temperature. It was not possible to
sample the gas very close to the water surface, but the rapid change in
concentration in the region close to the surface and the slower change in the
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outer turbulent region are nevertheless unmistakable. It is important also to note
the general similarity of data of this sort to the velocity distribution shown in
Fig. 2.6.

It is also useful to compare the data for mass transfer with similar data for
heat transfer. Thus, in Fig. 3.2 are plotted the temperatures at various distances
from the surface when air flowed past a heated plate. The large temperature
gradient close to the surface and the lesser gradient in the turbulent region are
again evident. It will generally be convenient to keep the corresponding heat-
transfer process in mind when the mass-transfer process is discussed, since in
many instances the methods of reasoning used to describe the latter are
borrowed directly from those found successful with the former.
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The mechanism of the flow process involving the movements of the eddies in the
turbulent region is not thoroughly understood. On the other hand, the
mechanism of molecular diffusion, at least for gases, is fairly well known, since
it can be described in terms of a kinetic theory to give results which agree well
with experience. It is therefore natural to attempt to describe the rate of mass
transfer through the various regions from the surface to the turbulent zone in the
same manner found useful ior molecular diffusion. Thus, the D,ge/z of Eq.

(2.22), which is ular diffusion, is replaced by F, a
mass-transfer coefficient [5, 12). For binary solutions. & FVory along surface
ey, I G AT L
,_A NA+NB A/(N +NB)_CAI/C h"‘”’”“’ﬁ‘i"“ .-. Nj
where ¢, /¢ is the mglg fraction concemranon x, for liquids, y , for gases.T As r:;wlqwg

in molecular diffusion, the ratio N, /(N, + Np) is ordinarily established by
nondiffusional considerations.

Since the surface through which the transfer takes place may not be plane,
so that the diffusion path in the fluid may be of variable cross section, N is
defined as the flux at the phase interface ot houndary, where snhstance Jeaves or
enters the phase for which F is the mass-transfer coefficient. N, is positive when
cA) s at the beginning of the transfer path and ¢,, at the end. In any case, one
of these concentrations will be at the phase boundary. The manner of defining
the concentration of A in the fluid will influence the value of F, and this is
usually established arbitrarly. If mass transfer takes place between a phase
boundary and a large quantity of unconfined fluid, as, for example, when a drop
of water evaporates while falling throngh a great volume of air, the concentra-
tion of diffusing suhstance in the fluid is usually taken as the constant valne
found at large_distances from the phase boundary. If the fluid is in a confining
duct, so that the concentration is not constant along any position of the transfer
path, the bnkmmge.conmlmlm as found by mixing all the fluid passing
a_given point, is usually used. In Fig 33, where a liquid evaporates into the
flowing gas, the concentration ¢, of the vapor in the gas vares continuously
from ¢,, at the liquid surface to the value at z = Z. In this case c,, in Eq. (3.1)
would usually be taken as ¢,, defined by

lp = _lS j(;su c\ dS (3-2)

Uy

where u, (z) = velocity dnstrnbuuon m gas across the duct (= time average of u,
for turbulence)
i, = bulk-average velocity (volumetric rate /duct cross section)
S = duct cross-sectional area

t Equaton (3.1) is identical with the result obtained by combining Egs. (21.4-11), (21.5-27), and
(21.547) of Ref. 7 or by corbining Eqs. (3.4) and (5.37) of Ref. 54, and is applicable to both low
mass-transfer fluxes and to high fluxes as corrected through the film theory.
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In any case, one must know how the mass-transfer coefficient is defined in order
to use it properly.

The _E of Eq. (3.1) is a Jocal mass-transfer coefficient, defined for a
particular location on the phase-boundary surface, Since the value of E, depends
on the local nature of the fluid motion, which may vary along the surface, an
average value F,, is sometimes used in Eq. (3.1) with constant c,,_and ¢,
which takes into account these variations in F. The effect of variation in ¢, and
€z on the flux must be accounted for separately.

For multicomponent systems, there may be sufficiently important interac-
tion between the components for the form of the binary system equation not to
N, + Ny is replaced by 37, N;, where n is the number of components.

The two situations noted in Chap. 2, equimolar counterdiffusion and trans-
fer of one substance through another which is not transferred, occur so fre-
quently that special mass-transfer coefficients are usually used for them. These
are defined by equations of the form

Flux = (coefficient){concentration difference)

Since concentration may be defined in a number of ways and standards have
not been established, we have a variety of coefficients for each situation:

Transfer of A through nontransferring B[Ny = 0, No/(N, + Ng) = 1]
ke(Par — Pad) = k(Yar — Ya2) = kcay — ca)  gases (33)

Ny=
k(xa1 = Xa2) = kp(ea = Ca2) liquids  (3.4)
Equimolar countertransfer [Ny = — Ny, No/(Ny + Ng) = oo]:
Jk&(ﬁm = Pad = Kj(¥Ya1 = Yad) = ki(car — cap)  gases (3.5)
N, =

| Kt = a2 = Koot = cad) liquids ~ (3.6)

An expression of this sort was suggested as early as 1897 [45] for the
dissolution of solids in liquids. These expressions are, of course, analogous to the
definition of a heat-transfer coefficient h: g = h(t, — t,). Whereas the concept
of the heat-transfer coefficient is generally applicable, at léast in the absence of
mass transfer, the coefficients of Eqs. (3.3) and (3.4) are more restricted. Thus, &,
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of Eq. (3.3) can be considered as a replacement of D,5/z in an integration of
Eg. (2.1), and the bulk-flow term of Eq. (2.4) has been ignored in equating this
to V,. The coefficients of Eqs. (3.3) and (3.4) are therefore generally useful only
for low mass-transfer rates. Values measured under one level of transfer rate
should be converted into F for use with Eq. (3.1) before being applied to
another. To obtain the relation between F and the k’s, note that for gases,
for example, F replaces D,gp,/RTz in Eq. (2.25) and that k; replaces
Dapp,/ RTzpy  in Eq. (2.30). From this it follows that F = kgpg .. In this
manner the conversions of Table 3.1 have been obtained. Since the bulk-flow
term N, + Ny of Eq. (2.4) is zero for equimolal countertransfer, F = &, (gases)
and F = k; (liquids), and Egs. (3.5) and (3.6) are identical with Eq. (3.1) for this
case.

Table 3.1 Relations between mass-transfer coefficients

Rate equation

Diffusion of Units of coefficient
Equimolal A through
counterdiffusion nondiffusing B
Gases

Moles transferred

Np= kiAo, Ny = kg A5y

(Area)(time)(pressure)
, _ Moles transferred
Ny =k By, Ny =k By (Area)(Gme)(mole fraction)
; _ Moles transferred
N, =kl Ac, Ny =k Acy (Area)(time)(mol /vol)
. Mass transferred
Wa=ky Y, (Area)(time)(mass A /mass B)
Conversions:
- Po, m Pa,m _ Ky , P ,
F-kGPB'M-ky‘_pll_-k‘HR'T-FB-kGP’Skygch—‘T:lfcc
Liquids
, Moles transferred
Nya=k A =
A= ki Acy Na =t ey (Area)(time)(mol /o)
Ny = k. A, Ny =k, Ax, Moles transferred

(Area)(time)(mole fraction)

Conversions:

F=k,xp pp = k;xp pc = kjc=kp




Many data on mass transfer where N,/(N, + Ng) is neither unity nor
infinity have nevertheless been described in terms of the k-type coefficients.
Before these can be used for other situations, they must be converted into F’s.

In a few limited situations mass-transfer coefficients can be deduced from
theoretical principles. In the great majority of cases, however, we depend upon
direct measurement under known conditions, for use later in design.

MASS-TRANSFER COEFFICIENTS IN LAMINAR FLOW

In principle, at least, we do not need mass-transfer coefficients for laminar flow,
since molecular diffusion prevails, and the relationships of Chap. 2 can be used
to compute mass-transfer rates. A uniform method of dealing with both laminar
and turbulent flow is nevertheless desirable.

Mass-transfer coefficients for laminar flow should be capable of computa-
tion. To the extent that the flow conditions are capable of description and the
mathematics remains tractable, this is so. These are, however, severe require-
ments, and frequently the simplification required to permit mathematical
manipulation is such that the results fall somewhat short of reality. It is not our
purpose to develop these methods in detail, since they are dealt with extensively
elsewhere [6, 7). We shall choose one relatively simple situation to illustrate the
general technique and to provide some basis for considering turbulent flow.

Mass Transfer from a Gas into a Falling Liquid Film

Figure 3.4 shows a liquid falling in a thin film in laminar flow down a vertical
flat surface while being exposed to a gas A, which dissolves in the liquid. The
liquid contains a uniform concentration c,, of A at the top. At the liquid

2=8
s i 220,40,
€4 = Ca0

Y
Jica {in liquid}

NNANNNN

Liquid

Gos

ANAANRRNRAR AR

Figure 3.4 Falling liquid film.
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surface, the concentration of the dissolved gas is c, ,, in equilibrium with the
pressure of A in the gas phase. Since ¢, ; > ¢ 5o, gas dissolves in the liquid. The
problem is to obtain the mass-transfer coefficient k,, with which the amount of
gas dissolved after the liquid falls the distance L can be computed.

The problem is solved by simultaneous solution of the equation of continu-
ity (2.17) for component A with the equations describing the liquid motion, the
Navier-Stokes equations. The simultaneous solution of this formidable set of
partial differential equations becomes possible only when several simplifying
assumptions are made. For present purposes, assume the following:

I. There is no chemical reaction. R, of Eq. (2.17) =

2. Conditions do not change in the x direction (perpendicular to the plane of
the paper, Fig. 3.4). All derivatives with respect to x of Eq. (2.17) =

3. Steady-state conditions prevail. ac, /96 = 0.

4. The rate of absorption of gas is very small. This means that 4, in Eq. (2.17)
due to diffusion of A is essentially zero.

S. Diffusion of A in the y direction is negligible in comparison with the
movement of A downward due to bulk flow. Therefore, D, p 3%, /3% = 0.

6. Physical properties (D ,p, p, 1) are constant.

Equation (2.17) then reduces to

dca 3%,
uy—ay = DABF (37)
which states that any A added to the liquid running down at any location z, over
an increment in y, got there by diffusion in the z direction. The equations of
motion under these conditions reduce to

d 2u

d 2
The solution to Eq. (3 8), with the conditions that 4, =0 at z = § and that
du,/dz = 0 at z = 0, is well known

—2 +pg=0 (3.8)

_pe8 Tz 3.0 2y
YT [1 (6)]‘2‘9[’ (8)] (39)
where iz, is the bulk-average velocity. The film thickness is then
3 1/2 173
rg o’g

where T is the mass rate of liquid flow per unit of film width in the x direction.
Substituting Eq. (3.9) into (3.7) gives

3. v27 0¢ d%
251 - (5) |5~ Pet 61D
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which is to be solved under the following conditions:

l. Atz =0, ¢y = c, ; at all values of y.

2. Atz = §, dc,/3z = 0 at all values of y, since no diffusion takes place into the
solid wall.

3. Aty =0, ¢y = ¢, at all values of z.

The solution results in a general expression (an infinite series) giving c, for
any z and y, thus providing a concentration distributrion c,(z) at y = L, as
shown in Fig. 3.4. The bulk-average ¢, , at y = L can then be found in the
manner of Eq. (3.2). The result is [31]

i = EAL _ 078570512130 4 010016~ 4 0,03599 10560 4 . . .
Cai ™ Cac 5.12)
3.12

where 7 = 2D,5L/38%,. The total rate of absorption is then #,8(Cs, L — €ao)
per unit width of liquid film.

Alternatively, to obtain a local mass-transfer coefficient, we can combine
Eq. (2.4) for the case of negligible bulk flow in the z direction (N, + Ny = 0)
with Eq. (3.4), keeping in mind that mass-transfer coefficients use fluxes at the
phase interface (z = 0)

¢ _
Np= "DAB(“a?A)Z_O = ky(ca; — Ca, L) (3.13)

In this case, however, because of the nature of the series which describes c,, the
derivative is undefined at z = 0. It is better therefore to proceed with an average
coefficient for the entire liquid-gas surface. The rate at which A is carried by the
liquid at any y, per unit width in the x direction, is i,6¢, mol/time. Over a
distance dy, per unit width, therefore, the rate of solute absorption is, in
mol/time,

0,8 dc, = ki(en; = Ca) dy (3.14)
GamE dc L L
g8 AT A = [Tk =k 3.15
uy ']L:‘A-L‘Ao CA,’_EA fl; Ldy L,avj(; @ ( )
48 cpi— cag
=—In—""—-—" 3.16
L, av L n CA_" _ EA,L ( )

which defines the average coefficient. Now for small rates of flow or long times
of contact of the liquid with the gas (usually for film Reynolds numbers
Re = 4T /p less than 100), only the first term of the series of Eq. (3.12) need be
used. Substituting in Eq. (3.16) gives

_ ;7)'8 2512130 B ’7,-5 ‘ DAB
kL, av — ——‘L ]n07—857 = T(0241 + 512137)) ~ 341_8_ (317)
k
Frad _ Sh,, ~ 3.41 (3.18)

AB
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where Sh represents the Sherwood number, the mass-transfer analog to the
Nusselt number of heat transfer. A similar development for large Reynolds
numbers or short contact time [53] leads to

6D,,T"\1/2
i o = (———”pfs"L ) (3.19)
1/2
Sh,, = (%% Re Sc) (3.20)

The product Re Sc is the Péclet number Pe.

These average k,’s can be used to compute the total absorption rate. Thus
the average flux N, ,, for the entire gas-liquid surface, per unit width, is the
difference in rate of flow of A in the liquid at y = L and at y = 0, divided by
the liquid surface. This can be used with some mean concentration difference

0o -
NA. av = T(CA‘ L~ CAO) = kL, nv(cA.i - CA)M (3‘21)

Substitution for k, ,, from Eq. (3.16) shows that the logarithmic average of the
difference at the top and bottom of the film is required

(o= W)y = (CA,,' = Cag) ~ (CA.i - EA,L)
Al AM ln[(cA.i = ¢a0)/ (CA..' — Ca, L)]

The experimental data show that the k; ,, realized may be substantially larger
than the theoretical values, even for low mass-transfer rates, owing to ripples
and waves not considered in the analysis which form at values of Re beginning
at about 25 [20]. The equations do apply for Re up to 1200 if ripples are
suppressed by addition of wetting agents [37). Rapid absorption, as for very
soluble gases, produces important values of u,, and this will cause further
discrepancies due to alteration of the velocity profile in the film. The velocity
profile may also be altered by flow of the gas, so that even in the simplest case,
when both fluids move, &, should depend on both flow rates.

(3.22)

IHustration 3.1 Estimate the rate of absorption of CO, into a water film flowing down a vertical
wall 1 m long at the rate of 0.05 kg/s per meter of width at 25°C, The gas is pure CO, at | std
atm. The water is essentially CO,-free initially.

SoruTion The solubility of CO, in water at 25°C, 1 std atm, is ¢, ; = 0.0336 kmol/m® soln;
Dyp = 196 X 107% m2/s; soln density p = 998 kg/m’; and viscosity p = 8.94 X 10~*kg/m -
s.T=005kg/m- s, L=1m.

1/3 -4 1/3
8=(§p_1‘) ={3(8.94x 10~4)(0.05) - 2396 X 10-4m

o’g (998)*(9.807)

Re = 4L _  4(005) _ 203

B 894% 1074



Consequently Eq. (3.19) should apply:

- (wwr)'/z _[ 60196 x 10-%)0.05) ]/
Loav = | TrpdL 7(998)(2.3% X 10~4)(1)
=2.798 % 10~ % kmol/m?: 5 - (kmol/m?)
__T 0.05

At the t0p, ¢p; = &5 = €4 ; — Cap = Ca,, = 0.0336 kmol/m>. At the bottom, ¢, ; — &, 1 =
0.0336 — &, ;. kmol/m>. The flux of absorption is given by Egs. (3.21) and (3.22):

0.209(2.396 X 107%)&, , _ (2798 x 10-5)[0.0336 — (0.0336 — &, ,)]
1 [0.0336/ (0.0336 — &, )]

Therefore
&, , = 0.01438 kmol/m’

and the rate of absorption is estimated to be
i, (Ea, L — cag) = 0.209(2.396 % 107%)(0.01438 — 0)
= 7.2 X 1077 kmol/s - (m of width)

The actual value may be substantially larger.

MASS-TRANSFER COEFFICIENTS IN TURBULENT FLOW

Most practically useful situations involve turbulent flow, and for these it is
generally not possible to compute mass-transfer coefficients because we cannot
describe the flow conditions mathematically. Instead, we rely principally on
experimental data. The data are limited in scope, however, with respect to
circumstances and situations as well as to range of fluid properties. Therefore it
is important to be able to extend their applicability to situations not covered
experimentally and to draw upon knowledge of other transfer processes (of heat,
particularly) for help.

To this end, there are many theories which attempt to interpret or explain
the behavior of mass-transfer coefficients, such as the film, penetration, surface-
renewal, and other theories. They are all speculations, and are continually being
revised. It is helpful to keep in mind that transfer coefficients, for both heat and
mass transfer, are expedients used to deal with situations which are not fully
understood. They include in one quantity effects which are the result of both
molecular and turbulent diffusion. The relative contribution of these effects, and
indeed the detailed character of the turbulent diffusion itself, differs from one
situation to another. The ultimate interpretation or explanation of the transfer
coefficients will come only when the problems of the fluid mechanics are solved,
at which time it will be possible to abandon the concept of the transfer
coefficient.

Eddy Diffusion

It will be useful first to describe briefly an elementary view of fluid turbulence,
as a means of introducing the definitions of terms used in describing transfer
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Figure 3.5 Eddy diffusion,

under turbulent conditions. Turbulence is characterized by motion of the fluid
particles which is irregular with respect both to direction and time. Thus, for a
fluid flowing turbulently in a duct (Fig. 3.5), the flow is, in the net, in the axial
(or x) direction. At any location 2 within the central region of the cross section,
the time average of the velocity may be u,, but at any instant the velocity will
actually be u, + u],, where u], is the deviating or fluctuating velocity. Values of
u/, will vary with time through a range of positive and negative values, the time
average being zero, although u,, the square root of the time average of (u},)% will
be finite. Although the time-average value of u, = 0, since the net flow is axially
directed, the deviating velocity in the z direction will be u;, at any instant.

The turbulent fluid is imagined to consist of lumps of fluid, or eddies, of a
great size range {15, 28, 59]. The largest eddies, whose size in the case of flow in
a pipe is of the order of the pipe radius, contain only perhaps 20 percent of the
turbulent kinetic energy. These eddies, buffeted by smaller eddies, produce
smaller and smaller eddies to which they transfer their energy. The medium,
so-called energy-containing eddies make the largest contribution to the turbulent
kinetic energy. The smallest eddies, which ultimately dissipate their energy
through viscosity, are substantially reenergized by larger eddies, and a state of
equilibrium is established. This range of the energy spectrum has lost all
relationship to the means by which the turbulence was originally produced and
depends only upon the rate at which energy is supplied and dissipated. For this
reason it is called the unmiversal range. Turbulence characteristic of this range is
isotropic, ie.,

u, = w = u (3.23)

Kolmogoroff [34] defined the velocity ), and length scale /, of these small eddies
in terms of the power input per unit mass of the fluid, P/m:

P 1/4
w, = ( ”_”;g_) (3.24)
3., \t/4
I, = ( ’;,;”) (3.25)
¢
or, after elimination of »,
Pg,  u

i (3.26)



At equilibrium, when the energy lost from the medium-sized eddies must be at
the same rate as that used to produce the small eddies, a similar relation should
apply for the medium-sized eddies:

Pg, u?

= A T (3.27)
where 4 is a constant of the order of unity.

The size of the smallest eddies can be estimated in the case of pipe flow in

the following manner.

Ilustration 3.2 Consider the flow of water at 25°C in a 25-mm-ID tube at an average velocity
iim3m/s. p=8937 %X 107*kg/m -5, p = 997 kg/m’.

d=0025m Re=i“;i=83570

At this Reynolds number, the Fanning friction factor for smooth tubes (“The Chemical
Engineers’ Handbook,” 5th ed., p. 5-22, McGraw-Hill, New York, 1973) is f = 0,0047.

2pfLu?
dg

c

Ap, = pressure drop =

where L = length of pipe. Take L = [ m, whence

Ap, = 2(997)(0.0047)()(3)* _ 1374 N/m?

0.025(1)
The power expended equals the product of volumetric flow rate and pressure drop:
pP= -E-dl i Ap, = %(0.025)1(3)(3374) = 497N - m/s for 1-m pipe

ks

Associated mass = = d2Lp = 2 (0.025)%(1)(997) = 0.489 kg
4

4
P 497
—”;—WB lO.lGern/kg-s
Eq. (3.25):
8937 x 104y 1 ¢ -
I3 —[( 55 ) 10'16(1)} = 163X 10~5m
Eq. (3.24):

Uy =

[ (5937 X 10-9(10.16)1) ]"" = 0.0549 m/s

A simpler view of turbulence, however, is helpful in understanding some of
the concepts used in mass transfer. In Fig. 3.5, consider a second location 1,
where the x velocity is larger than at 2 by an amount Au, = — [ du,/dz. The
distance /, the Prandtl mixing length, is defined such that u, = Au, =
~ [ du./dz. Owing to the z-directed fluctuating velocity, a particle of fluid, an
eddy, may move from 2 to 1 at a velocity u;,, but it will be replaced by an eddy
of equal volume moving from 1 to 2. It is imagined, in the Prandtl theory, that
the eddies retain their identity during the interchange but blend into the fluid at
their new location. This is clearly a great oversimplification in view of what was
said before.
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The mass velocity of eddy interchange is then pu,, and thanks to the
dlfferem velocities at 1 and 2 there will be a momentum transfer flux puj,u;,. If
u;, and u;, are essentially equal, there results an average shear stress due to the
turbulent eddy interchange,

du,
Turb8e = plllz :xl = pu ll = p(u ) = plz( dz ) (328)

Molecular motion, of course, still also contributes to the shear stress, as given by
Eq. (2.47), so that the total shear stress becomes

du du du \1 du, d(u.p)
= —p—x of L\ o 2f _ D = £ x
"6 ”dz”’(dz) [’”"1( d)] dz (p+E”) dz
(3.29)

E, is the eddy momentum diffusivity, length?/time. While g or » = p/p is a
constant for a given fluid at fixed temperature and pressure, E, will depend on
the local degree of turbulence. In the various regions of the duct, » predominates
near the wall, while in the turbulent core E, predominates, to an extent
depending upon the degree of turbulence.

The eddies bring about a transfer of dissolved solute, as we have mentioned
before. The average concentration gradient between 1 and 2 in Fig. 3.5 is Ac, //,
proportional to a local gradient, —dc, /dz. The flux of A due to the interchange,
u, Ac,, and the concentration gradient can be used to define an eddy diffusivity
of mass Ej, length?/time

by, Acy J A, wrb
= E L 3
Ep Acp/1 —dc,/dz (330)

where b, is a proportionality constant. The total flux of A, due both to molecular
and eddy diffusion, then will be

dc
Ja=—(Dyp + ED)TZA (3.31)

As in the case of momentum transfer, D is a constant for a particular solution at
fixed conditions of temperature and pressure, while E;, depends on the local
turbulence intensity. D predominates in the region near the wall, E; in the
turbulent core.

In similar fashion, an eddy thermal diffusivity E,,, length?/time, can be
used to describe the flux of heat as a result of a temperature gradient,

— bzll; A(PCP t) = 9urb
" ApC,1)/1 —d(pC,t)/dz

where b, is a proportionality constant. The total heat flux due to conduction and
eddy motion is

(3.32)

- (k + EHPC ) = ( EH) (fPC )

(3.33)

As before, a for a given fluid is ﬁxed for fixed condmons of temperature and
pressure, but E,, varies with the degree of turbulence and hence with location.
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The three eddy diffusivities of momentum, heat, and mass can be computed
from measured velocity, temperature, and concentration gradients, respectively,
in that order of increasing difficulty.

Momentum eddy diffusivity For turbulent flow in circular pipes, Re = 50 000 to
350 000, the data of the turbulent core (z, > 30) yield [9]

2 4

_ 2B _ 0.063[1 + (-2-5] - 2(2—")

di (f/2)°** 4 a
where z is the distance from the center and f is the Fanning friction factor. This
shows that the maximum E, occurs at a distance z = d/4. Thus, for water at
25°C in a smooth 5-cm-diameter tube at Re = 150 000, the average velocity
=269 m/s, f=0004, and the maximum E, calculates to be 2.1 X
10~* m?/s, which is 238 times the kinematic viscosity ». For the region closer to
the wall (z, < 5), it is generally accepted that

(3.34)

where £, = (g - Z)%(%)as

a dimensionless distance from the wall. The value of K has not been firmly
established and may be in the range 8.9 [15] to 14.5 [40). It is noteworthy that
Eq. (3.35) indicates that eddy motion persists right up to the wall. It is also
noteworthy that Murphree {43] deduced the proportionality between E, and z3
as early as 1932. For a transition region (z, = 5 to 30) [15],

E, r1z,\?
B-(3) a0
We can now estimate where the eddy and molecular momentum diffusivities are
equal, a location which Levich suggested as the outer limit of the viscous
sublayer [38]. For £, = », z, = 11, and for the same conditions as before (water
at 25°C, Re = 150 000, 5-cm tube), this occurs at d/2 — z = 0.082 mm from the
wall. The small distance emphasizes the difficulty in obtaining reliable data.

Heat and mass eddy diffusivity The evidence is that with Prandtl and Schmidt
numbers close to unity, as for most gases, the eddy diffusivities of heat and mass
are equal to the momentum eddy diffusivity for all regions of turbulence [15].
For turbulent fluids where Prandtl and Schmidt numbers exceed unity, the
ratios E,, /E, and E,/E, will vary with location relative to the wall and in the
turbulent core will lie generally in the range 1.2 to 1.3, with E, and Ey
essentially equal [44, 62]. For z, = 0 to 45, with Pr and Sc > 1, a critical
analysis of the theoretical and experimental evidence [44] led to

Ep _ Ey _ 0000902

— (337)
Y. ¥ (1+000672%)"
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which, as z approaches zero, becomes

E, Ey z, \3
v v ( 10.36)
The region close to the wall where molecular diffusivity exceeds eddy diffusivity
of mass has been termed the diffusional sublayer [38)], and we can estimate its
extent in particular instances. For example, for flow of water at 25°C, in the
pipe considered above, » = 8.964 X 10”7 m?/s, and typically for solutes in
water, D is of the order of 107° m?/s. When E,, is set equal to D, Eq. (3.37)
yields z, = 1.08; so the diffusional sublayer lies well within the viscous sub-
layer, the more so the smaller the D and the larger the Sc. At this z_ for the pipe
considered above and Re = 150 000, the distance from the wall is 0.008 mm.
Mass-transfer coefficients covering the transfer of material from an interface
to the turbulent zone will depend upon the total diffusivity D + E,. Success in
estimating this theoretically in the manner used for laminar flow will depend on
knowledge of how the ratio E, /D varies throughout the diffusion path. Knowl-
edge of how the ratio E, /v varies will be of direct help only if E, = E,, which is
evidently not true generally. But knowledge of the heat-transfer coefficients,
which depend upon Ej/», should be useful in predicting the mass-transfer
coefficients, since £, and E,, are evidently the same except for the liquid metals.

(3.38)

Fﬁ/m Theory

This is the oldest and most obvious picture of the meaning of the mass-transfer
coefficient, borrowed from a similar concept used for convective heat
transfer. When a fluid flows turhulently past a solid surface, with mass transfer
occurring from the surface to the fluid, the concentration-distance relation is as
shown by the full curve of Fig. 3.6, the shape of which is controlled by the
continuously varying ratio of E, to D. The film theory postulates that the
concentration will follow the broken curve.of the figure, such that the entire
concentration difference ¢,, — ¢,, is attributed to molecular diffusion within an
“effective” film of thickness z,. It was early recognized [39] that if this theory
were to have nseful application, thg_ﬁlm would have to be very thin, so that the

—

By seady et AdBarny

B,
BeTplepmiay e T K= —?B—
E
s 1 E Lo 4 K s D
Tt 8
E n
6""*‘““1"}3}(&53
¥ weg Pt G &
—————— Caz
Effective film
thickness

Distonce, 2 Figure 3.6 Film theory.



quantity of solutc.wnhm the_film would be_small relative to the amount_passing
through it, or*ne concentration gradient would have to be set up_quickly. The
concentration gradient in the film is that characteristic_of steady state.

In Eg. (3.1), it is clear that F has merely replaced the group D,gc/z of Eq.
(2.22). The film theory states that z of Eq. (2.21) is z, the effective film
thickness; this thickness depends upon the nature of the flow conditions.
Similarly, the 2’s of Egs. (2.26), (2.30), (2.34), (2.40), (2.41), and (2.43) are
interpreted to be zg, incorporated into the &’s of Egs. (3.3) to (3.6).

The film theory therefore predicts that F and the k-type mass-transfer
coefficients for different solutes being transferred under the same fluid-flow
conditions are directly proportional to the D’s for the solutes. On the other
hand, we observe for turbulent flow a much smaller dependency, proportional to
D", where n_may be anything from nearly zero t0.0.8.0r.0.9, depending upon the
circumstances. The simple _film . theory, in conflict with our knowledge of
turbulent flow (see above), has therefore been largely discredited. Nevertheless it
does well in handling the effect of high mass-transfer flux [Eq. (3.1)] and the
effect of mass transfer on heat transfer and in predicting the effect of chemical
reaction rate on mass transfer {14). Mass- and heat-transfer coefficients are still

frequently called film coefficients.

Mass Transfer at Fluid Surfaces

Because the velocity of a fluid surface, as in the contact of a gas and liquid, is
not zero, a number of theories have been developed to replace the film theory.

Peénetration theory Higbie [27] emphasized that in many situations the time of
‘éxposure of a.flnid to mass_transfer is_short, so that the concentration gradient
of the film theory, characteristic of steady state, would not have time to develop.
His theory was actually conceived to describe the contact of two fluids, as in
Fig. 3.7. Here, as Higbie depicted it in Fig. 3.7a, a bubble of gas rises through a
liquid which absorbs the gas. A particle of the liquid b, initially at the top of the

Liquid /" ~

(5)

(o)
Figure 3.7 Penctration theory.
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_hubble, is in contact with the gas for the time 4 required for the hubhle to rise a
distance_equal to its diameter while the liguid particle slips along the sudace of
the bubble. An extension to cases where the liquid may be in turbulent motion,
as in Fig. 3.7b shows an eddy b dsing from the turbulent depths of the liquid
and remaining. exposed for a_time @ to the action of the gas. In this theory the
time_of exposure is taken as constant for all such eddies or particles of liquid.
Initially, the concentration of dissolved gas in the eddy is uniformly ¢4, and
internally the eddy is considered to be stagnant. When the eddy is_exposed to
the gas at the surface, the concentration in the liquid_at the_gas:liquid surface is
ca_» Which may be taken as the equilibdum solubility of the gas.in the liquid.
During the time A, the liquid particle is subject to unsteady-state_diffusion or
penetration of solute in the z direction, and, as an approximation, Eq. (2.18)
may be applied \“‘936«5
c, - %
T;’ = DABBT: (3.39)

For short exposure times, and with slow diffusion in the liquid, the molecules of
dissolving solute are never able to reach the depth z, corresponding to the
thickness of the eddy, so that from the solute point of view, z, is essentially
infinite. The conditions on Eq. (3.39) then are

Cag ath=0 forall z
ca=1Ca; atz=0 forf >0
Cao atz=o0c forallf

Solving Eq. (3.39) and proceeding in the manner described earlier for a falling
liquid film provides the average flux over the time of exposure

D
Naav = 2ea ;i = a0 —WEB (3.40)
and comparison with Eq. (3.4) shows
2 0.5
D Koo (=)
PR 7 S S 2 (3.41)

wf

with k, ., proportional to D23 for different solutes under the same circum-
stances. This indicated dependence on D is typical of short exposure times,
where the depth of solute penetration is small relative to the depth of the
absorbing pool [compare Eqg. (3.19)]. As pointed out above, experience shows a
range of exponents on D from nearly zero to 0.8 or 0.9.

Sgéace-_r_g_n_pwal__thep[igg Danckwerts [13] pointed out that the Higbie theory

ith its constant time of exposure of the eddies of fluid at the surface is a special
case of what may be a more realistic picture, where the eddies are exposed for
varying lengths of time. The liquid-gas interface is then a. mosaic of surface
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elements of different exposure-time histories, and since the rate of solute
penetration depends upon exposure time, the average rate for a unit surface area
must be determined by summing up the individual values. On the assumption
that the chance of a surface element’s being replaced by another is quite
independent of how long it has been in the surface, and if s is the fractional rate
of replacement of elements, Danckwerts found

Naav=1(cai = Ca0) VDpps (342)
and therefore ky oo =V Dpps teax JB5 (3.43)

Danckwerts pointed out that all theories of this sort, derived with the original
boundary conditions on Eq. (3.39), will lead to k, ,, proportional to D23,
regardless of the nature of the surface-renewal rate s which may apply. Subse-
quently there have been many modifications of this approach [26, 35].

Combination film—surface-renewal theory Dobbins [17, 18], concerned with the
rate of absorption of oxygen into flowing streams and rivers, pointed out that
the film theory (k, o D,5) assumes a time of exposure of the surface elements
sufficiently long for the concentration profile within the film to be characteristic
of steady state, whereas the penetration and surface-renewal theories
(k. cc D23) assume the surface elements to be essentially infinitely deep, the
diffusing solute never reaching the region of constant concentration below. The
observed dependence, k, @ Djp, with n dependent upon circumstances, might
be explained by allowing for a finite depth of the surface elements or eddies.

Accordingly, Dobbins replaced the third boundary condition on Eq. (3.39)
by co = ¢y for z = z,, where z, is finite. With Danckwerts’ rate of renewal of
the surface elements, he obtained

2

s
kp v =V D ogs coth [—2 (3.44)
Dyp
This is shown in Fig. 3.8. For rapid penetration (D ,p large), the rate of surface
small (s small), or for thin surface elements, the mass-transfer coefficient takes
on the character described by the film theory; whereas for slow penetration or

Eq.(3.44)
4
Dsp /2 !
|
e
7 I NFilm
/<\Eq.(3A43) | theory
3o
s2i Figure 3.8 Combination film-surface-renewal theory. (After

Dag Dobbins {17}.)
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rapid renewal it follows Eq. (3.43). Consequently k, o Dj5, where n may have
any value between the limits 0.5 and 1.0, which could account for many
observations. Toor and Marchello [59] have made similar suggestions.

King [33, 36] has proposed modifications which embody the notion of
surface renewal with a dampening of the eddy diffusivities near the surface
owing to surface tension, and these lead to values of n less than 0.5.

Surface-stretch theory Lightfoot and his coworkers [2, 3, 29, 50, 56} in a
development which shows great promise, have extended the penetration-
surface-renewal concepts to situations where the interfacial surface through
which mass transfer occurs changes periodically with time. An example is a
liquid drop such as ethyl acetate rising through a denser liquid such as water,
with mass transfer of a solute such as acetic acid from the water to the drop.
Such a drop, if relatively large, wobbles and oscillates, changing its shape as
shown schematically in Fig. 3.9. If the central portion of the drop is thoroughly
turbulent, the mass-transfer resistance of the drop resides in a surface layer of
varying thickness. Similar situations occur while drops and bubbles form at
nozzles and when liquid surfaces are wavy or rippled. For these cases the theory

leads to
_ (A/Ar) v DAB/ﬂgr

kL, av (345)

a76,{ A \?
L)

,

where 4 = time-dependent interface surface
A, = reference value of A, defined for each situation
0, = const, with dimensions of time, defined for each situation; e.g., for
drop formation 4, might be drop-formation time

Surface
Layer

Flgure 3.9 Liquid drop rising through another liquid. (Afrer Rose and
Kintner [50).)



The integral of Eq. (3.45) can be evaluated once the periodic nature of the
surface variation is established, and this has been done for a number of
situations,

Flow Past Solids; Boundary Layers

For the theories discussed above, where the interfacial surface is formed be-
tween two fluids, the velocity at that surface will not normally be zero. But when
one of the phases is a solid, the fluid velocity parallel to the surface at the
interface must of necessity be zero, and consequently the two circumstances are
inherently different.

In Fig. 3.10 a fluid with uniform velocity #, and uniform solute concentra-
tion ¢,, meets up with a flat solid surface AK. Since the velocity u, is zero at the
surface and rises to u, at some distance above the plate, the curve ABCD
separates the region of velocity u, from the region of lower velocity, called the
boundary layer. The boundary layer may be characterized by laminar flow, as
below curve AB, but if the velocity u, is sufficiently large, for values of
Re, = xuyp/p greater than approximately 5 X 10°, depending upon the turbu-
lence intensity of the incident stream, the flow in the bulk of the boundary layer
will be turbulent, as below the curve CD. Below the turbulent boundary layer
there will be a thinner region, the viscous sublayer, extending from the plate to
the curve FG. Boundary layers also occur for flow at the entrance to circular
pipes, for flow along the outside of cylinders, and the like. When the surface
over which the fluid passes is curved convexly in the direction of flow, as in flow
at right angles to the outside of a cylinder and past a sphere, well-developed
botindary layers form at very low rates of flow. At higher rates of flow, however,
the boundary layer separates from the surface, and eddies form in the wake
behind the object.

Up.Ca0 Up 620 Yo |Ca0
D
ﬂ/—'-’—'—_‘
frrre—1
Lominer Turbulent
boundary boundary
layer loyer
F——>] Transition
10ne
/.'
z — \_‘
L~ 8 e~ 6
e H Ja—
N e Cai ST
VX T 7T T T T T S T KT T S

Viscous sublayer

Figure 3.10 Boundary layer on a flat plate.
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If mass transfer from the surface into the fluid occurs, as with a solid
subliming into a gas or a solid dissolving into a liquid, the solute concentration
in the fluid at the solid surface is everywhere ¢, ;, greater than c,, There will be
a curve AE and also one HJ, which separate regions of uniform concentration
c4o from regions of higher values of c,, corresponding to a concentration
boundary layer. In the region where only a laminar velocity boundary layer
exists, the equations of motion and of mass transfer can be solved simulta-
neously to yield the concentration profile and, from its slope at the surface, the
laminar mass-transfer coefficient [7]. This is a fairly complex problem particu-
larly if account is taken of the influence of the flux of mass of A in the z
direction on the velocity profile. If this influence is negligible, and if mass
transfer begins at the leading edge A, it develops that the thickness of the
velocity boundary layer §, and that of the concentration boundary layer §, are
in the ratio §,/8, = Sc'/>. Similar considerations apply if there is heat transfer
between the plate and the fluid.

In laminar flow with low mass-transfer rates and constant physical proper-
ties past a solid surface, as for the two-dimensional laminar boundary layer of
Fig. 3.10, the momentum balance or equation of motion (Navier-Stokes equa-
tion) for the x direction becomes [7]

2, 2
u-a—u’5+u-§y-'-‘-=v(a "-f-au‘t) (3.46)

* dx * 8z axz 822
If there is mass transfer without chemical reaction, Eq. (2.17) gives the equation
of continuity for substance A

dca dc, 3%, 0%,
ux’a_x+ 2 a DAB[ ax? 322

and if there is heat transfer between the fluid and the plate, Eq. (2.19) provides

): ot U
Uens + Uyoo = ( P + — " ) (3.48)
which are to be solved simultaneously, together with the equation of continuity
(2.14). It is clear that these equations are all of the same form, with u,, ¢,, and ¢
and the three diffusivities of momentum », mass D, g, and heat o replacing each
other in appropriate places.

In soiving these, dimensionless forms of the variables are usually substituted

(“x =m0 = 0) CaA ™ Ca,j and t— 5

= (4 ;-0 =0) Cao — Ca,i Lh— L
Then the boundary conditions become identical. Thus, for Fig. 3.10, at z = 0 all
three dimensionless variables are zero, and at z = o, all three equal unity.
Consequently the form of the solutions, which provide dimensionless velocity,
concentration, and temperature profiles, are the same. Indeed, if all three
diffusivities are equal, so that Sc = Pr = I, the profiles in dimensionless form
are identical. The initial slopes of the concentration, temperature, and velocity

(3.47)
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profiles provide the means of computing the corresponding local transfer coef-
ficients

dc
Ny= —DAB(B—;)WO = ky(ca,i = €ao) (3.49)

B [6(1 »P)

} = h(t, — t5) (3.50)

[ (up
g = [ dz :,2-0

where f is the dimensionless friction factor and fu,/2 might be considered a
momentum-transfer coefficient. When the coefficients are computed and
arranged as dimensionless groups, the results are all of the same form, as might
be expected. In particular, for the flat plate of Fig. 3.10 at low mass-transfer
rates,

L ufous - 0) (3:51)

Nu  Sh f
Re, Pr'/?  Re Sc'/? 2

and the average coefficients provide Nu,, and Sh,, given by the same expres-
sions with 0.332 replaced by 0.664. These show the mass-transfer coefficients to
vary as D2{? which is typical of the results of boundary-layer calculations.
Equation (3.52) is applicable for cases of low mass-transfer rate, with heat or
mass transfer beginning at the leading edge of the plate, and for Re, up to
approximately 80 000; for heat transfer, Pr > 0.6; and for constant 7, and ¢,

In the regions where a turbulent boundary layer and a viscous sublayer
exist, the calculations for the transfer coefficients depend upon the expression
chosen for the varation of the eddy diffusivities with distance from the wall.
Alternatively, a great reliance is put upon experimental measurements. Results
will be summarized later. S0 Tarao”

Ke j:(‘ D UL, By Do diment onal anabesis

—

= 0332 Re[ /2 (3.52)

MASS-, HEAT-, AND MOMENTUM-TRANSFER ANALOGIES

There are many more data available for pressure-drop friction and heat transfer
than for mass transfer. The similarity of Eqgs. (3.46) to (3.48) for the transfer
processes of momentum, mass, and heat, and the identical solutions, Eq. (3.52),
lead to the possibility of deducing the mass-transfer characteristics for other
situations from knowledge of the other two.

For the case of the flat plate of Fig. 3.10 and other similar situations, the
friction factor corresponds to a skin-friction drag along the surface. For flow
where separation occurs, such as for flow past a sphere or at right angles to a
cylinder or any bluff object, one might expect the friction factor based on total
drag, which includes not only skin friction but form drag due to flow separation
as well, to follow a function different from that of the mass- and heat-transfer
groups.
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In the case of turbulent flow, the differential equations will contain time-
averaged velocities and in addition the eddy diffusivities of momentum, mass,
and heat transfer. The resulting equations cannot be solved for lack of informa-
tion about the eddy diffusivities, but one might expect results of the form

Sh S E N\ J Ep
Re SC - "p](ir Sc’ ED) = ‘l’)Z( 2 1 SC, v ) (3‘53)
Nu S E\ f Ej,
RePr“P'(z’Pr’ E,,)‘%(z’P” » ) (3:34)

Successful completion of an analogy requires, therefore, knowledge of how the
ratios E,/v, E, / E,, and E, / E, vary with distance from the fluid interface. It is
customary arbitrarily to set E,/E, = E,/E, = 1, despite experimental evi-
dence to the contrary and to make some arbitrary decision about E,/». With
these assumptions, however, experimental velocity profiles permit prediction of
the profiles and coefficients for mass and heat transfer. Further, assuming only
E, = E, (which is much more reasonable) permits information on heat transfer
to be converted directly for use in mass-transfer calculations and vice versa.
Let us sum up and further generalize what can be done with the analogies:

1. For analogous circumstances, temperature and concentration profiles in
dimensionless form and heat- and mass-transfer coefficients in the form of
dimensionless groups, respectively, are given by the same functions. To
convert equations or correlations of data on heat transfer and temperatures to
corresponding mass transfer and concentrations, the dimensionless groups of
the former are replaced by the corresponding groups of the latter. Table 3.2
lists the commonly appearing dimensionless groups. The limitations are:

a. The flow conditions and geometry must be the same.

b. Most heat-transfer data are based on situations involving no mass transfer.
Use of the analogy would then produce mass-transfer coefficients corre-
sponding to no net mass transfer, in turn corresponding most closely to kg,
k., or k; (= F). Sherwood numbers are commonly written in terms of any
of the coefficients, but when derived by replacement of Nusselt numbers
for use where the net mass transfer is not zero, they should be taken as
Sh = Fl/cDp, and the F used with Eq. (3.1). Further, the result will be
useful only in the absence of chemical reaction.

c. The boundary conditions which would be used to solve the corresponding
differential equations must be analogous. For example, in the case of the
mass-transfer problem of the falling film of Fig. 3.4, the analogous
circumstances for heat transfer would require heat transfer from the gas
(not from the solid wall) to the liquid, the wall to be impervious to the
transfer of heat, heat transfer beginning at the same value of y as mass
transfer (in this case at y = 0), a constant temperature for the liquid-gas
interface, and constant fluid properties.

d. For turbulent flow, £, = E, at any location,
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4

V_Table 3.2 Corresponding dimensionless groups of mass and heat transfer

No. Mass transfer Heat transfer
1 CA~ €Al r—4
Ca2 — € L1
Reynolds number Reynolds number
2 Re = 12 Re = 22
[ i
Schmidt number Prandtl number
Gh
3 Sc = r_ 7 Prm 2 ==
PDap Dap k «
Sherwood number Nusselt number
FI  kgpg, yuRTI hl
4 Sh=—2, Z6lBuZH Nu =2
cDpp PeDap k

kbl kil KRT
PDap ’ Dap’ PiDan’

tc.

oot natwiol £ Grashof number} Grashof number}
ronochon 13 A 2 2
Gr ,u(g) Gty = g3 ,(ﬂ)
D » i 1y = gl°B A i
Peclet number Peclet number
_ _lu Clup 1y
6 PCD-—RCSC—-FA—B' Pe,,ﬂRePr—T=;
Stanton number Stanton number
. Sp= S _Sh_F Sip = DU _No__h
D" ReSc Pey cu’ 2 " RePr  Pey Cyup
F’ kGﬁB, MMIV ete.
G pu
8 Jp = Stp S¢¥/? Ju = Sty Pr??

1 The Grashof number appears in cases involving natural convection; Ap = |p, —
pil At = |2y — t,], in the same phase.

2. Friction factors and velocity profiles can be expected to correlate with the
corresponding heat- and mass-transfer quantities only if E, = E, = E, in
turbulent flow and in extension to viscous sublayers only if E, /v = Ey/a =
E,/D,g. For cither laminar or turbulent flow, the friction factors must
indicate skin friction and not form drag as well. In general, it is safest to
avoid the friction analogy to mass and heat transfer.

These analogies are particularly useful in extending the very considerable
amount of information on heat transfer to yield corresponding information on
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mass transfer, which is more likely to be lacking. Alternatively, local mass-trans-
fer coefficients can be measured with relative ease through sublimation or
dissolution of solids, and these can be converted into the analogous local
heat-transfer coefficients, which are difficult to obtain [57].

Hlustration 3.3 What is the heat-transfer analog to Eq. (3.12)?

SoLuTioN The equation remains the same with the dimensionless concentration ratio replaced
by (1, — 4)/(t; — 1g); the dimensionless group

Iltustration 3.4 For flow of a fluid at right angles to a circular cylinder, the average heat-trans-
fer coefficient (averaged around the periphery) for fluid Reynolds numbers in the range 1 to
4000 is given by {19]

Nu,, = 0.43 + 0.532 Re®S P03

where Nu and Re are computed with the cylinder diameter and fluid properties are taken at the
mean of the cylinder and bulk-fluid temperatures.

Estimate the rate of sublimation of a cylinder of uranium hexafluoride, UF; 6 mm
diameter, exposed to an airstream flowing at a velocity of 3 m/s. The surface temperature of
the solid is 43°C, at which temperature the vapor pressure of UF, is 400 mmHg (53.32 kN /m?).
The bulk air is at | std atm pressure, 60°C.

SorLuTioN The analogous expression for the mass-transfer coefficient is
Sh,, = 0.43 + 0.532 Re?> Sc3!

Along the mass-transfer path (cylinder surface to bulk air) the average temperature is 51.5°C,
and the average partial pressure of UF, is 200 mmHg (26.66 kN/m?), corresponding to
26.66/101.33 = 0.263 mole fraction UF4, 0.737 mole fraction air. The corresponding physical
properties of the gas, at the mean temperature and composition, are estimated to be: density =
4.10 kg/m?, viscosity = 2.7 X 107° kg/m - 5, diffusivity = 9.04 X 106 m?/s.

Re = % S EXI0THEYAI0) _ ooy g k27 X1075

e = (728
27x 1073 PD  4.10(9.04 X 1076)
FIV

d

AB

Sh,, = 0.43 + 0.532(2733)%5(0.728)**! = 25.6 = )
- 1 273.2
2241 2732 + 515

F = ShaeDap _ 25.6(0.0375)(9.04  10-9)
= d 61073

In this case, Ny(air) = 0, so that N, /(N, + Ng) = L.0. Since ¢, /c = 53.32/101.33 = 0.526
mole fraction, Eq, (3.1) provides

¢ = 0.0375 kmol/m?

1.446 X 10~ kmol/m?- 5

- 1-0 -
N, =144 X 10 31n]—_m= 1.08 X 10~% kmol UF,/m?- s

which is the mass-transfer flux based on the entire cylinder area.



Note ] The calculated N, is an instantaneous flux. Mass transfer will rapidly reduce the
cylinder diameter, so that the Reynolds number and hence F will change with time. Further-
more, the surface will not remain in the form of a circular cylinder owing to the variation of the
local F about the perimeter, so that the empirical correlation for Nu,, and Sh,, will then no

longer apply.

Note 2 Use of k, or k; computed from a simple definition of Sh produces incorrect results
because of the relatively high mass-transfer rate, which is not allowed for in the heat-transfer
correlation. Thus, k. = kgRT = Sh,, Dap/d = 25.6(9.04 x 107%)/(6 % 107%) = 0.0386
kmol/m?- 5 - (kmol/m® or k; = 0.0386/8.314(273.2 + 51.5) = 1.43 X 105 kmol/m?-s -
(kN/m?). This leads [Eq. (3.3)] to N, = (1.43 X 1075)(53.32 — 0) = 7.62 X 10~* kmol/m? s,
which is too low. However, if kg is taken to be 1.43 X 10~%,/py. 5, the correct answer will be
given by Eq. (3.3).

Turbulent Flow in Circular Pipes

A prodigious amount of effort has been spent in developing the analogics
between the three transport phenomena for this case, beginning with Reynolds’
original concept of the analogy between momentum and heat transfer in 1874
[49). The number of well-known relationships proposed is in the dozens, and
new ones of increasing complexity are continually being suggested. Space
limitations will not permit discussion of this development, and we shall confine
ourselves to a few of the results.

Before any extensive measurements of the eddy diffusivities had been made,
Prandtl had assumed that the fluid in turbulent flow consisted only of a viscous
sublayer where E, and E,, were both zero and a turbulent core where molecular
diffusivities were negligibly important. The resulting analogy between heat and
momentum transfer, as we might expect, is useful only for cases where Pr is_
essentially unity. A remarkably simple empirical modification of Prandtl’s
analogy by Colburn [11], on the other hand, represents the data even for large Pr
very well (Colburn analogy)

1
Sty,av = C:lﬁp = P:zf,l (3.55)
The group Sty ,, Pr/? is called ji,
Sty o PP/ = —h%Przf3 = ju =1f = ¥(Re) (3.56)
The mass-transfer (Chilton-Colbunm) analogy [10] is
Sty 4 S¢*/7 = —2;—‘15&” = jp, =1f = Y(Re) (3.57)

X

which, as will be shown, agrees well with experimental data when Sc_is not _too
large.

Analogies between the transport phenomena can be developed from the
velocity, concentration, and temperature distributions from which the eddy
diffusivities of Eqgs. (3.34) to (3.38) were obtained. These data are not extremely
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accurate near the wall, however, and the resulting analogies then depend upon
the empirical expressions chosen to describe the data, as in the equations

mentioned. One of the relatively simple, yet quite successful, of these is the pair
(22]

f/2 ’
St = 3.58
=0+ 11.8(f/2)*%(Pr — 1)Pr=1/3 G5

SID. av = f/52 (359)
1.20 + 11.8(f/2)°(Sc — 1)Sc~!/?
which are useful for Pr = 0.5 to 600 and Sc up to 3000.
We have seen, however, that the ratios E,/D and E,/« are not equal to
E._/v, and particularly for large Sc one would_not anticipate an analogy hetween

The experimental data bear this out.

Experimental data have come from so-called wetted-wall towers (Fig. 3.11)
and flow of liquids through soluble pipes. In Fig. 3.11, a volatile pure liquid is
permitted to flow down the inside surface of a circular pipe while a gas is blown
upward or downward through the central core. Measurement of the rate of
evaporation of the liquid into the gas stream over the known surface permits
calculation of the mass-transfer coefficients for the gas phase. Use of different
gases and liquids provides variation of Sc. In this way, Sherwood and Gilliland

ﬁ, Feed reservoir

.~ Pipe woll
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Wetted -woll
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out

Gos Figure 3,11 Wetted-wall tower.



[52]) covered values of Re from 2000.t0.-35.000,.Sc_from 0.6 to 2.5, and gas
pressures_from 0.1 to.3_atm. Linton and Sherwood [41] caused water to flow
through a series of pipes made by casting molten benzoic acid and other
sparingly soluble solids. In this way the range of Sc was extended to 3000. Those
data are empirically correlated by

Sh,, = 0.023 Re®® Sc!/ (3.60)

although the data for gases only are better correlated with 0.44 replacing 1 as
the exponent on Sc, perhaps because of the influence of ripples in the liquid film
affecting the gas mass transfer [24]. Over the range Re = 5000_ta 200 000, the
friction factor in smooth pipes can be expressed as

3/ =0023 Re™®? (3.61)
Substitution in Eq. (3.60) then gives
Sh,,
Re 103 Sc

which can be compared with Eq. (3.57). The heat-transfer analog of Eq. (3.60) is
satisfactory for Pr = 0.7 to 120 [15].

As turbulence intensity increases, theory predicts that the exponent on Re
should approach unity [38]. Thus [44], for liquids with Sc > 100,

S/’ =1f (3.62)

Sh,, = 0.0149 Re®# S¢!/3 (3.63)

and the heat- mass-transfer analogy applies [Eq. (3.63) yields values of Sh,,
slightly low for Sc = 20 000 to 100 000].

MASS-TRANSFER DATA FOR SIMPLE SITUATIONS

Table 3.3 provides a few of the correlations taken from the literature for
relatively simple situations. Others more appropriate to particular types of
mass-transfer equipment will be introduced as needed.

Experimental data are usually obtained by blowing gases over various
shapes wet with evaporating liquids or causing liquids to flow past solids which
dissolve. Average, rather than local, mass-transfer coefficients are usually ob-
tained. In most cases, the data are reported in terms of kg, k., k;, and the like,
coefficients applicable to the binary systems used with Ny = 0, without details
concerning the actual concentrations of solute during the experiments. For-
tunately, the solute concentrations during the experiments are usually fairly low,
so that if necessary, conversion of the data to the corresponding F is usually at
least approximately possible by simply taking pg_ /P, Xp, u» €tc., €qual to unity
(see Table 3.1).
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Particularly when fluids flow past immersed objects, the local mass-transfer
coefficient varies with position on the object, due especially to the separation of
the boundary layer from the downstream surfaces to form a wake. This phenom-
enon has been studied in great detail for some shapes, e.g., cylinders [8]. The
average mass-transfer coefficient in these cases can sometimes best be correlated
by adding the contributions of the laminar boundary layer and the wake. This is
true for the second entry of item 5, Table 3.3, for example, where these
contributions correspond respectively to the two Reynolds-number terms.

For immersed ohjects the_turbulence level of the.incident fluid also has an
important effect [8). Thus, for example, a sphere falling through a quiet fluid will
result in a mass-=transfer.coefficient different from that where the fluid flows past

a stationary sphere. In most cases the distinction has not yet heen fully
established. Surface roughness, which usually increases the coefficient, has also

been incompletely studied, and the data of Table 3.3 are for smooth surfaces, for
the most part.

When mass or heat transfer occurs, it necessarily follows that the physical
properties of the fluid vary along the transfer path. This problem has been dealt
with theoretically (see, for example, Refs. 25 and 47), but in most cases empirical
correlations use properties which are the average of those at the ends of the
transfer path. The problem is most serious for natural convection, less so for
forced.

In many cases, particularly when only gases have been studied, the range of
Schmidt numbers covered is relatively small; sometimes only one Sc (0.6 for
air-water vapor) is studied. The j, of Eq. (3.57) has been so successful in dealing
with turbulent flow in pipes that many data of small Sc range have been put in
this form without actually establishing the validity of the % exponent on Sc for
the situation at hand. Extension to values of Sc far outside the original range of
the experiments, particularly for liquids, must therefore be made with the
understanding that a considerable approximation may be involved. Some data,
as for flow past spheres, for example, cannot be put in the j, form, and it is
likely that many of the correlations using j, may not be very general.

For situations not covered by the available data, it seems reasonable to
assume that the mass-transfer coefficients can be estimated as functions of Re
from the corresponding heat-transfer data, if available. If necessary, in the
absence of a known effect of Pr, the heat-transfer data can be put in the j; form
and the analog completed by equating j,, to j, at the same Re. This should serve
reasonably well if the range of extrapolation of Sc (or Pr) is not too large.

Illustration 3.5 We wish to estimate the rate at which water will evaporate from a wetted
surface of unusual shape when hydrogen at 1 std atm, 38°C, is blown over the surface at a
superficial velocity of 15 m/s. No mass-transfer measurements have been made, but heat-trans-
fer measurements indicate that for air at 38°C, 1 std atm, the heat-transfer coefficient h
between air and the surface is given empirically by

h = 23G"0¢

where G’ is the superficial air mass velocity, 21.3 kg/m?- 5. Estimate the required mass-transfer
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coefficient. Physical-property data are:

38°C, 1 std atm

Air H2

Density p, kg/m? 0.114 0.0794
Viscosity g, kg/m - s 1.85 x 1073 9x 10~
Thermal conductivity k

W/m-K 0.0273 0.1850
Heat capacity C,, kJ/kg - K 1.002 14.4
Diffusivity with water

vapor, m?/s 7.75 X 10~3

SoLuTioN The experimental heat-transfer data do not include effects of changing Prandtl
number. It will therefore be necessary to assume that the j; group will satisfactorily describe
the effect.

= G P = e P = u(Re)

h= i .,u(Re)—zlsa"’6 for air
P/3

The y(Re) must be compatible with 21.3G "%, Therefore, let $(Re) = b Re” and define Re as
G’/ i, where [ is a characteristic linear dimension of the solid body.

GG’ GG’ (1G'\" bC, (6" 06
h= rZ/JbReﬂ rz/ab[T) Pr2/3( ) =2].SG

1+n=06 n= —04
bC, —04
—i(ﬁj = 21,3 and

P/
p/3 ( 1)0.4

b =213 c -
Using the data for air at 38°C, 1 std atm, gives

pr = G 1002(1.85 % 107%)
k

00273 =068
21.3(0.68)*° ( 1 )0-“
b= = 1285704
1002 1.85 % 10~3
. _1 2351
= C G’ R® = \{’(R )

The heat- mass-transfer analogy will be used to estimate the mass-transfer coefficient (jp =
Jn)-

kPo. My 1.285104

= OB M "avg.2/3 _ L(Re) =

or V( c) Re 04
1.2851%py  1.285(pu)*6u04

Re® M, Sc¥* M, Sc?

For H,—-H,0, 38°C, 1 std atm, Sc = p/pD = (9 X 107¢)/0.0794(7.75 X 10~5) = 1.465. At
u=15 m/s, and assuming the density, molecular weight, and viscosity of the gas are

koPp i = F =
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essentially those of H,,

_ 1.285[0.0794(15)1°%(9 x 10~6)°4
2.02(1.465)>3

kePs = F = 0.00527 kmol/m?- s Ans.

Flux Variation with Concentration

In many situations the concentrations of solute in the bulk fluid, and even at the
fluid interface, may vary in the direction of flow. Further, the mass-transfer
coefficients depend upon fluid properties and rate of flow, and if these vary in
the direction of flow, the coefficients will also. The flux N, of Egs. (3.1) and
(3.3) to (3.6) is therefore a local flux and will generally vary with distance in the
direction of flow. This problem was dealt with, in part, in the development
leading to Illustration 3.1. In solving problems where something other than the
local flux is required, allowance must be made for these variations. This
normally requires some considerations of material balances, but there is no
standard procedure. An example is offered below, but it must be emphasized
that generally some sort of improvisation for the circumstances at hand will be
required.

Illustration 3.6 Nickel carbonyl is to be produced by passing carbon monoxide gas downward
through a bed of nickel spheres, 12.5 mm diam. The bed is 0.1 m? in cross section and is packed
so that there are 30% voids. Pure CO enters at 50°C, 1 std atm, at the rate of 2 X 1073 kmol/s.
The reaction is

Ni + 4CO - Ni(CO)4
For present purposes, the following simplifying assumptions will be made:

1. The reaction is very rapid, so that the partial pressure of CO at the metal surface is
essentially zero. The carbonyl forms as a gas, which diffuses as fast as it forms from the
metal surface to the bulk-gas stream. The rate of reaction is controlled entirely by the rate of
mass transfer of CO from the bulk gas to the metal surface and that of the Ni(CO), to the
bulk gas.

2. The temperature remains at 50°C and the pressure at 1 std atm throughout.

3. The viscosity of the gas = 2.4 X 10~5 kg/m - 5, and the Schmidt number = 2.0 throughout,

4. The size of the nickel spheres remains constant,

Estimate the bed depth required to reduce the CO content of the gas to 0.5%.

SoLUTION Let A = CO, B = Ni(CO),. Ny = — N,/4 and N,/(N, + Ng) =%. In Eq. (3.1),
Caz/¢ = ya,, at the metal interface = 0, and ¢4, /c = y, = mole fraction CO in the bulk gas.
Equation (3.1) therefore becomes

4/3
4/3 —ya

where N, is the magss-transfer flux based on the metal surface. Since y, varies with position in
the bed, Eq. (3.64) gives a local flux, and to determine the total mass transfer, allowance must
be made for the variation of y, and F with bed depth.

Let G = kmol gas/(m? bed cross section) - s flowing at any depth z from the top. The CO
content of this gas is y, G kmo! CO/(m? bed) - 5. The change in CO content in passing through

4
4 -3y,

Npo=4FIn =4Fln (3.64)



a depth dz of bed is —d(y,G) kmol/m?- 5. If a is the specific metal surface, m?/m’ bed, a
depth dz and a cross section of | m? (volume = dz m®) has a metal surface a dz m% Therefore,
N, = — d(y,G)/a dz kmol /(m? metal surface) - s. For each kmol of CO consumed, 4 kmol
Ni(CO), forms, representing a net loss of 2 kmol per kilomole of CO consumed. The CO
consumed through bed depth dz is therefore (Gg — GX5) kmol, where G, is the molar
superficial mass velocity at the top, and the CO content at depth z is Gy - (Gy — G)3).

Therefore
Gy —~ (Gg — G)(4/3) Gy 4Gy dya
Ya e =3y, (7AG) - 3)‘,\)2
Substituting in Eq. (3.64) gives
Gods _ _ippy 4 (3.65)
(4-3pYad ' 4=y,

F is given by item 7 of Table 3.3 and is dependent upon y,. At depth z, the CO mass
velocity =[Gy ~ (Gp — GX$))28.0, and the Ni(CO), mass velocity = [(G, — GX3))170.7,
making a total mass velocity G’ = 47.6G, — 19.6G kg/m?- s. Substituting for G leads to

19.6G, 19.6 s
-3y, 4—3yA)“g/’“'s

With 12.5-mm spheres, d, = 0.0125 m; p = 2.4 X 10" * kg/m - 5.
4,G’ .0125Gy[47.6 — 19.6/ (4 —
ip.—_ - 00125G( 196/ (4 = 3yl _ 60(2.48 _ 102 )(]04)

G’ = 476G, -

= 60(416 -

Re" =
24 %1073 4-3y,

With Gy = (2 X 107%)/0.1 = 0.02 kmol/m?- s and y, in the range 1 1o 0.005, the range of Re
is 292 to 444. Therefore, Table 3.3,

. F 206, ,..
Jp = Escz/s = TRC 0.575

For Sc = 2 and £ = 0.3 void fraction, this becomes

206 Gy 1.02 0573
= o3 T [60(2.48 TSN )(10‘)] (3.66)

Equation (3.66) can be substituted in Eg. (3.65). Since @ = 6(1 — £)/d, = 6(1 — 0.3)/0.0125 =
336 m?/m’ and G, = 0.02 kmol/m?- s, the result, after consolidation and rearrangement for
integration, is

0.005 _ _ 0.575
> ﬂfoz o= —o.omf [2.48 — 1.02/ (4 — 3y,)] o
1.0

(4 =3y )In[4/ (4 = Iy,)]

The integration is most readily done numerically, or graphically by plotting the integrand as
ordinate vs. y, as abscissa and determining the area under the resulting curve between the
indicated limits. As a result, Z = 0.154 m. Ars.

S/HOlULTANEOUS MASS AND HEAT TRANSFER

Mass_transfer may occur simultaneously with the transfer of heat, either as a
result of an externally imposed temperature. difference or because of the.absorp-
tion_or evolution_of heat which generally occurs when a substance is_transferred
from one. phase.to_another. In such cases, within one phase, the heat transferred
is a result not only of the conduction (convection) by virtue of the temperature
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Figure 3.12 Effect of mass transfer on heat transfer [12).

difference which would happen in the absence of mass transfer but also includes
the sensible heat carried by the diffusing matter.

Consider the situation shown in Fig. 3.12. Here a fluid consisting of

substances A and B flows past a second phase under conditions causing mass
transfer. The fotal mass transferred is given by the following variation of Eq.
3.1):
Na/ (No+ Np) —ca/¢
Naf (Na+ Ng) —car/c
As usual, the relationship between N, and Ny is fixed by other considerations.
As a result of the temperature difference, there is a heat flux described by the
ordinary_heal-trapsfer coefficient b in the_absence of mass transfer. If we think
in terms of the film theory, this heat flux is A( — dt /dz)z,. The total sensible heat
flux g, to the interface must include in addition the sensible heat brought there
by the movement of matter th.mugh the temperature difference. Thus,

Ny+ Nyg=Fln (3.67)

1o 7 "I"-c) jert
fae & dry Y
e "= h(—z) 2 + (NAMAG, o + NaMpC, p)(1 = 1) (3.68)
Rearranging and integrating gives mace yansfer
fl] - L (%4 (3.69)
, %~ (NAMAG, \ + NoMyC, B)(’ —) 2 L
s / N M C + N-M-C (-nnp,n .rr- ;»jer \,_’,:g povveche
= B/ BYp, B AL L Fennite
- 1 - e_(N MAC A+ NgMyC,. B)/;,/ 1) (3.70)

The term multiplying the temper_aturc difference of Eq. (3. 70) may be considered
as a heat-transfer coefficient corrected for mass transfer [1, 12]; it will be lacger
if the mass transfer is in the same direction as the heat transfer, smaller if the
two are in opposite directions. Equation (3.70) is corrected for high mass-trans-

fer flux. It can be applied for condensation of component A in the presence of

poncondensing, B, .(Np.=0) or for multicomponent mixtures [51), for which
M‘IS then used in the corrected coefficient.



The total heat release at the interface g, will then include additionally the
effect produced when the transferredsmass passes through:the interface. This
may be a latent heat of vaporization, a heat of solution, or both, depending

upon the circumstances. Thus, -
) 5

i,j{(urm < g =g, + AaN, + AgNy (3.71)
where_A_is the molar heat evolution. In some cases the heat released at the
interface continues to flow to the left in Fig. 3.12, owing to a_temperature drop
in the adjacent phase. In others, where the_mass sfer_in _the fluid is in the
direction opposite the sensible-heat transfer, it is possible that the diffusing mass
may carry heat from the interface into the fluid as fast as it is released, in which
case no heat enters the adjacent phase.

Iustration 3.7 An air—water-vapor mixture flows upward through a vertical copper tube, 254
mm OD, 1.65 mm wall thickness, which is surrounded by flowing cold water. As a result, the
water vapor condenses and flows as a liquid down the inside of the tube. At one level in the
apparatus, the average velocity of the gas is 4.6 m/s, its bulk-average temperature 66°C, the
pressure | std atm, and the bulk-average partial pressure of water vapor = 0.24 std atm. The
film of condensed liquid is such that its heat-transfer coefficient = 11 400 W/m?- K. The
cooling water has a bulk-average temperature of 24°C and a heat-transfer coefficient = 570
W/m?: K (see Fig. 3.13). Compute the local rate of condensation of water from the airstream.

SorutioN For the metal tube, ID = 254 — 1.65(2) = 22.1 mm = 0.0221 m. Av.diam = (0.0254
+ 0.0221)/2 = 0.0238 m, ohen- T Faty ]
For the gas mixture, A = water, B = air. Ny =0, Ny/(Np+ Np) = 1; y,, = 024,
= pa,; = vapor pressure of waler at the interface temperature f;, M, = 0.24(18.02) +
076(29) = 26.4; p = (26.4/22.41){273 /(273 + 66)] = 0.950 kg/m*; g = 1.75 X 10~ kg/m * 5.
Co.a = 1880, C, ofthem'%xture—lMSJ/kg K. Sc 0.6, Pr = 0.75. 3

£ vy HRYE € MY
G’ = mass velocity = up = 4‘6(0 950) = 4.37 kg/m?-
G’ 4.37
M. =264 = 0.1652

Re — 4G _ 00221(437) _ (00

BOL5x 1075
The mass-transfer coefficient is given by item 1, Table 3.3:

‘i‘
oF Waley

3P G = molar mass velocity =

Jp =Sty S/ = —-Sc2/J = 0.023 Re~017 = 0.023(5510) %7 = 0.00532

0.00532G _ 0.00532(0.1652)
Sc2/3 (0.60)*/°

The heat-transfer-coefficient in the absence of mass transfer will be estimated through jp, = jj.

F=

=1.24 X 107> kmol/m?- 5

Jy = Sty P23 = ”G, Pr/3 = 0.00532

(4

0.0052(14S)(43T) _ s /2
07577 A W/m

The sensible-heat transfer flux to the interface is given by Eq. (3.70), with Ny = 0. This is
combined with Eq. (3.71) to produce

N ,(18.02)(1880)
C T} 2 g~ Na(i802y(1880)/323

(66 — 1) + Ax Ny (3.72)

where A, ; is the molal latent heat of vaporization of water at f,. Al the heat arriving at the
interface is carried to the cold water. [/ is the overall heat-transfer coefficient, interface.to-cold.
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h =11400 Figure 3.13 Illustration 3.7,
Vot 'F:lm )

water, based on the inside tube surffice  hieknett
B £
1 1 0.00165 22.1 . 1 22.1

U 11400 381 238 ° 570 254 -
. Yoisoe N ;
where 381 is the thermal conductivity of the copper. ~21+Z N eula water

U=618W/m2-K g = 618( ~ 24) (3.73)
The rate of mass transfer is given by Eq. (3.67) with Ny =0, ¢ ;/c = pa ,» Ca1/C =yar =
0.24.
N, = 124 X 1073 lno—PA (3.74)
AT 1-024 ’

Equations (3.72) to (3.74) are solved simultaneously by trial with the vapor-pressure curve for
water, which relates p, ; and 1, and the latent-heat data, It is easiest to assume 1, which js
checked when g, from Eqgs. (3.72) and (3.73) agree.

As a Bipal wial, assume £ = 42.2°C, whence p, ; = 0.0806 std atm, A, ; = 43.4 X 10°
J/kmol, and (Eq. (3.74)) N, = 2.45 x 10~¢ kmol/m?*: s, By Eq. (3.73) ¢, = 11 240; by Eq.
(3.72) g, = 11 470 W /m?, a sufficiently close check. The local rate of condensation of water is
therefore 2.45 X 104 kmol/m? - s. Ans.

Note Tn this case, the true g, [Eq. (3.68)] = 875 W/m? whereas the uncorrected h gives
32.3(66 — 42.2) = 770 W/m?

Equation (3.70) can also be used for calculations of transpiration cooling, a
method of cooling porous surfaces which are exposed to very hot gases by
forcing a cold gas or evaporating liquid through the surface into the gas stream.

Dlustration 3.8 Air at 600°C, 1 std atm, flows past a flat, porous surface. Saturated steam at 1.2
std atm flows through the surface into the airstream in order to keep the temperature at the
surface at 260°C. The air velocity is such that # would be 1100 W/m?- K if no steam were
used. (a) What rate of steam flow is required? (b) Repeat if instead of steam liquid water at
25°C is forced through the surface.

SOLUTION (g) A = water, B = air, Ny = 0. The positive direction is taken to be from the bulk
gas to the surface. Let H, ; = enthalpy of steam at the interface and H,_ ¢ = initial enthalpy
of steam. Equation (3.70) becomest

NaM\C, A1 — 1)

9= NaMu(Ha s = Ho ) = i

1 Radiation contributions to the heat transfer from the gas to the surface are negligible; it is
assumed that the emissivity of the air and its small water-vapor content is negligible.
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which reduces to

—h Coalty — 1)
M= e A111[1 T (3.75)

H,, s = enthalpy of saturated steam at 1.2 std atm, relative to liquid at 0°C = 2.684 % 108
J/kg. H, ; = enthalpy of steam at 1 std atm, 260°C = 2.994 X 10° J /kg. M, = 18.02, h =
1100, G, 4 from 260 to 600°C = 2090 J/kg - K, 1, = 600°C, 1, = 260°C. Substitution into Eq.
(3.75) provides N, = — 0.0348 kmol/m?- s or —0.627 kg/m?- s (the negative sign indicates
that the mass flux is in the negative direction, into the gas). Ans.

The convective heat-transfer coefficient has been reduced from 1100 to 572 W/m?: K.

{b) The enthalpy of lignid water at 25°C relative to liquid at 0°C = 1.047 x 10° J/kg.
Substitution of this instead of 2.684 X 10° into Eq. (3.75) yields N, = — 6.42 % 10~ kmol/m?
-sor —0.1157 kg/m?- s. Ans.

NOTATION FOR CHAPTER 3

Any consistent set of units may be used.

a specific surface of a fixed bed of pellets, pellet surface/volume of bed, L*/L*

A mass-transfer surface, L?

b, b, const

c solute concentration (if subscripted), molar density of a solution (if not
subscripted), mole /L3

é bulk-average concentration, mole/L?

ok heat capacity at constant pressure, FL/MT

d differential operator
diameter, L

A diameter of a cylinder, L

d, equivalent diameter of a noncircular duct = 4(cross-sectional area)/perime-
ter, L

4, diameter of a sphere; for a nonspherical particle, diameter of a sphere of the
same surface as the particle, L

D molecular diffusivity, L?/8

Ep eddy mass diffusivity, L2/©

E, eddy thermal diffusivity, L2/©

E, eddy momentum diffusivity, 1L/©

f friction factor; Fanning friction factor for flow through pipes; dimensionless

F mass-transfer coefficient, mole/L*6

g acceleration due to gravity, L2/©

A conversion factor, ML /F6&?

G molar mass velocity, mole /L8

G’ mass velocity, M/L?0©

Gr Grashof number, dimensionless

A heat-transfer coefficient, FL/L*0T

H enthalpy, FL/M

Jb mass-transfer dimensionless group, Stp, Sc?/3

Jn heat-transfer dimensionless group, St,, pr2/3

J mass-transfer flux relative to molar average velocity, mole /L8

k thermal conductivity, FL2/L?@T

k., kgi ko ky, ete. mass-transfer coefficients mole/L*@(concentration difference) (see Table 3.1)

K const

! length; Prandil mixing length; L

Iy length scale of eddies in the universal range, L
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length scale of medium-sized eddies, L

length of a wetted-wall tower, L

mass, M

molecular weight, M/mole

a number, dimensionless

mass-transfer flux at, and relative to, a phase boundary, mole/L20
Nusselt number, dimensionless

vapor pressure, F/L?

partial pressure, F/L?

total pressure, F/L?

power, FL/0

Peclet number, dimensionless

Prandtl number, dimensionless

heat-transfer flux, FL/L*@

universal gas constant, FL/mole T

Reynolds number, dimensionless

Reynolds number for flow outside a cylinder, 4.G’/p, dimensionless
Reynolds number for flow past a sphere, d,G’/p, dimensionless
Reynolds number for flow in a noncircular duct, d,G’/ s, dimensionless
Reynolds number computed with x as the length dimension, dimensionless
fractional rate of surface-element replacement, 8!

cross-sectional area of a duct, L2

Schmidt number, dimensionless

Sherwood number, dimensionless

Stanton number, dimensionless

temperature, T

local velocity, L/©

bulk-average velocity, L/

root-mean-square deviating velocity, L/6

instantaneous deviating velocity, L/6

velocity of eddies in the universal range, L/©

distance in the x, y, and z direction, respectively, L

concentration of component A in a liquid, mole fraction
concentration of component A in a gas, mole fraction

distance from the center of a pipe, L

depth of penetration (film and surface-renewal theories), L
effective film thickness (film theory), L

dimensionless digtsanoc from the wall
3=z %(%) " for a pipe

thermal diffusivity = k/C,p, L*/8

volumetric coefficient of expansion, T~"

mass rate of flow/unit width, M/LO

thickness of a layer, L

time, 8

molar heat evolution on passing through a surface, FL/mole

viscosity, M/L8

density, M/L?

shear stress, F/L?

area of surface elements (surface-renewal theory), L*/128

functions

component A
component B



¢ concentration
D for mass transfer
H for heat transfer
i interface; instantaneous when used with velocity
M logarithmic mean
r reference condition
s sensible heat
! total
turb turbulent
X, P,z in the x, y, z directions, respectively
0 approach, or initial, value
1 at beginning of mass-transfer path
2 at end of mass-transfer path
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PROBLEMS

3.1 Estimate the mass-transfer coefficient and effective film thickness to be expected in the
absorption of ammonia from air by a 2 ¥ sulfuric acid solution in a wetted-wall tower under the
following circumstances:

Airflow = 41.4 g /min (air only)

Av partial pressure ammonia in air = 30.8 mmHg
Total pressure = 760 mmHg

Av gas temp = 25°C

Av liquid temp = 25°C

Tower diam = 1.46 cm



For absorption of ammonia in sulfuric acid of this concentration; the entire mass-transfer resistance
lies within the gas, and the partial pressure of ammonia a¢ the interface is negligible. Note: The
circumstances correspond to run 47 of Chambers and Sherwood [ Trans. AIChE, 33, 579 (1937)), who
observed d/zp = 16.6.

3.2 Powell (Trans. Inst. Chem. Eng. Lond., 13, 175 (1935); 18, 36 (1940)] evaporated water from the
outside of cylinders into an airsiream flowing parallel to the axes of the cylinders. The air
temperature was 25°C, and the total pressure standard atmospheric. The results are given by

M 317 x 10-%ul)*

Pu = Pa
where w= water evaporated, g/cm?- s
Pa = partial pressure of water in airstream, mmHg
P, = water-vapor pressure at surface temperature, mmHg
u = velocity of airstream, cm/s
! = length of cylinder, cm

(a) Transform the equation into the form j, = y(Re,), where Re, is 2 Reynolds number based
on the cylinder length.

(b) Calculate the rate of sublimation from a cylinder of napthalene 0.075 m diam by 0.60 m
long (3 in diam by 24 in long) into a stream of pure carbon dioxide at a velocity of 6 m/s (20 ft/s) at
1 std atm, 100°C. The vapor pressure of naphthalene at the surface temperature may be taken as
1330 N/m? (10 mmHg) and the diffusivity in carbon dioxide as 5.15 X 10~% m?/s (0.0515 cm?/s) at
STP. Express the results as kilograms naphthalene evaporated per hour. Ans.: 0.386 kg/h.

3.3 Water flows down the inside wall of a wetted-wall tower of the design of Fig. 3.11, while air
flows upward through the core. In a particular case, the ID is 25 mm (or | in), and dry air enters at
the rate 7.0 kg/m?- s of inside cross section (or 5000 Ib/ft?- h). Assume the air is everywhere at its
average temperature, 36°C, the water at 21°C, and the mass-transfer coefficient constant. Pressure
= | std atm. Compute the average partial pressure of water in the air leaving if the tower is 1 m (3
ft) long. Ams.: 1620 N/m?.

3.4 Winding and Cheney [Ind. Eng. Chem., 40, 1087 (1948)] passed air through a bank of rods of
naphthalene. The rods were of “streamline” cross section, arranged in staggered array, with the air
flowing at right angles to the axes of the rods. The mass-transfer coefficient was determined by
measuring the rate of sublimation of the naphthalene. For a particular shape, size, and spacing of the
rods, with air at 37.8°C (100°F), ! std atm, the data could be correlated byt

kg = 3.58 % 105G 056

where G’ is the superficial mass velocity, kg/m? - s, and k; the mass-transfer coefficient, kmol/m? -
s - (N/m?), Estimate the mass-transfer coefficient to be expected for evaporation of water into
hydrogen gas for the same geometrical arrangement when the hydrogen flows at a superficial
velocity of 15.25 m/s (50 ft/s), 37.8°C (100°F), 2 std atm pressure. D for naphthalene-air, 1 std atm,
37.8°C = 7.03 x 10~% m?/s; for water-hydrogen, 0°C, 1 std atm, 7.5 X 1073 m?/s.

3.5 A mixing tank 3 ft (0.915 m) in diameter contains water at 25°C to a depth of 3 ft (0.915 m). The
liquid is agitated with a rotating impeller at an intensity of 15 hp/1000 gal (2940 W /m?). Estimate
the scale of the smallest eddies in the universal range.

\}6 The free-fall terminal velocity of water drops in air at I std atm pressure is given by [53]:

Diam, mm 0.05 0.2 0.5 1.0 2.0 3.0
Velocity, m/s 0.055 0.702 214 3.87 5.86 7.26
ft/s 0.18 23 7.0 12.7 19.2 23.8

+ For G in Ib/ft>+ h and kg in Ib mol/ft2- h - atm the coefficient is 0.00663.
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A water drop of initial diameter 1.0 mm falls in quiet dry air at | std atm, 38°C (100°F). The liquid
lemperature may be taken as 14.4°C (58°F). Assume that the drop remains spherical and that the
atmospheric pressure remains constant at 1 std atm.

(a) Calculate the initial rate of evaporation.

(6) Calculate the time and distance of free fall for the drop to evaporate to a diameter of 0.2
mm. Ans.: 103.9 s, 264 m.

(¢) Calculate the time for the above evaporation, assuming that the drop is suspended without
motion (as from a fine thread) in still air. Ans.: 372 s.

3.7 The temperature variation of rate of a chemical reaction which involves mass transfer is
sometimes used to determine whether the rate of mass transfer or that of the chemical reaction
controls, or is the dominating mechanism. Consider a fluid flowing through 2 25-mm-ID (1.0-in)
circular tube, where the transferred solute is ammonia in dilute solution. Compute the mass-transfer
coefficient for each of the following cases:

(a) The fluid is a dilute solution of ammonia in air, 25°C, I std atm, flowing at a Reynolds
number = 10 000. D, g = 2.26 X 10™% m?/s (0.226 cm?/s).

(b) Same as part (g) (same mass velocity), but temperature = 35°C.

(¢) The fluid is a dilute solution of ammonia in liquid water, 25°C, flowing at a Reynolds
number = 10 000. D, = 2.65 X 10~ m?/s (2.65 X 10~% cm?/s).

(d) Same as part (¢) (same mass velocity) but temperature = 35°C.

In the case of both gas and liquid, assuming that the mass-transfer coefficient follows an

Arrhenius-type equation, compute the “energy of activation™ of mass transfer, Are these high or low
in comparison with the energy of activation of typical chemical reactions? Note that, for dilute
solutions, the identity of the diffusing solute need not have been specified in order to obtain the
“energy of activation” of mass transfer. What other method might be used to determine whether
reaction rate or mass-transfer rate controls?
3.8 A gas consisting of 50% air and 50% steam, by volume, flows at 93.0°C (200°F), I std atm
pressure, at 7.5 m/s (25 ft/s) average velocity through a horizontal square duct 0.3 m (1 ft) wide. A
horizontal copper tube, 25.4 mm (I in) OD, 1.65 mm (0.065 in) wall thickness, passes through the
center of the duct from one side 1o the other at right angles to the duct axis, piercing the duct walls.
Cold water flows inside the tube at an average velocity 3.0 m/s (10 ft/s), av temp = 15.6°C (60°F).
Estimate the rate of condensation on the outside of the copper tube. Ans.: 6.92 X 10~ ¢ kg/s.

Data: McAdams [42, p. 338] gives the heat-transfer coefficient for the condensate film on the
tube as

hy, = 151 X0 "Y&)"’
v ‘ ]Jz 4w

where, in any consistent unit system, W = mass rate of condensate and L = tube length. The fluid
properties are to be evaluated at the mean temnperature of the condensate film. Data for the group
(k*p% /u?)'/? for water, in English engineering units, are listed by McAdams [42, table A-27, p. 484}
for convenience. They must be multiplied by 5.678 for use with SI units.

3.9 A hollow, porous cylinder, OD 25 mm (! in), ID 15 mm, is fed internally with liquid diethyl
cther at 20°C. The ether flows radially outward and evaporates on the outer surface. Nitrogen,
initially ether-free, at 100°C, 1 std atm, flows at right angles to the cylinder at 3 m/s (10 ft/s),
carrying away the evaporated ether. The ether flow is to be that which will just keep the outer
surface of the cylinder wet with liquid (since mass-transfer rates vary about the periphery, the
cylinder will be rotated slowly to keep the surface uniformly wet). Compute the surface temperature
and the rate of ether flow, kg/s per meter of cylinder length.

Ans.; Flow rate = 9.64 X 10~ kg/s - m.

Data: The heat capacity C, for liquid ether = 2282, vapor = 1863 J /kg - K. Thermal conduc-
tivity of the vapor at 0°C = 0.0165, at 85°C = 0.0232 W/m - K. Latent heat of vaporization at
—17.8°C = 397.8, at 44°C = 391.7, at 32.2°C = 379.2 kJ/kg. Other data can be obtained from
“The Chemical Engineers’ Handbook.”



CHAPTER

FOUR
DIFFUSION IN SOLIDS

It was indicated in Chap. [ that certain of the diffusional operations such as
leaching, drying, and adsorption and membrane operations such as dialysis,
reverse osmosis, and the like involve contact of fluids with solids. In these cases,
some of the diffusion occurs in the solid phase and may proceed according to
any of several mechanisms. While in none of these is the mechanism as simple
as in the diffusion through solutions of gases and liquids, nevertheless with some
exceptions it is usually possible to describe the transfer of diffusing substance by
means of the same basic law used for fluids, Fick’s law.

FICK’S-LAW DIFFUSION

When the concentration gradient remains unchanged with passage of time, so
that the rate of diffusion is constant, Fick’s law can be applied in the form used
in Chap. 2 when the diffusivity is independent of concentration and there is no
bulk flow. Thus N, the rate of diffusion of substance A per unit cross section of
solid, is proportional to the concentration gradient in the direction of diffusion,
— dec,/dz,

NA= —DA‘—dz— (4.f)

where D, is the diffusivity of A through the solid. If D, is constant, integration
of Eq. (4.1) for diffusion through a flar slab of thickness z results in

N, = D("—_‘ﬂ @2)

which parallels the expressions obtained for fluids in a similar situation. Here

88
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¢4, and c,, are the concentrations at opposite sides of the slab. For other solid
shapes, the rate is given by

DASav(L‘?l - CAZ) (43)
with appropriate values of the average cross section for diffusion S,, to be
applied. Thus, for radial diffusion through a solid cylinder of inner and outer radii
a, and a,, respectively, and of length /,

w= N,S,, =

_ 27l(a, — a;) (4.4)

Y In(ay/ay)
and z=a, - q (4.5)
For radial diffusion through a spherical shell of inner and outer radii @, and a,,
S, = 4maa, (4.6)
z=a,— a 4.7

Hlustration 4.1 Hydrogen gas at 2 std atm, 25°C, flows through a pipe made of unvulcanized
neoprene rubber, with ID and OD 25 and 50 mm, respectively. The solubility of the hydrogen
is reported to be 0.053 cm® (STP)/cm®- atm, and the diffusivity of hydrogen through the
rubber to be 1.8 X 10~¢ cm?/s. Estimate the rate of loss of hydrogen by diffusion per meter of
pipe length.

SoLUTION At 2 std atm hydrogen pressure the solubility is 0.053(2) = 0.106 m® H, (STP)/(m>
rubber). Therefore concentration ¢,y at the inner surface of the pipe = 0.106/22.41 = 4.73 X
1073 kmol H,/m?. At the outer surface, c,, = 0, assuming the resistance to diffusion of H,
away from the surface is negligibte.

Dy=18X10""m?/s [I=1m
50 — 25

z=az—al=m=0.0l25m
Eq. (4.4):
S = s2DOO=29) __ 1435 2
B 2(1000) In (50/25)
Eq. (4.3):

_ (1.8 x 10719)(0.1133)[(4.73 x 10~3) - 0]
w= 0.0125

=7.72 X 10~ kmol H, /s for | m length

which corresponds to 5.6 X 107° g Hy/m - h. Ans.

Unsteady-State Diffusion

Since solids are not so readily transported through equipment as fluids, the
application of batch and semibatch processes and consequently unsteady-state
diffusional conditions arise much more frequently than with fluids. Even in
continuous operation, e.g., a continuous drier, the history of each solid piece as

it passes through equipment is representative of the unsteady state. These cases
are therefore of considerable importance.
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Where there is no bulk flow, and in the absence of chemical reaction, Fick’s

second law, Eq. (2.18), can be used to solve problems of unsteady-state diffusion
by integration with appropriate boundary conditions. For some simple cases,
Newman [10] has summarized the results most conveniently.

L.

Concentration

Diffusion from a slab with sealed edges. Consider a slab of thickness 2a, with
sealed edges on four sides, so that diffusion can take place only toward and
from the flat parallel faces, a cross section of which is shown in Fig. 4.1.
Suppose initially the concentration of solute throughout the slab is uniform,
cap and that the slab is immersed in a medium so that the solute will diffuse
out of the slab. Let the concentration at the surfaces be ¢, ,, invariant with
passage of time. If the diffusion were allowed to continue indefinitely, the
concentration would fall to the uniform value ¢, ., and ¢ o — ¢4 o IS 2
measure of the amount of solute removed. On the other hand, if diffusion
from the slab were stopped at time #, the distribution of solute would be
given by the curve marked ¢, which by internal diffusion would level off to
the uniform concentration ¢, , where c, , is the average concentration at
time §. The quantity c, 5 — ¢, ., is @ measure of the amount of solute still
unremoved. The fraction unremoved E is given by integration of Eq. (2.18),
E="Sfa0" ‘Aw =f(“’%0)

€Al T CA a
8 - b 2 - 2 1 - 2 2
=;§(e Dbt /4a +§e 9D0z%/4a '*‘E'Ee ZSDM/“"""):E,, (4.8)

The function is shown graphically in Fig. 4.2.

(WV:/\—/\-IT
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) 0 7] Figure 4.1 Unsteady-state dif-
Distance from center fusion in a slab.
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Flgure 4.2 Unsteady-state diffusion.

2. Diffusion from a rectangular bar with sealed ends. For a rectangular bar of
thickness 2a and width 25, with sealed ends,
D8 Db
e=s( i) = 2 “2)
3. Diffusion for a rectangular parallelepiped. For a brick-shaped bar, of dimen-
sions 2a, 2b, and 2¢, with diffusion from all six faces,

E= (W S5 - £ (4.10)

PAP

4. Diffusion from a sphere. For a sphere of radius a,

E =f'(%’-) -E (4.11)



5. Diffusion from a cylinder with sealed ends. For a cylinder of radius a, with
plane ends sealed,

E= f"(—D—f) -E (4.12)

a

6. Diffusion from a cylinder. For a cylinder of radius a and length 2¢, with
diffusion from both ends as well as from the cylindrical surface,

E =f(2§)f"(2§) - EE (4.13)
¢ a
The functions f'(D8/a® and f”(D@/a?) are also shown in Fig. 4.2.

For solid shapes where the diffusion takes place from one rather than two
opposite faces, the functions are calculated as if the thickness were twice the true
value, For example, if diffusion occurs through only one face of the flat slab of
thickness 2a, edges sealed, the calculation is made with Df/4a? The equations
can also be used for diffusion into, as well as out of, the various shapes.
Concentrations ¢ may be expressed as mass solute/volume or mass solute/mass
solid.

It is important to note that Egs. (4.8) to (4.13) and Fig. 4.2 all assume
constant diffusivity, initially uniform concentration within the solid, and con-
stancy of the edge concentration ¢, ... The last is the same as assuming (1) that
there is no resistance to diffusion in the fluid surrounding the solid and (2) that
the quantity of such fluid is so large that its concentration does not change with
time or (3) that the fluid is continuously replenished. In many instances, the
diffusional resistance within the solid is so large that the assumption of absence
of any in the fluid is quite reasonable. In any case, however, integrations of Eq.
(2.18) involving varying D {18] and the effect of added diffusional resistance [1,
3, 8, 10] have been developed. It is useful to note that Eq. (2.18) is of the same
form as Fourier’s equation for heat conduction, with molecular rather than
thermal diffusivity and concentration rather than temperature. Consequently the
lengthy catalog of solutions to the problems of heat transfer of Carslaw and
Jaeger [2] can be made applicable to diffusion by appropriate substitutions.
Crank’s book [3] deals particularly with problems of this sort for diffusion.

Diustration 4.2 A 5% agar gel containing a uniform urea concentration of 5 g/100 cm® is
molded in the form of a 3-cm cube. One face of the cube is exposed to a running supply of
fresh water, into which the urea diffuses. The other faces are protected by the mold. The
temperature is 5°C. At the end of 68 h, the average urea concentration in the gel has fallen to 3
/100 cm?. The resistance to diffusion may be considered as residing wholly within the gel, (a)
Calculate the diffusivity of the urea in the gel. () How long would it have taken for the average
concentration to fall to 1 g/100 cm?? (¢) Repeat part (5) for the case where two opposite faces
of the cube are exposed.

SOLUTION (a) ¢, can be calculated in terms of g/100 cm®. cpp =5 g/100 cm®; ¢, 4 = 3,
Ca, o = 0 since pure water was the leaching agent. a =2 = 1.5 cm; § = 68(3600) = 245 000 5.

A8 " CAe _

=06=FE
CA0 ™ €A, 00

W
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The abscissa read from Fig, 4.2, which is D8/4a? for diffusion from only one exposed face, is
0.128
D= 0.128(4)(a®) _ 0.128(4)(1.5)°
h /7] ~ 245000

=470 % 1078 cm?/s = 4,70 X 10~ ®m?/s
(b) For cs g = 1.g/100 cm®

fasZaw L_g2 DP2_.gs68 fromFig 42
CA0 ~ €A 0 5 4a
2 2
5 = O568()(@) _ 0SS _ | 187 0005 3025
D 470 % 10-6

(¢) For two opposite faces exposed, a = 1.5 cm, ¢4 4/¢cap = 0.2, and DB/a* = 0.568.

_ 0.568a% _ 0.568(1.5)°

/] =
D 4.70 X 10~

=222000s=615h

TYPES OF SOLID DIFFUSION

The structure of the solid and its interaction with the diffusing substance have a
profound influence on how diffusion occurs and on the rate of transport.

Diffusion through Polymers

In many respects, diffusion of solutes through certain types of polymeric solids
is more like diffusion through liquid solutions than any of the other solid-diffu-
sion phenomena, at least for the permanent gases as solutes. Imagine two bodies
of a gas (e.g., H,) at different pressures separated by a polymeric membrane
(e.g., polyethylene). The gas dissolves in the solid at the faces exposed to the gas
to an extent usually describable by Henry’s law, concentration directly propor-
tional to pressure. The gas then diffuses from the high- to the low-pressure side
in a manner usually described as activated: the polymeric chains are in a state of
constant thermal motion, and the diffusing molecules jump from one position to
another over a potential barrier [4, 11]. A successful jump requires that a hole or
passage of sufficient size be available, and this in turn depends on the thermal
motion of the polymer chains. The term “activated” refers to the temperature
dependence of the diffusivity, which follows an Arrhenius-type expression,

D, = Dge~Ho/RT (4.14)

where H), is the energy of activation and Dy is a constant. For simple gases, D,
is usually reasonably independent of concentration. It may, however, be a strong
function of pressure of molding the polymer [5]. For the permanent gases
diffusivities may be of the order of 107" m?/s.

Particularly for large molecules, the size and shape of the diffusing mole-
cules (as measured by molecular volume, branched as opposed to straight-chain
structure, etc.) determine the hole size required. Solvents sometimes diffuse by
plasticizing the polymerst, and consequently the rate may be very much higher

1 Plasticizers are organic compounds added to high polymers which solvate the polymer mole-
cule. This results in easier processing and a preduct of increased flexibility and toughness.



for good solvents, e.g., benzene or methyl ethyl ketone in polymeric rubbers,
than for the permanent gases. Such diffusivities are frequently strongly depen-
dent upon solute concentration in the solid. With certain oxygenated polymers,
e.g., cellulose acetate, such solutes as water, ammonia, and alcohols form
hydrogen bonds with the polymer and move from one set of bonding sites to
another. Solutes which cannot form hydrogen bonds are then excluded.

Unfortunately (because it necessarily adds complicated dimensions and
awkward units) it has become the practice to describe the diffusional character-
istics in terms of a quantity P, the permeability. Since at the two faces of a
membrane the equilibrium solubility of the gas in the polymer is directly
proportional to the pressure, Eq. (4.2) can be converted intot

D - .
v, = Asl\(.p;;] PAz) (4.15)

where ¥V, = diffusional flux, cm® gas (STP)/cm?- s
D, = diffusivity of A, cm?/s
Pa = partial pressure of diffusing gas, cmHg
s, = solubility coefficient or Henry’s law constant, cm® gas (STP)/
(cm? solid) - cmHg
z = thickness of polymeric membrane, cm
Permeability is then defined ast

P = Dys, (4.16)

where P = permeability, cm® gas (STP)/cm?- s - (cmHg/cm).

Commercial application of these principles has been made for separating
hydrogen from waste refinery gases in shell-and-tube devices which resemble in
part the common heat exchanger. However, in this use the polymeric-fiber tubes
are only 30 um OD, and there are 50 million of them in a shell roughly 0.4 m in
diameter [6].

Diustration 4.3 Calculate the rate of diffusion of carbon dioxide, CO,, through a membrane of
vulcanized rubber 1 mm thick at 25°C if the partial pressure of the CO, is 1 cmHg on one side
and zero on the other. Calculate also the permeability of the membrane for CO,. At 25°C, the
solubility coefficient is 0.90 cm® gas (STP)/cm? atm. The diffusivity is 1.1 X 10~'° m?/s.

SoLuTIoN Since | std atm = 76.0 cmHg pressure, the solubility coefficient in terms of cmHg is
0.90/76.0 = 0.01184 cm® gas (STP)/cm®- cmHg = s,. z = 0.1 ¢m, p,, = 1 cmHg, jaz = 0,
D, = (1.1 X 1071%(10* = 1.1 X 1078 cm?/s. Eq. (4.15):

y o= (LIX 10~)(0.01184)(1.0 — 0)
AT 0.1

= 0.13 x 10-%cm® (STP)/em?- 5 Ans.

+ Equations (4.15) and (4.16) are actually dimensionally consistent and may be used with any set
of consistent units. Thus if SI units are used (D = m?/s, s = m>/m®+ (N/m?), 5 = N/m? z = m,
¥ = m?/m?. g}, the units of P will be m3/m?- s - (N/m?)/m. Similarly in English engineering units
(D = f/h, 5 = {2 /i3 - (b /f1%), 5 = Ib /02, z = ft, ¥ = f13/f12- 5] the units of P will be f3/i2- s
- {(b,/Ft?)/f]. But nowhere do consistent units of any well-known system ever seem to be used,
unfortunately.
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Eq. (4.16):
P = (1.1 X 107%(0.01184) = 0.13 X 10~7 cm?® (STP) /cm?- s - (cmHg/cm)

Diffusion through Crystalline Solids

The mechanisms of diffusion vary greatly depending upon the crystalline struc-

ture and the nature of the solute [16, 17]. For crystals with lattices of cubic

symmetry, the diffusivity is isotropic, but not so for noncubic crystals. Particu-
larly, but not necessarily, in metals the principal mechanisms are the following:

1. Interstitial mechanism. Interstitial sites are places between the atoms of a
crystal lattice. Small diffusing solute atoms may pass from an interstitial site
to the next when the matrix atoms of the crystal lattice move apart tempor-
arily to provide the necessary space. Carbon diffuses through a- and y-iron in
this manner.

2. Vacancy mechanism. If lattice sites are unoccupied (vacancies), an atom in an
adjacent site may jump into such a vacancy.

3. Interstitialcy mechanism. In this case a large atom occupying an interstitial
site pushes one of its lattice neighbors into an interstitial position and moves
into the vacancy thus produced.

4. Crowd-ion mechanism. An extra atom in a chain of close-packed atoms can
displace several atoms in the line from their equilibrium position, thus
producing a diffusion flux.

5. Diffusion along grain boundaries. The diffusivity in a single-crystal metal is
always substantially smaller than that for a multicrystalline sample because
the latter has diffusion along the grain boundaries (crystal interfaces) and
dislocations.

Diffusion in Porous Solids

The solid may be in the form of a porous barrier or membrane separating two
bodies of fluid, as in the case of gaseous diffusion. Here the solute movement
may be by diffusion from one fluid body to the other by virtue of a concentra-
tion gradient, or it may be hydrodynamic as a result of a pressure difference.
Alternatively, in the case of adsorbents, catalyst pellets [13], solids to be dried,
ore particles to be leached, and the like, the solid is normally completely
surrounded by a single body of fluid, and inward and outward movement of
solute through the pores of the solid is solely by diffusion. Diffusive movement
may be within the fluid filling the pores or may also involve surface diffusion of
adsorbed solute.

The pores of the solid may be interconnected (accessible to fluid from both
ends of the pores), dead-end (connected to the outside of the solid only from one
end), or isolated (inaccessible to external fluid). The pores in most solids are
neither straight nor of constant diameter. Catalyst particles manufactured by
pressing powders containing micropores into pellets, with macropores surround-

ing the powder particles of a different order of magnitude in size, are said to be
bidisperse [19].



Diffusion, constant total pressure Imagine the pores of a solid to be all of the
same length and diameter, filled with a binary solution at constant pressure,
with a concentration gradient of the components over the length of the pores.
Then within the solution filling the pores, Eq. (2.26) for gases or Eq. (2.40) for
liquids would apply. The fluxes N, and Ny would be based upon the cross-
sectional area of the pores, and the distance would be the length of the pores /.
The ratio of fluxes N, /(N, + Ng) would, as usual, depend upon nondiffusional
matters, fixed perhaps because in leaching of a solute A the solvent B would be
nondiffusing, or fixed by the stoichiometry of a catalyzed reaction on the
surface of the pores. Since the length of the various pores and their cross-
sectional area are not constant, it is more practical to base the flux upon the
gross external surface of the membrane, pellet, or whatever the nature of the
solid, and the length upon some arbitrary but readily measured distance z such
as membrane thickness, pellet radius, and the like. Since the fluxes will be
smaller than the true values based on true fluid cross section and length, an
effective diffusivity D g ., smaller than the true D ,p, must be used, ordinarily
determined by experiment [13]. For the same type of processes in a given solid,
presumably the ratio D,/ D g . Will be constant, and once measured it can be
applied to all solutes. When Ny = 0, Egs. (4.1) to (4.13) would be expected to
apply with D,y . replacing D,.

Illustration 4.4 Porous alumina spheres, 10 mm diameter, 25% voids, were thoroughly impreg-
nated with an aqueous potassium chloride, KCl, solution, concentration 0.25 g/cm®. When
immersed in pure running water, the spheres lost 90% of their salt content in 4.75 h. The
temperature was 25°C. At this temperature the average diffusivity of KCl in water over the
indicated concentration range is 1.84 X 10~% m?/s.

Estimate the time for removal of 90% of the dissolved solute if the spheres had been
impregnated with potassium chromate, K,CrO,, solution at a concentration 0.28 g/cm?, when
immersed in a running stream of water containing 0.02 g K,CrO,/cm?>. The average diffusivity
of K,CrO, in water at 25°C is 1.14 X 107% m?/s.

Sorution For these spheres, a = 0,005 m, and for the KCl diffusion, 8§ = 4.75(3600) =
17 000 s. When the spheres are surrounded by pure water, the ultimate concentration in the

spheres ¢, o, = 0.

fA8 ” A _ 0] for 90% removal of KCI
CAD ™ CA

From Fig. 4.2, D.; 8/a* = 0.18, where Dy, is the effective diffusivity.

2 2
D, = %182 _ 018000 _ 5 5 1910 2/

8 17 000
1.84 x 10~°
Dre/ D=3 g5 07w~ 630

For the K,CrOy diffusion, cxo = 0.28, ¢, ., = 0.02, and c, ¢ = 0.1(0.28) = 0.028 g/cm>.

E= €A 0 " CA oo 0.028 — 0.02

o tne - 0m—D02 _OBB=E
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Fig.4.2:
De,,% =030
a
T Dup L14% 100 10,72
Der = G043 =~ goaz = 162X 1070/
2
g = 2304 - 030(0.005)" =45700s = 127h Ans.

Dyr  1642x 10°10

In steady-state diffusion of gases, there are two types of diffusive movement,
depending on the ratio of pore diameter 4 to the mean free path of the gas
molecules A. If the ratio d/A is greater than approximately 20, ordinary molecu-
lar diffusion predominates and

Na D53, errPrl No/ (No+ Ng) = yas
No+ Ny RIz N,/ (N4 + Ng) — yu

D g, o like D4, varies inversely as p, and approximately directly as 73/2 (see
Chap. 2). If, however, the pore diameter and the gas pressure are such that the
molecular mean free path is relatively large, d/A less than about 0.2, the rate of
diffusion is governed by the collisions of the gas molecules with the pore walls
and follows Knudsen’s law. Since molecular collisions are unimportant under
these conditions, each gas diffuses independently. In a straight circular pore of
diameter 4 and length /

N, = (2.26)

d i,
where u, is the mean molecular velocity of A. Since the kinetic theory of gases
provides
8g RT\'/?
Uy = ( oM, ) (4.18)
. 8g.RT 172 d _ _ DK, A(ﬁ)\l - ﬁAz)
we have NA—( v ) W(Pm —pM)—T (4.19)

where Dy , is the Knudsen diffusion coefficient

d ( 8gERT) 172

Dy o=~
ka3 oM,

(4.20)

Since normally 4 is not constant and the true / is unknown, / in Eq. (4.19) is
ordinarily replaced by z, the membrane thickness, and Dy , by Dg o o the
effective Knudsen diffusivity, which is determined by experiment. Dy 5 . is
independent of pressure and varies as (7/M)'/2 For binary gas mixtures,

% = ( Zﬁ) (4.21)



In addition, for a given solid [15}, Dag o1/ Di. a.ett = Dan/ Dx, o- The mean free
path A can be estimated from the relation

_32p( RT \* . \
A= P, (27’ch) (“22)

In the range d/A from roughly 0.2 to 20, a transition range, both molecular
and Knudsen diffusion have influence, and the flux is given by [7, 12, 15}

NA ( DAB eff)
1+ : -y
Na D g, et P Ny + Ny Dy a et A2

" N.+N, RT: " N, e
1+ : — Va1

Nyo+ Ny Dy a,eit
It has been shown [15] that Eq. (4.23) reverts to Eq. (2.26) for conditions under
which molecular diffusion prevails (Dg o o 3> Dap, o) and to Eq. (4.19) when
Knudsen diffusion prevails (D ,p, s > Di, a. o). Further, for open-ended pores,

Eq. (4.21) applies throughout the transition range for solids whose pore diame-
ters are of the order of 10 um or less.

N, (4.23)

Hlustration 4.5 The effective diffusivities for passage of hydrogen and nitrogen at 20°C through
a 2-mm-thick piece of unglazed porcelain were measured by determining the countercurrent
diffusion fluxes at 1.0 and 0.01 std atm pressure [15). Equation (4.23), solved simultaneously for
the two measurements, provided the diffusivities, Dy, , o = 5.3 X 1076 m?/s at 1.0 std atm
and Dy y, e = 1.17 X 10~% m®/s. Estimate (a) the equivalent pore diameter of the solid and
(b) the diffusion fluxes for O,~N, mixtures at a total pressure of 0.1 std atm, 20°C, with mole
fractions of O, = 0.8 and 0.2 on either side of the porcelain.

SOLUTION (a) Dy,_y, at 20°C, 1 std atm = 7.63 X 10~% m?/s. Therefore D,/ Doy = (7.63 X
10~%)/(5.3 % 1075 = 14.4. Since this ratio is strictly a matter of the geometry of the solid, it
should apply to all gas mixtures at any condition. Therefore Dy, q, = (1.17 X 1075)(14.4) =
1.684 X 10~* m®/s. From Eq. (4.20)

7My, \03 - 2(202) 1%
d=3Dy u,(m) = 3(1.684 x 10 ‘)[ BT (&314)(293)

=288 X 1077 m = 0288 pm  Ans.
(b) Let A = O,, B = N,. Table 2.1: D,p, STP = 1.81 X 10~ m?/s. Therefore at 0.1 std

atm, 20°C,
Dap = 1.81 X 10-56%(%3—;)"5 =201 X 107 m2/s
Dyg.ert = ﬂ%g-—‘ = 1396 X 1075 m?/s
Eq. (4.20):
Dy, a = Dy, H,(%’f)w = 1.684 X m-‘(%g—z)o's =423 X 10~ m?/s
Dy petr = i%——s =294 X 107 m?/s

T Equation (4.23) is known as the “dusty gas” equation because a porous medium consisting of a
random grouping of spheres in space was used as a model for its derivation.
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Since the equivalent pore diameter is less than 10 pm, Eq. (4.21) will apply.

0.5 0.5
No_ _(Ma =_(£) = —1.069
N, Mg 28.02
NA - 1 _ ] =
No+Ng T+ Ng/Ny 1-1069

Yar =08, ya =02, p=10133 N/m% z=0002 m, Dup /Dy aenr = (139 X
10-%)/(2.94 X 10%) = 4.75. Eq. (4.23):

N —14.49(1.396 x 10~°)(10 133) = 1449(1 + 4.75) ~
0, = 8314(293)(0.002) —1449(1 + 4.75) — 0.8

= 3.0l X 10~¢ kmol/m?- s
Ny, = (3.01 X 107%)(~1.069) = ~3.22 x 107¢ kmol/m?- s Ans,

- 14.49

Knudsen diffusion is not known for liquids, but important reductions in
diffusion rates occur when the molecular size of the diffusing solute becomes
significant relative to the pore size of the solid [14}.

Surface diffusion is a phenomenon accompanying adsorption of solutes onto
the surface of the pores of the solid. It is an activated diffusion [see Eq. (4.14)],
involving the jumping of adsorbed molecules from one adsorption site to
another. It can be described by a two-dimensional analog of Fick’s law, with
surface concentration expressed, for example, as mol/area instead of mol/
volume. Surface diffusivities are typically of the order of 1077 to 107° m?/s at
ordinary temperatures for physically adsorbed gases [13] (see Chap. 11). For
liquid solutions in adsorbent resin particles, surface diffusivities may be of the
order of 107'2 m?/s [9].

Hydrodynamic flow of gases If there is a difference in absolute pressure across a
porous solid, a hydrodynamic flow of gas through the solid will occur. Consider
a solid consisting of uniform straight capillary tubes of diameter 4 and length /
reaching from the high- to low-pressure side. At ordinary pressures, the flow of
gas in the capillaries may be either laminar or turbulent, depending upon
whether the Reynolds number 4 up/p is below or above 2100. For present
purposes, where velocities are small, flow will be laminar. For a single gas, this
can be described by Poiseuille’s law for a compressible fluid obeying the ideal
gas law

d%,
NA 32]JJRTPI av(ptl prZ) (4'24)
where Pray = @ (4.25)

This assumes that the entire pressure difference is the result of friction in the
pores and ignores entrance and exit losses and kinetic-energy effects, which is
satisfactory for present purposes. Since the pores are neither straight nor of
constant diameter, just as with diffusive flow it is best to base ¥, on the gross
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external cross section of the solid and write Eq. (4.24) ast

k
Ny= ﬁl’z. (P — Pp) (4.26)

If conditions of pore diameter and pressure occur for which Knudsen flow
prevails (d/\ < 0.2), the flow will be described by Knudsen’s law, Egs. (4.17) to
(4.20). There will be of course a range of conditions for a transition from
hydrodynamic to Knudsen flow. If the gas is a mixture with different composi-
tions and different total pressure on either side of the porous solid, the flow may
be a combination of hydrodynamic, Knudsen, and diffusive. Younquist [20]
reviews these problems.

Ilustration 4.6 A porous carbon diaphragm 1 in (25.4 mm) thick of average pore diameter 0.01
cm permitted the flow of nitrogen at the rate of 9.0 ft> (measured at | std atm, 80°F)/ft*- min
(0.0457 m?/m?- s, 26.7°C) with a pressure difference across the diaphragm of 2 inH,0 (50.8
mmH,0). The temperature was 80°F and the downstream pressure 0.1 std atm. Calculate the
flow to be expected at 250°F (121°C) with the same pressure difference.

SoLuTIoN The viscosity of nitrogen = 1.8 X 1075 kg/m - s at 26.7°C (300 K). At 0.1 std atm,
pr = 10 133 N/m? My, = 28.02. Eq. (4.22):

Ao32u( RT % 32(1.8 X 10-9) T _8314(300) 1**
P \ 2mg M 10133 2x(1)(28.02)
=677X 107" m
With d = 1074 m, d/A = 148, Knudsen flow will not occur, and Poiseuille’s law, Eq. (4.26),
applies and will be used to calculate k. N, flow corresponding to 9.0 f3/ft* - min at 300 K, 1
std atm = 0.0457 m*/m?- s or
m 1
300 22.41

0.0457 = 1.856 X 10~ kmol/m?-s = N,

. 33
P = o= (inH,0) 335 = 498 N/m?

Prne = 10133 + 28 = 1038 N/m?

2
Eq. (4.26):
—_ NARTz (1856 x 10~%)(8314)(300)(0.0254)
PrakPiy = P) 10 382(498)
=227 % 10~° m“/N .5

At 250°F (121°C = 393 K), the viscosity of nitrogen = 2.2 X 1075 kg/m - s. This results
in 2 new k [Eq. (4.24)):

-5 -5
koo QAT XIODUBXI0TY o5y 5 10-5me/N -5
22 %1073
Eq. (4.26):
Npy=

(1.857 x_10~5)(10 382)(498)
8314(393)(0.0254)

= 7.35 £t* /f> - min, measured at 121°C, 1 std atm  Ans.

= 1.157 X 1073 kmol/m?- 5

1 Equation (4.26) is sometimes written in terms of volume rate V of gas flow at the average
pressure per unit cross section of the solid and a permeability P

P aPn = Pi2)
_p,‘"V- 1A z‘l 12.
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NOTATION FOR CHAPTER 4

Any consistent set of units may be used, except as noted.

a one-half thickness; radius, L
b one-half width, L
¢ concentration, mole /L3
one-half length, L
d pore diameter, L
differential operator
D molecular diffusivity, L2/ [in Egs. (4.15) to (4.16), cm?/s]

Dy effective diffusivity, 12/6

Dy Knudsen diffusivity, L*/6

E fraction of solute removal, dimensionless

L f,S" functions

conversion factor, ML/F&?

energy of activation, FL/mole

const, L*/F©

length, pore length, L

molecular weight, M/mole

molar flux, mole/L*®

partial pressure, F/L? [in Eq. (4.15), cmHg]}

total pressure, F/L?

permeability, L3 /L*8{(F /L*) /L] [in Eq. (4.16), cm® gas (STP)/cm?- s - (cmHg/cm))
universal gas constant, FL/mole T

solubility coefficient or Henry's-law constant, L3 /L3(F/L?) [in Egs. (4.15) to (4.16), cm®
gas (STP) cm’ - (cmHg)]

cross-sectional area, L?

absolute temperature, T

average velocity, L/©

mean molecular velocity, L/8

flux of diffusion, 13/L28 [in Eq. (4.15), cm® gas (STP)/cm?- )
rate of diffusion, mole /8

concentration, mole fraction

thickness of membrane or pellet, L

distance in direction of diffusion, L

time, ©

molecular mean free path, L

viscosity, M/L8

3.1416

density, M/L?

Subscripts

av average
A B components A, B

[} at time

0 initial (at time zero)

1,2 positions 1, 2

) at time oo; at equilibrium

=p

Me T qRIR g0 “:u'w,'_gw;z;:~a~

T J g D
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PROBLEMS

4.1 Removal of soybean oil impregnating a porous clay by contact with a solvent for the oil has
been shown to be a matter of internal diffusion of the oil through the solid [Boucher, Brier, and
Osburn, Trans, AIChE, 38, 967 (1942)]. Such a clay plate, ¢ in thick, 1.80 in long, and 1.08 in wide
(1.588 by 45.7 by 27.4 mm), thin edges sealed, was impregnated with soybean oil to a uniform
concentration 0.229 kg oil/kg dry clay. It was immersed in a flowing stream of pure tetra-
chloroethylene at 120°F (49°C), whereupon the oil content of the plate was reduced to 0.048 kg
oil/kg dry clay in 1 h. The resistance to diffusion may be taken as residing wholly within the plate,
and the final oil content of the clay may be taken as zero when contacted with pure solvent for an
infinite time.

(a) Calculate the effective diffusivity.

(5) A cylinder of the same clay 0.5 in (12.7 mm) diameter, | in (25.4 mm) long, contains an
initial uniform concentration of 0.17 kg oil/kg clay. When immersed in a flowing stream of pure
tetrachloroethylene at 49°C, to what concentration will the oil content fall in 10 h? Aws.: 0.0748.

() Recalculate part (b) for the cases where only one end of the cylinder is sealed and where
neither end is sealed.

(d) How long will it take for the concentration to fall to 0.01 kg oil /kg clay for the cylinder of
part (b) with neither end sealed? Ans.: 41 h.

4.2 A slab of clay, like that used to make brick, 50 mm thick, was dried from both flat surfaces with
the four thin edges scaled, by exposure to dry air. The initial uniform moisture content was 15%. The
drying took place by internal diffusion of the liquid water to the surface, followed by evaporation at
the surface. The diffusivity may be assumed to be constant with varying water concentration and
uniform in all directions. The surface moisture content was 3%. In 5 h the average moisture content
had fallen to 10.2%.

(a) Calculate the effective diffusivity.

(b) Under the same drying conditions, how much longer would it have taken to reduce the
average water content to 6%?

(¢) How long would be required to dry a sphere of 150 mm radius from 15 to 6% under the
same drying conditions?

(d) How long would be required to dry a cylinder 0.333 m long by 150 mm diameter, drying
from all surfaces, to a moisture content of 6%? Ans.: 47.5 h.
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4.3 A spherical vessel of steel walls 2 mm thick 15 to contain 1 I of pure hydrogen at an absolute
pressure of 1.3 X 10°* N/m? (189 Ib,/in?) and temperature 300°C. The internal surface will be at the
saturation concentration of hydrogen; the outer surface will be maintained at zero hydrogen content.
The solubility is proportional to p/?, where p, is the hydrogen pressure; and at I std atm, 300°C, the
solubility is | ppm (parts per million) by weight. At 300°C, the diffusivity of hydrogen in the
steel = 5 X 10719 m2/s. The steel density is 7500 kg/m> (468 1b/ft*).

(a) Calculate the rate of loss of hydrogen when the internal pressure is maintained at 1.3 X 108
N/m?, expressed as kg/h.

(b) If no hydrogen is admitted to the vessel, how long will be required for the internal pressure

to fall to one-half its original value? Assume the linear concentration gradient in the steel is always
maintained and the hydrogen follows the ideal-gas law at prevailing pressures. Ans.: 7.8 h.
4.4 An unglazed porcelain plate 5 mm thick has an average pore diameter of 0.2 um. Pure oxygen
gas at an absolute pressure of 20 mmHg, 100°C, on one side of the plate passed through at a rate
0.093 cm® (at 20 mmHg, 100°C)/cm? - s when the pressure on the downstream side was so low as to
be considered negligible. Estimate the rate of passage of hydrogen gas at 25°C and a pressure of 10
mmHg abs, with a negligible downstream pressure. Ans.: 1.78 X 10~ kmol/m?- s.



CHAPTER

FIVE
INTERPHASE MASS TRANSFER

Thus far we have considered only the diffusion of substances within a single
phase. In most of the mass-transfer operations, however, two insoluble phases
are brought into contact in order to permit transfer of constituent substances
between them. Therefore we are now concerned with the simultaneous applica-
tion of the diffusional mechanism for each phase to the combined system. We
have seen that the rate of diffusion within each phase is dependent upon the
concentration gradient existing within it. At the same time the concentration
gradients of the two-phase system are indicative of the departure from
equilibrium which exists between the phases. Should eguilibrium be estahlished,
the concentration gradients and_hence the rate of diffusion will fall to zero. It is
necessary, therefore, to consider both the diffusional phenomena and the
equilibria in order to describe the various situations fully.

EQUILIBRIUM
S/

It is convenient first to consider the equilibrium characteristics of a particular
operation and then to generalize the result for others. As an example, consider
the gas-absorption operation which occurs when ammonia is dissolved from an
ammonia-air mixture by liquid water. Suppose a fixed amount of liquid water is
placed in a closed container together with a gaseous mixture of ammonia and
air, the whole arranged so that the system can be maintained at constant
temperature and pressure. Since ammonia is very soluble in water, some
ammonia molecules will instantly transfer from the gas into the liquid, crossing
the interfacial surface separating the two phases. A portion of the ammonia

104
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molecules escapes back into the gas, at a rate praportional to their_concentration
in the liguid. As more ammonia enters the liquid, with consequent increase in
concentration within the liquid, the rate at which ammonia returns to_the gas.
increases, until eventually the rate at which it enters-the liquid exactly equals
that_at which it leaves. At the same time, through the mechanism of diffusion,
the concentrations thronghout each phase become.nniform. A dynamic
equilibrium now exists, and while ammonia molecules continue to transfer back
and forth from one phase to the other, the net transfer falls to zero. The
concentrations within each phase no longer change. To the observer who cannot
see the individual molecules the diffusion has apparently stopped.

If we now inject additional ammonia into the container, a new set of
equilibrium concentrations will eventually be established, with higher concentra-
tions in each phase than were at first obtained. In this manner we can eventually
obtain the complete relationship between the equilibrium concentrations in both
phases. If the ammonia is designated as substance A, the equilibrium concentra-
tions in the gas and liquid, y, and x, mole fractions, respectively, give rise to an
equilibrium-distribution curve of the type shown in Fig. 5.1. This curve results
irrespective of the amounts of water and air that we start with and is influenced
only by the conditions, such as temperature and pressure, imposed upon the
three-component system. It is important to note that at equilibrium the con-
centrations.in_the two phases are not equal; instead the chemical potential of the
ammonia is the same in both phases, and it will be recalled (Chap. 2) that it is
equality of chemical potentials, not concentrations, which causes the net transfer
of solute to stop.

The curve of Fig. 5.1 does not of course show all the equilibrium concentra-
tions existing within the system. For example, the water will partially vaporize
into the gas phase, the components of the air will also dissolve to a small extent
in the liquid, and equilibrium concentrations for these substances will also be
established. For the moment we need not consider these equilibria, since they
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are of minor importance to the discussion at hand. Obviously also, concentra-
tion. units other. than mole fractions may be used to.describe.the.equilibria.

Generally speaking, whenever a substance is distributed between two insolu-
ble phases, a dynamic equilibrium of this type can be established. The various
equilibria are peculiar to the particular system considered. For example, replace-
ment of the water in the example considered above with another liquid such as
benzene or with a solid adsorbent such as activated carbon or replacement of
the ammonia with another solute such as sulfur dioxide will each result in new
curves not at all related to the first. The equilibrium resulting for a two-liquid-
phase system bears no relation to that for a liquid-solid system. A discussion of
the characteristic shapes of the equilibrium curves for the various situations and
the influence of conditions such as temperature and pressure must be left for the
studies of the individual unit operations. Nevertheless the following principles
are common to all systems involving the distribution of substances between two
insoluble phases:

1. At a fixed set of conditions, referring to temperature and pressure, there
exists a set of equilibrium relationships which can be shown graphically in the
form of an equilibrium-distribution curve for each distributed substance by
plotting the equilibrium concentrations of the substance in the two phases
against each other.

2. For a system_in_equilibrium, there is no net diffusion of the components
between the phases.

3. For a system not in equilibrium, diffusion of the_components between the
phases will accur so as to bring the_system. to.a condition.of.equilibrium. If
sufficient time is available, equilibrium_concentrations will eventually prevail.

DIFFUSION BETWEEN PHASES

Having established that departure.from equilibrium provides the driving. force.
for diffusion, we can now study the rates of diffusion in terms of the driving
forces. Many of the mass-transfer operations are carried out in steady-flow
fashion, with continuous and invariant flow of the contacted phases and under
circumstances such that concentrations at any position in the equipment used do
not change with time. It will be convenient to use one of these as an example
with which to establish the principles and to generalize respecting other opera-
tions later. For this purpose, let us consider the absorption of a soluble gas such
as ammonia (substance A) from a mixture such as air and ammonia, by liquid
water as the absorbent, in one of the simplest of apparatus, the wetted-wall
tower previously described in Chap. 3 (Fig. 3.11). The ammonia-air mixture may
enter at the bottom and flow upward while the water flows downward around
the inside of the pipe. The gas mixture changes its composition from a high- to a
low-solute concentration as it flows upward, while the water dissolves the
ammonia and leaves at the bottom as an aqueous ammonia solution. Under
steady-state conditions, the concentrations at any point in the apparatus do not
change with passage of time.
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%I Two-Phase Mass Transfer

Let us investigate the situation at a particular level along the tower, e.g., at a
point midway between top and bottom. Since the solute is diffusing from the gas
phase into the liquid, there must be a concentration gradient in the direction of
mass_transfer within each phase. This can be shown graphically in terms of the
distance through the phases, as in Fig. 5.2, where a section through the two
phases in contact is shown. It will be_ assumed that no chemical reaction occurs.
The concentration of A in the main body of the gas is y, s mole fraction, and it
falls to y, ; at the interface. In the liquid, the concentration falls from x, ; at the .
interface to x, , in the bulk liquid. The bulk concentrations y, . and x, ; are
clearly not equilibrium values, since otherwise diffusion of the solute wouid nat
ocenr. At the same time, these bulk concentrations cannot be used directly with
a mass-transfer coefficient to describe the rate of interphase mass transfer, since
the two concentrations are differently related to the chemical potential, which is
the real “driving force” of mass transfer.

To get around this problem, Lewis and Whitman [8, 17] assumed that the
anly diffusional resistances are those residing in the fluids themselves. There is
then no-resistance to solute-transfér across the interface separating the_phases,
and as a result the concentrations yeand-x, ; are equilibrium-values, given by
the system’s equilibrium-distribution curve.t

The reliability of this theory has been the subject of a great amount of
study. A careful review of the results indicates that departure from concentra-
tion equilibrium at the interface must be a rarity. It has been shown theoretically
[11] that departure from equilibrium can be expected if mass-transfer rates are
very high, much higher than are likely to be encountered in any practical
situation. Carefnl measurements of real sitnations when dnterfaces are_clean and
conditions.carefully controlled {4, 12] verify the validity of the assumption.

Unexpectedly large and small transfer rates between two phases nevertheless
occur, and these have frequently been incorrectly. attributed to departure from
the equilibrium_assnmption. For example, the heat of transfer of a solute,

t This has been called the “two-film theory,” improperly so.because it is not related to, or
dependent upon, the film theory of mass-transfer coefficients described in Chap. 3. A more
appropriate name would be the “two-resistance theory.”
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resulting from a difference in the heats of solution in the two phases, will either
raise or lower the_interface temperature relative to the bulk-phase temperature
[13), and the equilibrium distribution at the_interface will then_differ from that
which can be assumed for the bulk-phase_temperature. Because of unexpected
phenomena near the interface in one or both of the contacted phases (caused by
the presence of surfactants and the like) there may be a departure of the transfer .
rates from the_expected values which may improperly be attributed to_departure
from_equilibrinm_at._the_interface. These matters will be considered later.
Consequently, in ordinary situations the interfacial concentrations of Fig. 5.2 are
those corresponding to a.point.on the_equilibrium-distribution curve.

Referring again to Fig. 5.2, it is clear that the .concentration rise at the
interface, from y,_; to_x,_;, is-not_a barrier to_diffusion in the direction gas_to
liquid. They are equilibrium concentrations and hence correspond.-to_equal
chemical potentials of substance A in both.phases at the interface.

The various concentrations can also be shown graphically, as in Fig. 5.3,
whose coordinates are those of the equilibrium-distribution curve. Point P
represents the two bulk-phase concentrations and point M those at the interface.
For steady-state mass transfer, the rate at which A reaches the interface from
the gas must equal that at which it diffuses to the bulk liquid, so.that no
accumulation or depletion of A _at the interface occurs. We can therefore write
the flux of A in terms of the mass-transfer coefficients for each phase and the
concentration changes appropriate to each (the development will be done in
terms of the k-type coefficients, since this is simpler, and the results for F-type
coefficients will be indicated later). Thus, when k, and k, are the locally
applicable coefficients, 1.qn¢ R WG a v )

Ny= ky(};A.G _)jA.i) = kx(xA‘i = Xa, L) (5.1)

and the differences in y’s or x"s are considered the.driving farces for the mass
transfer. Rearrangement as

Yac A _ k

-l (5.2)
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provides the slope of the line PM. If the mass-transfer coefficients are known,
the interfacial concentrations and hence the flux N, can be determined, either
graphically by plotting the line PM or analytically by solving Eq. (5.2) with an
algebraic expression for the equilibrium-distribution curve,

Ya.i =f(xA,i)

_l,nc/al Overall Mass-Transfer Coefficients

In experimental determinations of the rate of mass transfer, it is usually possible
to determine the solute concentrations in the bulk of the fluids by sampling and
analyzing. Successful sampling of the fluids at the_interface, however, is ordin-
arity impossible, since the greatest part of the concentration differences, such as
Ya c — Va i takes place over extremely small distances. Any ordinary sampling
device will be so large in comparison with this distance that it is impossible to

get close enongh to the interface. Sampling and analyzing, then, will provide

ya_cand x, , but not
effect,

(5.3)

and x, ;. Under these circumstances, only an overall
in terms of the bulk concentrations, can be deterruned. The bulk

concentrations are, however, not by_themselves on the same basis in_terms. of
chemical potential.

Consider the situation shown in Fig. 5.4. Since the equilibrium-distribution

curve for the systemr is_unique at fixed temperature and pressure, thenaly in

equitibrivumeswith Koy
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, is as good a measure of x, , as x, , itself, and moreover

it is on the same basns as y, . The entire two-phase mass-transfer effect can
then be measured in terms of an overall mass-transfer coefficient K,
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where m’' is the slope of the chord CM. Substituting for the concentration
differences the equivalents (flux /coefficient) as given by Egs. (5.1) and (5.4)
gives

N, N, mN,
- =" 5.6
K~ TR ¢o
1 m
overnfy ST BTV L 5.7
or g5t el Ky k, + kx‘! ( )

This shows that the relationship between the individual-phase transfer
coefficients and the overall coefficient takes the form of addition of resistances
(hence “two-resistance” theory). In similar fashion, x} is a measure of y,  and

can be used to define another overall coefficient K,
Ny = K.(xX — x4 1) (5.8)

and it is readily shown that

(5.9)

where m” is the slope of the chord MD in Fxg 5.4. Equations (5.7) and (5.9) lead
to the following relationships between the mass-transfer resistances:

Resistance in gas phase _ 1/ k, (5.10)
Total resistance, both phases /K, '

Resistance in liquid phase _ 1/, (5.11)
Total resistance, both phases  1/K, )

Assuming that the numerical values of k. and k, are ronghly the same, the
importance of the slope of the equilibrium-curve chords can readily be demon-
strated. If m’ is small (equilibrium-distribution curve very_flat), so that at
equilibrium only a small concentration of A in the.gas will provide a .very.large
concentration in the liquid (solute_ A is very.soluble in the.liquid), the term
[k, of Eq. (5.7) becomes minor, the major. resistance is represented by 1/£,,
and it is said that the rate of mass._transfer is gas-phase-controlled. In the
extreme, this becomes

(5.12)

or Yac ~YERYAG = YA (5.13)

Under such circumstances, even fairly large percentage changes in &k, will not
significantly affect K, and efforts to increase the rate of mass.transfer would
best be directed toward decreasing the gas-phase. resistance. Conversely, when
m”_is.very.large (solute. A relatively. insoluble in the liquid), with &, and k,
nearly equal, the first term on the right of Eq. (5.9) becomes_minor and the
major_resistance to mass_transfer resides within_the liquid, which is then said to
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control the rate. Ultimately, this becomes

1 1

— 14

o (5.14)
XA T XA LRI XA, T Xa L (5.15)

In such cases efforts to effect large changes in the rate of mass transfer are best
directed ta_conditions influencing the liquid coefficient k . For cases where &,
and k, are not nearly equal, Fig. 5.4 shows that it will be the relative size of the
ratio k./k, and of m’ (or m”) which will .determine the location of the
controlling mass-transfer resistance.

It is sometimes useful to note that the effect of temperature is much larger
for liguid-mass-transfer coefficients than for thase for gases (see Prob. 3.7, for
example). Consequently a large effect of temperature on the overall coefficient,
when it is determined experimentally, is usually a fairly clear indication that the
controlling mass-transfer resistance is in the liquid phase.

For purposes of establishing the nature of the two-resistance theory and the
overall coefficient concept, gas absorption was chosen as an example. The
principles are applicable to any of the mass-transfer operations, however, and
can be applied in terms of k-type coefficients using any concentration units, as
listed in Table 3.1 (the F-type coefficients are considered separately below). For
each case, the values of m’ and m” must be appropriately defined and used
consistently with the coefficients. Thus, if the generalized phases are termed E
(with concentrations expressed as i) and R (with concentrations expressed as /),

L kL o (5.16)
E E R
1 1 1
?R- = ke, + k_R (517)
m = 'IA‘: _."/‘\ m = i»;s v.iA,i (5.18)
JA s T /AR JA ~Jai
R=SUnd) _ine=SUD (619

where f is the equilibrium-distribution function.’

Local Coefficients—General Case

When we deal with situations which do_not involve either diffusion of only one
substance or eguimalar counterdiffusion, or if mass-transfer rates are large, the
E-type caoefficients should bhe used. The general approach is the same, although
the resulting expressions are more cumbersome than those developed above.
Thus, in a situation like that shown in Figs. 5.2 to 5.4, the mass-transfer flux is

N NA/EN—=y,, N NA/ZN — x
N, ==2F |nAL=" ZAL_ A A AL
TSN N SN = e SN hl,f!a/,zf"’,,,—_ Xai 520

where F; and F, are the gas- and liquid-phase coefficients for substance A and



ZN =N, + N+ N + - - - . Equation (5.20) then becomes [5]

N,/ZN YA _ (NA/EN — xA.L)FL/FG
NA/EN_»VA.G N,/EN - Xa,i

The interfacial compositions y, ; and x, ; can be found by plotting Eq. (5.21)
(with y, ; replaced by y, and x, ; by x,) on the distribution diagram (Fig. 5.3)
and determining the intersection of the resulting curve with the distribution
curve. This is, in general, a trial-and-error procedure, since N, /SN may not be
known, and must be done in conjunction with Eq. (5.20). In the special cases for
diffusion only of A and of equimolar counterdiffusion in two-components
phases, no trial and error is required.
We can also define the overall coefficients F,; and F),, as

(5.21)

NA NL./EN - yi _ Ny NA/EN xAL

By a procedure similar to that used for the K’s, it can be shown that the overall
and individual phase F’s are related:

A _ Ny
‘”‘"[ (Nu/EN)Foq ] - """[ (NA/EN)FGJ
N./ZN — x“[l_exp[_ N, ”

NA/EN = ya ¢ (No/EN)F,
(5.23)
- N — L /EN —yac _ N,
exp[ - (NA/E?V)FOL} R (NA/ZN = xA.L) {I °""[ (NA/EN)FdG”
texp| ~ N TS /1\2/,}‘,) FL] | (5.24)

where exp Z means eZ. These fortunately simplify for the two important special
cases:

1. Diffusion of one component (ZN = N,, Ny/ZN = 1.0)t

1 -
eNa/Foc = gNalFs 4 m l——Az(l e~ Na/Fy) (5.25)
Ya
e—NA/FOL - _1.;. : ‘ZA G(l NA/FG) + e"NA/FL (526)
T XAl

{ Equations (5.25) and (5.26) can also be written in the following forms:

1 L A=y ), (1= x0)u
_— = 5.25
Foc  Fo (1 =ya)y  Frl=ppep (5.25a)
1 1 (l - }’A)i).l 1 (- xA.)iM
—_—= - 5.26
For  mFg (1= x)ep + Fr (1= Xa)ers (5.264)
where (1 = y4)ipe = logarithmic meanof 1 — y, gand 1 — y, ;

(1 = Ya)sp = logarithmic meanof 1 — yp, gand I — y%
(1 — x)p = logarithmic mean of 1 — x, , and 1 — x, ;
(1 — xa)sp, = logarithmic mean of 1 — x, , and 1 — x3
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2. Eguimolar counterdiffusion: [S.N = 0 (F; = k), F; = k)]

1 1 m’
11y 527
Foo Fg Fp G27)
1,1 (5.28)

F,y, m'F; F,

Use of Local Overall Coefficients

The concept of overall mass-transfer coefficients is in many ways similar to that
of overall heat-transfer coefficients in heat-exchanger design. And, as is the
practice in heat transfer, the overall coefficients of mass transfer. are frequently
synthesized through the relationships developed above from the individual
coefficients for the separate phases. These can be taken, for example, from the
correlations of Chap. 3 or from those developed in later chapters for specific
types of mass-transfer equipment. It is important to recognize the limitations
inherent in this procedure [6]. '

The hydrodynamic circumstances must be the same as those for which the
correlations were developed. Especially in the case of two fluids, where motion
in one may influence motion in the other, the individual correlations may make
inadequate allowances for the effect on the transfer coefficients. There are,
however, other important effects. Sometimes the transfer of a solute, e.g., the
transfer of ethyl ether from water into air, results in large interfacial-tension
gradients at the interface, and these in turn may result in an astonishingly rapid
-motion of the liquid at the interface (interfacial turbulence. or Marangoni effecr)
{10]. In such a case the bulk-phase Reynolds numbers used in Chap. 3.no longer
represent the turbulence level at the interface, and the mass-transfer rates are
likely to be substantially larger than expected. In other cases, surface-active
agents_in a liguid, even when at extraordinarily low average concentrations, are
_concentrated at the interface, where they may (1) partly block the_interface to
solute transfer [15], (2) make the intetrfacial liquid layers_more rigid [1], or (3)
interact with_a_transferring solute [3]. In any case, the_mass-transfer_rates are
reduced.

The mere presence of a mass-transfer resistance in one phase must have no
influence on that in the other: the resistances must not interact, in other words.
This may be important, since the individual-phase coefficient correlations are
frequently developed under conditions where mass-transfer resistance in the
second phase is nil, as when the second phase is a pure substance. The analysis
of such situations i1s dependent upon the mechanism assumed for mass transfer
(film, surface-renewal, etc., theories), and has been incompletely developed.

Average Overall Coefficients

As will be shown, in practical mass-transfer apparatus the bulk concentrations
in the contacted phases normally vary considerably from place to place, so that
a point such as P in Figs. 5.3 and 5.4 is just one of an infinite number which
forms a curve on these figures. Thus, in the countercurrent wetted-wall gas



absorber considered earlier, the solute concentrations in both fluids are small at
the top and large at the bottom. In such situations, we can speak of an average
overall coefficient applicable to the entire device. Such an average coefficient
can be synthesized from constituent individual-phase coefficients by the same
equations as developed above for local overall coefficients only, provided the
quantity m'kg/ky (or m”kg/kg) remains everywhere constant [6]. Of course,
variations in values of the coefficients and slope m’ may occur in such a way
that they are self-compensating. But in practice, since average phase coefficients,
assumed constant for the entire apparatus, are the only ones usually available,
average overall coefficients generally will have meaning only when m’ = m” =
const, in other words, for cases of straight-line equilibrium-distribution curves.
Obviously, also, the same hydrodynamic regime must exist throughout the
apparatus for an average overall coefficient to have meaning.

THustration 5.1 A wetted-wall absorption tower, 1 in (2.54 cm) ID, is fed with water as the wall
liquid and an ammonia-air mixture as the central-core gas. At a particular level in the tower,
the ammonia concentration in the bulk gas is 0.80 mole fraction, that in the bulk liquid 0.05
mole fraction. The temperature = 80°F (26.7°C), the pressure | std atm. The rates of flow are
such that the local mass-transfer coefficient in the liquid, from a correlation obtained with
dilute solutions, is Xk, = 0.34 mol/ft>- h - (Ib mol/ft}) = 2.87 X 10~* kmol/m?®- s -
(kmol/m’), and the local Sherwood number for_the_gas is 40. The diffusivity of ammonia in
air = 0.890 ft?/h = 2.297 X 10~ m?/s. Compute the local mass-transfer flux for the absorp-
tion of ammonia, jgnoring the vaporization.of water.
Ny .
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SOLUTION y, ¢ = 0.80, x, , = 0.05 mole fraction ammonia. Because of the large concentra-
tion of ammonia in-the gas, F’s rather than k’s will be used. Notation is that of Chap. 3.
rg L9
Liquid From Table 3.1, F, = k; xp & Since the molecunlar weight of ammonia_and_water are
so neatly the_same and the density_of a dilute_solution is practically. that_of water, the molar
density ¢ = 1000/18 = 55.5 kmol/m?. Since the k, was determined for dilute solutions, where
2 Lo NHyin lwater very small)

Xy _p ds practically 10, > y

)
¥

F, = (287 X 107%)(1.0)(55.5) = 1.590 x 10~* kmol/m?- s

~

Gas & \D Obl‘m"p.‘hw_fl"_'_, . holary (J -

Fed - 273 _ 3
Sh=2p, =40 4=0dm (0% aromys a6y Q0SS kmol/m s e

Dagy o TH
D, =2297 % 10~°m?/s P 31)
’ 40cD, _ 4D(0.04065)(2.297 X 107%) _

Fo=—3 0.0254

1.471 X 1073 kmol /m?- s

Mass-transfer flux The equilibrium-distribution data for ammonia are taken from those at
26.7°C in “The Chemical Engineers’ Handbook,” 5th ed., p. 3-68:

NH; partial pressure

NH; mole fraction x I, /in? N/m?=p,  ya= ;.01;3)—;105
0 0 0 0

0.05 1.04 7171 0.0707

0.10 1.98 13 652 0.1347

0.25 8.69 59 917 0.591

0.30 13.52 93 220 0.920

These are plotted as the equilibrium curve in Fig. 5.5.
For transfer of only one component, N,/EN = 1.0. Equation (5.21), with y, , and x, ,
replaced by y, and x,, becomes

/'OL\“"" g, -
- 1= x, Ve 1 —0.05)' 0"
ya=1-( YA'G)(ﬁJ =1-(l- 0}8)(——-1 —x, )
bu.‘}
from which the following are computed: \“mc
X4 | 0.05 ‘ 0.15 ‘ 0.25 ‘ 0.30
YA | 0.80 | 0.780 0.742 ’ 0.722

These are plotted as x's on Fig. 5.5, and the resutting curve intersects the equilibrium curve to
give the interface compositions, x4 ; = 0.274, y, , = 0.732. Therefore Eq. (5.20) provides

1 —0.05 1 —0.732
1 —0.274 ] - 0.80

4.30 X 107* kmol NH, absorbed/m?- s, local flux Ans.

\j’N = 1(1.590 X 107%) Ia = 1(1.47) X 1073) In

T

Ovenali coefficient Although it is not particularly useful in this case, the overall coefficient will
be computed to demonstrate the method. The gas concentration in equilibrium with the bulk
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f'j 4q-

liquid (x, , = 0.05) is, from Fig, 5.5, y% = 0.0707. The chord slope m’ is therefore

YaiZrR_ 073200707
Xai— %ar 0274-005 -

Note that unless the equilibrium curve is straight, this cannot be obtained without first
obtaining (y,,;» X4, ;) in which case there is no need for the overall coefficient. In Eq. (5.25),
normally we would obtain Fyg by trial, by assuming N,. Thus (with an eye on the answer
obtained above), assume N, = 4.30 X 10™% Then Eq. (5.25) becomes

m =

gtaoxto™ (430X 1074 /(1471 %1073
Fog
1 —0.05 -4 -3
— p—(4.30%107%/(1.590x 1077)
+295 el — e ]
= 4.66

Fog = 2,78 X 10~ * kmol/m?- s
As a check of the trial value of N, Eq. (5.22) is

— 0.0707

= -4 1 = -4
Ny = 1278 X 1074) In—7—p = = 430 X 1074 (check)

Use of k-type coefficients There are, of course,k's.which are consistent with the F's and which
will_produce_the_corcect result. Thus, &, = Fgp, /Py 4y = 6.29 X 107> and k, = F /xp 4 =
1.885 X 1077 will produce the same result as above. But these k's are specific for the
concentration levels at hand, and the pg ,, and xyp ,, terms, which correct for the bulk-flow
flux [the N, + Np term of Eq. (2.4)}, cannot be obtained until x, , and y, ; are first obtained
as above.

However, if it had been assumed that the concentrations were dilute and that the
bulk-flow terms were negligible, the Sherwood number might have been (incorrectly) interpre-
ted as

kRTd k,(8314)(273.2 + 26.7)(0.0254)
N (1.0133 x 10%)(2.297 X 10~9)

k, = 1.47 x 1073 kmol/m?- s - (mole fraction)

Sh

and, in the case of the liquid,
k, = kyc = (2.87 x 107%)(55.5) = 1.59 X 1072 kmol/m?- 5 - (mole fraction)
These k's are suitable for small driving forces but are unsuitable here. Thus

ko 159x1073

= —1.08
k, 1.47 x 1073

and a line of this slope (the dashed line of Fig. 5.5) drawn from (XA, v YA, ) intersects the
equilibrium curve at (x, = 0.250, y, = 0.585). If this is interpreted to be (XA, p YA, 1) the
calculated flux would be

Na =k (xa;~ x5 1) = (159 X 1072)(0.250 — 0.05) = 3.17 x 10™*
or Na=k(ya ¢~ ra.) = (147 X 1073)(0.8 — 0.585) = 3,17 x 10~*

The corresponding overall coefficient, with m’ = (0.585 — 0.0707)/(0.250 ~ 0.05) = 2.57,
would be

.l. P _1. + L"_i = 1 + 2.57
K ko ko 147x1077 159 x 107?
K,

= 4.35 X 10~* kmol/m? - s - (mole fraction)

Nym K (yac =~ L) = (435 X 10-4(0.8 — 0.0707) = 3.17 X 10~4
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This value of N, is of course incorrect. However, had the gas concentration been low, say 0.1
mole fraction NHj,, these k’s would have been satisfactory and would have given the same flux
as the F’s.

)V(ATERIAL BALANCES

The concentration-difference driving forces discussed above, as we have said,
are those existing at one position in the equipment used to contact the immisci-
ble phases. In the case of a steady-state process, because of the transfer of solute
from one phase to the other, the concentration within each phase changes as it
moves through the equipment. Similarly, in the case of a batch process, the
concentration in each phase changes with time. These changes produce corre-
sponding variations in the driving forces, and these can be followed with the
help of material balances. In what follows, all concentrations are the bulk-
average values for the indicated streams.

Steady-State Cocurrent-Processes

Consider any mass-transfer operation whatsoever conducted in a steady-state
cocurrent fashion, as in Fig. 5.6, in which the apparatus used is represented
simply as a rectangular box. Let the two insoluble phases be_identified ag phase
E_and phase R, and for the present consider only the case where a single
_substance A diffuses from phase R to phase E during their contact. The other
constituents of the phases, solvents for the diffusing solutes, are then considered
not fo diffuse.

£ moles total materiol /time

£5 moles non-ditfusing
materiol /time

y, mole fraction solute

¥, mole rotio solute

A, ‘moles 1otal materigl / time

R moles non-diftusing
matericl / time

< ¥y mofe fraction solute
Xy male rotio solute

Figure 5.6 Steady-state cocurrent processes.



At the entrance to the device in which the phases are contacted, phase R
contains R,_mol per unit_time of _total substances, consisting of nondiffusing
solvent. Rg mol per unit time and diffusing_solute A, whose concentration is x,
mole fraction. As phase R moves.through.the equipment, A diffuses to phasg E
and consequently the total quantity of R falls to R, mol per unit time at the exit,
although the rate of flow of nondiffusing solvent Rg is the same as at the
entrance. The concentration. of A has fallen to.x, mole fraction. Similarly, phase
E_at the entrance contains E,.mol.per.unit.time.total substances, of which Eg
mol is nondiffusing solvent, and an A concentration of y;_mole.fraction. Owing
to the accumulation of A to.a concentration y, mole fraction, phase E increases
in.amount to_£,.mol per unit time at.the exit, although the solvent content Eg
has remained_constant.

Envelope 1, the closed, irregular line drawn about the equipment, will help
to establish a material balance for substance A, since an accounting for
substance A must be made wherever the envelope is crossed by an arrow
representing a flowing stream. The A content of the entering R phase is R,x;;
that of the E phase is E, y,. Similarly the A content of the leaving streams is
R,x, and E,y,, respectively. Thus

Rix,+ E\y, = Ryx; + Eyy, (5.29)

or Rixy = Ryxy = Eyyy — Ey ) (5.30)

but Ryx, = RS%? = RyX, (531)
!

where X, is the mole-ratio concentration of A at the entrance, mol A/mol
non-A. The other terms can be similarly described, and Eq. (5.30) becomes

Re(X) = X5) = E(Yo = X)) (5.32)

The last is the equation of a straight line on X, Y coordinates, of slope
— Rg/E¢, passing through two points whose coordinates._are (X, Y,) and
AX,,Y,), respectively.

At any section B-B through the_apparatus, the mole fractions of A are x
and y and the mole ratios X and Y, in phases R and E, respectively, and if an
envelope II is drawn to include all the device_from the_entrance to.section B-B,
the A balance becomes

Re(X, — X) = E((Y - Y)) (5.33)
This is also the equation of a straight line on X, Y coordinates, of slope
— Rs/Eg, through the points (X,,.Y,) and (X, Y). Since the two_straight lines
have the same slope and a_point.in common, they are the_same straight line and

Eq. (3.33) is therefore a .general expression relating the compositions.of the
.phases in the equipment at any.distance.from.the entrance.}

T Masses, mass fractions, and mass ratios can be substituted consistently for moles, mole
fractions, and mole ratios in Egs. (5.29) to (5.33).



INTERPHASE MASS TRANSFER 119

Since X and Y represent concentrations in the two phases, the equilibrium
relationship may also be expressed in terms of these coordinates. Figure 5.7
shows a representation of the equilibrium relationship as well as the straight line
QP of Egs. (5.32) and_(5.33). The line QP, called an aperating line, should not be
confused with the driving-force lines of the earlier discussion. At the entrance to
the apparatus, for example, the mass-transfer coefficients in the two: phases‘may
give rise to the driving-force line- KP, where K.represents the interface composi-
tions at the entrance and the distances KM and MP represent, respectively, the
driving forces in phase £ and phase-R: Similarly, at the exit, point L. may
represent the interface composition and_LQ the line representative of the doving
forces. If the apparatus were longer than that indicated in Fig. 5.6, so that
eventually an equilibrium between the two phases is established, the correspond-
ing equilibrium compositions_X, and_Y, would be given by an extension of the
aperating line to the_intersection with the_eguilibium curve at T. The driving
farces, and therefore the diffusion rate, at this point will have fallen to_zero.
Should the diffusion be in the opposite direction, i.e., from phase E to phase R, (i +=)
the operating line will fall on the opposite side of the equilibrium curve, as in
Fig..58.

It must be emphasized that the graphical representation of the operating line
as a straight line is greatly dependent upon the units in which the concentrations
of the material balance are expressed. The representations_of_Figs. 5.7 and 5.8_
are straight lines because the mole-ratio_concentrations are based on the un-
changing. quantities Eg and Rg. If Eq. (5.30) were plotted on mole-fraction
coordinates, or if any concentration unit proportional to mole fractions such as
partial pressure were used, the nature of the operating curve obtained would be

Y

Equilibrium curve

<
)
<
o
<
o
=
15
N -
S v = (X))
o
20 L : :
5 , r & driving F line,
Wee ~
b3 " i Operating line,
2 slope = -Rs/Es
a
(=
&
'g Y, P
<
g
(=3
(]
*
XS5 X X, X,

Concentration in phase A, moles 4/ mole non-A=X

Figure 5.7 Steady-state cocurrent process, transfer of solute from phase R to phase E.
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S Figure 58 Steady-state cocurrent

X Xy X, process, transfer of solute from

Concentration in phase 7, moles 4/maole non-A=X phase E to phase R.

indicated as in Fig. 5.9. Extrapolation to locate the ultimate equilibrium condi-

tions at T is of course much more difficult than for mole-ratio coordinates. On

the other hand, in any operation where the total quantities of each of the phases

E and R remain constant while the compositions change owing to diffusion of
several components, a2 diagram in terms of mole fraction will provide a _straight-

line operating line, as Eq. (5.30) indicates (let B, = E = E: R. = R = R). If

a]l the components diffnse so that the total guantities of each phase_do_not.
remain constant, the operating line will generally be curved.

To sum up, the cocurrent operating line is a graphical representation of the
material balance. A point on the line represents the bulk-average concentrations

a
n
<
c
2 Equilibrium curve
S s T i =#lx)
et ~

~
3 y2 22
€
W Operating
b curve
2
o
€
[
8
8
§ N P
[~
8

Figure 59 Steady-state cocurrent

X Xy £ process, transfer of solute from
Concentration in phose A, mole froction A4 =x phase R to phase E.
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£¢ moles non-diffusing &

matertol / time
yy mole fraction solute
Yy mole rgrio solute

A, moles totol materiol /time

Rs moles non-diffusing —— T 7>~ —— ———— ’—h} ————————— nE > 5
moterai /time | \ /j 95
x, mole fraction solute \ \¥_’__/ [ ,4___) I
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— R

R

x

X

8

Figure 5.10 Steady-state countercurrent process.

of the streams in contact with each other at any section in the apparatus.
Consequently the line passes from the point representing the streams entering
the apparatus to that representing the effluent streams.

Steady-State Countercurrent-Processes

If the same process as previously considered is carried out in countercurrent
fashion, as in Fig. 5.10, where the subscripts 1 indicate that end of the apparatus
where phase R enters and 2 that end where phase R leaves, the material
balances become, by envelope 1,1

E,y, + Ryx, = E|y, + Ryx, (5.34)

and Re(X, = X;) = Eg(Y, — ) (5.35)
and, for envelope II,

Ey + Rix, = E;y, + Rx (5.36)

and Ro(X, — X)=Es(Y, - Y) (5.37)

Equations (5.36) and (5.37) give the general relationship between concentra-
tions in the phases at any section, while Eqs. (5.34) and (5.35) establish the entire
material balance. Equation (5.35) is that of a straight line on X, Y coordinates,

t Masses, mass ratios, and mass fractions can be substituted consistently for moles, mole ratios,
and mole fractions in Eqgs. (5.34) to (5.37).
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Figure 5.11 Steady-state countercurrent process.

of slope Rg/ Es, through points of coordinates (X,, Y,), (X5, Y,), as shown in
Fig. 5.11. The line will lie above the equilibrium-distribution curve if diffusion
proceeds from phase E to phase R, below for diffusion in the opposite direction.
For the former case, at a point where the concentrations in the phases are given
by the point P, the driving-force line may be indicated by line PM, whose slope
depends upon the relative diffusional resistances of the .phases. The drving.
forces..obviously.change_in magnitude from one-end.of the equipment to the
other. If the operating line should touch the equilibrium curve anywhere, so that
the contacted phases_are.in _equilibrium, the driving force and hence the rate.of
mass transfer would become zero and the time required for a finite material.
transfer would be infinite.. This can be interpreted in terms of a limiting ratio of
flow rates of the phases for the concentration changes specified.

As in the cocurrent case, linearity of the operating line depends upon the
method of expressing the concentrations. The operating lines of Fig, 5.11 are
straight because the mole-ratio concentrations X and_Y are based on the
quantities Rg and_Eg, which are stipulated_to_be_constant. If for this situation
amole fractions (or quantities such as partial pressures, which are proportional to
mole fractions) are used, the operating lines are curved, as indicated in Fig. 5.12.
However, for some operations should the total quantity of each of the phases E
and R _be constant while the compositions change, the mole-fraction. diagram
would provide the straight-line operating lines, as Eq. (5.34) would indicate (let
E=E, = E,;; R = R, = R,). As in the cocurrent case, however, the operating
line will generally be curved if all the components diffuse so that the total
quantities of each phase do not remain constant.
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Figure 5.12 Steady-state countercurrent pro-
I 12 cess, transfer of sotute from phase R 1o
Concentration in phose A2, mole fraction 4=x phase E.

The countercurrent operating line is a graphical representation of the
material balance, passing from the point representing the streams at one end of
the apparatus to the point representing the streams at the other. A point on the
line represents the bulk-average concentrations of the streams passing each other
at any section in the apparatus. It is useful to rearrange Eq. (5.36) to read

Ey — Rx = E|y, — Rix, (5.38)

The left-hand side represents the net flow rate of solute A to the left at section
B-B in Fig. 5.10. The right-hand side is the net flow rate of solute out at the left
end of the apparatus, or the difference in solute flow, out — in, and for steady
state this is constant. Since the section B-B was taken to represent any section of
the apparatus, at every point on the operating line the ner flow rate of solute is
constant, equal to the net flow out at the end.

The advantage of the countercurrent method over the cocurrent is that, for
the former, the average driving force for a given situation will be Jarger, resulting
in either smaller equipment for a given set of flow conditions or smaller flows
for a given equipment size:

N Hstages = £ (k) = funchon of mact tonifer

Fd

&TAGES ¥

A stage is defined as any device or combination of devices in which two
insaluble phases are brought into intimate contact, where mass_transfer oceurs
between. the phases tending to bring them to equilibrium, and where the phases
are then mechanically separated. A process carried out in this manner is a
single-stage _process. An equilibrium, ideal, or theoretical, stage is one where the
time of contact between phases is sufficient for the effluents indeed to be_in



equilibrium, and although in principle this_cannot be attained, in practice we
can frequently approach so close to equilibrium if the_cost warrants_it, that the
difference is unimportant.

Qéntinuous Cocurrent Processes

Quite obviously the cocurrent process and apparatus of Fig. 5.6 is that of a
single_stage, and if the stage were ideal, the effluent compositions would be at
point. 7 on Fig. 5.7 or 5.8.

A srage efficiency is defined as the fractional approach to_equilibrium which
a real stage produces. Referring to Fig. 5.7, this might be taken as the fraction
which the line QP represents of the line. TP, or the ratio of actual solute.transfer
to that 1f equﬂlbuum_wene_,anamﬁd T used expression,
i pproach of: one

§ ¢amv[9] Referrmg to Fig. 5.7, this can be expressed in terms of the concentra-
tions in phase E or in phase R,

Yz - Yl X - Xz
Eye = F:—Y_ Eyg = ———z (5.39)
Lo AT, Byl A, s W

These definitions are somewhat' arbltrary since, in the case of a truly cocurrent
operation such as that of Fig. 5.7, it would be impossible to obtain a leaving
concentration in phase E higher than Y, or one in phase R lower than X,. They
are nevertheless useful, as will be developed in later chapters. The two Murphree
efficiencies are not normally equal for a given stage, and they can be simply
related only when the equilibrium relation is a straight line. Thus, for a straight
equilibrium line of slope m = (¥f — Y,)/(X, ~ X3}), it can be shown that

E E
E = MR — MR
ME " Eyr(1 = 8)+ S Euz(1~1/4)+ /4 (540)

The derivation is left to the student (Prob. 5.6). Here 4 = Rg/mEj is called the
absorption factor, and its reciprocal, S =:mEg /Ry, is the stripping factor. As will
be shown, both have great economic importance.

el

E

; [y
Batch Processes

It is characteristic of batch processes that while there is no flow of the phases
into and out of the equipment used, the concentrations within each phase
change with time. When initially brought into contact, the phases will not be of
equilibrium compositions, but they will approach equilibrium with passage of
time. The material-balance equation (5.33) for the cocurrent steady-state opera-
tion then shows the relation between the concentrations X and Y in the phases
which coexist at any time after the start of the operation, and Figs. 5.7 and 5.8
give the graphical representation of these compositions. Point T on these figures
represents the ultimate compositions which are obtained at equilibrium. The
batch operation is a single stage.

©
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Cascades

A group of stages interconnected so that the various streams flow from_one o
the other is called a cascade. Its purpose is to increase the extent of mass
transfer over and ahove that which is passible with a single stage. The fractional
overall stage efficiency of a cascade is then defined as the number of equilibrium.
stages to which the cascade. is equivalent divided by the number of real stages.

Two or.more stages connected so that the flow is_cocucrent between stages
will, of course, never be_equivalent to.more_than one_equilibrium stage, although
the overall stage efficiency can thereby be increased. For effects greater than
one_equilibrium stage, they can be connected for cross_flow or countercurrent.
flow.

CrgSs-Flow Cascades

In Fig. 5.13 each stage is represented simply by a circle, and within each the
flow is cocurrent. The R phase flows from one stage to the next, being contacted
in each_stage by a fresh E_phase. There may be different flow rates of the E
phase to each stage, and each stage may have a different Murphree stage
efficiency. The material balances are obviously merely a repetition of that for a
single stage and the construction on the distribution diagram is obvious. Cross

flow is used sometimes in adsorption, leaching, drying, and extraction_opera-
tions but rarely i the others.

W /
@ T
"
25
ac y
ca ! / Slope
c (=]
SEy =0
53 ° = & s
L0 L e E52
8% i
€ £sy
%
Xy X, X, X Figure 5.13 A cross-flow cascade of

Concentration in phase A, moles 4 / mole non-4 three real stages.



Countercurrent Cascades

These are the most efficient arrangements, requiring the fewest stages for a_given
change _of compasition and_ratio..of flow rates, and they are therefore most
frequently used. Refer to Fig. 5.14, where a cascade of N, equilibrium stages is
shown. The flow rates and compositions are numbered corresponding to the
effluent from a stage, so that Y, is the concentration in the E phase leaving stage
2, etc. Each stage is identical in its action to the cocurrent process of Fig. 5.6;
yet the cascade as a whole has the characteristics.of the countercurrent process
of Fig. 5.10. The cocurrent operating lines for the first two stages are written
beneath them on the figure, and since the stages are ideal, the effluents are.in
equilibrium (Y, in equilibrium with X,, etc.). The graphical relations are shown
in Fig. 5.15. Line PQ is the operating line for stage 1, MN for stage 2, etc., and
the coordinates (X,,.Y,) fall on the equilibrium curve because the stage.is ideal.
Line ST is the operating line for the entire cascade, and points such as B, C,
etc., represent compositions of streams passing each other between stages. We
can therefore determine the number of equilibrium stages required for a coun-
tercurrent process by drawing the stairlike construction TQBNC - - - § (Fig.
5.15). If anywhere the equilibrium.curve and . cascade operating line should
touch, the stages become pinched and an infinite number. are_required.to.bring
about the desired composition change. If the solute transfer.is.from E to R, the
entire construction falls above the equilibrivm curve of Fig. 5.15.

For most cases, because of either a_curved operating line_or _equilibrium
curve, the relation between number of stages, compositions,.and flow ratio must
be determined graphically, as shown. For the special case where both are
straight, however, with the equilibrium curve continuing straight to the origin of
the distribution graph, an analytical solution can be developed which will be
most useful.

In Fig. 5.14, a solute balance for stages n + 1 through N, is
Eg(Yoii - Y~,+|) = Re(X, - XN,) (541)

If the equilibrium-curve slope is m = Y, , /X, ., and if the absorption factor 4 = Rg/mkEg, then

£ y2 7 Vo Yoot Engt v 14
é} Vz y; Yn ynn ES
)’I - - - - et yﬂ;,b!
Ry ) Q,faf;‘,;‘ig
R L oy | ] L /?A_:’ .
N X X, X Xy
X X X X’

Stage ! Stage 2 ¥p

Rs (=X) = £(0 =V,) Rl Xy =X,) =5 (- 1)

Over-gll, entire cascade
R (XO—X,,‘) = ES(){—);,‘,,.)

Flgure 5.14 Countercurrent multistage cascade.
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Figure 5.15 Countercurrent multistage cascade, solute transfer from phase R to phase E.

by substitution and rearrangement, Eq. (5.41) becomes

Yy, 1
s AL

m 14

Xn+l - AXn = (5'42)

This is a linear first-order finite-difference equation, whose solution is handled much like that of
ordinary differential equations [18]. Thus, putting it in operator form gives

Y+
m

(D - A)X, = — AXy, (5.43)

where the operator D indicates the finite difference. The characteristic equation is then
M-4=0 (5.44)
from which M = A. Hence the general solution (here a little different from ordinary differential
equations) is
X, =CA" ’ (545)
with C; a constant. Since the right-hand side of Eq. (5.43) is a constant, the particular solution is

X = C,, where C, is a constant. Substituting this into the original finite-difference equation (5.42)
provides

YN +1

Cr = ACy = —2= — 4X), (5.46)

Yy, o1/m— AXy,

from which G = =4

(5.47)



The complete solution is therefore
Yy, +1/m — AXy,

X, = C A" + = (5.48)
To determine Cy, we set n = 0:
Yy, +1/m = AX),
Ci=Xom =7
Yoot/ m — AX Yy o1/ m ~ AX,
and therefore X, = (xo - ”'“]/_ - i )A" + N'Hr/— ~ Y (549)

This result is useful 10 get the concentration X,, at any stage in the cascade, knowing the terminal
concentrations. Putting n = N, and rearranging provide the very useful forms which follow.

For transfer from R to E (stripping of R)

A# 1 BN
Sp tpd Ko= Xy (/) - 1/4 (5.50)
weow o Xo= Yau/m o (174)MF <1
Xo = Yo ua/m
log| 0——F——(1 —A4)+ 4
g Xy, — YN,+1/m( ) 55]
N, = logl/A4 (5:51)
A=1
Xo— X N
0 N _ . » (5.52)
Xo— Yyu/m N, +1
Xo = Xy,
N=— ——r_ 5.53
Xy, - YN,,+|/"‘ (53)
For transfer from E to R (absorption into R). A similar treatment yields:
A1 bz
R ¢ -Y N+l _
N,+1 ' A A (5.54)
Y1 = mXg AN+l —
o YN,H"'"XO( _ 1)+ 1
Bl Ty, = mx, AT 4
N, = .
s Tog A (5.55)
A=1
Y, -Y N
N,+1 v A (5.56)
YN,+1 —mXy N, +1
Y~,+1 - Y, .
No =5, —mx, (5.57)

These are called the Kremser-Brown-Souders (or simply Kremser) equations, _
after those who derived them for gas absorption [7, 14] although apparently
Turner (16] had used them earlier for leaching and solids washing. They are
plotted in Fig. 5.16, which then becomes very convenient for quick solutions. We
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Figure 5,16 Number of theoretical stages for countercurrent cascades, with Henry’s law equilibrium
and constant absorption or stripping factors. [After Hachmuth and Vance, Chem. Eng. Prog., 48, 523,
570, 617 (1952).]
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shall have many opportunities to use them for different operations. In order to
make them so generally useful, it is important to note that in the derivation,
4 = R /mEy = const, where R and E are the_nonsolute molar flow._rates with
concentrations (X_in R and. Y in E) defined as mole ratios.and.m = Y./X at
equilibrium. However, as necessary to keep A4 constant, A can be defined as
R/mE, with R_and E either as total molar_flow_rates, concentrations.{x.in R
and p in_E) as mole fractions, m = y/x, or as total mass flow rates and weight
fractions, respectively.
We shall delay using the equations until specific opportunity arises.

Stages and Mass-Transfer Rates

It is clear from the previous discussion that each process can be considered
either in terms of the number of stages it represents or in terms of the
appropriate mass-transfer rates. A batch or continuous cocurrent operation, for
example, is a single-stage operation, but the stage efficiency realized in the
available contact time will depend upon the average mass-transfer rates prevail-
ing. A change of composition greater than that possible with one stage can be
brought about by repetition of the cocurrent process, where one of the effluents
from the first stage is brought again into contact with a fresh treating phase.
Alternatively, a countercurrent multistage cascade can be arranged. If, however,
the countercurrent operation is carried out in continuous-contact fashion
without repeated separation and recontacting of the phases in a stepwise
manner, it is still possible to describe the operation in terms of the number of
equilibrium stages to which it is equivalent. But in view of the differential
changes in composition which occur in such cases, it is more correct to
characterize them in terms of average mass-transfer coefficients or equivalent.
Integration of the point mass-transfer rate equations must be delayed until the
characteristics of each operation can be considered, but the computation of the
number of equilibrium stages requires only the equilibrium and material-balance
relationships.

Illustration 5.2 When a certain sample of moist soap is exposed to air at 75°C, 1 std atm
pressure, the equilibrium distribution of moisture between the air and soap is as follows:

Wt % moisture in soap ‘0 | 2.40 ‘ 3.76 ‘ 4.76 ‘ 6.10 | 7.83 |9.9o } 12.63 } 15.40 } 19.02

Partial pressure water in

air, mmHg 0

9.66 [ 19.20 | 28.4 [ 372 | 464 (550 63.2 | 71,9 [ 79.5

(a) Ten kilograms of wet soap containing 16.7% moisture by weight is placed in a vessel
containing 10 m* moist air whose initial moisture content corresponds to a water-vapor partial
pressure of 12 mmHg. After the soap has reached a moisture content of 13.0%, the air in the
vessel is entirely replaced by fresh air of the original moisture content and the system is then
allowed to reach equilibrium. The total pressure and temperature are maintained at 1 std atm
and 75°C, respectively. What will be the ultimate moisture content of the soap?

(b) It is desired to dry the soap from 16.7 to 4% moisture continuously in a countercurrent
stream of air whose initial water-vapor partial pressure is 12 mmHg. The pressure and
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temperature will be maintained throughout at | std atm and 75°C. For 1 kg initial wet soap per
bour, what is the minimum amount of air required per hour?

(¢) If 30% more air than that determined in part (b) is used, what will be the moisture
content of the air leaving the drier? To how many equilibrium stages will the process be
equivalent?

SOLUTION (a) The process is a batch operation. Since airand soap are_mutually insoluble, with
water_distributing hetwesen _them, Eq. (5.32) applies. Let the E_phase_be_air-water and the B_
_phase be soap-water. Define ¥ as kg water /kg dry air and X as kg water/kg dry soap. It will
be necessary to convert the equilibrium data to these units.
For a partial pressure of moisture = 5 mmHg and a total pressure of 760 mmHg,
p/(760 — p) is the mole ratio of water to dry air. Multiplying this by the ratio of molecular
weights of water to air then gl‘vesw}’ = [p/(760 — p))(18.02/29). Thus, at p = 71.9 mmHg,

P ey
71.9 18. 02
Y = m 29 = 0 0650 kg water/kg dj’y air
In similar fashion the pcrcent moisturc content of the soap is converted into units of X. Thus,
at 15.40% moisture,

15.40
X = 100 = 15.40 = 0.182 kg water /kg dry soap
In this manner all the equitibrium data are converted into these units and the data plotted as
the equilibnum curve of Fig. 5.17. oo~ I
n+
First operation Initial air, 5 = 12 mmHg; Cxto g
12 1802 .
Y, = m 9 0.00996 kg waler/kg dfy ar
Initial soap, 16.7% water:
16.7
S = 10 =167 = 0.2 kg water /kg dry soap
Final soap, 13% water:
X, =130 _ 01403k water /kg dry soa py=n RT =R
2700 =130 g g dry soap M
R = 10(1 ~ 0.167) = 8.33 kg dry soap p= iﬁ—i‘?T
Eg, the mass of dry air, is found by use of the 1deal- g,as law, . AT Pulz
T my o / [ s Pz
E—IOLL 9 = 10.1 kg dry air
s= %760 I+ sazal L, BOYAT L
s i o d (-Ei_‘r_\{)
- R _ - -
Slopeofoperali.ngl.ine=TS=T§%- —-0.825 Par g m b
s

Eg= M= “F:t Vo
From point P, cootdinates (X,, Y}), in Fig. 5.17, the operating line of slope —0.825 s drawn, to
reach the abscissa X, = 0.1493 at point Q. The conditions at Q correspond to the end of the
first operation.

Second operation X, = 0.1493, ¥, = 0.00996, which locate point S in the figure. The operating
line is drawn parallel to the line PQ since the ratio — Rg/Es is the same as in the first
operation. Extension of the line to the equilibrium curve at T provides the final value of
X, = 0.103 kg water/kg dry soap.

Final moisture content of soap = 9—‘%100 = 9.33%



(b) Equation (5.35) and Fig. 5.10 apply
Rs = 1(1 = 0.167) = 0.833 kg dry soap/h

Entering soap: = (.20 kg water/kg dry soap —'-*-
Leaving soap: X, = 0 04 = 0.0417 kg water/kg dry soap

I -
Entering air: Y, = 0‘00996 kg water /kg dry air ek

_— Rs _ kg dry soap/h

Slope of operating line f; kg dry air/h
Point D, coordinates (X,, Y5), is plotted in Fig. 5.17. The operating line of least slope giving
rise to equilibrium conditions will indicate the least amount of air usable. Such a line is DG,
which provides equilibrium conditions at X, = 0.20. The corresponding value of Y, = 0.068 kg

water/kg dry air is read from the figure at G. Eqg. (5.35):
Fst o =73 ) = Eely 4.0 0.833(0.20 — 0.0417) = E5(0.068 — 0.00996)
Es = 227 kg dry air/h
This corresponds to

227 760 273+ 75 B
55 24l 00— 70 ~12 23 2.27 m? /kg dry soap

0.08

007 /

v
006
Equitibrivm
CUrVe — H
Q\f/’ )

5005 4
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3 ly /
g
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2 0049 4
z
2

Y=

"4

Y
\
003 / /
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002 —7/ '
\ | ey
e ate

0 004 (ofe]:} 0l2 016 0.20 024
X = kg water /kg dry soop

Figure 5.17 Solution to Iflustration 5.2.
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(¢) Es = 1.30(2.27) = 2.95 kg dry air/h. Eg. (5.35):
0.833(0.20 — 0.0417) = 2.95( Y, — 0.00996)
Y, = 0.0547 kg water /kg dry air

This corresponds to operating line DH, where H has the coordinates X, = 0.20, Y, = 0.0547.
The equilibrium stages are marked on the figure and total three.

NOTATION FOR CHAPTER 5

Any consistent set of units may be used.

A substance A, the diffusing solute

A absorption factor, dimensionless

e 2.7183

E phase E; total rate of flow of phase E, mole/ ©

Eg rate of flow of nondiffusing solvent in phase E, mole/8

Eyr fractional Murphree stage elficiency for phase E
Eyr fractional Murphree stage efficiency for phase R

S equilibrium-distribution function
F; gas-phase mass-transfer coefficient, mole/L*6
F, liquid-phase mass-transfer coefficient, mole/L?0

Foc  overall gas mass-transfer coefficient, mole/L*8

overall liquid mass-transfer coefficient, mole/120

generalized concentration in phase R

generalized concentration in phase E

liquid mass-transfer coefficient, mole/L?8(mole fraction)

gas mass-transfer coefficient, mole/L*@(mole fraction)
overall liquid mass-transfer coefficient, mole/L?6(mole fraction)
overall gas mass-transfer coefficient, mole/L?6(mole fraction)
equilibrium-curve slope, dimensionless

slopes of chords of the equilibrium curve, dimensionless
stage n

mass-transfer flux, mole/L*®

total number of ideal stages in a cascade

phase R; total rate of flow of phase R, mole/®

rate of flow of nondiffusing solvent in phase R, mole/O©
stripping factor, dimensionless

concentration of A in a liquid or in phase R, mole fraction
concentration of A in phase R, mole A/mole non-A
concentration of A in a gas or in phase E, mole fraction
concentration of A in phase E, mole A /mole non-A

:3‘" . -.6.‘1
~

RS

]

3

A

N ok V)&ux22333

Subscripts

substance A

equilibrium -
phase E

gas

interface

liquid

stage n

overall

phase R

HQIMTQMNM® >



0 entering stage 1
1,2 positions | and 2; stages 1 and 2

Superscript
. in equilibrium with bulk concentration in other phase
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PROBLEMS

5.1 Repeat the calculations for the local mass-transfer flux of ammonia in IHustration 5.1 on the
assumption that the gas pressure is 2 std atm. The gas mass velocity, bulk-average gas and liquid
concentration, liquid flow rate, and temperature are unchanged.
2 In a certain apparatus used for the absorption of sulfur dioxide, SO,, from air by means of
'“ater, at one point in the equipment the gas contained 10% SO, by volume and was in contact with
liquid containing 0.4% SO, (density = 990 kg/m? = 61.8 1b/ft’). The temperature was 50°C and the
total pressure 1 std atm. The overall mass-transfer coefficient based on gas concentrations was
K = 7.36 X 107 kmol/m?- s - (N/m?) = 0.055 Ib mol SO,/ft*- h - atm. Of the total diffusional
resistance, 47% lay in the gas phase, 53% in the liquid. Equilibrium data at 50°C are:

kg SO, /100 kg water ‘ 02 ‘ 0.3 ‘ 0.5 ’ 0.7

Partial pressure SO, mmHg i 29—| 46 i 83 I 119

(a) Calculate the overall coefficient based on liquid concentrations in terms of mol/vol.
(b) Calculate the individual mass-transfer coefficient for the gas, expressed as kg
mol/(area)(time)(pressure), k, mol/(area)(time)(mole fraction), and k. mol/(area)(time)mole/vol),
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and for the liquid expressed as &, mole/(area)(time}(mole/vol) and k, mol/(area)(timeXmole
fraction).

() Determine the interfacial compositions in both phases.
53 The equilibrium partial pressure of water vapor in contact with a certain silica gel on which
water is adsorbed is, at 25°C, as follows:

Partial pressure
of water, mmHg 0| 214

7.13 ’ 9.05

4.74 10.9 12.6 14.3 16.7
1b water/100 Ib
dry gel = kg/100kg | O S 10 15 20 25 30 35 40

(a) Plot the equilibrium data as p = partial pressure of water vapor against x = wt fraction
water in the gel.

(b) Plot the equilibrium data as X = mol water/mass dry gel, ¥ = mol water vapor/mol dry
air, for a total pressure of 1 std atm,

(¢) When 10 b (4.54 kg) of silica gel containing 5 wi% adsorbed water is placed in a flowing
airstream containing a partial pressure of water vapor = 12 mmHg, the total pressure is 1 std atm
and the temperature 25°C. When equilibrium is reached, what mass of additional water will the gel
have adsorbed? Air is not adsorbed.

(d) One pound mass (0.454 kg) of silica gel containing 5 wt% adsorbed water is placed in a
vessel in which there are 400 ft* (11.33 m®) moist air whose partial pressure of water is 15 mmHg,
The total pressure and temperature are kept at | std atm and 25°C, respectively. At equilibrium,
what will be the moisture content of the air and gel and the mass of water adsorbed by the gel? Ans.:
0.0605 kg water.

(e) Write the equation of the operating line for part (d) in terms of X and Y. Convert this into
an equation in terms of p and x, and plot the operating curve on p, x coordinates.

(f) If 1 1b (0.454 kg) of silica gel containing 18% adsorbed water is placed in a vessel containing
500 ft> (14.16 m®) dry air and the temperature and pressure are maintzined at 25°C and 1 std atm,
respectively, what will be the final equilibrium moisture content of the air and the gel.

(8) Repeat part (f) for a total pressure of 2 std atm. Note that the equilibrium curve in terms of
X and Y previously used is not applicable.

4 The equilibrium adsorption of benzene vapor on a certain activated charcoal at 33.3°C is
reported as follows:

Benzene vapor adsorbed,
cm? (STP)/g charcoal s 25 40 50 65 80

ol

Partial pressure benzene, mmHg | 0.0010 | 0.0045 | 0.0251 | 0.115 | 0.251 | 1.00 | 2.81 | 7.82

(a) A nitrogen—benzene vapor mixture containing 1.0% benzene by volume is to be passed
countercurrently at the rate 100 ft*/min (4.72 X 10~2 m3/s) to a moving stream of the activated
charcoal so as to remove 95% of the benzene from the gas in a continuous process. The entering
charcoal contains 15 cm?® benzene vapor (a2t STP) adsorbed per gram charcoal, The temperature and
total pressure are to be maintained at 33.3°C and 1 std atm, respectively, throughout, Nitrogen is not
adsorbed. What is the least amount of charcoal which can be used per unit time? If twice as much is
used, what will be the concentration of benzene adsorbed upon the charcoal leaving?

(b) Repeat part (a) for a cocurrent flow of gas and charcoal.

(c) Charcoal which has adsorbed upon it 100 cm® (at STP) benzene vapor per gram is to be
stripped at the rate 100 1b/h (45.4 kg/h) of its benzene content to a concentration of 55 cm?®
adsorbed benzene per gram charcoal by continuous countercurrent contact with a stream of pure
nitrogen gas at | std atm. The temperature will be maintained at 33,3°C. What is the minimum rate



of nitrogen flow? What will be the benzene content of the exit gas if twice as much nitrogen is fed?
What will be the number of stages? Anms.: 3 theoretical stages.

55 A mixture of hydrogen and air, 4 std atm pressure, bulk-average concentration 50% H, by
volume, flows through a circular reinforced tube of vulcanized rubber with respective ID and OD of
25.4 and 28.6 mm (1.0 and 1.125 in) at an average velocity 3.05 m/s (10 ft/s). Outside the pipe,
hydrogen-free air at 1 std atm flows at right angles to the pipe at a velocity 3.05 m/s (10 ft/s). The
temperature is everywhere 25°C. The solubility of hydrogen in the rubber is reported as 0.053 em®
H, (STP)/(cm® rubber) - (atm partial pressure), and its diffusivity in the rubber as 0.18 X 10~5
em?/s, The diffusivity of Hy~air = 0.611 cm?/s at 0°C, 1 std atm. Estimate the rate of loss of
hydrogen from the pipe per unit length of pipe. Ans.: 4.5 X 10~!! kmol /(m of pipe length) - s.

5.6 Assuming that the equilibrium curve of Fig. 5.7 is straight, and of slope m, derive the relation
between the Murphree stage efficiencies E,,p and E,, .

5.7 If the equilibrium-distribution curve of the cross-flow cascade of Fig. 5.13 is everywhere straight,
and of slope m, make a solute material balance about stage n + 1 and by following the procedure
used to derive Eq. (5.51) show that

N log[ (Xo = Yo/m)/ (Xu, = Yo/m)]
» = Tog(S + 1)

where § is the stripping factor, mEg / Rs, constant for all stages, and &, is the total number of stages.
5.8 A single-stage liquid-extraction operation with a linear equilibrium-distribution curve (¥ = mX
at equilibrium) operates with a stripping factor § = mEg/Rg = 1.0 and has a Murphree stage
efficiency Eyp = 0.6. In order to improve the extraction with a minimum of plant alteration, the
effluents from the stage will both be led to another stage identical in construction, also of efficiency
E,e = 0.6. The combination, two stages in series, is in effect a single stage. It is desired to compute
the overall Murphree stage efficiency E, /g, of the combination. A direct derivation of the relation
between E, r and E) g, is difficult. The result is most readily obtained as follows:

(a) Refer to Fig. 5.7. Define a stage efficiency for one stage asE = (Y, — Y,)/(Y, — Y,). Fora
linear equilibrium-distribution curve, derive the relation between E, - and E.

() Derive the relation between Eg, the value for the combined stages in series, and E.

(¢) Compute Ey/pp. Ans. = 0.8824,




PART

GAS-LIQUID OPERATIONS

The operations which include humidification and dehumidification, gas absorp-
tion and desorption, and distillation in its various forms all have in common the
requirement that a gas and a liquid phase be brought into contact for the
purpose of a diffusional interchange between them.

The order listed above is in many respects that of increasing complexity of
the operations, and this is therefore the order in which they will be considered.
Since in humidification the liquid is a pure substance, concentration gradients
exist and diffusion of matter occurs only in the gas phase. In absorption,
concentration gradients exist in both the liquid and the gas, and diffusion of at
least one component occurs in both. In distillation, all the substances comprising
the phases diffuse. These operations are also characterized by an especially
intimate relationship between heat and mass transfer. The evaporation or
condensation of a substance introduces consideration of latent heats of vapori-
zation, sometimes heats of solution as well. In distillation, the new phase
necessary for mass-transfer separation is created from the original by addition or
withdrawal of heat. Our discussion must necessarily include consideration of
these important heat quantities and their effects.

In all these operations, the equipment used has as its principal function the
contact of the gas and liquid in as efficient a fashion as possible, commensurate
with the cost. In principle, at least, any type of equipment satisfactory for one of
these operations is also suitable for the others, and the major types are indeed
used for all. For this reason, our discussion begins with equipment.






CHAPTER

SIX

EQUIPMENT FOR
GAS-LIQUID OPERATIONS

The purpose of the equipment used for the gas-liquid operations is to provide
intimate contact of the two fluids in order to permit interphase diffusion of the
constituents. The rate of mass transfer is directly dependent upon the interfacial
surface exposed between the phases, and the nature and degree of dispersion of
one fluid in the other are therefore of prime importance. The equipment can be
broadly classified according to whether its principal action is to disperse the gas
or the liquid, although in many devices both phases become dispersed.

GAS DISPERSED

In this group are included those devices, such as sparged and agitated vessels
and the various types of tray towers, in which the gas phase is dispersed into
bubbles or foams. Tray towers are the most important of the group, since they
produce countercurrent, multistage contact, but the simpler vessel contactors
have many applications.

Gas and liquid can conveniently be contacted, with gas dispersed as
bubbles, in agitated vessels whenever multistage, countercurrent effects are not
required. This is particularly the case when a chemical reaction between the
dissolved gas and a constituent of the liquid is required. The carbonation of a
lime slurry, the chlorination of paper stock, the hydrogenation of vegetable oils,
the aeration of fermentation broths, as in the production of penicillin, the
production of citric acid from beet sugar by action of microorganisms, and the

139
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aeration of activated sludge for biological oxidation are all examples. It is
perhaps significant that in most of them solids are suspended in the liquids.
Because the more complicated countercurrent towers have a tendency to clog
with such solids and because solids can be suspended in the liquids easily in
agitated vessels, the latter are usually more successful in such service.}

The gas-liquid mixture can be mechanically agitated, as with an impeller, or,
as in the simplest design, agitation can be accomplished by the gas itself in
sparged vessels. The operation may be batch, semibatch with continuous flow of
gas and a fixed quantity of liquid, or continuous with flow of both phases.

SPARGED VESSELS (BUBBLE COLUMNS)

A sparger is a device for introducing a stream of gas in the form of small
bubbles into a liquid. If the vessel diameter is small, the sparger, located at the
bottom of the vessel, may simply be an open tube through which the gas issues
into the liquid. For vessels of diameter greater than roughly 0.3 m, it is better to
use several orifices for introducing the gas to ensure better gas distribution. In
that case, the orifices may be holes, from 1.5 to 3 mm (55 to % in) in diameter,
drilled in a pipe distributor placed horizontally at the bottom of the vessel.
Porous plates made of ceramics, plastics, or sintered metals are also used, but
their fine pores are more readily plugged with solids which may be present in the
gas or the liquid.

The purpose of the sparging may be contacting the sparged gas with the
liquid. On the other hand, it may be simply a device for agitation. It can provide
the gentlest of agitation, used for example in washing nitroglycerin with water; it
can provide vigorous agitation as in the pachuca tank (which see). Air agitation
in the extraction of radioactive liquids offers the advantage of freedom from
moving parts, but it may require decontamination of the effluent air. There is no
standardization of the depth of liquid; indeed, very deep tanks, 15 m (50 ft) or
more, may be advantageous [117] despite the large work of compression required
for the gas.

Gas-Bubble Diameter

The size of gas bubbles depends upon the rate of flow through the orifices, the
orifice diameter, the fluid properties, and the extent of turbulence prevailing in
the liquid. What follows is for cases where turbulence in the liquid is solely that
generated by the rising bubbles and when orifices are horizontal and sufficiently
separated to prevent bubbles from adjacent orifices from interfering with each
other (at least approximately 3d, apart).

+ For cases where very low gas-pressure drop is required, as in absorption of sulfur dioxide from
flue gas by limestone slurries, venturi scrubbers (which see) are frequently used.
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Very slow gas flow rate [118], O, < [20(0d,g.)’/(g Ap)*p,*]'/® For waterlike
liquids, the diameter can be computed by equating the bouyant force on the
immersed bubble, (7/6)d; Apg/g., which tends to lift the bubble away from the
orifice, to the force md,6 due to surface tension, which tends to retain it at

the orifice. This provides
_ [ 6d,ag.\'/?
%= ( gbp ) (6.1

which has been tested for orifice diameters up to 10 mm. For large liquid
viscosities, up to 1 kg/m - s (1000 cP) [32],

- P‘LQGo 1
d, = 2'312(_——91,5' ) (6.2)

Intermediate flow rates, O, > [20(0d,g,.)* /(g £p)*0,%]'/¢ but Re, < 2100 These
bubbles are larger than those described above, although still fairly uniform, and
they form in chains rather than separately. For air-water [71]

d, = 0.0287d)/* Re}/* (6.3)
where d, and 4, are in meterst and Re, = d,V,p;/ 1z = 4w,/ nd,p;. For other

gases and liquids [118]
72[) 1/5
o () e 60

Large gas rates [71}, Re, = 10000 to 50 000 Jets of gas which rise from the
orifice break into bubbles at some distance from the orifice. The bubbles are
smaller than those described above and nonuniform in size. For air-water and
orifice diameters 0.4 to 1.6 mm

d, = 0.0071 Re; %% (6.5)
with d

{, in meters.t For the transition range (Re, = 2100 to 10 000) there is no
correlation of data. It is suggested that 4, for air-water can be approximated by
the straight line on log-log coordinates between the points given by 4, at
Re, = 2100 and at Re, = 10 000.

Rising Velocity (Terminal Velocity) of Single Bubbles [83]

Typically, the steady-state rising velocity of single gas bubbles, which occurs
when the bouyant force equals the drag force on the bubbles, varies with the
bubble diameter as shown in Fig. 6.1. .

# For 4, and 4, in feet, the coefficient of E4. (6.3) is 0.052.
{ For 4, in feet, the coefficient of Eq. (6.5) is 0.0233.
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Region
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0.7 14 6 Figure 6.1 Rising (terminal) ve-
Bubble diameter. mm locity of single gas bubbles.

Region 1, 4, < 0.7 mm The bubbles are spherical, and they behave like rigid
spheres, for which the terminal velocity is given by Stokes’ law
_ &d; Bp
T 18,

(6.6)

Region 2, 0.7 mm < d, < 1.4 mm The gas within the bubble circulates, so that
the surface velocity is not zero. Consequently the bubble rises faster than rigid
spheres of the same diameter. There is no correlation of data; it is suggested that
V, may be estimated as following the straight line on Fig. 6.1 drawn between
points 4 and B. Coordinates of these points are given respectively by Eqs. (6.6)
and (6.7).

Regions 3 (1.4 mm < 4, < 6 mm) and 4 (d, > 6 mm) The bubbles are no longer
spherical and in rising follow a zigzag or helical path. For region 4 the bubbles

have a spherically shaped cap. In both these regions for liquids of low viscosity
(80]

208, g4,

Swarms of Gas Bubbles

The behavior of large numbers of bubbles crowded together is different from
that of isolated bubbles. Rising velocities are smaller because of crowding, and
bubble diameter may be altered by liquid turbulence, which causes bubble
breakup, and by coalescence of colliding bubbles.
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Gas Holdup

By gas holdup @ is meant the volume fraction of the gas-liquid mixture in the
vessel which is occupied by the gas. If the superficial gas velocity, defined as the
volume rate of gas flow divided by the cross-sectional area of the vessel, is ¥,
then V; /s can be taken as the true gas velocity relative to the vessel walls. If
the liquid flows upward, cocurrently with the gas, at a velocity relative to the
vessel walls ¥, /(1 — @), the relative velocity of gas and liquid, or slip velocity,
is

Vo=—C o L (6.8)

Equation (6.8) will also give the slip velocity for countercurrent flow of liquid if
V, for the downward liquid flow is assigned a negative sign.

The holdup for sparged vessels, correlated through the slip velocity, is
shown in Fig. 6.2. This is satisfactory for no liquid flow (¥, = 0), for cocurrent
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Figure 6.2 Skip velocity, sparged vessels. [G. A. Hughmark, Ind. Eng. Chem. Process Des. Dev., 6,218
(1967), with permission of the American Chemical Society.)
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liquid flow up to ¥, = 0.1 m/s (0.3 ft/s), and very probably also for small
countercurrent liquid flow [1]. For large countercurrent velocities, holdup is best
treated differently [17). The holdup increases with increasing liquid viscosity,
passes through a maximum at p, = 0.003 kg/m - s (3 cP), and then decreases
[40).

Specific Interfacial Area

If unit volume of a gas-liquid mixture contains a gas volume ¢, made up of n
bubbles of diameter d,, then n = g5 /(nd; /6). If the interfacial area in the unit
volume is a, then n = a/ wdz Equating Lhc two expressions for n provides the
specific area
_ 695
a= _d: (69)
For low velocities, the bubble size may be taken as that produced at the orifices
of the sparger, corrected as necessary for pressure. If the liquid velocity is large,
the bubble size will be altered by turbulent breakup and coalescence of bubbles.
Thus, for air-water, and in the ranges g; = 0.1 to 0.4 and ¥, /(1 — ¢5) = 0.15
to 15 m/s (0.5 to 5 ft/s), the bubble size is approximated by [95]
-3
4= 2.344 X 10 - (6.10)
[VL/ (1- ‘~'PG)]

where 4, is in meters and V; in m/s.}

Mass Transfer

In practically all the gas-bubble liquid systems, the liquid-phase mass-transfer
resistance is strongly controlling, and gas-phase coefficients are not needed. The
liquid-phase coefficients, to within about 15 percent, are correlated by [61]

0.116
F, L‘{v , 779 QA0.546 v 1/3
ShL= <D, =2+b Re Sc}: DI (6.11)
where b= { 0.061 single gas bubbles
0.0187 swarms of bubbles

The gas Reynolds number must be calculated with the slip velocity: Re; =
dp‘Vsp,_ / B For single bubbles, ¢; = 0 and V5 = V,. In most cases the liquid
will be stirred well enough to permit solute concentrations in the liquid to be
considered uniform throughout the vessel.

1 For 4, in feet and ¥, in ft/s, the coefficient of Eq. (6.10) is 0.01705.
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Power

The power supplied to the vessel contents, which is responsible for the agitation
and creation of large interfacial area, is derived from the gas flow. Bernoulli’s
equation, a mechanical-energy balance written for the gas between location o
(just above the sparger orifices) and location s (at the liquid surface), is

Vi-V? g
—_23—+(Z z)e +f 24 Wt H =0 (6.12)

C

The friction loss H; and V¥, can be neg]ected, and the gas density can be
described by the ideal-gas law, whereupon

V2
Po 2o n!’o
23 0G0

c

W= +(Z, - )gﬁ (6.13)

(s

W is the work done by the gas on the vessel contents, per unit mass of gas. Work
for the gas compressor will be larger, to account for friction in the piping and
orifices, any dust filter for the gas that may be used, and compressor ineffi-
ciency.

Mlustration 6.1 A vessel 1.0 m in diameter and 3.0 m deep (measured from gas sparger at the
bottom to liquid overflow at the top) is to be used for stripping chlorine from water by sparging
with air. The water will flow continuously upward at the rate 8 x 1074 m3/s (1.7 ft*/min).
Airflow will be 0.055 kg/s (7.28 1b/min) at 25°C. The sparger is in the form of a ring, 25 cm in
diameter, containing 50 orifices, each 3.0 mm in diameter. Estimate the specific interfacial area
and the mass-transfer coefficient.

SorutioN The gas flow rate per orifice = 0.055/50 = 0.0011 kg/s = w, - d, = 0.003 m, and

Bo = 1.8 X 1073 kg/m - 5. Re, = 4w, /7d,nG = 26 000; Eq. (6.5): 4, = 4.27 X 107> m at the

orifice. The pressure at the orifice, ignoring the gas holdup, is that corresponding to 3.0 m of

water (density 1000 kg/m®) or 101.3 kN/m? std atm + 3.0{1000)(9. 81)/1000 = 130.8 kN/m?
The average pressure in the column (for 1.5 m of water) is 116.0 kN /m?, Therefore

_ 29 273 1160
P6 = 3321 298 1013

T = 1.0 m, and the vessel cross-sectional area = #72/4 = 0.785 m.

0.055 8 x 104
0785(135) = 00516m/s  and ¥, = oo

Since p; = 1000 kg/m> and ¢ = 0.072 N/m for the liquid, the abscissa of Fig. 6.2 is 0.0516
m/s. Hence (Fig. 6.2), V/ Vs = 0.11 and Vs = V;/0.11 = 0.469 m/s. Eq. (6.8):

= 1.358 kg/m?

V= =0.00102 m/s

0.469 = 00516 _ 0.00102
¥ I -
@ = 0.1097

Equation (6.10) is not to be used in view of the small V. Therefore the bubble diameter at the
average column pressure, calculated from 4, at the orifice, is

130.8

d, ~[(000427)3“60

] = 0.00447 m

Eq. (6.9): a = 147.2 m?/m’. Ans
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At 25°C, D, for Cl, in H,0 = 144 x 10~ m?/s; g = 9.81 m/s. In Eq. (6.11),
d,g'/*/D}® = 7500. The viscosity of water g, = 8937 X 107 kg/m:s, and Reg =
d4,Vsp, /1y = 2346, Sc, =y, /p; D; = 621, and hence Sh, = 746. For dilute solutions of Cl,
in H,0 the molar density ¢ = 1000/18.02 = 55.5 kmol/m?. Therefore F, = (cD, Sh;)/d, =
0.0127 kmol/m?- 5. Ans,

MECHANICALLY AGITATED VESSELS

Mechanical agitation of a liquid, usually by a rotating device, is especially
suitable for dispersing solids, liquids, or gases into liquids, and it is used for
many of the mass-transfer operations. Agitators can produce very high turbu-
lence intensities («'/u averages as high as 0.35 [104] ranging up to 0.75 in the
vicinity of an agitating impeller [31, 74), contrasted with about 0.04 for turbulent
flow in pipes), which not only produce good mass-transfer coefficients but are
necessary for effective dispersion of liquids and gases. High liquid velocities,
particularly desirable for suspending solids, are readily obtained.

It will be useful first to establish the characteristics of these vessels when
used simply for stirring single-phase liquids, as in blending, for example.
Applications to particular mass-transfer operations will be considered separately
later.

MECHANICAL AGITATION OF SINGLE-PHASE LIQUIDS

Typical agitated vessels are vertical circular cylinders; rectangular tanks are
unusual, although not uncommon in certain liquid-extraction applications. The
liquids are usually maintained at a depth of one to two tank diameters.

Impellers

There are literally scores of designs. The discussion here is limited to the most
popular, as shown in Fig. 6.3. These are usually mounted on an axially arranged,
motor-driven shaft, as in Fig. 6.4. In the smaller sizes, particularly, the impeller
and shaft may enter the vessel at an angle to the vessel axis, with the motor drive
clamped to the rim of the vessel.

The marine-type propeller, Fig. 6.3a, is characteristically operated at rela-
tively high speed, particularly in low-viscosity liquids, and is especially useful for
its high liquid-circulating capacity. The ratio of impeller diameter to vessel
diameter, 4,/ 7, is usually set at 1 : 5 or less. The liquid flow is axial, and the
propeller is turned so that it produces downward flow toward the bottom of the
vessel. In describing the propeller, pirch refers to the ratio of the distance
advanced per revolution by a free propeller operating without slip to the
propeller diameter; square pitch, which is most common in agitator designs,
means a pitch equal to unity. Propellers are more frequently used for liquid-
blending operations than for mass-transfer purposes.
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Figure 63 Impellers, with typical proportions: (@) marine-type propellers; (b) flat-blade turbine,
w =d, /5, (c) disk flat-blade turbine, w = d,/5, d; = 24,/3, B = d,/4; (d) curved-blade turbine,
w = d /8; (e) pitched-blade turbine, w = d,/8; and (f) shrouded turbine, w = 4;/8.

Turbines, particularly the flat-blade designs of Fig. 6.3b and ¢, are fre-
quently used for mass-transfer operations.t The curved blade design (Fig. 6.34)
is useful for suspension of fragile pulps, crystals, and the like and the pitched-
blade turbine (Fig. 6.3¢) more frequently for blending liquids. The shrouded
impeller of Fig. 6.3f has limited use in gas-liquid contracting. Flow of liquid
from the impeller is radial except for the pitched-blade design, where it is axial.
Although the best ratio d;/ T depends upon the application, a value of 1: 3 is
common. Turbines customarily operate with peripheral speeds of the order of
2.5 to 4.6 m/s (450 to 850 ft/min), depending upon the service.

Vortex Formation and Prevention

Typical flow patterns for single-phase Newtonian liquids of moderate viscosity
are shown in Fig. 6.4. For an axially located impeller operating at low speeds in

t These designs have been in use for many years. G. Agricola’s “De re metallica” (H. C. and L.
H. Hoover, translators, from the Latin of 1556, book 8, p. 299, Dover, New York, 1950) shows a
woodcut of six-bladed flat-blade turbine impellers being used to suspend a gold ore in water.
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Figure 6.4 Liquid agitation in presence of a gas-liquid interface, with and without wall baffles: (a)
marine impeller and (b) disk flat-blade turbines; (¢) in full vessels without a gas-liquid interface
{continuous flow) and without baffles.



EQUIPMENT FOR GAS-LIQUID OPERATIONS 149

an open vessel with a gas-liquid surface, the liquid surface is level and the liquid
circulates about the axis. As the impeller speed is increased to produce turbulent
conditions, the power required to turn the impeller increases and a vortex begins
to form around the shaft. At higher speeds the vortex eventually reaches the
impeller, as in the left-hand sketches of Fig. 6.4a and b. Air is drawn into the
liquid, the impeller operates partly in air, and the power required drops. The
drawing of gas into the liquid is frequently undesirable, and, in addition, vortex
formation leads to difficulties in scaling up of model experiments and pilot-plant
studies, so that steps are usually taken to prevent vortices. A possible exception
is when a solid that is difficult to wet is to be dissolved in a liquid, e.g,
powdered boric acid in water, when it is useful to pour the solid into the vortex.
Vortex formation can be prevented by the following means:

1. Open tanks with gas-liquid surfaces.t
a. Operation only in the laminar range for the impeller (Re 10 to 20). This is

usually impractically slow for mass-transfer purposes.

b. Off-center location of the impeller on a shaft entering the vessel at an
angle to the vessel axis. This is used relatively infrequently in permanent
installations, and is used mostly in small-scale work with impellers where
the agitator drive is clamped to the rim of the vessel.

c. Installation of baffles. This is by far the most common method. Standard
baffling [78] consists of four flat, vertical strips arranged radially at 90°
intervals around the tank wall, extending for the full liquid depth, as in the
right-hand sketches of Fig. 6.44 and b. The standard baffle width is
usually T/12, less frequently 7/10 (“10 percent baffles”). Baffles are
sometimes set at a clearance from the vessel wall of about one-sixth the
baffle width to eliminate stagnant pockets in which the solids can ac-
cumulate. They may be used as supports for helical heating or cooling
coils immersed in the liquid. The condition of fully baffled turbulence is
considered to exist for these vessels at impeller Reynolds numbers above
10 000.1 The presence of baffles reduces swirl and increases the vertical
liquid currents in the vessel, as shown on the right of Fig, 6.4. The power
required to turn the impeller is also increased.

2. Closed tanks, operated full, with no gas-liquid surface [70)]. This is especially
convenient for cases where the liquid flows continuously through the vessel,
as in Fig. 6.4c. A circular flow pattern is superimposed upon the axial flow
directed toward the center of the impeller. The arrangement is not practical,
of course, for gas-liquid contact, where baffles should be used.

1 Addition of minute amounts of certain polymers to the liquid can inhibit vortex formation
during bottom drainage of unagitated tanks [R. J. Gordon, et al., Nature Phys. Sci., 231, 25 (1971);
J. Appl. Polymer Sci., 16, 1629 (1972); AICKE J., 22, 947 (1976)].

I At very high speeds, gas can still be drawn into the impeller despite the presence of baffles. For
flat-blade turbines with four blades in tanks with standard baffles, this will occur when [27

dN? dbw 1 C\2/3
A () > 0.005

g T2Z\Z
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Fluid Mechanics

Discussions of the characteristics of agitated vessels frequently involve consider-
ations of sirnilarity, and this is particularly important when it is desired to obtain
simple laws describing vessels of different sizes. For example, with proper regard
to similarity and by describing results in terms of dimensionless groups, it is
possible to experiment with a vessel filled with air and expect the results for
power, degree of turbulence, and the like, to be applicable to vessels filled with
liquid [52]. Three types of similarity are significant when dealing with liquid
motion:

1. Geometric similarity refers to linear dimensions. Two vessels of different sizes
are geometrically similar if the ratios of corresponding dimensions on the two
scales are the same, and this refers to tank, baffles, impellers, and liquid
depths. If photographs of two vessels are completely superimposable, they are
geometrically similar.

2. Kinematic similarity refers to motion and requires geometric similarity and
the same ratio of velocities for corresponding positions in the vessels. This is
especially important for mass-transfer studies.

3. Dynamic similarity concerns forces and requires all force ratios for corre-
sponding positions to be equal in kinematically similar vessels.

The complex motion in an agitated vessel cannot be put into complete
analytical form, but the equations of motion can be described in terms of
dimensionless groups as follows [S]:

.
Lup & PE)oy (6.14)
e Lg pu2

where L is some characteristic length and Ap is a pressure difference. The first of
these groups is the ratio of inertial to viscous forces, the familiar Reynolds
number. If the characteristic length is taken as d; and the velocity proportional
to the impeller-tip speed #Nd,, when the = is omitted the group becomes the
impeller Reynolds number Re = d*Np, /u,.

The second group, the ratio of inertial to gravity forces, important when the
liquid surface is wavy or curved, as with a vortex, is the Froude number. With u
and L defined as before, it becomes Fr = dN?/g.

The third is the ratio of pressure differences resulting in flow to inertial
forces. If Ap is taken as force/area, the group can be recognized as a drag
coefficient, which is usually written F,, / A(pt*/2g.). The group can be developed
into a dimensionless power number as follows. Power required by the impeller is
the product of Ap and the volumetric liquid-flow rate Q,, so that

P
Ap = — 6.15
P =5 (6.15)
The fluid velocity is proportional [104] to Nd?/ T or, for geometrically similar
vessels, to Nd, so that Q, is proportional to Nd® [52]. Substitution of these
transforms the group into Po = Pg,/pN*d?.
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For geometrically similar vessels, therefore, Eq. (6.14) can be written
J(Re, Fr, Po) = 0 (6.16)

For nongeometrical similarity, a variety of dimension ratios is also required [4,
102]

rzcl wnb

444’ 4 4T

For two-phase dispersions, other groups such as the Weber number We =
puzdp / ag,, the ratio of inertial to surface forces, may be significant. Sherwood
and Schmidt numbers are of course important in mass transfer. For dynamic
similarity in two sizes of vessels operated with a vortex, the Reynolds and
Froude numbers must be the same for both vessels. Since the impellers would be
geometrically similar but unequally sized, it becomes impossible to specify the
impeller speeds in the two vessels containing the same liquid to accomplish this.
Thus, equal Reynolds numbers require

N _ (Y
NZ— dil

while equal Froude numbers require

EL_ ﬂg 0.5
N, a4

!

where 1 and 2 designate the two sizes, and the two conditions cannot be met
simultaneously. For this reason most work with open vessels has been done with
baffles to prevent vortex formation. Closed vessels operated full cannot form a
vortex, and baffles for these are unnecessary. For these nonvortexing cases, the
Froude number is no longer important; Eq. (6.16) becomes

f(Re, Po) =0 (6.17)

Power in nonvortexing systems For geometrically similar vessels operated with
single-phase newtonian liquids, the power characteristics of the impellers of Fig.
6.3 are shown in Fig. 6.5. These curves represent Eq. (6.17) and were obtained
experimentally. At Reynolds numbers less than about 10, the curves have a slope
of —1, and at very high Reynolds numbers the power number becomes con-
stant. The curves are thus quite analogous to those for the drag coefficient of an
immersed body or the friction factor for pipe flow.

All the energy in the liquid stream from an impeller is dissipated through
turbulence and viscosity to heat [93]. The velocity gradient in the liquid, which
sets the shear rate and hence the turbulence intensity, is greatest at the impeller
tip, less at a distance relatively removed. At high Reynolds numbers for all the
curves of Fig. 6.5, where the power number becomes constant, the impeller
power becomes independent of liquid viscosity and varies only as p, N4>, Since
it has already been shown that for geometrically similar vessels Q varies as Nd?,
at constant power number P is proportional to QN2d? for a given lquid.
Consequently a small impeller operating at high speed produces less flow and
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Figure 6.5 Power for agitation impellers immersed in single-phase liquids, baffled vessels with a
gas-liquid surface {except curves (¢) and (g)]. Curves correspond to impellers of Fig. 6.3: (a) marine
impellers, (b) flat-blade turbines, w = 4, /5, (¢) disk flat-blade turbines with and without a gas-liquid
surface, (d) curved-blade turbines, (e) pitched-blade turbines, (g) flat-blade turbines, no baffles, no
gas-liquid interface, no vortex.

Notes on Fig. 6.5

1.

The power P is only that imparted to the liquid by the impeller. It is not that delivered to the
motor drive, which additionally includes losses in the motor and speed-reducing gear, These may
total 30 to 40 percent of P. A stuffing box where the shaft enters a covered vessel causes
additional losses.

2. All the curves are for axial impeller shafts, with liquid depth Z equal to the tank diameter 7.
3. Curves a to e are for open vessels, with a gas-liquid surface, fitted with four baffles, b = T/10 to

T/12.

4. Curve a is for marine propellers, 4,/ T z%, set a distance C = d; or greater from the bottom of

the vessel. The effect of changing d,/ T is apparently felt only at very high Reynolds numbers and
is not well established.

. Curves b to e are for turbines located at a distance C = d; or greater from the bottom of the
vessel. For disk flat-blade turbines, curve c, there is essentially no effect of 4,/ T in the range 0.15
to 0.50, For open types, curve b, the effect of d,/T may be strong, depending upon the group
nb/T(8).

. Curve g is for disk flat-blade turbines operated in unbaffled vessels filled with liquid, covered, so
that no vortex forms [70]. If baffles are present, the power characteristics at high Reynolds
numbers are essentially the same as curve b for baffled open vessels, with only a slight increase in
power [88].

. For very deep tanks, two impellers are sometimes mounted on the same shaft, one above the
other. For the flat-blade disk turbines, at a spacing equal to 1.54; or greater, the combined power
for both will approximate twice that for a single turbine [4].
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more turbulence than a large impeller operating at slow speed at the same
power. Smaller higher-speed impellers are thus especially suited for dispersing
liquids and gases, while the larger impellers are particularly effective for sus-
pending solids.

MECHANICAL AGITATION, GAS-LIQUID CONTACT

A typical arrangement is shown in Fig. 6.6a. The baffled vessel, with liquid
depth approximating the tank diameter, must be provided with adequate free-
board to allow for the gas holdup during gas flow. Gas is best introduced below
the impeller through a ring-shaped sparger of diameter equal to, or somewhat
smaller than, that of the impeller [92], arranged with holes on top. Holes may be
3to 6.5 mm (3 to 1 in) in diameter, in number to provide a hole Reynolds
number Re, of the order of 10 000 or more, although this is not especially
important. The distance between holes should not be less than d,, the gas-bubble
diameter as given for example by Eq. (6.5). When time of contact must be
relatively large, deep vessels can be used, as in Fig. 6.6b, whereupon multiple
impellers (preferably not more than two [93]) are used to redisperse gas bubbles
which coalesce, thereby maintaining a large interfacial area. In very large
aeration tanks for activated sludge and other fermentations, where volumes may
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Figure 6.6 Mechanically agitated vessels for gas-liquid contact: (a) standard, (b) multipte impellers
for deep tanks.



be as large as 90 m® (24 000 gal), liquid depths must usually be kept not larger
than about 3 to 5 m to save on air-compression costs. The large tank-diameter—
liquid-depth ratios which then develop require multiple mixers and points for
introducing the gas.

Impellers

Both open and disk flat-blade turbines are used extensively, particularly because
of the high discharge velocities normal to the flow of gas which they maintain.
Especially in the larger sizes, the disk type is preferred.t They are best specified
with d;/T = 0.25 to 0.4 and set off the bottom of the vessel a distance equal to
the impeller diameter. In some cases, especially designed impellers can be used
to induce the gas flow from the space above the liquid down into the agitated
mass [81, 115).
For production of effective gas dispersions with disk flat-blade turbines, the
impeller speed should exceed that given by [122]
Na, =122 + l.25-§

_ Nd 6.18
(og8./p)"> ; (619)

Gas Flow

If the gas flow rate is too large, especially for liquids of high viscosity [20],
bubbles of gas become trapped below the eye of the impeller, thus blocking the
flow of liquid from below to the impeller. Such an effect should be minimized
for impeller speeds exceeding those of Eq. (6.18). In any event, for most
installations the superficial gas velocity based on the vessel cross-sectional area
does not exceed V; = 0.08 m/s (0.25 ft/s).

Impeller Power

The presence of gas in the vessel contents results in lowering the power required
to turn an impeller at a given speed, probably because of the lowered mean
density of the mixture, Of the many correlations which have been attempted
[86], that shown in Fig. 6.7, despite some shortcomings [20], is recommended for
disk flat-blade turbines [24) in water and aqueous solutions of nonelectrolytes.I
It has been found applicable to vessels ranging in capacity up to 4 m® (140 ft*)
and larger [5]. The broken lines of the figure adequately represent the data, and

1 See Miller [84] for characteristics of four-bladed open turbines.

1 It is anticipated that the superficial gas velocity Qg /(7T2/4), rather than Qg, would better
correlate data for a range of tank diameters, which leads to a correlating group O/ Nd, T2 instead of
that of the figure. If the range of the ratio d,/T is relatively narrow, however, the group of Fig. 6.7
will serve.
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Figure 6.7 Impeller power for gassed vessels, disk flat-blade turbines, 4,/ T = 0.25 to 0.33. [Adapted
from Calderbank, Trans. Inst. Chem. Eng., Lond., 36, 443 (1958).]

their equations are

I - 122 Q63 _Q% < 0.037
Ps _ Nd, Nd, (6.19)
< =
0.62 — 1.85-2¢ % 0037 (6.20)
Nd? Nd?

1 1

where P is the power with gas and P that with no gas flowing. Gassed power
levels of 600 to 1000 W /m? (12.5 to 20 ft - Ib,/ft*- s or 3 to 5 hp per 1000 gal)
are common, although values as large as 4 times as much have been used.
Furthermore, the ratio of power required to volume of vessel decreases with
vessel size. Power characteristics for two impellers, as in Fig. 6.6b, have not been
studied; a conservative estimate would be that for one gassed plus that for one
ungassed impeller [5]. In many instances an appreciable amount of power will be
supplied to the liquid by way of the gas [see Eq. 6.13)]. Aqueous electrolytes,
because of the smaller bubble-coalescence rates which they produce, exhibit
different power requirements [55].

To safeguard against overloading the agitator motor if the flow of gas
should suddenly be stopped, the motor and drive should be sized as if there were
no gas. An excellent review provides many details [57].



Bubble Diameter, Gas Holdup, and Interfacial Area

If it is turning at suitable speed, the impeller will break the gas up into very fine
bubbles, which are swept out radially from the tip. In the immediate vicinity of
the impeller tip, the specific interfacial area is consequently very large. Coalesc-
nece of the bubbles in the slower-moving liquid in other parts of the vessel
increases the bubble diameter and lowers the local area. For moderate impeller
speeds, only the gas fed to the impeller produces the specific interfacial area
designated as g,, but at higher impeller speeds, especially in small vessels, gas
drawn from the space above the liquid contributes importantly to produce the
larger mean specific area a. For disk flat-blade turbines, the specific area can be
estimated from [23, 24, 84):

' \0.3
Re°'7(—1-v;—;d—‘) < 30 000:
G
04 0.2 1/2
a,= 1.44{(%) ( fL ) (XVE) (6.21)
L ag. t
o Nd;\03 e e e
Re™ A > 30 000 (surface aeration significant):
G
Nd. 0.3
4 - 833%10°° Rem(?%) - 1.5 (6.22)

The quantity in the square brackets of Eq. (6.21) has the net dimension L™!. The
impeller Reynolds number is computed with liquid density and viscosity.
The mean bubble diameter for disk flat-blade turbines is given by

0.2
v, )0.4( 03&) m( I )0.25
—= —= = 6.23
( P 3 ¥ 103 (623)
where for electrolyte solutions X = 2.25, m = 0.4 and for aqueous solutions of
alcohols and tentatively for other organic solutes in water K = 1.90, m = 0.65.

The gas holdup can then be estimated by substituting Egs. (6.21) to (6.23)
into Eq. (6.9). Thus, for Re®” (Nd,/ V;)** < 30 000, we obtain

B 0425( Va)lﬂ 1/(1—m)
= 0.24K(—-—) -
%o [ 12 vV,

The use of Egs. (6.21) to (6.24) requires a trial-and-error procedure. To initiate
this, it is frequently satisfactory to trv ¥, = 0.21 m/s, or the equivalent in other
units, to be corrected through Egs. (6.6) to (6.7).

4= K

(6.24)

Mass-Transfer Coefficients

The evidence is that the mass-transfer resistance lies entirely within the liquid
phase [23, 24, 101], and for gas bubbles of diameter likely to be encountered in
agitated vessels

Sh, =20+ 031 Ra'? (6.25)
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where Ra is the Rayleigh number d,* Ap g/ D, ;. Equation (6.25) indicates that
k; is independent of agitator power. This is because the Ap is so large for
gas-liquid mixtures that bubble motion due to g rather than to P, determines
the rate of mass transfer. There is some evidence to the contrary [69].

Hlustration 6.2 Water containing dissolved air is to be deoxygenated by contact with nitrogen
in an agitated vessel 1 m (3.28 ft) in diameter. The water will enter continuously at the bottom
of the vessel and leave through an overflow pipe set in the side of the vessel at an appropriate
height. Assume that the ungassed water would have a depth of 1 m (3.28 ft).

Water rate = 9.5 X 1074 m>/s (1.99 ft3/min)
Gas rate = 0.061 kg/s (8.07Ib/min)  temp = 25°C

Specify the arrangement to be used and estimate the average gas-bubble diameter, gas holdup,
specific interfacial area, and mass-transfer coefficient to be expected.

Sorution Use four vertical wall baffles, 100 mm wide, set at 90° intervals. Use a 305-mm-
diameter (1-ft), six-bladed disk flat-blade turbine impeller, arranged axially, 300 mm from the
bottom of the vessel.

The sparger underneath the impeller will be in the form of a 240-mm-diameter ring
made of 12.7-mm (}-in) tubing drilled in the top with 3.18-mm-diameter (3-in) holes (d, =
0.00316 m). The viscosity of N, is 1.8 X 1075 kg/m - s at 25°C. For an orifice Reynolds
number of 35 000 = 4w, /xd,pu; = 4w,/7(0.00316)(1.8 X 10~%), w, = 1.564 x 1073 kg/s gas
flow through each orifice. Therefore, use 0.061/(1.564 X 1073) = 39 holes at approx #(240)/39
= ]6-mm intervals around the sparger ring.

At 25°C, the viscosity of water is 8.9 X 10™* kg/m - s, the surface tension is 0.072 N/m,
and the density is 1000 kg/m>. In Eq. (6.18) d, = 0.305m, T = 1 m, g = 9.8l m/s? and g, = 1,
whence N = 2,84 r/s (170 r/min) minimum impeller speed for effective dispersion. Use N = 5
r/s (300 r/min). )

Re = d?Np, /u, = 523 000. Fig. 65: Po = 50, and the no-gas power = P =
5.0p N5 /g, = 1650 W:

The gas at the sparger, and hence at the impeller, is at a head of 0.7 m of water, or
101 330 + 0.7(1000X9.81) = 108.2 X 10~ N/m? abs. Mol wt N, = 28.02.

0.061 298 101.3
QG = W(zz"l)mm = 0,050 ma/s
With N =5 r/s, Qg/Nd? = 0.35. In Fig. 6.7 the abscissa is off scale. Take P;/P = 0.43,
whence P = 0.43(1650) = 710 W (0.95 hp) delivered by the impeller to the gassed mixture.
Note: Power for the ungassed mixture is 1650 W (2.2 hp), and allowance for inefficiencies of
motor and speed reducer may bring the power input to the motor to 2250 W (3 hp), which
should be specified.

Vs = 0.050/[m(1)?/4) = 0.0673 m/s superficial gas velocity. Re®(Nd,/ V)°3 = 26 100.
The interfacial area is given by Eq. (6.21).

P =710 W, v, = x(1)*/4 = 0.785 m®, g, = 1. Equation (6.21) provides

a = —— (6.26)
with a in m?*/m? and ¥, in m/s. For d, [Eq. (6.23)), use K = 2.25, m = 0.4, and g = 1.8 X
107% kg/m - s. Equation (6.23) becomes

d, = 2.88 X 1073 g 6.27)
Substitution of Eqgs. (6.26) and (6.27) into (6.9) provides

1067 x 1073

G o (628)
¢
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Equations (6.27) and (6.28) are to be solved simultanecusly with the relationship for ¥,. After
several trials, choose ¥, = 0.240 m/s, whence g = 0.0232, d, = 6.39 X 10~* m = 0.639 mm,
whence Eq. (6.6) provides ¥, = 0250 m/s, a satisfactory check. From Egq. (6.26), a
=214 m*/m3.

For N, in water at 25°C, D, = 1.9 X 10~° m?/s, and Ra = 1.514 X 1075, Equation
(6.25) provides Sh; = 37.6 = F d,/¢cD,. Since ¢ = 1000/18.02 = 55.5 kmol/m?, F; = 6.20 X
1073 kmol/m?- 5.

Since a well-designed turbine impeller provides very thorough mixing of the
liquid, it can reasonably be assumed that the concentration throughout the
liquid phase in such devices is quite uniform. Therefore the benefits of counter-
current flow for continuous operation cannot be had with a single tank and
agitator.

Multistage Absorption

Multistage arrangements, with counterflow of gas and liquid, can be made with
multiple vessels and agitators piped to lead the gas from the top of one tank to
the bottom of the next and the liquid from vessel to vessel in the opposite
direction. A more acceptable alternative is to place the agitated vessels one atop
the other, with the agitators on a single shaft. Towers of this sort are regularly
used for liquid extraction, as shown in Fig, 10.52. However a laboratory tower of
that design containing 12 agitated compartments was studied for the absorption
of ammonia from air into water [113]. The absorption rates were comparable to
those obtained with towers packed with 25-mm (1-in) Raschig rings. The design
should be particularly advantageous where liquid rates are low, where packing is
inadequately wet, or where the liquid contains suspended solids tending to clog
conventional packed and tray towers.

TRAY TOWERS

Tray towers are vertical cylinders in which the liquid and gas are contacted in
stepwise fashion on trays or plates, as shown schematically for one type
{bubble-cap trays) in Fig. 6.8. The liquid enters at the top and flows downward
by gravity. On the way, it flows across each tray and through a downspout to the
tray below. The gas passes upward through openings of one sort or another in
the tray, then bubbles through the liquid to form a froth, disengages from the
froth, and passes on to the next tray above. The overall effect is a multiple
countercurrent contact of gas and liquid, although each tray is characterized by
a cross flow of the two. Each tray of the tower is a stage, since on the tray the
fluids are brought into intimate contact, interphase diffusion occurs, and the
fluids are separated.

The number of equilibrium stages (theoretical trays) in a column or tower is
dependent only upon the difficulty of the separation to be carried out and is
determined solely from material balances and equilibrium considerations. The
stage or tray efficiency, and therefore the number of real trays, is determined by
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the mechanical design used and the conditions of operation. The diameter of the
tower, on the other hand, depends upon the quantities of liquid and gas flowing
through the tower per unit time. Once the number of equilibrium stages, or
theoretical trays, required has been determined, the principal problem in the
design of the tower is to choose dimensions and arrangements which will
represent the best compromise between several opposing tendencies, since it is
generally found that conditions leading to high tray efficiencies will ultimately
lead to operational difficulties. .

For stage or tray efficiencies to be high the time of contact should be long to
permit the diffusion to occur, the interfacial surface between phases must be
made large, and a relatively high intensity of turbulence is required to obtain



high mass-transfer coefficients. In order to provide long contact time, the liquid
pool on each tray should be deep, so that bubbles of gas will require a relatively
long time to rise through the liquid. When the gas bubbles only slowly through
the openings on the tray, the bubbles are large, the interfacial surface per unit of
gas volume is small, the liquid is relatively quiescent, and much of it may even
pass over the tray without having contacted the gas. On the other hand, when
the gas velocity is relatively high, it is dispersed very thoroughly into the liquid,
which in turn is agitated into a froth. This provides large interfacial surface
areas. For high tray efficiencies, therefore, we require deep pools of liquid and
relatively high gas velocities.

These conditions, however, lead to a number of difficulties. One is the
mechanical entrainment of droplets of liquid in the rising gas stream. At high
gas velocities, when the gas is disengaged from the froth, small droplets of liquid
will be carried by the gas to the tray above. Liquid carried up the tower in this
manner reduces the concentration change brought about by the mass transfer
and consequently adversely affects the tray efficiency. And so the gas velocity
may be limited by the reduction in tray efficiency due to liquid entrainment.

Furthermore, great liquid depths on the tray and high gas velocities both
result in high pressure drop for the gas in flowing through the tray, and this in
turn leads to a number of difficulties. In the case of absorbers and humidifiers,
high pressure drop results in high fan power to blow or draw the gas through the
tower, and consequently high operating cost. In the case of distillation, high
pressure at the bottom of the tower results in high boiling temperatures, which in
turn may lead to heating difficulties and possibly damage to heat-sensitive
compounds.

Ultimately, purely mechanical difficulties arise. High pressure drop may
lead directly to a condition of flooding. With a large pressure difference in the
space between trays, the level of liquid leaving a tray at relatively low pressure
and entering one of high pressure must necessarily assume an elevated position
in the downspouts, as shown in Fig. 6.8. As the pressure difference is increased
due to the increased rate of flow of either gas or liquid, the level in the
downspout will rise further to permit the liquid to enter the lower tray.
Ultimately the liquid level may reach that on the tray above. Further increase in
either flow rate then aggravates the condition rapidly, and the liquid will fill the
entire space between the trays. The tower is then flooded, the tray efficiency
falls to a low value, the flow of gas is erratic, and liquid may be forced out of the
exit pipe at the top of the tower.

For liquid-gas combinations which tend to foam excessively, high gas
velocities may lead to a condition of priming, which is also an inoperative
situation. Here the foam persists throughout the space between trays, and a
great deal of liquid is carried by the gas from one tray to the tray above. This is
an exaggerated condition of entrainment. The liquid so carried recirculates
between trays, and the added liquid-handling load increases the gas pressure
drop sufficiently to lead to flooding.

We can summarize these opposing tendencies as follows. Great depths of
liquid on the trays lead to high tray efficiencies through long contact time but
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also to high pressure drop per tray. High gas velocities, within limits, provide
good vapor-liquid contact through excellence of dispersion but lead to excessive
entrainment and high pressure drop. Several other undesirable conditions may
occur. If liquid rates are too low, the gas rising through the openings of the tray
may push the liquid away (coning), and contact of the gas and liquid is poor. If
the gas rate is too low, much of the liquid may rain down through the openings
of the tray (weeping), thus failing to obtain the benefit of complete flow over the
trays; and at very low gas rates, none of the liquid reaches the downspouts
(dumping). The relations between these conditions are shown schematically in
Fig. 6.9, and all types of trays are subject to these difficulties in some form. The
various arrangements, dimensions, and operating conditions chosen for design
are those which experience has proved to be reasonably good compromises. The
general design procedure involves a somewhat empirical application of them,
followed by computational check to ensure that pressure drop and flexibility,
i.e., ability of the tower to handle more or less than the immediately expected
flow quantities, are satisfactory.

A great variety of tray designs have been and are being used. During the
first half of this century, practically all towers were fitted with bubble-cap trays,
but new installations now use either sieve trays or one of the proprietary designs
which have proliferated since 1950.

General Characteristics

Certain design features common to the most frequently used tray designs will be
dealt with first.

Shell and trays The tower may be made of any number of materials, depending
upon the corrosion conditions expected. Glass, glass-lined metal, impervious
carbon, plastics, even wood but most frequently metals are used. For metal
towers, the shells are usually cylindrical for reasons of cost. In order to facilitate
cleaning, small-diameter towers are fitted with hand holes, large towers with
manways about every tenth tray [66].

The trays are usually made of sheet metals, of special alloys if necessary, the
thickness governed by the anticipated corrosion rate. The trays must be stiffened
and supported (see, for example, Fig. 6.14) and must be fastened to the shell to
prevent movement owing to surges of gas, with allowance for thermal expansion.
This can be arranged by use of tray-support rings with slotted bolt holes to
which the trays are bolted. Large trays must be fitted with manways (see Fig.
6.14) so that a person can climb from one tray to another during repair and
cleaning [126]. Trays should be installed level to within 6 mm (3 in) to promote
good liquid distribution.

Tray spacing Tray spacing is usually chosen on the basis of expediency in
construction, maintenance, and cost and later checked to be certain that
adequate insurance against flooding and excessive entrainment is present. For
special cases where tower height is an important consideration, spacings of
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Table 6.1 Recommended general conditions and dimensions for tray towers

1. Tray spacing

Tower diameter T Tray spacing ¢
m ft m in
0.15 6 minimum
1 or less 4 or less 0.50 20
-3 4-10 0.60 24
3-4 10-12 0.75 30
4-8 12-24 0.90 36
2. Liquid flow

a. Not over 0015 m’/(m diam)-s (0.165 f*/ft -5) for single-pass cross-flow trays
b. Not over 0.032 m’/(m weir length) - s (0.35 ft?/ft - s) for others

3. Downspout seal

a. Vacuum, 5 mm minimum, 10 mm preferred ({-1 in)

b. Atmospheric pressure and higher, 25 mm minimum, 40 mm preferred (1-1.5 in)

4. Weir length for straight, rectangular weirs, cross-flow trays, 0.67 to 0.87, 0.77 typical

Distance from center Tower area
Weir length W of tower used by one downspout, %
0.55T 04181T 3.877
0.60T 0.3993T 5.257
0.65T 0.2516T 6.899
0.70T 0.3562T 8.808
0.75T 0.3296T 11.255
0.80T 0.1991T 14.145

5. Typical pressure drop per tray

Total pressure Pressure drop

35 mmHg abs 3 mmHg or less

1 std atm : 500-800 N /m? (0.07-0.12 lb/in?)
2 X 106 N/m? 1000 N /m?

300 Ib; /in? 0.15 1b/in?

15 em (6 in) have been used. For all except the smallest tower diameters, 50 cm
(20 in) would seem to be a more workable minimum from the point of view of
cleaning the trays. Table 6.1 summarizes recommended values.

Tower diameter The tower diameter and consequently its cross-sectional area
must be sufficiently large to handle the gas and liquid rates within the region of
satisfactory operation of Fig. 6.9. For a given type of tray at flooding, the
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superficial velocity of the gas V. (volumetric rate of gas flow Q per net cross
section for flow A4,) is related to fluid densities by}

— /2
Ve = CF("—L?”G) (6.29)

The net cross section 4, is the tower cross section 4, minus the area taken up by
the downspouts (4, in the case of a cross-flow tray as in Fig. 6.8). Cr is an
empirical constant, the value of which depends on the tray design. Some
appropriately smaller value of V is used for actual design; for nonfoaming
liquids this is typically 80 to 85 percent of ¥, (75 percent or less for foaming
liquids), subject to check for entrainment and pressure-drop characteristics.
Ordinarily the diameter so chosen will be adequate, although occasionally the
liquid flow may be limiting. A well-designed single-pass cross-flow tray can
ordinarily be expected to handle up to 0.015 m*/s of liquid per meter of tower
diameter (¢/ T = 0.015m?>/m - s = 0.165 ft* /ft - 5). For most installations, con-
siderations of cost make it impractical to vary the tower diameter from one end
of the tower to the other to accommodate variations in gas or liquid flow, and
maximum flow quantities are used to set a uniform diameter. When variation in
flows are such that a 20 percent difference in diameter is indicated for the upper
and lower sections, two diameters will probably be economical [108].

The tower diameter required may be decreased by use of increased tray
spacing, so that tower cost, which depends on height as well as diameter, passes
through a minimum at some optimum tray spacing.

Downspouts The liquid is led from one tray to the next by means of down-
spouts, or downcomers. These may be circular pipes or preferably portions of
the tower cross section set aside for liquid flow by vertical plates, as in Fig. 6.8.
Since the liquid is agitated into a froth on the tray, adequate residence time must

T Equation (6.29) is empirical; the values of Cr depend on the units used as well as the tray
design.
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be allowed in the downspout to permit disengaging the gas from the liquid, so
that only clear liquid enters the tray below. The downspout must be brought
close enough to the tray below to seal into the liquid on that tray (item 3, Table
6.1), thus preventing gas from rising up the downspout to short-circuit the tray
above. Seal pots and seal-pot dams (inlet weirs) may be used [126], as in Fig.
6.10, but they are best avoided (see below), especially if there is a tendency to
accumulate sediment. If they are used, weep holes (small holes through the tray)
in the seal pot should be used to facilitate draining the tower on shutdown.

Weirs The depth of liquid on the tray required for gas contacting is maintained
by an overflow (outlet) weir, which may or may not be a continuation of the
downspout plate. Straight weirs are most common; multiple V-notch weirs
maintain a liquid depth which is less sensitive to variations in liquid flow rate
and consequently also from departure of the tray from levelness; circular weirs,
which are extensions of circular pipes used as downspouts, are not recom-
mended. Inlet weirs (Fig. 6.10) may result in a hydraulic jump of the liquid [67]
and are not generally recommended. In order to ensure reasonably uniform
distribution of liquid flow on a single-pass tray, a weir length of from 60 to 80
percent of the tower diameter is used. Table 6.1 lists the percentage of the tower
cross section taken up by downspouts formed from such weir plates.

Liquid flow Several of the schemes commonly used for directing the liquid flow
on trays are shown in Fig. 6.11. Reverse flow can be used for relatively small
towers, but by far the most common arrangement is the single-pass cross-flow
tray of Fig. 6.114. For large-diameter towers, radial or split flow (Fig. 6.11¢ and
d) can be used, although every attempt is usually made to use the cross-flow tray
because of its lower cost. A recent variant of Fig. 6.11c uses ring-shaped
downspouts concentric with the tower shell instead of the pipes of that figure
{110]. For trays fitted with bubble caps (see below) requiring the liquid to flow
great distances leads to undesirable liquid-depth gradients. For towers of very
large diameter containing such trays, cascade designs of several levels each with
its own weir (Fig. 6.11¢) have been used, but their cost is considerable.
Commercial columns up to 15 m (50 ft) in diameter have been built. Two-pass
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trays are common for diameters of 3 to 6 m, and more passes for larger
diameters.

Bubble-Cap Trays

On these trays (Figs. 6.12 and 6.13) chimneys or risers lead the gas through the
tray and underneath caps surmounting the risers. A series of slots is cut into the
rim or skirt of each cap, and the gas passes through them to contact the liquid
which flows past the caps. The liquid depth is such that the caps are covered or
nearly so. Detailed design characteristics are available [13, 46, 119].

Bubble caps have been used for over 150 years, and during 1920-1950
practically all new tray towers used them. They offer the distinct advantage of
being able to handle very wide ranges of liquid and gas flow rates satisfactorily
(the ratio of design rate to minimum rate is the furndown ratio). They have now
been abandoned for new installations because of their cost, which is roughly
double that for sieve, counterflow, and valve trays.
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Sieve (perforated) trays

These trays have been known almost as long as bubble-cap trays, but they fell
out of favor during the first half of this century. Their low cost, however, has
now made them the most important of tray devices.

A vertical section and a plan view are shown schematically in Fig. 6.14. The
principal part of the tray is a horizontal sheet of perforated metal, across which
the liquid flows, with the gas passing upward through the perforations. The gas,
dispersed by the perforations, expands the liquid into a turbulent froth, char-
acterized by a very large interfacial surface for mass transfer. The trays are
subject to flooding because of backup of liquid in the downspouts or excessive
entrainment (priming), as described earlier.

Design of Sieve Trays

The diameter of the tower must be chosen to accommodate the flow rates, the details of the tray
layout must be selected, estimates must be made of the gas-pressure drop and approach to flooding,
and assurance against excessive weeping and entrainment must be established.
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Tower diameter The flooding constant Cp of Eq. (6.29) has been correlated for the data available on
flooding [44, 47]. The original curves can be represented byt

= [a log———L 4+ ,@](_” )" (6.30)
F= P X .
(L'/GYeg/p)™ 0.020
Typically, for perforations of 6 mm diameter, the best tray efficiencies result from values of V‘f;
in the range 0.7 to 2.2 (with ¥ and p; in SI units; for V in ft/s and pg in Ib/ft3, the range is 0.6 to
1.8) {2).

Perforations and sctive area Hole diameters from 3 to 12 mm (3 to ! in) are commonly used, 4.5 mm
(3 in) most frequently [45], although holes as large as 25 mm have been successful [72]. For most
installations, stainless steel or other alloy perforated sheet is used, rather than carbon steel, even
though not necessarily required for corrosion resistance. Sheet thickness [25] is usually less than

T Equation (6.30) is empirical. See Table 6.2 for values of a and B.
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one-half the hole diameter for stainless steel, less than one diameter for carbon steel or copper alloys.
Table 6.2 lists typical values.

The holes are placed in the corners of equilateral triangles at distances between centers (pitch)
of from 2.5 to 5 hole dizameters. For such an arrangement

A, _ holearea _ dy\?
A, aclivearea 0'907( I3 (6.31)

Typically, as in Fig. 6.14, the peripheral tray support, 25 to 50 mm (1 to 2 in) wide, and the
beam supports will occupy up to 15 percent of the cross-sectional area of the tower; the distribution
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Table 6.2 Recommended dimensions for sieve-tray towers

1. Flooding constant Cg [Egs. (6.29) and (6.30)}, d, < 6 mm (4 in)

Range of Range of Units a, B
A, L ( oG )0-5 of t of Vi
4, [ fr
> 0.1 0.01-0.1,
use values
at 0.1
0.1-1.0 m/s a = 0.0744; + 0.01173

B = 0.0304¢ + 0.015

dyn/em X 1072 ft/s

a = 0.0062¢ + 0.0385
B = 0.00253¢ + 0.050

< 0.1  Multiply a and B by 54,/4, + 0.5

2. Hole diameter and plate thickness

Hole diameter Plate thickness/hole diameter
mm in Stainless steel Carbon steel
30 H 0.65
4.5 2 0.43
60 L 032
9.0 2 0.2 0.5
12.0 3 0.16 0.38
15.0 H 0.17 0.3
18.0 2 0.11 025

3. Liquid depth

50 mm (2 in) minimum, 100 mm (4 in) maximum

4. Typical active area

Tower diameter

4
m ft 4,
1 3 0.65
1.25 4 0.70
2 6 0.74
25 8 0.76
3 10 0.78
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zone for liquid entering the tray and the disengagement zone for disengaging foam (which are
sometimes omitted) use 5 percent or more [47, 66); and downspouts require additional area (Table
6.1). The remainder is available for active perforations (active area A,). Typical values of A4, are
listed in Table 6.2.

Liquid depth Liquid depths should not ordinarily be less than 50 mm (2 in), to ensure good froth
formation; depths of 150 mm (6 in) have been used [126], but 100 mm is a more common maximum.
These limits refer to the sum of the weir height sy, plus the crest over the weir k,, calculated as clear
liquid although in the perforated area the equivalent clear-liquid depth will be smaller than this.
Liquid depths as great as 1.5 m have been studied [56] but are not used in ordinary operations.

Weirs Refer to Fig. 6.15, where a schematic representation of a cross-flow tray is shown. The crest
of liquid over a straight rectangular weir can be estimated by the well-known Francis formulat

9 _ 372
W 1.839h (6.32)
where g = rate of liquid flow, m*/s

Wy = eifective length of the weir, m

hy = liquid crest over the weir, m

Because the weir action is hampered by the curved sides of the circular tower, it is recommended [39]
that W, be represented as a chord of the circle of diameter T, a distance k, farther from the center
than the actual weir, as in Fig. 6.16. Equation (6.32) can then be rearranged tof

2/3 2/3
hy = 0.666( ) ( ;,’:”) (6.33)

The geometry of Fig. 6.16 leads to

W, 2 T\2 T\2 0.5 28, T 2
(—w") = () - [(‘W) - ‘] YT W (634)
For W/T = 0.7, which is typical, Eq. (6.33) can be used with W, = W for k) /W = 0.055 or less
with a maximum error of only 2 percent in h,, which is negligible.

Pressure drop for the gas For convenience, all gas-pressure drops will be expressed as heads of clear
liquid of density p, on the tray. The pressure drop for the gas A is the sum of the effects for flow of
gas through the dry plate and those caused by the presence of liquid:

hg = hp + hy + hy (6.35)

where hy,=dry-plate pressure drop

h; =pressure drop resulting from depth of liquid on tray

hg =residual pressure drop
Although Fig. 6.15 shows a change in. liquid depth A, half of which should be used in Eq. (6.35), in
practice this is so small, except for the very largest trays, that it can reasonably be neglected. It can
be roughly estimated, if necessary {62]. Estimates of the gas-pressure drop summarized here are
based on a critical study [79] of all available data and the generally accepted methods. Most of the
data are for the air-water system, and extension to others is somewhat uncertain.

Dry pressure drop 4, This is calculated on the basis that it is the result to a loss in pressure on
entrance 1o the perforations, friction within the short tube formed by the perforation owing to plate

4+ The coefficient 1.839 applies only for meter-second units. For ¢ in ft3/s, W in feet, and A in
inches the coefficient is 0.0801.

4 The coefficient 0.666 applies only for meter-second units. For g in ft/s, W and W,y in feet,
and h in inches the coefficient is 5.38.
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Figure 6.15 Schematic diagram of a
cross-flow sieve tray.

thickness, and an exit loss [64]

2hpgey, _ LAY AL
W =C, 0.40{ 1.25 7’[ + 7 + |1 A, (636)

The Fanning friction factor f is taken from a standard chart [15]. C, is an orifice coefficient which
depends upon the ratio of plate thickness to hole diameter {82]. Over the range / /4, = 0.2 to 2.0

d )0.25

C, = 1.09(7"- (6.37)

Hydraulic head &, In the perforated region of the tray, the liquid is in the form of a froth. The
equivalent depth of clear liquid A, is an estimate of that which would obtain if the froth collapsed.
That is usually less than the height of the outlet weir, decreasing with increased gas rate. Some
methods of estimating /, use a specific geration factor to describe this [87). In Eq. (6.38), which is the
recommended relationship {49], the effect of the factor is included as a function of the variables

Eftective weir
Actuol werr

Figure 6.16 Effective weir length.



which influence it}
By =610 X 1072 + 0.725h,, — 0238k, V035 + 1.225% (6.38)
where z is the average flow width, which can be taken as (T + W)/2.

Residual gas-pressure drop h; This is believed to be largely the result of overcoming surface tension
as the gas issues from a perforation. A balance of the internal force in a static bubble required to
overcome surface tension is

ﬂdpz
TAPB = 7d,0 (6.39)
or Bpy =32 (6.40)

P

where Ap, is the excess pressure in the bubble due to surface tension. But the bubble of gas grows
over a finite time when the gas flows, and by averaging over time {43}, it develops that the
appropriate value is Ap,

App = —ff (641)

Since the bubbles do not really issue singly from the perforations into relatively quiet liquid, we
substitute as an approximation the diameter of the perforations d,, which leads to

- APR g = 60&'
pLE P
Other methods of dealing with 4, 4 Aj have been proposed (see, for example, Ref. 33).

Comparison of observed data with values of #; calculated by these methods shows a standard
deviation of 14.7 percent [79]

ke (642)

Pressure loss at liquld entrance , The flow of liquid under the downspout apron as it enters the tray
results in a pressure loss which can be estimated as equivalent to three velocity heads [26, 47}

3(4Y
=5 Ad,) (643)

where A, is the smaller of two areas, the downspout cross section or the free area between the
downspout apron and the tray. Friction in the downspout is negligible.

Backup in the downspout Refer to Fig. 6.15. The distance h;, the difference in liquid Ievel inside and
immediately outside the downspout, will be the sum of the pressure losses resulting from liquid and
gas flow for the tray above
hy = hg + hy (6.44)
Since the mass in the downspout will be partly froth carried over the weir from the tray above, not
yet disengaged, whose average density can usually be estimated roughly as half that of the clear
liquid, safe design requires that the level of equivalent clear liquid in the downspout be no more than
half the tray spacing. Neglecting A, the requirement is
hy + by + by < % (6.45)
For readily foaming systems or where high liquid viscosity hampers disengagement of gas bubbles
the backup should be less.

f SI units must be used in Eq. (6.38). For A, and hy, in inches, ¥, in {t/s, pg in Ib/ft, g in ft*/s,
and z in feet
hy = 024 + 0.725h,, — 0.29h, V,p35 + 4.48%
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Weeping If the gas velocity through the holes is too small, liquid will drain through them and
contact on the tray for that liquid will be lost. In addition, for cross-flow trays, such liquid does not
flow the full length of the tray below. The data on incipient weeping are meager, particularly for
large liquid depths, and in all likelihood there will always be some weeping. A study of the available
data [79] led to the following as the best representation of ¥,,,, the minimum gas velocity through the
holes below which excessive weeping is likely:

B34
Youks _ o opa0 2622 o‘m( L)“” 24,4, \*E9 (6.46)
og. \ 9&ped, po q V3 p? '

Available data for &, in the range 23 to 48 mm (0.9 to 1.9 in) do not indicate &, to be of important
influence. It may be for larger depths.

Liquid entralnment When liquid is carried by the gas up to the tray above, the entrained liquid is
caught in the liquid on the upper tray. The effect is cumulative, and liquid loads on the upper trays
of a tower can become excessive. A convenient definition of the degree of entrainment is the fraction
of the liquid entering a tray which is carried to the tray above [44]

moles liquid entrained / (area)(time)
L + moles liquid entrained/ (area)(time)

Fractional entrainment = E =

The important influence of entrainment on tray efficiency will be considered later. Figure 6.17
represents a summary of sieve-tray entrainment data {44, 47] with an accuracy of *20 percent.
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Figure 6.17 Entrainment, sieve trays [44]. (From Petro/ Chemical Engineering, with permission, )
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Under certain conditions, sieve trays are subject to lateral oscillations of the liquid, which may
slosh from side to side or from the center to the sides and back. The latter type especially may
seriously increase entrainment. The phenomenon is related to froth height relative to tower diameter
{8, 9] and a change from frothing to bubbling [96] but is incompletely characterized.

Hlustration 63 A dilute aqueous solution of methanol is to be stripped with steam in a
sieve-tray tower. The conditions chosen for design are:

Vapor. 0.100 kmol/s (794 1b mol/h), 18 mol % methanol
Liquid. 0.25 kmol /s (1984 1b mol/k), 15 mass % methanol
Temperature. 95°C

Pressure. | std atm

Design a suitable cross-flow tray.

Sorution Mol wt methanol == 32, mol wt water = 18, Av mol wt gas = 0.18(32) + 0.82(18) =
20.5 kg/kmol.
. 205 273
P6 = 2341 2713 + 95

0 = 0102242323 303 m? /5 = vapor rate

= 0.679 kg/m> = gas density

oy = 961 kg/m® = liquid density

Av mol wt liquid = 19.26 kg /kmol

0.
15/32 + 85/18
= 0.25&!:.26 = 5.00 X 103 m®/s = liquid rate

Perforations Take d, = 4.5 mm on an equilateral-triangular pitch 12 mm between hole centers,
punched in sheet metal 2 mm thick (0.078 in, 14 U.S. Standard gauge). Eq. (6.31):

A, _ 0.907(0.0045)°

= (0,1275
A, 0.012)

Tower diameter Tentatively take ¢ = 0.50 m tray spacing.

(5 - o(5) - 8(%)"
G'\p. Ore 2\ pc
5.00 X 1073/ 961 \03
- _ioz_(%sﬁﬁ] = 0.0622
Table 6.2:
a = 0,0744(0.50) + 0.01173 = 0.0489
B = 0.0304(0.50) + 0.015 = 0.0302

In Eq. (6.30), since (L'/ G*'Xpg/p.)® is less than 0.1, use 0.1. The surface tension is estimated
as 40 dyn/cm, or o = 0.040 N/m.

Cr (o 04893 log - + 0. 0302)( OO“O) = 0.0909

0.1 0.020
Eq. (6.29):
— 0.5
V= 0.0909(&06%;‘79] = 342 m/s at flooding
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Use 80% of flooding velocity. ¥ = 0.8(3.42) = 2.73 m/s, based on 4,,.

=220 _ 2
Ay =5 =575 = 1106 m

Tentatively choose a weir length W = 0.77. Table 6.1: the tray area used by one downspout =

8.8%,
1.106

1 — 0.088
T = [4(1.213) /=5 = 1.243 m, say 1.25 m. Corrected 4, = #(1.252/4 = 1.227 m®

W = 0.7(1.25) = 0.875 m (final)

Ay = 0.088(1.227) = 0.1080 m? downspout cross section

A, = A, — 24, — area taken by (tray support + disengaging and distributing zones)

4, = =1213m?

For a design similar to that shown in Fig. 6.14, with a 40-mm-wide support ring, beams
between downspouts, and 50-mm-wide disengaging and distributing zones, these areas total
0.222 m2,

A, = 1.227 — 2(0.1080) ~ 0.222 = 0.789 m? for perforated sheet

-3
4 - %— =571 %103 m}/m-s OK

Weir crest hy and weir height hy Try hy =25 mm = 0.025 m. h,/T = 0.025/1.25 = 0.02.
T/W = 1/0.7 = 1.429. Eq. (6.34): W,/ W = 0938,

Eq. (6.33): Ay = 0.666{(5.00 X 1073)/0.875]2/2(0.938)*/3 = 0.0203 m. Repeat with h, =
0.0203: W,/ W = 0.9503; hy[Eq. (6.33)] = 0.0205 m. OK. Set weir height Ay, = 50 mm = 005
m.

Dry pressure drop hy, Eq. (6.37): C, = 1.095(0.0045/0.002)°%% = 1.335.
A, = 0.12754, = 0.1275(0.789) = 0.1006 m*

3.02 -
v, -%=m=30.0m/s i = 00125 cP = 1.25 X 10~5kg/m - 5
4V, 004
Hole Reynolds pumber = —2 oPG , 0.004530.0)(0.679) 7330

Ko 1.25 x 1073

f = 0.008 (“The Chemical Engineers’ Handbook,” 5th ed., fig. 5.26). g = 9.807 m%/s; / =
0.002 m; Eq. (6.36): Ay, = 0.0564 m.

Hydraulic head h,
=2 5 30
v, A 0789 = 3827 m/s
s TEW _LBHO8S o,
Eq. (6.38):
hy = 0.0106 m
Residual pressure drop hy Eq. (6.42):
- 6(0.04)(1 - -3
kx = 361(0.004%)(@.507) = 6 X 107" m
Total gas-pressure drop hg
Eq. (6.35):

hg = 0.0564 + 0.0106 + 5.66 X 1073 = 00727 m
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Pressure loss at Equid entrance kb, The downspout apron will be set at Ay, — 0.025 = 0.025 m
above the tray. The area for liquid flow under the apron = 0.025W = 0.0219 m2, Since this is
smaller than A, A, = 0.0219 m?, Eq, (6.43);

-3
hy 3 ( 5.0 % 10

2
—_ 3 [(350x107°}* -1
= 3687y 6.0219 ) 797X 107 m

Backup in downspout Eq. (6.44): hy = 0.0727 + 7.97 x 103 = 0.0807 m.

Check on flooding hy + hy + hy = 0.1512, which is well below /2 = 0.25 m, Therefore the
chosen ¢ is satisfactory.

Weeping celocity For W/ T = 0.7, the weir is set 032967 = 0.412 m from the center of the
tower. Therefore Z = 2(0.412) = 0.824 m. All other quantities in Eq. (6.46) have been
evaluated, and the equation then yields V,,, = 8.71 m/s. The tray will not weep excessively
until the gas velocity through the holes V, is reduced to close to this value,

Entrainment

, 05
-;—F =08 %(z—:) = 0.0622 (see tower diameter)

Fig. 6.17: E = 0.05. The recycling of liquid resulting from such entrainment is too small to
influence the tray hydraulics appreciably.
The mass-transfer efficiency is estimated in Illustration 6.4.

Proprietary Trays

Although for many decades the basic design of tray-tower internals remained
relatively static, recent years have seen a great many innovations, only a few of
which can be mentioned here.

Linde trays These designs have involved improvements both in the perforation
design and the tray arrangements [108, 120]. Figure 6.18a shows the slotted tray,
an alteration in the perforation pattern to influence the flow of liquid. The slots,
distributed throughout the tray, not only reduce the hydraulic gradient in large
trays (over 10 m diameter [34]) but are also so deployed that they influence the
direction of liquid flow to eliminate stagnant areas and achieve, as nearly as
possible, desirable plug flow of liquid across the tray. Figure 6.185 shows a
bubbling promoter, or inclined perforated area at the liquid entrance to the tray.
This reduces excessive weeping and produces more uniform froth throughout the
tray. The multiple downspouts of Fig. 6.19a are not sealed in the liquid on the
tray below; instead the liquid is delivered through slots in the bottom closure to
spaces between the downspouts on the tray below. The parallel-flow tray of Fig.
6.19b is so designed that the liquid on all trays in one-half the tower flows from
right to left, and on the trays in the other half from left to right. Such an
arrangement approximates the so-called Lewis case II [75] and results in an
improved Murphree tray efficiency.
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Figure 6.18 Linde sieve trays: (a) slotted sieve tray; (b) bubbling promoter, cross-flow tray. (From
Chemical Enginecering Progress, with permission )

Valve trays These are sieve trays with large (roughly 35- to 40-mm-diameter)
variable openings for gas flow. The perforations are covered with movable caps
which rise as the flow rate of gas increases. At low gas rates and correspondingly
small openings, the tendency to weep is reduced. At high gas rates the gas-
pressure drop remains low but not as low as that for sieve trays. The Glitsch
Ballast Tray valve design is shown in Fig. 6.20; other well-known designs are the
Koch Flexitray, the Nutter Float-Valve [10}, and the Wyatt valve [114). Tray
efficiencies seem to be roughly the same as those for sieve trays with 6-mm
(3-in) perforations [2, 13].

Counterflow trays These tray-resembling devices differ from conventional trays
in that there are no ordinary downspouts: liquid and vapor flow countercur-
rently through the same openings. Turbo-Grids [109] are sheet metal stamped
with slotted openings to form the tray, which is installed so alternate trays have
the openings at right angles. Kitte! trays, used extensively in Europe (60, 98, 110},
are slotted double trays made of expanded metal arranged so that liquid
movement on the tray is influenced by the passage of the gas. Ripple trays [65]
are perforated trays bent into a sinusoidal wave, with alternate trays installed
with the waves at right angles. Leva trays [73] are basically very short wetted-
wall towers between close-spaced trays, with no weirs and hence no controlled
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Figure 6.19 Linde tray arrangements: (a) multiple downspouts; (b) parallel-flow tray.

liquid depth on the trays. Since the gas-pressure drop is low, the trays are
especially suited to vacuum distillation.
In most cases the design of proprietary trays is best left to the supplier.

Tray Efficiency

Tray efficiency is the fractional approach to an equilibrium stage (see Chap. 5)
which is attained by a real tray. Ultimately, we require a measure of approach to
equilibrium of all the vapor and liquid from the tray, but since the conditions at
various locations on the tray may differ, we begin by considering the local, or
point, efficiency of mass transfer at a particular place on the tray surface.

Hole in
tray deck
r= ] Flgure 620 Glitsch Ballast Tray valve design (schematic).

[ .

v (Fritz W. Glitsch and Sons, Inc.)
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Point efficiency Figure 6.21 is a schematic representation of one tray of a
multitray tower. The tray n is fed from tray n — 1 above by liquid of average
composition x,_, mole fraction of transferred component, and it delivers liquid
of average composition x, to the tray below. At the place under consideration, a
pencil of gas of composition y, ., yocy rises from below, and as a result of mass
transfer, leaves with a concentration y, .., At the place in question, it is
assumed that the local liquid concentration X, is constant in the vertical
direction. The point efficiency is then defined by

EOG — Yn,1ocal = Vn+1. local (647)

* —_
Hlocal = Yn+1, locat

Here 2., is the concentration in equilibrium with x, ., and Eq. (6.47) then
represents the change in gas concentration which actually occurs as a fraction of
that which would occur if equilibrium were established. The subscript G signifies
that gas concentrations are used, and the O emphasizes that E, is a measure of
the overall resistance to mass transfer for both phases. As the gas passes through
the openings of the tray and through the liquid and foam, it encounters several
hydrodynamic regimes, each with different rates of mass transfer. The danger in
"attempting to describe the entire effect in terms of a'single quantity, in cases of
this sort, was pointed out in Chap. 5, but present information permits nothing
better.

Consider that the gas rises at a rate G mol/(area)(time). Let the interfacial
surface between gas and liquid be a area/volume of liquid-gas foam. As the gas
rises a differential height dh,, the area of contact is a dh, per unit area of tray.
If, while of concentration y, it undergoes a concentration change dy in this
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height, and if the total quantity of gas remains essentially constant, the rate of
solute transfer is G dy:

Gdy = Ky(a dh ) (Ve = ¥) (6.48)
' Yn. locsl h, dh
Then f A f - Kya dhy (6.49)
)'n+|.:m|yl°c"] - 0 G

Since yg., is constant for constant Xy,

- In Yibcal = Y, tocal — —ln(l _ Yn,local _yn-(-l.local)

* —
y]ocal yn-l- 1, local

*
Plocal ~ Yn+1, local

—In(l - Epg) = K’Ca;hL (6.50)

Therefore Epg =1 — e Kh/C =1 — ¢Noc (6.51)

The exponent on e is simplified to N,,¢, the number of overall gas-transfer units.
Just as K, contains both gas and liquid resistance to mass transfer, so also is
N, made up of the transfer units for the gas NT; and those for the liquid NT,.
As will be shown in Chap. 8, these can be combined in the manner of Eq. (5.7):

L _ 1, m6 1
NlOG NIG L NIL
The terms on the right represent, respectively, the gas and liquid mass-transfer
resistances, which must be obtained experimentally. For example, by contacting
a gas with a pure liquid on a tray, so that vaporization of the liquid occurs
without mass-transfer resistance in the liquid, the vaporization efficiency pro-
vides N,;, which can then be correlated in terms of fluid properties, tray design,
and operating conditions. Values of ¥,, obtained through absorption of- rela-
tively insoluble gases into liquids (see Chap. 5) can be similarly correlated.

The m of Eq. (6.52) is a local average value for cases where the equilibrium
distribution curve is not straight. Refer to Fig. 6.22. It was shown in Chap. 5 that
for a given X,y and y,., the correct slope for adding the resistances is that of a
chord m’. For the situation shown in Fig. 6.21, the gas composition changes,
leading to a change in m’ from an initial value at y, ., 1,4 to a final value at
Ynocar [t has been shown [97] that the correct average m for Eq. (6.52) can be
adequately approximated by

(6.52)

mf + ?

m= 3 e (6.53)
The location of a point of coordinates (X),.y, Vi) Must be obtained by trial, to
fit the definition of E,g;, Eq. (6.47). Equations (6.51) and (6.52) show that the
lower the solubility of the vapor (the larger the m), the lower the tray efficiency

will be.
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Figure 6.22 Values of mj,.,: (@) for gas absorption and () for distillation and stripping.

Murphree tray efficiency The bulk-average concentrations of all the local
pencils of gas of Fig. 6.21 are y,,, and y,. The Murphree efficiency of the entire
tray is then [see Eq. (5.39)}

yn - yn+l

Ewe I = Vnsi (6.54)

where y} is the value in equilibrium with the leaving liquid of concentration x,.

The relationship between E,,; and E,; can then be derived by integrating

the local Ey;’s over the surface of the tray. Clearly, if all the gas entering were

uniformly mixed and fed uniformly to the entire tray cross section, and if the

mechanical contacting of gas and liquid were everywhere uniform, the uniform-

ity of concentration of exit gasy, . jocu Would then depend on the uniformity of

liquid concentration on the tray. Liquid on the tray is splashed about by the

action of the gas, some of it even being thrown backward in the direction from

which it enters the tray (back mixing). The two extreme cases which might be
visualized are:

1. Liquid completely back-mixed, everywhere of uniform concentration x,. In
this case, Eq. (6.54) reverts to Eq. (6.47), and

Euc = Eog (655)



2. Liquid in plug flow, with no mixing, each particle remaining on the tray for
the same length of time. In this case (Lewis’ case I [75]), it has been shown
that

L
E,; = ;(_;(eﬁoamé‘/l- -1 (6.56)

and Ey; > Ege.

In the more likely intermediate case, the transport of solute by the mixing
process can be described in terms of an eddy diffusivity Dy, whereupon [21]

EA’G 1 - e_(ﬂ+p=) e” - 1
= + 6.57
Eoo (1 ¥ PO+ (¥ P/n] T I+ a/ G+ p] )
ZPe(1 s 4CE)”
where n= T l:([ + —ﬁe—' 1 (658)
ZZ
and Pe = D9, (6.59)

Here §, is the liquid residence time on tray and Z the length of liquid travel. Pe
is a Péclet number (see Chap. 3), as can ‘be seen better by writing it as
(Z/Dg)Z/8,), whence Z/8, becomes the average liquid velocity. Pe =0
corresponds to complete back mixing (Dy = ), while Pe = co0 corresponds to
plug flow (D = 0). Large values of Pe result when mixing is not extensive and
for large values of Z (large tower diameters). Although point efficiencies cannot
exceed unity, it is possible for Murphree efficiencies.

Entrainment A further correction is required for the damage done by entrain-
ment. Entrainment represents a form of back mixing, which acts to destroy the
concentration changes produced by the trays. It can be shown [29] that the
Murphree efficiency corrected for entrainment is

E
Eye = |+ Epgl EM/G(I “B)] (6.60)

Data Experimental information on N, N,,, and Dg is needed to use the
relations developed above. Many data have been published, particularly for
bubble-cap trays, and an excellent review is available {47]. Perhaps the best-
organized information results from a research program sponsored by the
American Institute of Chemical Engineers [21]. Most of the work was done with
bubble-cap trays, but the relatively fewer data together with subsequent infor-
mation from sieve trays [50] indicate that the empirical expressions below
represent the performance of sieve trays reasonably well and even valve trays as
a first approximation [47). No attempt will be made here to outline in detail the
range of conditions covered by these expressions, which should be used with
caution, especially if the original report is not consulted.



EQUIPMENT FOR GAS-LIQUID OPERATIONS 183

Sieve trayst
0.776 + 4.57h,, — 0.238V,0,%° + 104.6¢/Z
1G = 0.5 (6‘6])
Scg™
N,, = 40000D,°%(0.213V¥,p;* + 0.15)8, (6.62)
-3 3.67q 2
Dy = (3.93 X 1072 + 00171V, + 24 4 o.lgooh,,,) (6.63)
_ Z
6, = vol liquid on tray _ h z (6.64)

vol liquid rate q

There is good evidence [6, 7] that flow patterns on typical trays are not so
well defined as Eq. (6.57) implies and that areas where the liquid is channeled
and others where it is relatively stagnant may exist. These effects adversely alter
the Murphree efficiency. There is further evidence that surface-tension changes
with changes in liquid composition can strongly influence efficiencies [22, 127].
Particularly in large-diameter columns the vapor entering a tray may not be
thoroughly mixed, and this requires separate treatment for converting Eg; to
E,; [35] Multicomponent mixtures introduce special problems in computing
tray efficiencies [58, 111, 125].

Illustration 6.4 Estimate the efficiency of the sieve tray of IHustration 6.3.

SoLuTioN From the results of Illustration 6.3 we have

Vapor rate = 0.100 kmol /s liquid rate = 0.25 kmol/s
ps = 0,679 kg/m? hy = 0.0106 m
g=7500X 103 m¥/s hy = 0.05m
V,=3827m/s Z=0824m
z = 1.063 m E =005

Y1, local = 0.18 mole fraction methanol

1 Equations (6.61) to (6.63) are empirical and can be used only with SI units. For Dg and Dy in
ft2/h, k; and hy, in inches, g in {13/s, ¥, in ft/s, z and Z in feet, 8, in hours, and p; in 1b/ft?, Eqs.
(6.61) to (6.64) become

_ 0776 + 0.116k,, — 0.200V,05"% + 9.72¢/Z

» T (661a)
Ny = (131 X 105 D,%3(026V,pc%5 + 0.15)8,, (6.624)
2
Dg = (0.774 + 1006V, + 244 0.900h,,,) (6.63a)
-3
g, 23X 10727 654

q
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Flgure 623 Illustration 6.4. Deter-
x = mole fraction MeOH in liquid mination of m.

In addition, by the methods of Chap. 2, the following can be estimated: Sc, = 0.865,
D, = 5.94 x 10~% m?/s. Substitution of these data in Eqgs. (6.61) to (6.64) yields
9, = 1.857s N = 0956
N, =470 Dg = 0.0101 m?/s

For 15 mass % methanol, x..; = (15/32)/(15/32 + 85/18) = 0.0903 mole fraction methanol.
The relevant portion of the equilibrium curve is plotted in Fig. 6.23 with data from “The
Chemical Engineers’ Handbook,” 4th ed. p. 13-5. Point A4 is plotted with coordinates
(Xiocats Pn+1, 1oesl)- At B, the ordinate is pit.,;. Line AC is drawn with slope

Ny L 470 025
NoG 0956 0.100
In this case it is evident that the equilibrium curve is so nearly straight that chord BC (not
shown) will essentially coincide with it, as will all other relevant chords from B (as from B to
E), and m equals the slope of the equilibrium curve, 2.50.
Equation (6.52) then yields N5; = 0.794, and Eq. (6.51) Eyg = 0.548. [This provides
through Egq. (6.74), although unnecessary for what follows, y, 1,ca = 0.297, plotted at D, Fig.
6.23.] Equations (6.57) to (6.59) then give

Pe =362 15 =0.540 Eyg = 0716
and with E = 0.05, Eq. (6.60) yields E,,;r = 0.70. Ans.

= —12.3

Overall tray efficiency Another method of describing the performance of a tray
tower is through the overall tray efficiency,

_ number of ideal trays required
© ™ number of real trays required

(6.65)

While reliable information on such an efficiency is most desirable and con-
venient to use, it must be obvious that so many variables enter into such a
measure that really reliable values of E, for design purposes would be most
difficult to come by. As will be shown in Chap. 8, E,, can be derived from the
individual tray efficiencies in certain simple situations.
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Flgure 6.24 Overall tray efficiencies of bubble-cap tray absorbers. For p, in centipoises and p; in
1b/ft3, use as abscissa 6.243 X 105 mM, p, /p,. (After O’ Connell [90))

Provided that only standard tray designs are used and operation is within
the standard ranges of liquid and gas rates, some success in correlating E,, with
conditions might be expected. O’Connell [90] was successful in doing this for
absorption and distillation in bubble-cap-tray towers, and his correlations are
shown in Figs. 6.24 and 6.25. They must be used with great caution, but for
rough estimates they are most useful, even for sieve and valve trays.

1.0
o - hydracorbons
o = chloringted hydrocarbons
\1&\ o ® a = hydrocarbons with turfurel [extractive
>08 o distiliation)
2 ° _ . "
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Figure 6.25 Overall tray efficiencies of bubble-cap tray distillation towers separating hydrocarbons
and similar mixtures, For g, in centipoises, usc as abscissa a,, y; X 1073, (After O'Connell [90].)



LIQUID DISPERSED

This group includes devices in which the liquid is dispersed mto thin films or
drops, such as wetted-wall towers, sprays and spray towers, the various packed
towers, and the like. The packed towers are the most important of the group.

VENTURI SCRUBBERS

In these devices, which are similar to ejectors, the gas is drawn into the throat of
a venturi by a stream of absorbing liquid sprayed into the convergent duct
section, as shown in Fig. 6.26. The device is used especially where the liquid
contains a suspended solid, which would plug the otherwise more commonly
used tray and packed towers, and where low gas-pressure drop is required. These
applications have become increasingly important in recent years, as in the
absorption of sulfur dioxide from furnace gases with slurries of limestone, lime,
or magnesia [51, 59, 68, 116]. Some very large installations (10 m diameter) are
in service for electric utilities. The cocurrent flow produces only a single stage

Liquid in

Gas Nozzle

Gas
out

Separator

— —— —_—
——  —————

— ——

1

!

Liquid out Figure 6.26 Venturi scrubber.
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[54], but this becomes less important when a chemical reaction occurs, as in the
case of the sulfur dioxide absorbers. Multistage countercurrent effects can be
obtained by using several venturis [3]). The device is also used for removing dust
particles from gases [12].

WETTED-WALL TOWERS

A thin film of liquid running down the inside of a vertical pipe, with gas flowing
either cocurrently or countercurrently, constitutes a wetted-wall tower. Such
devices have been used for theoretical studies of mass transfer, as described in
Chap. 3, because the interfacial surface between the phases is readily kept under
control and is measurable. Industrially, they have been used as absorbers for
hydrochloric acid, where absorption is accompanied by a very large evolution of
heat [63]. In this case the wetted-wall tower is surrounded with rapidly flowing
cooling water. Multitube devices have also been used for distillation, where the
liquid film is generated at the top by partial condensation of the rising vapor.
Gas-pressure drop in these towers is probably lower than in any other gas-liquid
contacting device, for a given set of operating conditions.

SPRAY TOWERS AND SPRAY CHAMBERS

The liquid can be sprayed into a gas stream by means of a nozzle which
disperses the liquid into a fine spray of drops. The flow may be countercurrent,
as in vertical towers with the liquid sprayed downward, or parallel, as in
horizontal spray chambers (see Chap. 7). These devices have the advantage of
low pressure drop for the gas but also have a number of disadvantages. There is
a relatively high pumping cost for the liquid, owing to the pressure drop through
the spray nozzle. The tendency for entrainment of liquid by the gas leaving is
considerable, and mist eliminators will almost always be necessary. Unless the
diameter /length ratio is very small, the gas will be fairly thoroughly mixed by
the spray and full advantage of countercurrent flow cannot be taken. Ordinarily,
however, the diameter/length ratio cannot be made very small since then the
spray would quickly reach the walls of the tower and become ineffective as a
spray.

PACKED TOWERS

Packed towers, used for continuous contact of liquid and gas in both counter-
current and cocurrent flow, are vertical columns which have been filled with
packing or devices of large surface, as in Fig. 6.27. The liquid is distributed over,

and trickles down through, the packed bed, exposing a large surface to contact
the gas.
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Packing

The tower packing, or fill, should offer the following characteristics:

1. Provide for large interfacial surface between liquid and gas. The surface of
the packing per unit volume of packed space a, should be large but not in a
microscopic sense. Lumps of coke, for example, have a large surface thanks
to their porous structure, but most of this would be covered by the trickling
film of liquid. The specific packing surface g, in any event is almost always
larger than the interfacial liquid-gas surface.

2. Possess desirable fluid-flow characteristics. This ordinarily means that the
fractional void volume ¢, or fraction of empty space, in the packed bed
should be large. The packing must permit passage of large volumes of fluid
through small tower cross sections without loading or flooding (see below)
and with low pressure drop for the gas. Furthermore, gas-pressure drop
should be largely the result of skin friction if possible, since this is more
effective than form drag in promoting high values of the mass-transfer
coefficients (see Wetted-wall towers).

. Be chemically inert to fluids being processed.

. Have structural strength to permit easy handling and installation.

. Represent low cost.

[~ V]

Packings are of two major types, random and regular.

Random Packings

Random packings are simply dumped into the tower during installation and
allowed to fall at random. In the past such readily available materials as broken
stone, gravel, or lumps of coke were used, but although inexpensive, they are not
desirable for reasons of small surface and poor fluid-flow characteristics. Ran-
dom packings most frequently used at present are manufactured, and the
common types are shown in Fig. 6.28. Raschig rings are hollow cylinders, as
shown, of diameters ranging from 6 to 100 mm (3 to 4 in) or more. They may be
made of chemical stoneware or porcelain, which are useful in contact with most
liquids except alkalies and hydrofluoric acid; of carbon, which is useful except
in strongly oxidizing atmospheres; of metals; or of plastics. Plastics must be
especially carefully chosen, since they may deteriorate rapidly with certain
organic solvents and with oxygen-bearing gases at only slightly elevated temper-
atures. Thin-walled metal and plastic packings offer the advantage of lightness
in weight, but in setting floor-loading limits it should be anticipated that the
tower may inadvertently fill with liquid. Lessing rings and others with internal
partitions are less frequently used. The saddle-shaped packings, Berl and Intalox
saddles, and variants of them, are available in sizes from 6 to 75 mm (} to 3 in),
made of chemical stoneware or plastic. Pall rings, also known as Flexirings,
Cascade rings, and as a variant, Hy-Pak, are available in metal and plastic.
Tellerettes are available in the shape shown and in several modifications, made
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Figure 6.28 Some random tower packings: (@) Raschig rings, (b) Lessing ring, (¢) partition ring, (d)
Berl saddle (courtesy of Maurice A. Knight), (€) Intalox saddle (Chemical Processing Products Dicision,
Norton Co.), (f) Tellerette (Ceilcote Company, Inc.), and (g) pall ring (Chemical Processing Products
Division, Norten Co.).

of plastic. Generally the random packings offer larger specific surface (and
larger gas-pressure drop) in the smaller sizes, but they cost less per unit volume
in the larger sizes. As a rough guide, packing sizes of 25 mm or larger are
ordinarily used for gas rates of 0.25 m*/s (= 500 ft’/min), 50 mm or larger for
gas rates of 1 m*/s (2000 ft*/min). During installation the packings are poured
into the tower to fall at random, and in order to prevent breakage of ceramic or
carbon packings, the tower may first be filled with water to reduce the velocity
of fall.

Regular Packings

These are of great variety. The counterflow trays already considered are a form
of regular packing, as are the arrangements of Fig. 6.29. The regular packings
offer the advantages of low pressure drop for the gas and greater possible fluid
flow rates, usually at the expense of more costly installation than random
packing. Stacked Raschig rings are economically practical only in very large
sizes. There are several modifications of the expanded metal packings [105].
Wood grids, or hurdles, are inexpensive and frequently used where large void
volumes are required, as with tar-bearing gases from coke ovens or liquids
carrying suspended solid particles. Knitted or otherwise woven wire screen,
rolled as a fabric into cylinders (Neo-Kloss) or other metal gauzelike arrange-
ments (Koch-Sulzer, Hyperfil, and Goodloe packings) provide a large interfacial
surface of contacted liquid and gas and a very low gas-pressure drop, especially
useful for vacuum distillation [10, 77). Static mixers were originally designed as
line mixers, for mixing two fluids in cocurrent flow. There are several designs,
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Flgure 6.29 Regular, or stacked, packings: (a) Raschig rings, stacked staggered (top view), (b)
double spiral ring (Chemical Processing Products Division, Norton Co.), (¢) section through
expanded-metal-lath packing, (d) wood grids.

but in general they consist of metal eggcratelike devices installed in a pipe to
cause a multitude of splits of cocurrently flowing fluids into left- and right-hand
streams, breaking each stream down into increasingly smaller streams [85].
These devices have been shown to be useful for countercurrent gas-liquid
contact [121), with good mass-transfer characteristics at low gas-pressure drop. °

Tower Shells

These may be of wood, metal, chemical stoneware, acidproof brick, glass,
plastic, plastic- or glass-lined metal, or other material depending upon the
corrosion conditions. For ease of construction and strength they are usually
circular in cross section.

[y

Packing Supports

An open space at the bottom of the tower is necessary for ensuring good
distribution of the gas into the packing. Consequently the packing must be
supported above the open space. The support must, of course, be sufficiently
strong to carry the weight of a reasonable height of packing, and it must have
ample free area to allow for flow of liquid and gas with a minimum of
restriction. A bar grid, of the sort shown in Fig. 6.27, can be used [112], but
specially designed supports which provide separate passageways for gas and
liquid are preferred. Figure 6.30 shows one variety, whose free area for flow is of
the order of 85 percent and which can be made in various modifications and of
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Figure 630 Multibeam support plate. (Chemical Process Products Division, Norton Co.)

many different materials including metals, expanded metals, ceramics, and
plastics.

Liquid Distribution

The importance of adequate initial distribution of the liquid at the top of the
packing is indicated in Fig. 6.31. Dry packing is of course completely ineffective
for mass transfer, and various devices are used for liquid distribution. Spray
nozzles generally result in too much entrainment of liquid in the gas to be useful.
The arrangement shown in Fig. 6.27 or a ring of perforated pipe can be used in
small towers. For large diameters, a distributor of the type shown in Fig. 6.32
can be used, and many other arrangements are available. It is generally consid-
ered necessary to provide at least five points of introduction of liquid for each
0.1 m? (1 ft?) of tower cross section for large towers (d > 1.2 m = 4 ft) and a
greater number for smaller diameters.

Random Packing Size and Liquid Redistribution

In the case of random packings, the packing density, i.e., the number of packing
pieces per unit volume, is ordinarily less in the immediate vicinity of the tower
?
Liquid in Liquid in
4 EEEN

o
<
oS Figure 631 Liquid distribution and packing irriga-
tion: (a) inadequate, (b) adequate.
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Flgure 632 Weir-trough liquid distributor. (Chenticals Process Products Division, Norton Co.)

walls, and this leads to a tendency of the liquid to segregate toward the walls
and the gas to flow in the center of the tower (channeling). This tendency is
much less pronounced when the diameter of the individual packing pieces is
smaller than at least one-eighth the tower diameter, but it is recommended that,
if possible, the ratio 4,/7 =1:15. Even so it is customary to provide for
redistribution of the liquid at intervals varying from 3 to 10 times the tower
diameter, but at least every 6 or 7 m. Knitted mesh packings placed under a
packing support (Fig. 6.30) make good redistributors [41], With proper attention
to liquid distribution, packed towers are successfully built to diameters of 6 or
7 m or more.

Packing Restrainers

These are necessary when gas velocities are high, and they are generally
desirable to guard against lifting of packing during a sudden gas surge. Heavy
screens or bars may be used. For heavy ceramic packing, heavy bar plates
resting freely on the top of the packing may be used. For plastics and other
lightweight packings, the restrainer is attached to the tower shell.

Entrainment Eliminators

Especially at high gas velocities, the gas leaving the top of the packing may carry
off droplets of liquid as a mist. This can be removed by mist eliminators,
through which the gas must pass, installed above the liquid inlet. A layer of
mesh (of wire, Teflon, polyethylene, or other material) especially knitted with 98
to 99 percent voids, roughly 100 mm thick, will collect virtually all mist particles
[18, 124]. Other types of eliminators include cyclones and venetian-blind
arrangements [53]. A meter of dry random packing is very effective.
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Figure 6.33 Typical gas pressure
- drop for counterflow of liquid and
log 6, superficial gos mass velocity gas in random packings.

Countercurrent Flow of Liquid and Gas through Packing

For most random packings, the pressure drop suffered by the gas is influenced
by the gas and liquid flow rates in a manner similar to that shown in Fig. 6.33.
The slope of the line for dry packing is usually in the range 1.8 to 2.0, indicating
turbulent flow for most practical gas velocities.

At a fixed gas velocity, the gas-pressure drop increases with increased liquid
rate, principally because of the reduced free cross section available for flow of
gas resulting from the presence of the liquid. In the region of Fig. 6.33 below A,
the liquid holdup, i.e., the quantity of liquid contained in the packed bed, is
reasonably constant with changing gas velocity, although it increases with liquid
rate. In the region between A4 and B, the liquid holdup increases rapidly with gas
rate, the free area for gas flow becomes smaller, and the pressure drop rises more
rapidly. This is known as /oading. As the gas rate is increased to B at fixed liquid
rate, one of a number of changes occurs: (1) a layer of liquid, through which the
gas bubbles, may appear at the top of the packing; (2) liquid may fill the tower,
starting at the bottom or at any intermediate restriction such as a packing
support, so that there is a change from gas—continuous liquid—-dispersed to
liquid-continuous gas-dispersed (inversion); or (3) slugs of foam may rise
rapidly upward through the packing. At the same time, entrainment of liquid by
the effluent gas increases rapidly, and the tower is flooded. The gas pressure drop
then increases very rapidly. The change in conditions in the region 4 to B of
Fig. 6.33 is gradual, and initial loading and flooding are frequently determined
by the change in slope of the pressure-drop curves rather than through any
visible effect. It is not practical to operate a tower in a flooded condition; most
towers operate just below, or in the lower part of, the loading region.



EQUIPMENT FOR GAS-LIQUID OPERATIONS 195

.4
04 T 1
= s~ Approsunate
P~ / flooding
\h
0.2 == 1200 ] 3
B S MU Ap Bl gy oo NI
h‘T\~~~ '\\ Z '( m
0.10 400 — N HA0 | aag, 00 VTP
0.08 ‘\r ~— S ft T m
™
0.06— 200 \\\:\
=
0.04 T \\
& 100. \\\ \\ \\\
>0 T NG N
5~' < 0.02 = \\ A \
x|t N
,j . < \\
Q
RIS ] 50 N ’\
(2o TR \ \\ ;\\
a«  0.01 \“1 ———— N AN AN \\
N
0.008 Gus pressure drop < \\ AN
0.006 N/m? NN
m N NN
0.004
N N
\ \ \ \ A
NN
0.002 2 N N
N AN
0.001 !
0.01 0.02 0.04 0.1 0.2 0.4 1.0 2 4 10

L PG N2
f@ (ﬁz. “Pa)
Figure 6.34 Flooding and pressure drop in random-packed towers, For SI units g, = I, C; from

Table 6.3, and use J = 1. For G’ = Ib/ft*- h, p = Ib/f%, y, = cP, g, = 4.18 X 10%, C; from Table
6.3, and use J = 1.502. (Coordinates of Eckert [38), Chemical Process Products Division, Norton Co.)

Flooding and Loading

Flooding conditions in random packings depend upon the method of packing
(wet or dry) and settling of the packing [76]. The upper curve of Fig. 6.34
correlates the flooding data for most random packings reasonably well. More
specific data are in the handbooks [47] or are available from the manufacturers.
The limit of loading cannot readily be correlated.

Typically, absorbers and strippers are designed for gas-pressure drops of 200
to 400 N/m? per meter of packed depth (0.25 to 0.5 inH,O/ft), atmospheric-
pressure fractionators from 400 to 600 (N/m?/m, and vacuum stills for 8 to 40
(N/m?*/m (0.01 to 0.05 inH,0/ft) [38]. Values of C; which characterize the
packings are given in Table 6.3 (these and other values in Table 6.3 change with
changes in manufacturing procedures, so that the manufacturers should be
consulted before completing final designs). Flooding velocities for regular or
stacked packings will generally be considerably greater than for random
packing.
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Pressure Drop for Single-Phase Flow

The pressure drop suffered by a single fluid in flowing through a bed of packed
solids such as spheres, cylinders, gravel, sand, etc., when it alone fills the voids in
the bed, is reasonably well correlated by the Ergun equation [42]

Ap £E4,p,  150(1 — £)

Z (1-20G" Re + 1.75 (6.66)
This is applicable equally well to flow of gases and liquids. The term on the left
is a friction factor. Those on the right represent contributions to the friction
factor, the first for purely laminar flow, the second for completely turbulent
flow. There is a gradual transition from one type of flow to the other as a result
of the diverse character of the void spaces, the two terms of the equation
changing their relative importance as the flow rate changes. Re = 4,G’/y, and
d, is the effective diameter of the particles, the diameter of a sphere of the same
surface /volume ratio as the packing in place. If the specific surface is a,, the
surface per unit volume of the particles is a,/(1 — &), and from the properties of
a sphere

_6(1 —e)
4= (6.67)

This will not normally be the same as the nominal size of the particles.

For flow of gases at G* greater than about 0.7 kg/m? - s (500 1b/ft- h), the
first term on the right of Eq. (6.66) is negligible. For a specific type and size of
manufactured tower packing, Eq. (6.66) can then be simplified to the empirical
expression

Ap _ Glz
F =G (6.68)

Values of C,, for SI units are listed in Table 6.3.1

Pressure Drop for Two-Phase Flow

For simultaneous countercurrent flow of liquid and gas, the pressure-drop data
of various investigators show wide discrepancies due to differences in packing
density and manufacture, such as changes in wall thickness. Estimates therefore
cannot be expected to be very accurate. For most purposes the generalized
correlation of Fig. 6.34 will serve. The values of C; are found in Table 6.3. More
elaborate data for particular packings are available from the manufacturers.

Tlustration 6.5 Sulfur dioxide i5 to be removed from gas with the characteristics of air by
scrubbing with an aqueous ammonium salt solution in a tower packed with 25-mm ceramic
Intalox saddles. The gas, entering at the rate 0.80 m®/s (1690 {t3 /min) at 30°C, 1 bar, contains
7.0% SO,, which is to be nearly completely removed. The washing solution will enter at the rate

t For G’ in Ib/it?- h, ps in 1b/ft?, and Ap/Z in inH,0/ft, multiply the values of Cp, from Table -
6.3 by 1.405 x 10~'°,
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3.8 kg/s (502 1b/min) and has a density 1235 kg/m?* (77 Ib/ft*), viscosity 2.5 X 10~ kg/m - s
(2.5 cP). (a) Choose a suitable tower diameter. (b) If the irrigated packed height is 8.0 m (26.25
ft), and if 1 m of 25-mm ceramic Intalox saddles is used above the liquid inlet as an
entrainment separator, estimate the power requirement to overcome the gas-pressure drop. The
overall efficiency of fan and motor is 60%.

SoLUTION (a) Since the larger flow quantities are at the bottom for an absorber, the diameter
will be chosen to accommodate the bottom conditions.

Av mol wt gas in = 0.07(64) + 0.93(29) = 31.45 kg/kmol

273 0.987 1
Gas in = 080303 io mzomr/ kmol/s

or 0.0317(31.45) = 0.998 kg/s

0.998 kg/s

0.80 m3/s

Assuming essentially complete absorption, SO, removed = 0.0317(0.07X64) = 0.1420 kg/s.
i.iquid leaving = 3.8 4 0.1420 = 3.94 kg /s

L {pc\% 394 [1248\%%
?(Z) "0.998( 1235) = 0.125

In Fig. 6.34 use a gas-pressure drop of 400 (N/m?)/m. The ordinate is therefore 0.061. For
25-mm ceramic Intalox saddles, C; = 98 (Table 6.3). Therefore,

o = = 1.248 kg/m’

o = [ 0.061p5(p, — PGS, ]"" ,[ 0.061(1.248)(1235 — 1.248) |**
Cr ™ 98(2.5 x 10-3%1(1.0)
= 1.321 kg/m?- s
The tower cross-sectional area is therefore (0.998 kg/s)/(1.321 kg/m? - s) = 0.756 m?.
T = [4(0.756)/ 7]>° = 0.98 m, say 1.0 m diameter Ans.

The corresponding cross-sectional area is 0.785 m2.

(b) The pressure drop for the 8.0 m of irrigated packing is approximately 400(8) =
3200 N/m?,

For the dry packing, gas flow rate = G' = (0.998 — 0.1420)/0.785 = 1.09 kg/m?- s at a
pressure of 100 000 — 3200 = 96 800 N/m?2. The gas density is

29 273 96 800
P56 = 7741 303 101 330

Table 6.3: Cp, for this packing = 241.5 for SI units. Eq. (6.68):

Ap _ 241.5(1.09)°
z 114

= 1114 kg/m’

= 258 N/m? for 1 m of packing

The total pressure drop for packing is therefore 3200 + 258 = 3458 N/m? To estimate fan
power, to this must be added the pressure drop for the packing supports and liquid distributor
(negligible for a well-designed apparatus) and inlet expansion and outlet contraction losses for
the gas. For a gas velocity in the inlet and outlet pnpe of 7.5 m/s, the expansion and
outlet-contraction losses would amount at most to 1.5 velocity heads, or 1.5V2/2g, =
1.5(7.5)3/2(1) = 42 N - m/kg or (42 N - m/kgK1.24 kg/m’) = 52.1 N/m? The fan power
output for the tower is therefore estimated as

[(3458 + 52) N/m¥[(0.998 — 0.147)kg/s]
1114 kg/m®

The power for the fan motor is then 2.681 /0.6 = 4.469 kW = 6 hp.

= 2681 N - m/s = 2.681 kW



MASS-TRANSFER COEFFICIENTS FOR PACKED TOWERS

When a packed tower is operated in the usual manner as a countercurrent
absorber or stripper for transfer of solute between the gas and liquid, the rate of
solute transfer can be computed from measured values of the rate of gas and
liquid flow and the bulk concentrations of solute in the entering and leaving
streams. As explained in Chap. 5, because of the impossibility of measuring
solute concentrations at the gas-liquid interface, the resulting rates of mass
transfer can be expressed only as overall coefficients, rather than as coefficients
for the individual fluids. Further, since the interfacial area between gas and
liquid is not directly measured in such experiments, the flux of mass transfer
cannot be determined, but instead only the rate as the product of the flux and
the total interfacial area. By dividing these rates by the volume of the packing,
the results appear as volumetric overall coefficients, K. a, K,a, Ka, Foga, Fo_a,
etc., where a is the interfacial surface per unit packed volume.

The individual fluid mass-transfer coefficients (k,, k,, F;, Fg) and the
interfacial area ¢ which make up these overall volumetric coefficients are
differently dependent upon fluid properties, flow rates, and type of packing. The
overall volumetric coefficients are therefore useful only in the design of towers
filled with the same packing and handling the same chemical system at the same
flow rates and concentrations as existed during the measurements. For general
design purposes, the individual coefficients and the interfacial area are neces-
sary.

To obtain individual coefficients, the general approach has been to choose
experimental conditions such that the resistance to mass transfer in the gas
phase is negligible in comparison with that in the liquid. This is the case for the
absorption or desorption of very insoluble gases, e.g., oxygen or hydrogen in
water [see Eq. (5.14)] [106]. Measurements in such systems then lead to values of
k.a, k;a, and F, a, which can be correlated in terms of system variables. There
are evidently no systems involving absorption or desorption where the solute is
so soluble in the liquid that the liquid-phase resistance is entirely negligible. But
by subtracting the known liquid resistance from the overall resistances (see
Chap. 5), it is possible to arrive at the gas-phase coefficients k,a, kga, and Fgza
and to correlate them in terms of system variables.

Another approach to obtaining pure gas-phase coefficients is to make
measurements when a pure liquid evaporates into a gas. Here there is no liquid
resistance since there is no concentration gradient within the liquid. The result-
ing volumetric coefficients k,a and Fga, however, do not agree with those
obtained in the manner first described above. The reason is the different
effective interfacial areas, as explained below.

Liquid Holdup

Holdup refers to the liquid retained in the tower as films wetting the packing
and as pools caught in the crevices between packing particles. It is found that
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the total holdup ¢, , is made up of two parts,
r = 0+ bus (6.69)

where ¢, , is the static and ¢, , the operating, or moving, holdup, each expressed
as volume liquid /packed volume. The moving holdup consists of liquid which
continuously moves through the packing, continuously replaced regularly and
rapidly by new liquid flowing from above. On stopping the gas and liquid flow,
the moving holdup drains from the packing. The static holdup is liquid retained
as pools in protected interstices in the packing, largely stagnant, and only slowly
replaced by fresh liquid. On stopping the flows, the static holdup does not drain.

When absorption or desorption of a solute occurs, involving transfer of a
solute between the bulk liquid and gas, the liquid of the static holdup rapidly
comes to equilibrium with the adjacent gas, and thereafter its interfacial surface
contributes nothing to mass transfer except as it is slowly replaced. For absorp-
tion and desorption, therefore, the smaller area offered by the moving holdup is
effective. When evaporation or condensation occurs with the liquid phase a
single, pure component, however, the area offered by the total holdup is
effective since the liqui¢ then offers no resistance to mass transfer.

Mass Transfer

For most of the standard packings, data for Ksa or the equivalent H,,; are
available in handbooks [47] or from manufacturers’ bulletins for specific sys-
tems. For some of the packings, data for k;a (or H,;) and k, a (or H,;) are also
available, and attempts have been made to correlate these generally in terms of
operating conditions [30, 46, 47, 94].

For Raschig rings and Berl saddles, Shulman and coworkers [107] have
established the nature of the area-free mass-transfer coefficients k; by passing
gases through beds filled with packings made with naphthalene, which sublimes
into the gas. By comparing these with k;a’s from aqueous absorption [48] and
other systems the interfacial areas for absorption and vaporization were ob-
tained. The data on k,a’s {106] then provided the correlation for k;, the
liquid-phase coefficient. Their work is summarized as follows,

For Raschig rings and Berl saddles, the gas-phase coefficient is given byt

F. S 2/3 k S 2/3 d.G’ -0.36
o - ToPemte g5 — 2 (6.70)
1“6(] - ELo)
where ¢, ,, the operating void space in the packing, is given by
bo =&~ ¢y, (671)

and 4, is the diameter of a sphere of the same surface as a single packing particle

1 Thej form of Eq. (6.70), with the } exponent on Scg, correlates the data well, although it is
inconsistent with the surface-renewal-theory approach, which is generally accepted for fluid inter-
faces, and with the correlation of Eq. (6.72).



(not the same as 4,). The fluid properties should be evaluated at average
conditions between interface and bulk gas. The liquid coefficient is given by

k d Ll 0.45
13_4 = 25.1( ;L ) Sc9* \ (6.72)
L

Since the liquid data were obtained at very low solute concentrations, &, can be
converted to F, through F, = k,c, where ¢ is the molar density of the solvent
liquid. There may be an additional effect not included in Eq. (6.72). If con-
centration changes result in an increase in surface tension as the liquid flows
down the column, the liquid film on the packing becomes stabilized and the
mass-transfer rate may become larger. If the surface tension decreases, the film
may break up into rivulets and the mass-transfer rate decreases [127]. Definite
conclusions cannot yet be drawn [16].

The interfacial areas for absorption and desorption with water or very dilute
aqueous solutions a,, are given for conditions below loading by Shulman in an
extensive series of graphs, well represented by the empirical expressions of Table
6.4. For absorption or desorption with nonaqueous liquids, the area is a,, given
by

Piro
Prow

(6.73)

a4 = Ay

and for contact of a gas with a pure liquid, as in vaporization, the areas are

a, = 0.85a, 2K (6.74)
PLo
By = o.ssa,,W:Z:: (6.75)

The subscript W indicates water as the liquid. The holdup data are summarized
in Table 6.5. Although these data are based on work with absorption, desorp-
tion, and vaporization, the evidence is that the same coefficients apply to
distillation in packed towers [89]. In distillation, a,’s should be used.

IHustration 6.6 A tower packed with 38-mm (1.5-in) Berl saddles is to be used for absorbing
benzene vapor from a dilute mixture with inert gas. The circumstances are:

Gas Av mol wi = 11, viscosity = 1075 kg/m s (00! cP); 27°C, p, = 107 kN/m?
(803 mmHg), Dg = 1.30 X 107° m?/s (0.504 f12/h), flow rate G’ = 0.716 kg/m?- s (528
1b/1t2 - h).

Lipid Av mol wt = 260, viscosity =2 X 10~> kg/m s (2.0 cP), density = 840 kg/m’
(524 1b/it*), surface temsion = 3.0 X 1072 N/m (30 dyn/cm), D, =471 X 10~'® m?/s
(1.85 X 1073 ft2/h), flow rate L’ = 2.71 kg/m?- s (2000 Ib/ft2- h).

Compute the volumetric mass-transfer coefficients.
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Table 6.4 Interfacial area for absorption and desorption, aqueous liquids
For conditions below loading, a,; = m(B08G’/ps®Y'L'?; use only for SI units: L' and G’ kg/m?- s

[or (Ib/h £t2(0.001356)] and pg kg/m? [or (Ib/fEX16.019)}; .y, = m?/m?; divide by 3.281 for

fi2/1t%; the original data cover L’ up to 6.1 kg/m? - s (4500 1b/ft?- h); extrapolation to L =
10.2 kg/m? - 5 (7500 Ib/ft? - h) has bezn suggested [107)

Nominal
size Range of L’
Packing mm in kg/m?- s 1b/ft?- h m n r
Raschig 13 0.5 0.68-2.0 500-1500 28,01 02323L' - 0.30 -1.04
rings 2,0-6.1 1500-4500 14,69 0.01114L" 4 0.148 -0.111
25 1 0.68-2.0 500-1500 3442 0 0.552
2.0-6.1 1500-4500 68.2 0.0389L’ — 0.0793 —047
38 LS 0.68-2.0 500-1500 36.5 0.0498L" — 0.1013 0.274
2.0-6.1 15004500 40.11 0.01091L" — 0.022 0.140
50 2 0.68-2.0 5001500 31.52 0 0.481
2.0-6.1 1500-4500 34.03 0 0.362
Berl
saddles 131 0.5 0.68-2.0 500-1500 16.28 0.0529 0.761
2.0-6.1 1500-4500 25.61 0.0529 0.170
25§ 18§ 0.68-2.0 500-1500 52.14 0.0506 L’ — 0.1029 0
2.0-6.1 1500-4500 73.0 0.0310L’ — 0.0630 —0.359
38§ 1.5§ 0.68-2.0 500-1500 40.6 —0.0508 0.455
2.0-6.1 15004500 62.4 0.0240L' — 0.0996 —0.1355

1 Data of Shulman, et al. {107]

1 For G’ < 1.08 kg/m? 5 (800 1b/ft?- h) only. For higher values, see Shulman, 4ICKE J., 1, 253

(1955), figs. 16 and 17.

§ It has been shown that constants for L’ = 0.68 to 2.0 may apply over the range L’ = 0.68 to 6.1
[99]. This may reflect some change in the shape of the packing over the years.

SoruTioN For the gas,

11

1.07 x 10°

273

P6 =741 10133 x 10° 213 + 27

Sep = 42

1 %105

= peDg  0472(1.30 x 10-%)

G’ =0716kg/m? 5

For the liquid,

Scp,

By

G

- —__2x107
pDr  840(4.77 % 10719)

_ 0716
11

= 1.630

= 0.472kg/m?

= 0.0651 kmol/m?- s

4990
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Holdup Table 6.5:
L' =271 kg/m2 -8 d, = 00472 m B = 1.5084,°37 = 0.478
5014 x 10~3 -
Prsw = —dx"ss_ =5.86 X 10 3 [B:/lll3
—6 aY:]
PLow = (2.32 X lOdzb(737.5L) = 0.0304 m’®/m?
$

PLow = PLow — Prsw = 0.0335 m*/m’

_ 1404 L:O.S?}LLO.IJ ( p
pOM(324L°413 Z 1) \0.073

= 0.855

Pro = Prowh = 0.0335(0.855) = 0.0286

423 X 10~ BPLQMGU.SS
Q=
o d.‘l.56pL0.37

0.2817—-0.262 log L’
" )

= 4,65 X 1073 m*/m?
PLe =P, + @, = 0.0286 + 4.65 X 1073 = 0.0333 m*/m’

Interfacial area Table 6.4:
m =624 n=00240L" — 0.0996 = —0.0346

’ L
p=—0135 ag = m(a"sfs ) L' = 438 m?/m?
PG
Eq. (6.73):
- Pro - 438(0.0286! = 2 3
a, Gw = 0.0335 374 m*/m
Table 6.3:
e=075
Eq. (6.71):
1o =&~ @y, =075 — 00333 = 0.717
Eq. (6.70):
Fg(1.630)° LIS 0.0472(0.716) —036
0.0651 7 % 10781 - 0.717)
Fg = 1914 X 1072 kmol/m?: s = kgpp_p
Eq. (6.72):
k. (0.0472) 0.0472(2.71) 1045
=251 4990)05
a7 x10-1 2 [ 0.002 ] (49%0)

k; = 1.156 X 107* kmol/m?- s - (kmol/m?)

Since the data for k;, were taken at very low concentrations, this can be converted into
Fp = kyc, where ¢ = 840/260 = 3.23 kmol/m*® molar density. Therefore F, = (1.156 X
1074)(3.23) = 3.73 X 10~* kmol/m?- s = k; xp_»,c. The volumetric coefficients are

Fga, = (1914 X 107%)(37.4) = 0.0716 kmol/m* - s = k,a,pp 4
Fra, = (3.13 X 1074)(37.4) = 0.0140 kmol/m* - s = k,a,xg, p¢

Iustration 6.7 A tower packed with S0-mm (2-in) ceramic Raschig rings is to be used for
dehumidification of air by countercurrent contact with water. At the top of the tower, the
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conditions are to be:
Water: flow rate = 5.5 kg/m?- s (4060 1b/ft?- ), temp = 15°C.
Air: flow rate = 1,10 kg/m?- s (811 1b/ft?>- h), temp = 20°C, | std atm, essentially dry.
Compute the transfer coefficients for the top of the tower.

SOLUTION For the gas, G’ = 1.10 kg/m?- s, G = 1.10/29 = 0.0379 kmol/m?- s, p; = 1.8 X
1073 kg/m - 5, Sc; = 0.6 for air-water vapor, and

29 273
PG = 241 293

For the liquid, L' = 5.5 kg/m? - s. Table 6.5:
d, =00725m B = 1.5084,%"" = 0.562
_ (209 X 10-8)(737. 512

= 1.206 kg/m?

PrLow P = 0.0424 m*/m?
-8
Prow = 217’—1% = 591 X 1073 m*/m?
Prow = PLow — Praw = 0.0424 — 591 x 1073 = 0.0365 m*/m*
Table 6.4:
m=3403,n=0,p = 0362,
Q= m( 808G° ) L? = 63. m*/m?
Pa
Eq. (6.75):
= ¢L1W 0.0424 = 2 3
ayw = 0850,y 2L = 085(63.1) g ozes = 623 m /m
Table 6.3:
e= 074, ¢, = e — @ = 0.74 — 0.0424 = 0.698.
Eq. (6.70):
Fe(0.6)* 0.0725(1.10) -036

= 1.195[ = 0.0378

0.0379 (1.8 X 10-5)(1 — 0.698)

Fg = 2,01 X 107 kmol/m?- s
Foayy = (201 X 1072)(62.3) = 0.125 kmol/m® + s = kgayypp ar

Since the liquid is pure water, it has no mass-transfer coefficient. However, for such
processes (see Chap. 7), we need convection heat-transfer coefficients for both gas and liquid.
These can be estimated, in the absence of directly applicable data, through the heat- mass-
transfer analogy. Thus, from Eq. (6.70), and assuming j, = jj,

hG 2
fpy = /3 =
In CFG‘ PI'G 0.0378

where kg is the gas-phase heat-transfer coefficient. For air, C, = 1005 N - m/kg - K, Prs =
0.74.

0.0378G,G" _ 0.0378(1005)(1.10)
Prg?/3 (0.74)*
Similarly, the heat-transfer analog of Eq. (6.72) is

h d L 045
Nu = = 25.1 Pr, %3
km ( P ) -

c = ==51.lW/m2-K
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where h, is the liquid-phase heat-transfer coefficient. kg = 0.587 W/m K and Pr, =
Copy /[ feyy, = 4187(1.14 % 107%)/0.587 = 8.1. Therefore

b (LN L 25.1(0.587) [ 0.0725(5.5) 1°% . \0s
hL—25.17(#—L) P = 0075 [1,14xto-‘] it

s
= 8071 W/m?- K
The corresponding volumetric coefficients are
hoayy = SLI(62.3) = 3183 W/m*- K
hyayy = 8071(62.3) = 503 000 W/m?- K

COCURRENT FLOW OF GAS AND LIQUID

Cocurrent flow of gas and liquid (usuvally downward) through packed beds is
used for catalytic chemical reaction between components of the fluids, the
catalyst usually being some active substance supported upon granular ceramic
material. Such arrangements are known as frickle-bed reactors. For the strictly
diffusional separation processes, where the packing is inactive and merely
provides a means of producing interfacial surface, it should be recalled that
cocurrent flow can produce no better than one theoretical stage of separation.
This is sufficient for substantially complete separation where chemical reaction
accompanies the diffusional separation, e.g., in the absorption of hydrogen
sulfide into a strongly basic solution such as aqueous sodium hydroxide. For
these situations, there is the advantage that flooding is impossible: there is no
upper limit for the permissible flow rates. In the absence of reaction, however,
cocurrent flow rarely is useful.

Practically all the available data concern conditions suitable for catalysis,
with small packing particles (small spheres, cylinders, and the like) which are the
catalyst supports. Very complete reviews of pressure drop and mass-transfer for
such situations are available [100, 103].

END EFFECTS AND AXIAL MIXING

In addition to that occurring within the packed volume, there will be mass
transfer where the liquid is introduced by sprays or other distributors and where
it drips off the lower packing support. These constitute the end effects. For
proper evaluation of the packing itself, correction of experimental data must be
made for these effects, usually by operating at several packing heights foltowed
by extrapolation of the results to zero height. New equipment designed with
uncorrected data will be conservatively designed if shorter than the experimental
equipment but underdesigned if taller. Alternatively, equipment designed with
corrected data will include a small factor of safety represented by the end
effects. The data represented by Egs. (6.69) to (6.75) and Tables 6.4 and 6.5 are
believed to be reasonably free of end effects.
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As will be clear in later chapters, the equations generally used for design,
which are the same as those used for computing mass-transfer coefficients from
laboratory measurements, are based on the assumption that the gas and liquid
flow in piston, or plug, flow, with a flat velocity profile across the tower and
with each portion of the gas or liquid having the same residence time in the
tower. Such is not actually the case. Nonuniformity of packing and maldistribu-
tion of liquid may lead to channeling, or regions where the liquid flow is
abnormally great; the liquid in the static holdup moves forward much more
slowly than that in the moving holdup; drops of liquid falling from a packing
piece may be blown upward by the gas. Similarly the resistance to gas flow at
the tower walls and in relatively dry regions of the packing is different from that
elsewhere; the downward movement of liquid induces downward movement of
the gas. As a result, the purely piston-type flow does not occur, and there is a
relative movement within each fluid parallel to the axis of the tower, variously
described as axial mixing, axial dispersion, and back mixing. Axial dispersion is
the spreading of the residence time in unidirectional flow owing to the departure
from purely piston-type, or plug, flow; the fluid particles move forward but at
different speeds. Back mixing is the backward flow in a direction opposite to
that of the net flow, caused by frictional drag of one fluid upon the other, spray
of liquid into the gas (entrainment), and the like. The transport of solute by
these mechanisms is uvsually described in terms of an eddy diffusivity. For
gas-liquid packed towers [19, 28, 123] many of the data scatter badly. For
25-mm Berl saddles and Raschig rings, and 50-mm Raschig rings, axial mixing
in the liquid is more important than that in the gas [36]. Such transport of solute
reduces the concentration differences for interphase mass transfer. The true
mass-transfer coefficients are undoubtedly larger than those we customarily use,
since the latter have not been corrected for axial mixing. The effect is strong for
spray towers, which are relatively poor devices for separation operations as a
result. Fortunately the effects appear not to be large for packed towers under
ordinary circumstances.

In tray towers, entrainment of liquid in the gas is a form of back mixing,
and there are back mixing and axial mixing on the trays, which we have already
considered. In sparged vessels, the liquid is essentially completely back-mixed to
a uniform solute concentration. Both phases are largely completely mixed in
mechanically agitated vessels.

TRAY TOWERS VS. PACKED TOWERS

The following may be useful in considering a choice between the two major
types of towers.

1. Gas-pressure drop. Packed towers will ordinarily require a smaller pressure
drop. This is especially important for vacuum distillation.
2. Liquid holdup. Packed towers will provide a substantially smaller liquid
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holdup. This is important where liquid deterioration occurs with high
temperatures and short holding times are essential. It is also important in
obtaining sharp separations in batch distillation.

. Liquid/gas ratio. Very low values of this ratio are best handled in tray

towers. High values are best handled in packed towers.

. Liquid cooling. Cooling coils are more readily built into tray towers; and

liquid can more readily be removed from trays, to be passed through coolers
and returned, than from packed towers.

. Side streams. These are more readily removed from tray towers.
. Foaming systems. Packed towers operate with less bubbling of gas through

the liquid and are the more suitable.

. Corrosion. Packed towers for difficult corrosion problems are likely to be

less costly.

. Solids present. Neither type of tower is very satisfactory. Agitated vessels

and venturi scrubbers are best but provide only a single stage. If multistage
countercurrent action is required, it is best to remove the solids first. Dust in
the gas can be removed by a venturi scrubber at the bottom of a tower.
Liquids can be filtered or otherwise clarified before entering a tower.

. Cleaning. Frequent cleaning is easier with tray towers.
. Large temperature fluctuations. Fragile packings (ceramic, graphite) tend to

be crushed. Trays or metal packings are satisfactory.

Floor loading. Plastic packed towers are lighter in weight than tray towers,
which in turn are lighter than ceramic or metal packed towers. In any event,
floor loadings should be designed for accidental complete filling of the
tower with liquid.

Cost. If there is no overriding consideration, cost is the major factor to be
taken into account.

NOTATION FOR CHAPTER 6

Any consistent set of units may be used, except as noted.

gee e

e 3

- - - - - -
g

<

n oo

average specific interfacial surface for mass transfer, area/volume, L2/12

specific interfacial surface for absorption, desorption, and distillation, area/volume, L?/L?
specific surface of packing, area/volume, L2/L*

specific interfacial surface for contact of a gas with a pure liquid, area/volume, L2/L?
projected area, L?

active area, grea of perforated sheet, L?

downspout cross-sectional area, L2

smaller of the two areas, A, or free area between downspout apron and tray, L2

net tower cross-sectional area for gas flow = A, — A, for cross-flow trays, L?

area of perforations, L?

tower cross-sectional area, L?

baffle width, L

blade length, L.

molar density of the liquid, mole/L?

solute concentration, mole/L>
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C distance from impeller to tank bottom, L
Cp empirical constant, Eq. (6.68) and Table 6.3
G characterization factor of packing, two-phase flow, empirical constant, Table 6.3

Cr flooding constant for trays, Eqs. (6.29) and (6.30), empirical

C, orifice coefficient, dimensionless

(o8 specific heat at constant pressure, FL/MT

dy disk diameter, L

d; impeller diameter, L

d, orifice or perforation diameter, L

d, average bubble diameter, L
nominal diameter of tower-packing particle, L

d, diameter of sphere of same surface as a single packing particle, L

D diffusivity, L2/6

Dg eddy diffusivity of back mixing, 1L2/©

E fractional entrainment, entrained liquid /(entrained liquid + net liquid flow), mole/mole or
M/M

Eyc ~ Murphree gas-phase stage efficiency, fractional

Eyce Murphree gas-phase stage efficiency corrected for entrainment, fractional

Eo overall tray efficiency of a tower, fractional

Eo;  point gas-phase tray efficiency, fractional
function
Fanning friction factor, dimensionless

F mass-transfer coefficient, mole/L?6

Fy drag force, F

Fr impeller Froude number = d,N?/g, dimensionless

g acceleration of gravity, L/6?

8 conversion factor, ML /F&*

G superficial molar gas mass velocity, mole/L*®

G’ superficial gas mass velocity, M/L?©

h heat-transfer coefficient, FL/L*T8®

hp dry-plate gas-pressure drop as head of clear liquid, L

he gas-pressure drop as head of clear liquid, L

hy gas-pressure drop due to liquid holdup on tray, as head of clear liquid, L
kg residual gas-pressure drop as head of clear liquid, L

hy weir height, L

hy weir crest, L

hy head loss owing to liquid flow under downspout aprom, L
hy backup of liquid in downspout, L

H correction factor (holdup, packed towers), Table 6.5

Hy mechanical energy lost to friction, FL/M

H,; height of gas-phase transfer unit, L

H, height of liquid-phase transfer unit, L

Hooc  overall height of a transfer unit, L

Jo mass-transfer group = F; ScX/*/ G, dimensionless

Ju heat-transfer group = h Pr¥3/C,G’, dimeusionless

conversion factor, Fig. 6.31

gas-phase mass-transfer coefficient, mole/OL3(F/L?)
liquid-phase mass-transfer coefficient, mole/OL*(mole /L%)
thermal conductivity, FL2/6LT

liquid-phase mass-transfer coefficient, mole/SL(mole fraction)
gas-phase mass-transfer coefficient, mole/GL%(mole fraction)
overall gas-phase mass-transfer coefficient, mole/6L(F/L?)
overall gas-phase mass-transfer coefficient, mole/GL*(mole fraction)
plate thickness, L
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natural logarithm

common logarithm

superficial liquid molar mass velocity, mole/L*8

superficial liquid mass velocity, M/1*@

characteristic length, L

average slope of a chord of equilibrium curve, Eqgs. (6.52) to (6.59), mole fraction in
gas/mole fraction in liquid

empirical constant, Table 6.4

slope of a chord of equilibrium curve, Eq. (6.53), mole fraction gas/mole fraction in liquid
number of baffles, dimensionless

tray number, dimensionless

empirical constant, Table 6.4

impeller speed, 8!

number of gas-phase transfer units, dimensionless

number of liquid-phase transfer units, dimensionless

number of overall gas-phase transfer units, dimensionless

Nusselt number = ad, /k, dimensionless

pressure, F/L?

empirical constant, Table 6.4

pitch of perforations, L

pressure difference, F/L?

residual gas-pressure drop, F/L?

power delivered by an impeller, no gas flow, FL/8

power delivered by an impeller with gas flow, FL/©

Péclet number for liquid mixing, Eq. (6.59), dimensionless

power number = Pg_/pLN*d7?, dimensionless

Prandtl number = C,p/k,, dimensionless

volumetric liquid flow rate, L*/&

volumetric flow rate, L?/8

volumetric gas flow rate per orifice, L*/6

Rayleigh number = 4} Ap g/ Dy py, dimensionless

impeller Reynolds number = d*Np, /1, , dimensionless

Reynolds number for flow through packing = 4,G’/p, Eq. (6.66), dimensionless
gas Reynolds number = 4, Vgp, /1, , dimensionless

orifice Reynolds number = d,V,ps/p; = 4w,/ 7d, p;, dimensionless
Schmidt number = p/pD, dimensionless

Sherwood number = Fd, /¢D, dimensionless

tank diameter, tower diameter, L

tray spacing, L

average velocity, L/8

root-mean-square fluctuating velocity, L/©

liquid volume, L?

superficial velocity based on tower cross section; for tray towers, based on A, L/©
gas velocity based on A, L/©

flooding velocity based on 4,, L/8&

velocity through an orifice, L/

minimum gas velocity through perforations below which excessive weeping occurs, L/@
slip velocity, L/®

terminal settling velocity of a single bubble, L/6

blade width, L

mass rate of flow per orifice, M/6

weir length, L

work done by gas/unit mass, FL/M

Weber number = pu’d, /g, dimensionless
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concentration in liquid, mole fraction

concentration in gas, mole fraction

average flow width for liquid on a tray, L

liquid depth in an agjtated vessel; depth of packing; length of travel on a tray, L
empirical constant, Table 6.2

empirical constant: for flooding velocity, Table 6.2; for holdup in packing, Table 6.5
fractional void volume in a dry packed bed, volume voids/volume bed, dimensionless
defined by Eq. (6.58), dimensionless

time of residence of a liquid on a tray, 8

viscosity, M/LO

density, M/L?

difference in density, M/L?

surface tension F/L

gas holdup, volume fraction, dimensionless

liquid holdup, fraction of packed volume, dimensionless

Subscripts

§’i§

S NGO A

average

air-water

at flooding

gas

liquid

tray number

orifice; operating or moving (holdup and packing void space)
surface; static (holdup in packing)

Superscript

*

in equilibrium with bulk liquid
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PROBLEMS

6.1 A gas bubble released below the surface of a deep pool of liquid will expand as it rises to the
surface because of the reduction of pressure to which it is subject.

(a) Derive an expression for the time of rise of a bubble of initial diameter d,q released at a
depth Z below the surface of a liquid of density p,. Atmospheric pressure is p,. Assume that the
bubble assumes the terminal velocity corresponding to its diameter instantly.

(b) If an air bubble is initially 0.50 mm in diameter and released at a depth of 10 m in water at
25°C, compute the time of rise to the surface. Atmospheric pressure is standard.

Ans.: 54 5.
(¢) Repeat for a 2.0-mm-diameter bubble.

6.2 Calculate the power imparted to the vessel contents by the gas in the case of the sparged vessel
of Hlustration 6.1.
Ans.: 1.485 kW,

63 Calculate the power imparted to the vessel by the gas and the total power for the agjtated vessel
of Hlustration 6.2.

64 Petroleum oils which contain small amounts of suspended water droplets, resulting from washing
the oils with water after chemical treatment, are cloudy in appearance. Sparging with air evaporates
the moisture and the oil is “brightened,” i.e., made clear. Presumably the air bubbles pick up water
after diffusion of dissolved water through the oil.

A batch of a petroleum-oil product is to be brightened at 80°C with air. The oil viscosity at that
temperature is 10 cP, its specific gravity 0.822, and its surface tension 20 dyn/cm; av mol wt = 320,
The oil will be contained in a vessel 1.25 m in diameter, liquid depth 2.5 m, Air will be introduced at
the rate of 0.06 kg/s at the bottom through a sparger ring 400 mm in diameter, containing 50 holes
each 6.5 mm in diameter.

Estimate the gas-bubble size, the gas holdup, the specific interfacial area, and the mass-transfer
coefficient for water in the liquid at the gas-liquid surface.

Ans: g = 216.6 m*/m? k; = 5.71 X 10~ kmol/m?+ s  (kmol/m’).

6.5 A baffled fermenter tank, 5.0 ft (1.525 m) in diameter, which will contain 1600 gal (6.056 m?) of
a beet-sugar solution, will be used to produce citric acid by action of the microorganism Aspergillus
niger at 25°C, The vessel will be agitated with two 28-in-diameter (0.71-m) flat-blade disk turbines,
one located 2 ft (0.61 m) above the bottom of the tank, the other 6 ft (1.83 m) from the bottom, on
the same shaft, turning at 92 r/min, Sterilized air will be introduced below the lower impeller at 2.1
ft/min (0.01067 m/s) superficial velocity based on the tank cross-sectional area. The solution
sp gr = 1,038, the viscosity 1.4 cP (1.4 X 1072 kg/m - s).

(a) Estimate the agitator power required.

Anmg,: 54 kW.

(b) If the air is introduced through five }-in, schedule 40, open pipes (ID = 0.622 in =

15.8 mm), estimate the power imparted to the tank contents by the air.
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6.6 A baffled fermenter (10 fi (3.05 m) diameter, liquid depth 10 ft (3.05 m))] contains nutrient liquid
of sp gr 1.1, viscosity 5 cP, surface tension 50 dyn/cm. The liquid contains dissolved electrolytes. It
will be aerated at the rate 360 ft/h (0.0305 m/s) superficial air velocity based on the tank cross
section and agitated with a flat-blade disk turbine 4.5 ft (1.37 m) in diameter turning at 60 r/min
and located 3 ft (0.91 m) from the bottom of the tank. The temperature will be 80°F (26.7°C). The
diffusivity of oxygen in water at 25°C = 2.5 X 10~° cm?/s. Estimate the diffusivity of oxygen in the
solution by assuming that the quantity D, g, /¢ = const, where ¢ = absolute temperature.

Compute the agitator power required, the interfacial area, and the mass-transfer coefficient for
oxygen transfer,

Ans.: P =162 hp = 12.1 kW, k, = 0.31 b mol/f*- h - (b mol/ft*) = 2.63 X 10~> kmol/
m?: s - (kmol/m?).
6.7 A baffled fermentation tank for a pilot plant is to be 1.5 m in diameter and will contain liquid to
a depth 2.0 m. The flat-blade disk turbine impeller, 0.5 m diameter, will be located } m from the
bottom of the vessel. Air at a superficial velocity of 0.06 m/s will be introduced beneath the
impeller. The temperature will be 27°C, and the liquid properties may be taken as those of water.
Small-scale tests indicate that a suitable agitator power will be 0.5 kW /m? of liquid. At what speed
should the impeller be turned?
6.8 A sieve-tray tower is to be designed for stripping an aniline-water solution with steam. The
circumstances at the top of the tower, which are to be used to establish the design, are

Temperature = 98.5°C pressure = 745 mmHg abs

Liquid:
Composition = 7.00 mass % aniline
Rate = 6.3 kg/s = 50 000 lb}h density = 961 kg/m® = 60 Ib/ft®
Viscosity = 3 X 1074 kg/m s = 0.3 ¢cP
Surface tension = 0.058 N/m = 58 dyn/cm
Auniline diffusivity = 52 X 10~ m?/s = 52 X 107 cm?/s (est)
Vapor:

Composition = 3.6 mole % aniline  rate = 3.15kg/s = 25 000 1b/h
Aniline diffusivity = 1.261 X 10~° m?/s = 0.1261 cm?/s (est)
The equilibrium data [Griswold, et al.: Ind, Eng. Chem., 32, 878 (1940)] indicate that m = 0.0636 at
this concentration.

(a) Design a suitable cross-flow tray for such a tower. Report details respecting perforation size
and arrangement, tower diameter, tray spacing, weir length and height, downspout seal, pressure
drop for the gas, height of liquid in the downspout, and entrainment in the gas. Check for excessive
weeping.

(b) Estimate the tray efficiency for the design reported in part (a).

6.9 A gas containing methane, propane, and butane is to be scrubbed countercurrently in a
sieve-tray tower with a hydrocarbon oil to absorb principally the butane. It is agreed to design a tray
for the circumstances existing at the bottom of the tower, where the conditions are

Pressure = 350 kN/m? (51 Ib;/in® abs)  temperature = 38°C

Gas: 0.25 kmol/s (1984 1b mol/h), containing 85% methane, 10% propane, and 5% butane by
volume.
Liguid: 0.15 kmol/s (1190 Ib mol/h), av mol wt = 150, density = 849 kg/m® (53 Ib/ft3),
surface tension = 0.025 N /m (25 dyn/cm), viscosity = 0.00160 kg/m - s (1.60 cP).
(a) Design a suitable sieve tray, and check for weeping and flooding by downspout backup.
(b) Estimate the tray efficiency for butane absorption, corrected for entrainment. The average
molecular diffusivities may be taken as 3.49 X 10~ m2/s for the gas and 1.138 X 10~° m2/s for the
liquid.
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6.10 A packed tower is to be designed for the countercurrent contact of a2 benzene-nitrogen gas
mixture with kerosene to wash out the benzene from the gas. The circumstances are:

Gas in: 150 m®/s (53 ft*/s), containing S mol % benzene, at 25°C, 1.1 x 10° N/m?
(16 Iby/in?. .

Gas out: substantially pure nitrogen.

Liquid in: 4.0 kg/s (8.82 1b/s), density = 800 kg/m® (50 Ib/[t3), viscosity = 0.0023 kg/m - 5.

The packing will be 50-mm (2-in) metal Pall rings, and the tower diameter will be set to
produce 400 N/m? per meter of gas-pressure drop (0.5 in HyO/ft) for irrigated packing.

(@) Calculate the tower diameter to be used.

(b) Assume that, for the diameter chosen, the irrigated packed depth will be 6 m (19.7 ft) and
that 1 m of vnirrigated packing will be placed over the liquid inlet to act as entrainment separator.
The blower-motor combination to be used at the gas inlet will have an overall efficiency of 60%.
Calculate the power required to blow the gas through the packing.

6.11 A small water-cooling tower, | m diameter, packed with 76-mm (3-in) ceramic Raschig rings, is
fed with water at the rate 28 kg/m?- s (20 600 1b/ft?- h), in at 40°C and out at 25°C. The water is
contacted with air (30°C, 1 std atm, essentially dry) drawn upward countercurrently to the water
flow. Neglecting evaporation of the water, estimate the rate of airflow which would flood the tower.
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The operations considered in this chapter are concerned with the interphase
transfer of mass and of energy which result when a gas is brought into contact
with a pure liquid in which it is essentially insoluble. While the term humidifica-
tion operations is used to characterize these in a general fashion, the purpose of
such operations may include not only humidification of the gas but dehumidifi-
cation and cooling of the gas, measurement of its vapor content, and cooling of
the liquid as well. The matter transferred between phases in such cases is the
substance constituting the liquid phase, which either vaporizes or condenses. As
in all mass-transfer problems, it is necessary for a complete understanding of the
operation to be familiar with the equilibrium characteristics of the systems. But
since the mass transfer in these cases will invariably be accompanied by a
simultaneous transfer of heat energy as well, some consideration must also be
given to the enthalpy characteristics of the systems.

VAPOR-LIQUID EQUILIBRIUM AND ENTHALPY FOR A
PURE SUBSTANCE

As indicated above, the substance undergoing interphase transfer in these
operations is the material constituting the liquid phase, which diffuses in the
form of a vapor. The equilibrium vapor-pressure characteristics of the liquid are
therefore of importance.

220
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Vapor-Pressure Curve

Every liquid exerts an equilibrium pressure, the vapor pressure, to an extent
depending upon the temperature. When the vapor pressures of a liquid are
plotted against the corresponding temperatures, a curve like TBDC (Fig. 7.1)
results. The vapor-pressure curve for each substance is unique, but each exhibits
characteristics generally similar to that in the figure. The curve separates two
areas of the plot, representing respectively, conditions where the substance exists
wholly in the liquid state and wholly in the vapor state. If the conditions
imposed upon the substance are in the liquid-state area, such as at point 4, the
substance will be entirely liquid. Under all conditions in the lower area, such as
those at point E, the substance is entirely a vapor. At all conditions correspond-
ing to points on the curve TBDC, however, liquid and vapor may coexist in any
proportions indefinitely. Liquid and vapor represented by points on the vapor-
pressure curve are called saturated liquid and saturated vapor, respectively. Vapor
or gas at a temperature above that corresponding to saturation is termed
superheated. The vapor-pressure curve has two abrupt endpoints, at T and C.
Point 7, from which originate curves LT and S7 separating the conditions for
the solid state from those for the liquid and vapor, is the triple point, at which all
three states of aggregation may coexist. Point C is the critical point, or state,
whose coordinates are the critical pressure and critical temperature. At the critical
point, distinction between the liquid and vapor phases disappears, and all the
properties of the liquid, such as density, viscosity, refractive index, etc., are
identical with those of the vapor. The substance at a temperature above the
critical is called a gas, and it will then not be liquefied regardless of how high a
pressure may be imposed. This distinction between a gas and a vapor, however,
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bep  lerit Figure 7.1 Vapor pressure of a
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is not always strictly adhered to, and the term ‘“gas” is frequently used to
designate merely a condition relatively far removed from the vapor-pressure
curve. The temperature corresponding to each pressure on the curve is termed
the boiling point of the liquid at the pressure in question, and that corresponding
to 1 std atm in particular is known as the normal boiling point, as at ¢, in Fig.
7.1.

Whenever a process involves bringing a sample of fluid across the vapor-
pressure curve, such as the isobaric process ADE or the isothermal process ABF,
there will be a change of phase. This will be accompanied by the evolution (for
condensation) or absorption (for vaporization) of the latent heat of vaporization
at constant temperature, for example, at points B or D in the processes
mentioned above. Heat added or given up with changing temperatures is called
sensible heat.

Interpolation between data For such common liquids as water, many re-
frigerants, and others, the vapor-pressure-temperature curve has been estab-
lished at many points. For most liquids, however, only relatively few data are
available, so that it is necessary frequently to interpolate between, or extrapolate
beyond, the measurements. The curve on arithmetic coordinates (Fig. 7.1) is
very inconvenient for this because of the curvature, and some method of
linearizing the curve is needed. Most of the common methods stem from the
Clausius-Clapeyron equation, which relates the slope of the vapor-pressure curve
to the latent heat of vaporization

b A DL 2P P gy

dar T(vg — v) TV TRT g™

where v; and v, are molal specific volumes of the saturated vapor and liquid,
respectively, and A’ is the molal latent heat in units consistent with the rest of the
equation. As a simplification, we can neglect v, in comparison with v; and
express the latter by the ideal-gas law, to obtain

dp _XNdT

7 RT?

dinp = (12)

and if A’ can be considered reasonably constant over a short range of tempera-
ture,

A
Inp=—-—=
np RT T const (7.3)
Equation (7.3) suggests that a plot of log p against 1/ 7T will be straight for short
temperature ranges. It also suggests 2 method of interpolating between points
listed in a table of data.

IHustration 7.1 A table lists the vapor pressure of benzene to be 100 mmHg at 26.1°C and
400 mmHg at 60.6°C. At what temperature is the vapor pressure 200 mmHg?
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SoLuTION At 26.1°C, 1/T = 1/299.1 K~'; at 60.6°C, 1/T = 1/333.6 K~/
1/299.1 = 1/T _ log 100 — log 200
1/299.1 — 1/333.6 log 100 — log 400
T = 3154 K = 424°C
The correct value is 42.2°C. Linear interpolation would have given 37.6°C.

Reference-Substance Plots [21]

Equation (7.2) can be rewritten for a second substance, a reference substance, at
the same temperature,

N dT
RT?
where the subscript r denotes the reference substance. Dividing Eq. (7.2) by (7.4)
provides

dlnp, = (7.4)

dlnp N M\

=2 = 7.5
dlnp, N M\ (7.5)
‘which, upon integration, becomes
MA
logp = M log p, + const (7.6)

Equation (7.6) suggests that a linear graph will result if log p as ordinate 1s
plotted against log p, for the reference substance as abscissa, where for each
plotted point the vapor pressures are taken at the same temperature. Such a plot
is straight over larger temperature ranges (but not near the critical temperature)
than that based on Eq. (7.3), and, moreover, the slope of the curve gives the ratio
of the latent heats at the same temperature. The reference substance chosen is
one whose vapor-pressure data are well known.

Illustration 7.2 (a) Plot the vapor pressure of benzene over the range 15 to 180°C using water
as the reference substance according to Eq. (7.6). (b) Determine the vapor pressure of benzene
at 100°C. (¢) Determine the latent heat of vaporization of benzene at 25°C.

SoLuTioN (a) Logarithmic graph paper is marked with scales for the vapor pressure of
benzene and for water, as in Fig. 7.2, The vapor pressure of benzene at 15.4°C is 60 mmHg,
and that for water at this temperature is 13.1 mmHg. These pressures provide the coordinates
of the lowest point on the plot. In similar fashion, additional data for benzene are plotted with
the help of a steam table, thus providing the curve shown. The line is very nearly straight over
the temperature range used. -

(b) At 100°C, the vapor pressure of water is 760 mmHg. Entering the plot at this value
for the abscissa, the vapor pressure of benzene is read as 1400 mmHg. Alternatively the
abscissa can be marked with the temperatures corresponding to the vapor pressures of water, as
shown, thus eliminating the necessity of referring to the steam table.

(¢) The slope of the curve at 25°C is 0.775. (Note: This is most conveniently determined
with a millimeter rule. If the coordinates are used, the slope will be A log p /A log p,.) At 25°C,
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Figure 7.2 Reference-substance plot for the vapor pressure of benzene.

the latent heat of vaporization of water is 2443 kN - m/kg. From Eq. (7.6)

AM 78.05
NM, 2 443 000(18.02)

A = 437 kN - m/kg for benzene at 25°C
(The accepted value is 434 kN - m/kg.)

= 0.775

A5(T. P
Enthalpy  Wens fun of p

adlow P ey
The internal energy U of a su s(“ance is the total energy residing in the substance

owing to the motion and relative position of the constituent atoms and mole-
cules. Absolute values of internal energy are not known, but numerical values
relative to some arbitrarily defined standard state for the substance can be
computed. The sum of the internal energy and the product of pressure and
volume of the substance, when both quantities are expressed in the same units, is
defined as the enthalpy of the substance,

Lo ® o TUnC® of 23008 <H=U+PU}

3\’" r‘n sredly et e N S
» i AT X
Ina batch process at constant pressure, where work is done only in expansion
against the pressure, the heat absorbed by the system is the gain in enthalpy,

0 = AH = AU + pv) (7.7)
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In a steady-state continuous-flow process, the net transfer of emergy to the
system as heat and work will be the sum of its gains in enthalpy and potential
and kinetic energies. It frequently happens that the changes in potential and
kinetic energies are insignificant in comparison with the enthalpy change and
that there is no mechanical work done. In such cases, Eq. (7.7) can be used to
compute the heat added to the system, and such a calculation is termed a heat
balance. In adiabatic operations, where no exchange of heat between the system
and its surroundings occurs, the heat balance becomes simply an equality of
enthalpies in the initial and final condition.

Absolute values of the enthalpy of a substance, like the internal energy, are
not known. However, by arbitrarily setting the enthalpy of a substance at zero
when it is in a convenient reference state, relative values of enthalpy at other
conditions can be calculated. To define the reference state, the temperature,
pressure, and state of aggregation must be established. For the substance water,
the ordinary steam tables list the relative enthalpy at various conditions referred
to the enthalpy of the substance at 0°C, the equilibrium vapor pressure at this
temperature, and in the liquid state. For other substances, other reference
conditions may be more convenient.

Figure 7.3 is a graphical representation of the relative enthalpy of a typical
substance where the liquid, vapor, and gaseous states are shown. The data are
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most conveniently shown on lines of constant pressure. The curves marked
“saturated liquid” and “saturated vapor,” however, cut across the constant-
pressure lines and show the enthalpies for these conditions at temperatures and
pressures corresponding to the equilibrium vapor-pressure relationship for the
substance. The vertical distance between the saturated-vapor and -liquid curves,
such as the distance BC, represents the latent heat of vaporization at the
corresponding temperature. The latent heat thus decreases with increased tem-
perature, becoming zero at the critical point. In the vapor state at low pressures,
the enthalpy is essentially a function of temperature; at all pressures where the
ideal-gas law can be used to describe the pur relation, the lines of conmstant
pressure are superimposed and the enthalpy is independent of pressure. Except
near the critical temperature, the enthalpy of the liquid is also substantially
independent of pressure until exceedingly high pressures are reached.

The change in enthalpy between two conditions, such as those at A and D,
may be taken simply as the difference in ordinates corresponding to the points.
Thus, to calculate the enthalpy of the substance in the superheated condition at
point A4 relative to the saturated liquid at D, or H, — H,, we can add the
enthalpy change H, — H,, the sensible heat of the vapor from the saturation
temperature ¢, at the same pressure to the superheated condition at 4; H, — H,,
the latent heat of vaporization at #,; and H; — H,, the sensible heat of the liquid
from the final condition at D to the boiling point at the prevailing pressure £,
For a liquid or vapor, the slope of the constant-pressure lines at any temperature
is termed the hear capacity. The lines are not strictly straight, so that the heat
capacity changes with temperature. By use of an average heat capacity or
average slope, however, sensible heats are readily calculated. Thus, referring
again to Fig. 7.3, Epr ho change i £ @ dzl 2 G

H - H,=C( - 1) o, = g‘qcps»

where C is the average heat capacity of the vapor at constant pressure over the
indicated temperature range. Eoerey
Mo ol ‘\;:““f')
Hlustration 7.3 Compute the heat evolved when 10 kg of benzene as a superheated vapor at 94
mmHg, 100°C, is cooled and condensed to a liquid at 10°C. The average heat capacity for the
vapor may be taken as 1,256 and for the liquid 1.507 kJ /kg - K.

SoLution Refer to Fig. 7.2, When the pressure is 94 mmHg, the saturation temperature for
benzene is 25°C. The latent heat of vaporization at this temperature is 434 kJ /kg (Illustration
7.2). The initial condition corresponds to a point such as 4 on Fig. 6.3, the final condition to
point D, the path of the process 10 ABCD. Using the notation of Fig. 7.3,

Hy — H, = C(t; — 1,) = 1.256(100 — 25) = 94.2 kJ /kg

- Hy =434k /kg
Hy— Hy= C(1; — tg) = 1.507(25 — 10) = 22.6 kJ /kg
H, — Hy =942 + 434 + 22.6 = 550.8 kI /kg

Heat evolved for 10 kg benzene = 10(550.8) = 5508 kJ /kg
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VAPOR-GAS MIXTURES

In what follows, the term vapor will be applied to that substance, designated as
substance A, in the vaporous state which is relatively near its condensation
temperature at the prevailing pressure. The term gas will be applied to substance
B, which is a relatively highly superheated gas.

Absolute Humidity ~/

While the common concentration units (partial pressure, mole fraction, etc.)
which are based on total quantity are useful, when operations involve changes in
vapor content of a vapor-gas mixture without changes in the gas content, it is
more convenient to use a unit based on the unchanging amount of gas. The ratio
mass of vapor/mass of gas is the absolute humidity Y’. If the quantities are
expressed in moles, the ratio is the molal absolute humidity Y. Under conditions
where the ideal-gas law applies,

y=24a_ Pa _ _ Pa moles A juolal avsolute humdiy
Ys Py P, — P, molesB
M 7 M A g
YI = A — .pA A Mass & bSO (7.8)

MB Py — Pa MB mass B Bugi Ay

In many respects the molal ratio is the more convenient, thanks to the ease with
which moles and volumes can be interrelated through the gas law, but the mass
ratio has nevertheless become firmly established in the humidification literature.
The mass absolute humidity was first introduced by Grosvenor [7] and is
sometimes called the Grosvenor humidity.

IRustration 7.4 In a mixture of benzene vapor (A) and nitrogen gas (B) at a total pressure of
800 mmHg and a temperature of 60°C, the partial pressure of benzene is 100 mmHg. Express
the benzene concentration in other terms. )

SoLuTION p, = 100, 5y = 800 — 100 = 700 mmHg.

(@) Mole fraction. Since the pressure fraction and mole fraction are identical for gas
mixtures, y, = pn/p, = 100/800 = 0.125 mole fraction benzene. The mole fraction nitrogen =
yp =1 —0.125 = 700/800 = 0.875.

(6) Volume fraction of benzene equals the mole fraction, 0.125.

(c) Absolute humidity.

Ya _Pa_ 0125 100 .
Y="A=A_ 0875 = 700 = 0.143 mol benzene /mol.nitrogen

Ys  Pm
L oMy 78.05 _ .
Y' = Y_ffl_; = 0.143m = 0.398 kg benzene /kg nitrogen

Saturated Vapor-Gas Mixtures

If an insoluble dry gas B is brought into contact with sufficient liquid A, the
liquid will evaporate into the gas until ultimately, at equilibrium, the partial



pressure of A in the vapor-gas mixture reaches its saturation value, the vapor
pressure p, at the prevailing temperature. So long as the gas can be considered
insoluble in the liquid, the partial pressure of vapor in the saturated mixture is
independent of the nature of the gas and total pressure (except at very high
pressures) and is dependent only upon the temperature and identity of the
liquid. However, the saturated molal absolute humidity Y, = p,/(p, — ps) will
depend upon the total pressure, and the saturated absolute humidity Y, =
Y.M, /My upon the identity of the gas as well. Both saturated humidities
become infinite at the boiling point of the liquid at the prevailing total pressure.

Ilustration 7.5 A gas (B)-benzene (A) mixture is saturated at I std atm, 50°C. Calculate the
absolute humidity if B is (a) nitrogen and (b) carbon dioxide.

SoLuTioN Since the mixture is saturated, the partial pressure of benzeme, j,, equals the
equilibrinm vapor pressure p, of benzene at 50°C. From Fig. 7.2, p, = 275 mmHg, or 0.362

std atm.
(a)
__Pa___0362 _
Y= oo = T= o036 = 0567 kmol CyHg/kmol Ny
,_ YoM, _ 0.567(78.05) _
Y=, ®0z = 1579 ke CeHe/kg N,
)]
Y, =LA 0382 __ 4567 kmol CeH/kmol CO,

Y = _’%’_A_ = 936718.05) . 1 006 kg CyHe/ke CO,
. ‘

Unsaturated Vapor-Gas Mixtures

If the partial pressure of the vapor in a vapor-gas mixture is for any reason less
than the equilibrium vapor pressure of the liquid at the same temperature, the
mixture is unsaturated.

Dry-bulb temperature This is the temperature of a vapor-gas mixture as ordin-
arily determined by immersion of a thermometer in the mixture.
shew for fam g e e

Relative saturation Relative saturation, also called relative hymidity, expressed as
a percentage is defined as 1005, /p,, where p, is the vapor pressure at the
dry-bulb temperature of the mixture. For any vapor, the graphical representa-
tion of conditions of constant relative saturation can easily be constructed on a
vapor-pressure—temperature chart, as in Fig. 7.4a, by dividing the ordinates of
the vapor-pressure curve into appropriate intervals. Thus the curve for 50
percent relative saturation shows a vapor partial pressure equal to one-half the
equilibrium vapor pressure at any temperature. A reference-substance plot, such
as Fig. 7.2, could also be used for this.
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Figure 7.4 Forms of psychrometric charts.

ion. Percentage saturation, or percentage absolute humidity, is
defined as 100Y /Y, and 100Y’/ Y., where the saturated values are computed at
the dry-bulb temperature of the mixture. Graphical representation of the quan-
tity for any vapor can be made on a chart of Y vs. ¢ (in which case the chart
must be limited to a single total pressure) or one of Y’ vs. ¢ (for a single total
pressure and a specific gas), as in Fig. 7.45. On this chart, the saturation
humidities are plotted from vapor-pressure data with the help of Eq. (7.8), to
give curve GD. The curve for humidities at 50 percent saturation is plotted at
half the ordinate of curve GD, etc. All the curves of constant percentage
saturation reach infinity at the boiling point of the liquid at the prevailing
pressure.

Dew point This is the temperature at which a vapor-gas mixture becomes
saturated when cooled at constant total pressure out of contact with a liqud.
For example, if an unsaturated mixture such as that at F (Fig. 7.4) is cooled at
constant pressure out of contact with liquid, the path of the cooling process
follows the line FG, the mixture becoming more nearly saturated as the tempera-
ture is lowered, and fully saturated at t,,, the dew-point temperature. All
mixtures of absolute humidity Y| on this figure have the same dew point. If the
temperature is reduced only an infinitesimal amount below f,,, vapor will
condense as a liquid dew. This is used as a method of humidity determination: a

t For this reason curves of constant relative saturation are sometimes drawn on absolute-
humidity-temperature charts. Since relative saturation and percentage saturation are not numerically
equal for an unsaturated mixture, the position of such curves must be computed by the methods of
Ilustration 7.6.



shiny metal surface is cooled in the presence of the gas mixture, and the
appearance of a fog which clouds the mirrorlike surface indicates that the dew
point has been reached.

If the mixture is cooled to a lower temperature, the vapor-gas mixture will
continue to precipitate liquid, itself always remaining saturated, until at the final
temperature 7, (Fig. 7.4) the residual vapor-gas mixture will be at point H. The
mass of vapor condensed per unit mass of dry gas will be Y] — Y;. Except
under specially controlled circumstances supersaturation will not occur, and no
vapor-gas mixture whose coordinates lie to the left of curve GD will result.

Humid volnme The humid.volume v, of a vapor-gas mixture is the volume of
unit mass of dry gas and its accompanying vapor at the prevailing temperature
and pressure. For a mixture of absolute humidity Y’ at 15 and p,, total pressure,
the ideal-gas law gives the humid volume as

1Y I + 273 1.013 X 10° _ 1, Y\ +273
Oy = (MB + M, )22.41 373 , = 8315 M, + A 7
\/’;! VE} ER) v o= ,R.;.. % "}h‘;“z‘_«;. 5;,%‘/&: (7.9)

where vy is in m?/kg, 1; in degrees Celsius, and p, = N/m?.f The humid
volume of a saturated mixture is computed with ¥’ = Y, and that for a dry gas
with Y’ = 0. These values can then be plotted against temperature on a
psychrometric chart. For partially saturated mixtures, v, can be interpolated
between values for O and 100 percentage saturation at the same temperature
according to percentage saturation. When the mass of dry gas in a mixture is
multiplied by the humid volume, the volume of mixture results.

Humid heat The humid heat Cs is the heat required to raise the temperature of
unit mass of gas and its accompanying vapor one degree at constant pressure.
For a mixture of absolute humidity Y,

CS = CB + Y’CA (7.10)

Provided neither vaporation nor condensation occurs, the heat in Btu required
to raise the temperature of a mass of Wy dry gas and its accompanying vapor an
amount Ar will be

0 = WyCsAt (1.11)

Enthalpy The (relative) enthalpy of a vapor-gas mixture is the sum of the
(relative) enthalpies of the gas and of the vapor content. Imagine unit mass of a
gas containing a mass Y’ of vapor at dry-bulb temperature f;. If the mixture is
unsaturated, the vapor is in a superheated state and we can calculate the

7 For vy in ft*/1b, 15 in degrees Fahrenheit, and P, in atmospheres Eq. (7.9) becomes
1 Y’ ) 15 + 460
P,
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enthalpy relative to the reference states gas and saturated liquid at f,. The
enthalpy of the gas alone is Cy(f; — 7). The vapor at f; is at a condition
corresponding to point 4 on Fig. 7.3, and its reference state corresponds to point
D. If t, is the dew point of the mixture (¢, in Fig. 7.3) and App the latent heat
of vaporization of the vapor at that temperature, the enthalpy per unit mass of
vapor will be Co(tg ~ tpp) + App + Ca 1(fpp — 1y)- Then the total enthalpy for
the mixture, per_unit mass of dry gas, is

H' = Cy(te— to) + Y'[Calts = tpp) + App + Cp 1(tpp — t9)] (7.12)

Refer again to Fig. 7.3. For the low pressures ordinarily encountered in humidi-
fication work, the point 4 which actually lies on a line of constant pressure
corresponding to the partial pressure of the vapor in the mixture can, for all
practical purposes, be considered as lying on the line whose pressure is the
saturation pressure of the vapor at the reference temperature, or at 4’. The
vapor enthalpy can then be computed by following the path 4’ ED and becomes,
per unit mass of vapor, C,(f; — o) + Ay, Where A, is the latent heat of
vaporization at the reference temperature. The enthalpy of the mixture, per unit
mass of dry gas, is then

H = Cy(ts ~ 1) + Y'[Calts — 1o) + No] = Cs(t = 15) + YAy (7.13)

Occasionally different reference temperatures are chosen for the dry gas and for
the vapor. Note that the enthalpy H' for a ‘mixture can be increased by
increasing the temperature at constant humidity, by increasing the humidity at
constant temperature, or by increasing both. Alternatively, under certain condi-
tions H’ may remain constant as 7 and Y’ vary in opposite directions.

By substitution of Y; and the appropriate humid heat in Eq. (7.13), the
enthalpy of saturated mixtures H; can be computed and plotted against temper-
ature on the psychrometric chart. Similarly H for the dry gas can be plotted.
Enthalpies for unsaturated mixtures can then be interpolated between the
saturated and dry values at the same temperature according to the percentage
humidity.

The System Air-Water

While psychrometric charts for any vapor-gas mixture can be prepared when
circumstances warrant, the system air-water occurs so frequently that unusually
complete charts for this mixture are available. Figure 7.5a and 7.5b shows two
versions of such a chart, for SI and English engineering units, respectively,
prepared for a total pressure of 1 std atm. For convenient reference, the various
equations representing the curves are listed in Table 7.1. It should be noted that
all the quantities (absolute humidity, enthalpies, humid volumes) are plotted
against temperature. For the enthalpies, gaseous air and saturated liquid water
at 0°C (32°F) were the reference conditions, so that the chart can be used in
conjunction with the steam tables. The data for enthalpy of saturated air were
then plotted with two enthalpy scales to provide for the large range of values
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M

p q[ 32d nyg *Adjeyaua

e L

sy Suuesurdue ysySug Uy ‘sqe wne pis | ‘Jodea 19jeM-JiE JO) LIBYD IUIPWOIYIAS] () §°L amdyy m

Q)

oo MMeIddwag

001 06

08 0L 09 0§ OF Of

09¢ 0ST_0bc 0€C OTC 01T 00T 06! 0B[. OL1 091 OSI Okl Q€] Ocl Ol

0
ol 2
- ot €l
"
5 ot b1
S -
< -
0l ~ & or 51 S
pid 3 »
E os S 9 Z
3 i
2 3
ost E 5 z
.
0T = o Fou g
=2 m ©
g oo = s B
00t ~ = .\m.u 2
8 = <
oor - m oR 3 ol o
= 7 E
] 06 o 07 2
009 |- 3 < z
008 b 2 ool § 1z ¥
2 )
0001 - & ol u
00st - ozl £Z
000c - o€l v
00s% |




Table 7.1 Psychrometric relations for the system air (B)-water (A)

at 1 std atm pressure

SI units (kg, m, N, °C)

English engincering units
(Btu, %, Ib, °F, 1b,/in?)

M,  18.02kg/kmol, H,0

18.02 1b/1b mol, H,O

My 2897 kg/kmol, air 28.97 1b/1b mol, air
0.622p, 0.6225,
Y ———PMO 4o H.0/kg air —PHO 1 1,0/1b air
10133 X 10° = pyo 14.696 — 0
0.622p41.0 . 0.622p4.0 .
Y ————H0 4o H.0/kg air P01y H,0/Ib air
' 1.0133 X 10° — py o 8 H:0/ke 1469 - puo /

og  (0.00283 + 0.00456 Y"1 + 273) m® mixture /kg air

(0.0252 + 0.0405 Y')1tg + 460) ft> mixture,/Ib air

Cs 1005 + 1884 Y’ J for mixture/(kg air) - °C

0.24 + 0.45Y" Btu for mixture/(b air) - °F

to 0°C

32°F

Ao 2502300J/kg

1075.8 Bta/Ib

H (1005 + 1884Y")(; + 2 502 300Y’
J for mixture/kg air,
referred to gaseous air and
saturated liquid H;0, 0°C

(0.24 + 0.45Y') 1t — 32) + 1075.8Y"
Btu for mixture/Ib air,
referred to gaseous air and liquid H,O0,
32°F

H, t, °C H,, I/kg t, °F H,, Btu/lb

0 9 479 32 4.074
10 29 360 40 7.545
20 57 510 60 18.780
30 100 030 80 36.020
40 166 790 100 64.090
50 275 580 120 112.00

60 461 500 140 198.40

he/ky 950 J/kg - K

0.227 Btu/Ib - °F

necessary. The series of curves marked “adiabatic-saturation curves” on the
chart were plotted according to Eq. (7.21), to be considered later. For most
purposes these can be considered as curves of constant enthalpy for the

vapor-gas mixture per unit mass of gas.

Blustration 7.6 An air (B)-water-vapor (A) sample has a dry-bulb temperature 55°C and an
absolute humidity 0.030 kg water/kg dry air at I std atm pressure, Tabulate its charactesistics.

SoLuTioN The point of coordinates f; = 55°C, Y’ = 0.030 is located on the psychrometric
chart (Fig. 7.54), 2 schematic version of which is shown in Fig. 7.6. This is point D in Fig. 7.6.
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Flgure 7.6 Solutions to Illustrations 7.6 and 7.7.

(a) By vertical interpolation between the adjacent curves of constant percent humidity,
the sample has a percentage humidity = 26.1%. Alternatively, the saturation humidity at 55°C
is Y, = 0.115, and the percentage humidity at D is therefore (0.030/0.115)100 = 26.1%.

(b) The molal absolute humidity = Y = Y'(My/M,) = 0.030(28.97/18.02) =
0.0482 kmol water /kmol dry air.

(¢) The partial pressure of water vapor in the sample, by Eq. (7.8), is

_ Yp, _ 0.0482(1.0133 X 10%) 2
PATTFY " 1.0482 = 4660 N/m
(d) The vapor pressure of water at 55°C = 118 mmHg or 118(133.3) = 15730 N/m? =

Pa. The relative humidity = 5,(100)/p, = 4660(100)/15 730 = 29.6%.
(e) Dew point. From point D proceed at constant humidity to the saturation curve at

point E, at which the dew point temperature is 31.5°C.
(/) Humid volume. At 55°C, the specific volume of dry air is 0.93 m®/kg. The humid

volume of saturated air = 1.10 m®/kg dry air. Interpolating for 26.1% humidity,
vy = 0.93 + (1.10 — 0.93)(0.261) = 0.974 m?/kg dry air

(g) Bumid heat, Eq. (7.10):
Cs = Cy + Y'C, = 1005 + 0.030(1884) = 1061.5 J (for wet air) / (kg dry 2ir) - K

(h) Enthalpy. At 55°C, the enthalpy of dry air is 56 000 J/kg dry air; that for saturated
air is 352 000 N - m/kg dry air. Interpolating for 26.1% humidity gives
H* = 56 000 + (352 000 ~ 56 000)(0.261) = 133 300 J/kg dry air
Alternatively, Eq. (7.13) or Table 7.1:
H’ = Cs(tg — 1oy + Y'Ag = (1005 + 1884Y")t; + 2 502 300Y”
= [1005 + 1884(0.030)]55 + 2 502 300(0.030) = 133.4 kJ /kg dry air




As another alternative line DF is drawn parallel to the adjacent adiabatic-saturation curves. At
F, the enthalpy is 134 kJ/kg dry air, or nearly the same as at D.

Ilustration 7.7 If 100 m? of the moist air of IHustration 7.6 is heated to 110°C, how much heat
is required?

SOLUTION After heating the mixture will be at point G of Fig. 7.6. The mass of dry air = Wy =
100/ 0, = 100/0.974 = 102.7 kg. Eq. (7.11): @ = WiCs At = 102.7(1061.5110 — 55) = 6.00
x 108 J.

Adiabatic-Saturation Curves

Consider the operation indicated schematically in Fig. 7.7. Here the entering gas
is contacted with liquid, for example, in a spray, and as a result of diffusion and
heat transfer between gas and liquid the gas leaves at conditions of humidity
and temperature different from those at the entrance. The operation is adiabatic
inasmuch as no heat is gained or lost to the surroundings. A mass balance for

substance A gives Uy - D Gy s ams e A

L'= G{Y;— Y} (7.149)
An enthalpy balance is

GsH{ + L'H, = GgH; (7.15)
therefore H{+(Y;— Y)H, = H; . (1.16)

This can be expanded by the definition of A’ given in Eq. (7.13),
Csi(ty = to) + Y{Ag + (Y3 — Y)Cy 1t — 10) = Csaltsr — 1) + Yido
(7.17)

In the special case where the leaving gas-vapor mixture is saturated, and
therefore at conditions 1, Y., H., and the liquid enters at ¢,, the gas is
humidified by evaporation of liquid and cooled. Equation (7.17) becomes, on
expansion of the humid-heat terms,

Ca(lgy — 1) + YiCaltgy— 1) + Yidg + (Yz — YDCy, 1(ty — to)
= Gty — 1) + Yo Cally — 1) + Yoy (7.18)

63 mass dry gos/ Gi

, (timelarea) 24
¥, obs humidity | He
H,'enthafpy 2
tz dry-bulb temp o2

T

¢" mass higuid Aime)area)
{ =temp
H), = enthalpy

Figure 7.7 Adiabatic gas-liquid contact.
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By subtracting Y| C,1,, from both sides and simplifying this becomes
(Cp + YICa)t1 = o) = Csy(t) = 1a)
s & G YII)[CA(taJ —do) ik Ao, Ca, Ll — to)]
(7.19)

Reference to Fig. 7.3 shows the quantity in brackets to be equal to A,.
Consequently,

Csilter ™ tae) = (Voo 7 Yas (1 gt V125 (7:20)

~diabatyc i )\ ’{/’
or Ccaturations line  fo, — o= (Y, — Y,’)Ci b (7.21)
f’jz‘/ i Sl\l(ﬂlzt*{‘a)-«‘r Ovi- 1 VgAY

This is the equation of a curve ‘on the psychrometric_chart, the “adiabatic-
saturation curve”f which passes through the points (Y, #,;) on the 100 percent
saturation curve and (Y], ¢;,). Since the humid heat Cg, contains the term Y7,
the curve is not straight but slightly concave upward. For any vapor-gas mixture
there is an adiabatic-saturation temperature t,, such that if contacted with liquid
at 1., the gas will become humidified and cooled. If sufficient contact time is
available, the gas will become saturated at (Y, ¢,) but otherwise will leave
unsaturated at (Y3, {5,), a point on the adiabatic-saturation curve for the initial
mixture. Eventually, as Eq. (7.20) indicates, the sensible heat given up by the gas
in cooling equals the latent heat required to evaporate the added vapor.

The psychrometric chart (Fig. 7.5) for air-water contains a family of
adiabatic-saturation curves, as previously noted. Each point on the curve repre-
sents a mixture whose adiabatic-saturation temperature is at the intersection of
the curve with the 100 percent humidity curve.

Tllustration 7.8 Air at 83°C, ¥’ = 0.030 kg water/kg dry air, 1 std atm is contacted with water
at the adiabatic-saturation temperature and is thereby humidified and cooled to 90% saturation.
What are the final temperature and humidity of the air?

SoLuTioN The point representing the original air is located on the psychrometric chart
(Fig. 7.5a). The adiabatic-saturation curve through the point reaches tbe 100% saturation curve
at 40°C, the adiabatic-saturation temperature. This is the water temperature. On this curve,
90% saturation occurs at 41.5°C, Y’ = 0.0485 kg water/kg ais, the outlet-air conditions.

Wet-Bulb Temperature

The wet-bulb temperature is the steady-state temperature reached by a small
amount of liquid evaporating into a large amount of unsaturated vapor-gas
mixture. Under properly controlled conditions it can be used to measure the
hurnidity of the mixture. For this purpose a thermometer whose bulb has been

+ The adiabatic-saturation curve is nearly one of constant enthalpy per unit mass of dry gas. As
Eq. (7.16) indicates, H_, differs from H{ by the enthalpy of the evaporated liquid at its entering
temperature £,;, but this difference is usually unimportant.

e
8%
AR
DO



covered with a wick kept wet with the liquid is immersed in a rapidly moving
stream of the gas mixture. The temperature indicated by this thermometer will
ultimately reach a value lower than the dry-bulb temperature of the gas if the
latter is unsaturated, and from a knowledge of this value the humidity is
computed.

Consider a drop of liquid immersed in a rapidly moving stream of un-
saturated vapor-gas mixture. If the liquid is initially at a temperature higher than
the gas dew point, the vapor pressure of the liquid will be higher at the drop
surface than the partial pressure of vapor in the gas, and the liquid will
evaporate and diffuse into the gas. The latent heat required for the evaporation
will at first be supplied at the expense of the sensible heat of the liquid drop,
which will then cool down. As soon as the liquid temperature is reduced below
the dry-bulb temperature of the gas, heat will flow from the gas to the liquid, at
an increasing rate as the temperature difference becomes larger. Eventually the
rate of heat transfer from the gas to the liquid will equal the rate of heat
requirement for the evaporation, and the temperature of the liquid will remain
constant at some low value, the wet-bulb temperature ¢,. The mechanism of the
wet-bulb process is essentially the same as that governing the adiabatic satura-
tion, except that in the case of the former the humidity of the gas is assumed not
to change during the process.

Refer to Fig. 7.8, sketched in the manner of the film theory, where a drop of
liquid is shown already at the steady-state conditions and the mass of gas is so
large as it passes the drop that its humidity is not measurably affected by the
evaporation. Since both heat and mass transfer occur simultaneously, Eq. (3.71)

F A pver bule T

te = dry-bulb temp. e A by e eyt & VD
Vopor-gas mixture {b:‘ﬁ: port, pras. of vapor ot alvers S

Y’ = abs. humidity l N
1

. ' J
/ nggegflwnf Hpad fompas Hopt- neces e,
\ appgupding B0 fee

P T

drop e

7
Temperature %L ----- Sensible
fy—— |

heat

Paw Vopor
; IN -] -~ - laotent
Portial heat

pressure Bag

Figure 7.8 The wet-bulb temperature.
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applies with g, =0 since no heat passes through the gas-liquid interface, and
s = 0. Thereforef

heat NAMACA

fronsfer & ST omancTR e T ) Rthelte = &) (722
and the approximation of the right-hand side is usually satisfactory since
ordinarily the rate of mass transfer is small. Further,

o L= Paw/P: s

trantfer  N,=Fln———"—~ — 7.23

tran A E A (Pac = Paw) (7.23)
where the approximation on the right is usually satisfactory since N, is small
[the form of Eq. (7.23) reflects the fact that N, is negative if ¢, is taken to be
positive]. p, ,, is the vapor pressure of A at ¢,,. Substituting Egs. (7.22) and (7.23)
into Eq. (3.71) with Ny and ¢, equal to zero, we get

ho(te = 1) + NMuko(Ba 6 = Paw) =0 (7.24)
where A, is the latent heat at the wet-bulb temperature per unit of mass. From
this,

P =)‘wMAkG(pA,w Pac) }‘WMBPBM (Yo~ Y
G w
hg hg
where py 4, is the average partial pressure of the gas. Since (Table 3.1)
My py pke = ky, Eq. (7.25) becomes

rotio sl et D)

L ekl hc/ky

which is the form of the relationship commonly used. The quantity ¢, — ¢, is the
wet=bulb_depression.

In order to use Eq. (7.26) for determination of Y, it is necessary to have at
hand appropriate values of h;/ k,, the psychromerric ratio.I Values of h; and k,
can be estimated independently for the particular shape of the wetted surface by
correlations like those of Table 3.3, using the heat- mass-transfer analogy if
necessary. Alternatively, experimental values of the ratio can be employed.
Henry and Epstein [10] have critically examined the data and methods of

(7.25)

(7.26)

1 For very careful measurements, the possibility of the liquid surface’s receiving heat by radiation
from either the gas itself or from the surroundings must also be considered. Assuming that the
source of radiation is at temperature ¢;, we have

g, = (hg + he)(1g — 1)

where the radiative heat transfer is described by an equivalent convection-type coefficient hg. In
wet-bulb thermometry, the effect of radiation can be minimized by using radiation shields and
maintaining a high velocity of gas to keep kg relatively high (at least 5 to 6 m/s in the case of
air-water-vapor mixtures at ordinary temperatures). The relative size of h; and kg in any case can
be estimated by standard methods [13). It is necessary to observe the additional precaution of
feeding the wick surrounding the thermometer bulb with an adequate supply of liquid preadjusted as
nearly as practicable to the wet-bulb temperature.

T The quantity hg/kyCgs is also sometimes termed the psychrometric ratio.



measurement and have produced some measurements of their own. For flow of
gases past cylinders, such as wet-bulb thermometers, and past single spheres, the
results for 18 vapor-gas systems are well correlated by

hG Sc 0.567 _ 0567
e (E) = Le (7.27)

for rates of flow which are turbulent, independent of the Reynolds number. A
large range of Lewis numbers Le, 0.335 to 7.2, is made possible by using not
only surfaces wetted with evaporating liquids but also cylinders and spheres cast
from volatile solids, which provide large Schmidt numbers.

Vapor-air systems are the most important. For dilute mixtures, where
Cs = Cyg, and with Pr for air taken as 0.707, Eq. (7.27) becomes (SI units)}

hg
7{- = 1223 §c%567 (7.28)
Y

For the system air-water vapor, for which Dropkin’s [3] measurements are
generally conceded to be the most authoritative, a thorough analysis [23, 24] led
to the value h;/ky =950 N - m/kg - K,} which is recommended for this
systemn. It agrees closely with Eq. (7.28).

It will be noted that Eq. (7.26) is identical with Eq. (7.21) for the adiabatic-
saturation temperature, but with replacement of Cg, by h;/ky. These are nearly
equal for air—water vapor at moderate humidities, and for many practical
purposes the adiabatic-saturation curves of Fig. 7.5 can be used instead of Eq.
(7.26). This is not the case for most other systems.

The Lewis relation We have seen that for the system air-water vapor, hg/ky is
approximately equal to Cg, or, approximately, h;/k,Cs = 1. This is the so-
called Lewis relation (after W. K. Lewis). Not only does it lead to near equality
of the wet-bulb and adiabatic-saturation temperatures (as in the case of air—
water vapor) but also to other simplifications to be developed later. It can be
shown, through consideration of Egs. (3.31) and (3.33), with J, = N, and
equality of the eddy diffusivities E, and Ej, that the Lewis relation will be
followed only if the thermal and molecular diffusivities are identical, or if
Sc = Pr, or Le = 1. This is, of course, the conclusion also reached from the
empirical equation (7.27). Le is essentially unity for air—water vapor but not for
most other systems.

Ilustration 7.9 For an air—water-vapor mixture of dry-bulb temgperature 65°C, 2 wet-bulb
temperature 35°C was determined under conditions such that the radiation coefficient can be
considered negligible, The total pressure was 1 std atm. Compute the humidity of the air.

SOLUTION At 1, = 35°C, A, = 2419300 J/kg, and Y, = 0.0365 kg H,O/kg dry air

1 With h;/ky expressed as Btu/Ib - °F, the coefficient of Eq. (7.28) for air mixtures becomes
0.292 and for air-water vapor h;/ky = 0.227.
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(Fig. 7.50); hg/ky = 950 3 /kg - K, 15 = 65°C. Eq. (1.26);

_ 2419 300(0.0365 — Y*)
550

Y’ = 0.0247 kg H,0/kg air

Alternatively as an approximalion, the adiabatic-saturation curve for r,, = 35°C in Fig, 7.5a is
followed to a dry-bulb temperature 65°C, where Y’ is read as 0.0238 kg H,0/kg air.

65 ~ 35

Illustration 7.10 Estimate the wet-bulb and adiabatic-saturation temperatures for a toluene-air
mixture of 60°C dry-bulb temperature, Y’ = 0.050 kg vapor/kg air, 1 std atm.

SOLUTION Wer-bulh temperature 15 = 60°C, Y’ = 0.050 kg toluene /kg air. D5 = 0.92 X 10~5
m?/s at 59°C, 1 std atm. At 60°C, p for air = 1060 kg/m® amnd p = 195 X
1075 kg/m - s.

Sc should be calculated for mean conditions between those of the gas-vapor mixture and
the wet-bulb saturation conditions. However, for the dilute mixture considered here, the
bulk-gas value of Sc is satisfactory and is essentially independent of temperature

Sem B o 195X 10-3
pDsp  1.060(0.92 x 10~5)

Eq. (7.28): hg/ky = 1223(2.00)°%57 = 1812 J/kg - K (observed value = 1842). Eq. (7.26):

= 2.00

A o
60—+, = -l-é-ﬁ(}’w 0.050)
Solution for ¢, is by trial and error. Try 1, = 35°C. p,_,, = 46.2 mmHg, Y;, = [46.2/(760 ~
46.2)) 92/29 = 0.2056, A, = (96.6 cal/gm)4187) = 404 460 J/kg. The equation provides ¢, =
25.3°C instead of the 35°C assumed. Upon repeated trials, £, is computed to be 31.8°C. Ans.

Adiabatic-saturation temperature 1g, = 60°C, Y| = 0.05, C for toluene vapor = 1256 J /kg - K.
Csy = 1005 + 1256(0.05) = 1067.8 J/kg - K. Eq. (7.21):

D

1067.8

In the same fashion as the wet-bulb temperature, f,, is calculated by trial and found to be
25.7°C. Ans.

60 — 1, = (Y., — 0.05)

GAS-LIQUID CONTACT OPERATIONS

Direct contact of a gas with a pure liquid may have any of several purposes:

1. Adiabatic operations.

a. Cooling a liguid. The cooling occurs by transfer of sensible heat and also
by evaporation. The principal application is cooling of water by contact
with atmospheric air (water cooling).

b. Cooling a hot gas. Direct contact provides a nonfouling heat exchanger
which is very effective, providing the presence of some of tlie vapor of the
liquid is not objectionable.

¢. Humidifying a gas. This can be used for controlling the moisture content
of air for drying, for example.
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d. Dehumidifying a gas. Contact of a warm vapor-gas mixture with a cold
liquid results in condensation of the vapor. There are applications in air
conditioning, recovery of solvent vapors from gases used in drying, and
the like.

2. Nonadiabatic operations.

a. Evaporative cooling. A liquid or gas inside a pipe is cooled by water
flowing in a film about the outside, the latter in turn being cooled by
direct contact with air.

b. Dehumidifying a gas. A gas-vapor mixture is brought into contact with
refrigerated pipes, and the vapor condenses upon the pipes.

Although operations of this sort are simple in the sense that mass transfer is
confined to the gas phase (there can be no mass transfer within the pure liquid),
they are nevertheless complex owing to the large heat effects which accompany
evaporation or condensation.

ADIABATIC OPERATIONS

These are usually carried out in some sort of packed tower, frequently with
countercurrent flow of gas and liquid. General relationships will be developed
first, to be particularized for specific operations.

Fundamental Relationships

Refer to Fig. 7.9, which shows a tower of unit cross-sectional area. A mass
balance for substance A over the lower part of the tower (envelope I) is

L' — L= G{(Y' - YY) (7.29)

or dL’ = G¢ dY’ (7.30)
Similarly, an enthalpy balance is

L'H, + G¢H{ = L{H,, + G{H’ (7.31)

These can be applied to the entire tower by putting subscript 2 on the unnum-
bered terms.

The rate relationships are fairly complex and will be developed in the
manner of Olander [20]. Refer to Fig. 7.10, which represents a section of the
tower of differential height 4Z and shows the liquid and gas flowing side by side,
separated by the gas-liquid interface. The changes in temperature, humidity, etc.,
are all differential over this section.

The interfacial surface of the section is dS. If the specific interfacial surface
per packed volume is a (not the same as the packing surface a,), since the
volume of packing per unit cross section is dZ, then dS = a dZ. If the packing is
incompletely wetted by the liquid, the surface for mass transfer a,,, which is the
liquid-gas interface, will be smaller than that for heat transfer aj, since heat
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transfer may also occur between the packing and the fluids. Note that a,,
corresponds to a,, of Chap. 6. The transfer rates are then:

Mass, as mass rate per tower cross- -sectional area:,
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Sensible heat, as energy rate per tower cross-sectional area:

/ggm} A y\\@.‘;},
NAMACA
1 — e”‘VAMACA/hc

[Gas:  qay dZi=
Heat flo L oy e

Liguid: "Ef:;‘?g:‘s;:"“’ Gy dZ = hpay(t; — 1) dZ iy 00 gy (134)
In Eq. (7.32), p, ; is the vapor pressure of A at the interface temperature ¢, and
Pa,c is the partial pressure in the bulk gas. In Eq. (7.33), radiation has been
neglected, and the coefficient kg, which accounts for the effect of mass transfer
on heat transfer, replaces the ordinary convection coefficient h; (see Chap. 3).
The rate equations are written as if transfer were in the direction gas to interface
to liquid, but they are directly applicable as written to all situations; correct
signs for the fluxes will develop automatically.

We now require a series of enthalpy balances based on the envelopes
sketched in Fig. 7.10.

(1o — 1)ay dZ = Hyag(is ~ t) dZ (133)

Envelope 1:
Rate enthalpy in = GgH’
Rate enthalpy out = G{(H' + dH’") — (G5 dY")Ca(ts — 1) + Agl (7.35)

The second term is the enthalpy of the transferred vapor [recall that N, and
G dY have opposite signs in Eq. (7.32)).

Rate in — rate out = heat-transfer rate

GiH' — G{(H' + dH") + (G4 dY)[ Cultg — 1) + Ao = hgay(ts — 1) dZ
(7.36)
If dH’, obtained by differentiation of Eq. (7.13), is substituted, this reduces to
- GsCg dig = hgay(t; — 1) dZ (7.37)

Envelope 1I:
Rate enthalpy in = (L' + dL)C, (1, + dt, — to) + (— G5 dY)C, (4, — 1,)
Here the second term is the enthalpy of the material transferred, now a liquid.

Rate enthalpy out = L'C, ,(t;, — 1)
Rate out = rate in + heat-transfer rate

L'Cy (1, = 1)) = (L' + dL)Cy (1, + dty — 1) — (G5 dY')Cy 1 (t; — 1)
+hyag(t, — 1,) dZ (7.38)

If Eq. (7.30) is substituted and the second-order differential 4Y’ dt, ignored, this
becomes

L'Cy L dt, = (GiCp . dY’ = hyay dZ)(t; — 1;) (1.39)
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Envelope I11:
Rate enthalpy in = G¢H' + (L' + dL)C, (1, + dt, — 1)
Rate enthalpy out = L'C, , (¢, ~ 15) + Gg(H' + dH’)
Rate in = rate out (adiabatic operation)
GsH' + (L' + dL)Cy (1, + diy — 1g) = L'Cy 1 (f, — 1) + G{(H' + dH")
(7.40)

Substitutions of Eq. (7.30) and the differential of Eq. (7.13) for dH’ are made
and the term dH’ d1, is ignored, whereupon this becomes-oiri) b Aris

}I!ild

Ui T R T T SO ¢ 2 1)
These WIH now bc apphed to the adlabatlc operations. ey

Clasn 12 < Pitedo ow

Water Cooling with Air

This is without question the most important of the operations. Water, warmed
by passage through heat exchangers, condensers, and the like, is cooled by
contact with atmospheric air for reuse. The latent heat of water is so large that
only a small amount of evaporation produces large cooling effects. Since the rate
of mass transfer is usually small, the temperature level is generally fairly low,
and the Lewis relation applies reasonably well for the air-water system, the
relationships of the previous section can be greatly simplified by making
reasonable approximations.

Thus, if the sensible-heat terms of Eq. (7.41) are ignored in comparison with
the latent heat, we have

L'C, , di, = GiCs diy + GiAgdY’ =~ G dH (7.42)

Here the last term on the right ignores the Y’ which appears in the definition of
C. Integrating, on the further assumption that L’ is essentially constant (little
evaporation), gives

L'Cy (1 — 1)) = Gs(H; — HY) (7.43)

This enthalpy balance can be represented graphically by plotting the gas
enthalpy H’ against ,, as in Fig. 7.11. The line ON on the chart represents Eq.
(7.43), and it passes through the points representing the terminal conditions for
the two fluids. Insofar as L — L is small in comparison with L’, the line is
straight and of slope L'C, , /Gs¢. The equilibrium curve in the figure is plotted
for conditions of the gas at the gas-liquid interface, i.e., the enthalpy of saturated
gas at each temperature.

If the mass-transfer rate is small, as it usually is, Eq. (7.32) can be written as

GLdY' = kya, (Y — Y')dZ (1.44)

GS{C le [Calig - 10)— CA L - 10)+>\ dY"} ri
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and Eq. (7.37) as STy Ao YO fO
GSCS dtG = hGa,,(t lc) dZ (7.45)
When the sensible heat of the transferred vapor is ignored, Eq. (7.39) becomes
Lc, ,dy = hay(y, —1)dZ (7.46)
Substituting Eqs. (7.44) and (7.45) into (7.42) gives
Gg dH’ = hga, (1, — tG) dZ + Aghkyap (Y] — Y') dZ (7.47)
If hgay/ Cskyay, = r, this becomes /v 1t e beE

Gi dH' = kyay[(CgH, + AOY) (csrzg +AY)]dZ  (148)

For the special case where r =1 [16, 17] the terms in parentheses are gas
enthalpies. The restriction that r = I requires Le = | (air-water), and a,, = ay
= a (the latter will be true only for thoroughly irrigated tower filling; even for
air-water contacting, values of r as high as 2 have been observed with low liquid
rates [9]). Wnth these understood, Eq. (7.48) is

ERNE A Gs dH' = kya(H! — H) dZ (7.49)
which is remarkable in that the mass-transfer coefficient is used with an
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enthalpy driving forcc Comt;ini;lé;'liqs (7.42), (7.46), and (7.49) then provides
\GS dH’ = k,a(H H YdZ = _J_a(tL = r) dZ (7.50)

At a position in the apparatus correspondmg to point U on the operating line
(Fig. 7.11), point T represents the interface conditions and the distance 7R the
enthalpy driving force H/ — H’ within the gas phase. By making constructions
like the triangle RTU at several places along the operating line, corresponding
H/ and H’ values can be obtained. Equation (7.50) then provides, assuming k,a

1S constant, i/oEC AT

Hj s kyaZ
f : dH S - kyaf T ya (7.51)
o

A=

The integral can be evaluated graphically and the packed height Z computed.
The enthalpy integral of Eq. (7.51) is sometimes given another interpretation.

Thus,
#__dH H; - Hj
; P A Y, (7.52)
_/};; 111 i H (H! - H )aV ¢

where the middle part of the equation is the number of times the average driving
force divides into the enthalpy change. This is a measure of the difficulty of
enthalpy transfer, called the number of gas-enthalpy transfer units N,;. Conse-
quently,

Z=H.N_ (7.53)

where the height of a gas-enthalpy transfer unit = H,, = G¢/kya. Hy is
frequently preferred over k,a as a measure of packing performance since it is
less dependent upon rates of flow and has the simple dimension of length.

As discussed in Chap. 5, an overall driving force representing the enthalpy
difference for the bulk phases but expressed in terms of H’ can be used, such as
the vertical distance SU (Fig. 7.11). This requires a corresponding overall
coefficient and leads to overall numbers and heights of transfer units:}

B AR ity KndZ s
7% m He. 2.6 o -Hiog

NoG = (7.54)

Hi

The use of Eq. (7.53) is satisfactory (see Chap. 5) only if the equilibrium
enthalpy curve of Fig. 7.11 is straight, which is not strictly so, or if kA, a is
infinite, so that the interface temperature equals the bulk-liquid temperature.
Although the few data available indicate that A, a is usually quite large (see, for

1 The water-cooling-tower industry frequently uses Eq. (7.54) in another form:

KyaZ (i dty,
T f H'™* — H’
L

which results from combining Eqgs. (7.42) and (7.54) and setting C,_, for water = 1.

s
=\/'C



example, Illustration 6.7), there are uncertainties owing to the fact that many
have been taken under conditions such that hza,, /Cskya,, = r was not unity
even though assumed to be so. In any case, it frequently happens that, for
cooling-tower packings, only Kya or H,,; and not the individual phase
coefficients, are available.

Just as with concentrations (Chap. 5), an operating line on the enthalpy
coordinates of Fig. 7.11 which anywhere touches the equilibrium curve results in
a zero driving force and consequently an infinite interfacial surface, or infinite
height Z, to accomplish a given temperature change in the liquid. This condition
would then represent the limiting ratio of L’/ G¢ permissible. It is also clear that
point N, for example, will be below the equilibrivm curve so long as the
entering-air enthalpy Hj is less than the saturation enthalpy H{* for air at 1,,.
Since the enthalpy H’ is for most practical purposes only a function of the
adiabatic-saturation temperature (or, for air-water, the wet-bulb temperature),
the entering-air wet-bulb temperature must be below ¢, but its dry-bulb tempera-
ture need not be. For this reason, it is perfectly possible to cool water to a value
of 1, less than the entering-air dry-bulb temperature ¢;,. It is also possible to
operate a cooler with entering air saturated, so long as its temperature is less
than #;,. The difference between the exit-liquid temperature and the entering-air
wet-bulb temperature, t;, — 1, called the wer-bulb temperature approach, is then
a measure of the driving force available for diffusion at the lower end of the
equipment. In the design of cooling towers, this is ordinarily specified to be from
2.5 to 5°C, with #,, set at the ““5 percent wet-bulb temperature” (the wet-bulb
temperature which is exceeded only 5 percent of the time on the average during
the summer months).

Makeup fresh water in recirculating water systems must be added to replace
losses from entrainment (drift, or windage), evaporation losses, and blowdown.
Windage losses can be estimated as 0.1 to 0.3 percent of the recirculation rate
for induced-draft towers. If makeup water introduces dissolved salts (hardness)
which will otherwise accumulate, a small amount of water is deliberately
discarded (blowdown) to keep the salt concentration at some predetermined
level. A calculation is demonstrated in Illustration 7.11. Chlorine treatment of
the water to control algae and slime and addition of chromate-phosphate
nixtures to inhibit corrosion have been common in the past, but restrictions on
discharges to the environment by the blowdown have led to the use of nonchro-
mate inhibitors. Many other practical details are available [14, 15].

The use of overall mass-transfer coefficients does not distinguish between
convective and evaporative cooling of the liquid and will not permit computa-
tion of the humidity or dry-bulb temperature of the exit air. The air will
ordinarily be very nearly saturated, and for purposes of estimating makeup
requirements it may be so assumed. The temperature-humidity history of the air
as it passes through the tower can be estimated by a graphical method on the
H't; diagram (Fig. 7.11) if h @ and kya are known [17] but approach of the gas
to saturation is very critical to the computations, and it is recommended instead
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that these be done by the methods outlined later (see page 255) which make no
assumptions. Cooling towers for systems other than air-water (Le ¥ 1) or when
a,, ¥ a, must also be treated by the general methods discussed later. Some
cooling towers use a cross flow of air and water, for which methods of
computation are also available [11, 22, 27}.

l(ustration 7.11 A plant requires 15 kg/s (1984 Ib/min) of cooling water to flow through its
distillation-equipment condensers, thereby removing 270 W (55 270 Btu/min) from the con-
densers. The water will leave the condensers at 45°C. It is planned to cool the water for reuse
by contact with air in an induced-draft cooling tower. The design conditions are as follows:
entering air at 30°C dry-bulb, 24°C wet-bulb temperature, water to be cooled to within 5°C of
the inlet-air wet-bulb temperature, i.e., to 29°C; an air/water-vapor ratio of 1.5 times the
minimum. Makenp water will come from a well at 10°C, hardness 500 ppm dissolved solids.
The circulating water is not to contain more than 2000 ppm hardness. For the packing to be
used, Kya is expected to be 0.90 kp/m’- s - AY (202 Ib/ft2- h - AY), for a liquid rate at least
2.7 kg/m?- s and a gas rate 2.0 kg/m?- s (1991 and 1474 Ib/ft?- h, respectively). Compute the
dimensions of the packed section and the makeup<water-requirement:

SorutioN Refer to Fig. 7.12, which represents the flowsheet of the operation. The entering air
humidity and enthalpy are taken from Fig. 7.5a. The operating diagram, Fig. 7.13, contains the
saturated-air—enthalpy curve, and on this plot is point N representing the condition at the
bottom of the tower (1, = 23°C, H| = 72 000 N - m/kg dry air). The operating line will pass
through N and end at f,, = 45°C. For the minimum value of Gg, the operating line will have
the least slope which causes it to touch the equilibrium curve and will consequently pass
through point O, where H; = 209 500 N - m/kg dry air. The slope of the line O'N is therefore

L'Cay _ 15(4187) _ 209 500 — 72 000
GS'. mn Gé. mn 45 - 29

L; =15 kg water/s

Air
427 45°C 'l T My
Blowdown £
45°C <—
2000 ppm
Q<—» Condensers Cooling
270 J/s tower
Makeup
—>
500 ppm
-3
1°c Gs kg dry o/s
ar Jor 30ﬂ ¢
L’ %als ~——lyy=24°C
= 2s7c = 72 000
L ¥’ = 0.0160

Figure 7.12 Flowsheet for Illustration 7.11.
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whence Gg mip, = 7.31 kg dry air/s. For a gas rate of 1.5 times the minimum, Gg = 1.5(7.31) =
10.97 kg dry air/s. Therefore

Hj~ 12000 _ 15(4187)
$5-1 1097

and H; = 163 600 N - m/kg dry air, plotted at point O. The operating line is therefore line
ON. For a liquid rate at least 2.7 kg/m?- s, the tower cross section would be 15/2.7 = 5.56 m?.
For a gas rate of at least 2.0 kg/m? - s, the cross section will be 10.97/2.0 = 5.50 m® The latter
will therefore be used, since the liquid rate will then exceed the minimum to ensurc that
Kya = 0.90.

Basis: 1 m? cross section, G§ = 2.0 kg/m?- 5. The driving force H'* — H’ is obtained at
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2 en

frequent intervals of ¢, from Fig. 7.13 as follows

xH’*(equilibrium curve), H' (operating line), 10*
1, °C 1/kg I/kg H - H
29 100 000 72 000 3.571
325 114 000 92 000 4,545
35 129 800 106 500 4.292
375 147 000 121 000 3.846
40 166 800 135 500 3.195
42.5 191 000 149 500 2410
45 216 000 163 500 1.905

The data of the last two columns are plotted against each other, H’ as abscissa, and the area
under the curve is 3.25. From Eq. (7.54)

- KyaZ - 0.90Z
G: 2.0
z = 7.22 m (23.7 ft) packed height Ans.
Note: In this case N,pg = 3.25, and H,pg = G5/ Kya = 2.0/0.90 = 2.22 m.

3.25

Makeup-water requirement For present purposes, define

E = evaporation rate, kg/h

W = windage loss, kg/h

B = blowdown rate, kg/h

M = makeup rate, kg/h

X = weight fraction hardness in circulated water
Xxp = wt fraction hardness in makeup water

For continuous makeup and continuous blowdown, 2 total material balance is
M=B+E+ W

and a hardness balance is

Mxy = (B + W)xe
Elimination of M results in

B= Exc’_‘_—”xu -w
Assuming the outlet air (H’ = 163 500 N - m/kg) is essentially saturated, Y3 = 0.0475. The
approximate rate of evaporation is then

E = 2,0(5.50)(0.0475 — 0.0160) = 0.3465 kg/s
The windage loss is estimated as 0.2 percent of the circulation rate,
W = 0.002(15) = 0.03 kg/s

Since the weight fractions x and x,, are proportional to the corresponding ppm values, the
blowdown rate is
500

~ 0,03 = 0.0855 kg/s
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The makeup rate is then estimated to be
M =B+ E+ W = 0.0855 + 0.3465 -+ 0.03 = 0462 kg/s (3670 Ib/h) Ans.

Ilustration 7.12 In the cooler of Illustration 7.11, to what temperature would the water be
cooled if, after the tower was built and operated at the design L’ and Gg values, the entering air
entered at dry-bulb temperature 15, = 32°C, wet-bulb temperature 15, = 28°C?

SorutioN For the new conditions, Hj = 90 000 J/kg, and the new operating line must
originate on the broken line at M in Fig. 7.13. Since in all likelihood the heat load on the plant
condensers, which is ultimately transferred to the air, will remain the same, the change in air
enthalpy will be the same as in Illustration 7.11:
H; — 90 000 = 163 600 — 72 000
H, = 181 600 ] /kg

The new operating line must therefore end on the broken line at P in Fig, 7.13, and because of
the same ratio L’/ G as in Ilustration 7.11 it must be parallel to the original line NO. Since at
the same flow rates as in Illustration 7.11 the value of H,,; remains the same, for the same
packing depth N, remains at 3.25. The new operating line RS is therefore located by trial so
that N,y = 3.25. The temperature at R = 7, is 31.7°C, which is the temperature to which the
water will be cooled. Ans.

Dehumidification of Air—Water Vapor

If a warm vapor-gas mixture is contacted with cold liquid so that the humidity
of the gas is greater than that at the gas-liquid interface, vapor will diffuse
toward the liquid and the gas will be dehumidified. In addition, sensible heat
can be transferred as a result of temperature differences within the system. For
air—water-vapor mixtures (Le = 1) contacted with cold water, the methods of
water cooling apply with only obvious modification. The operating line on the
gas-enthalpy-liquid-temperature graph will be above the equilibrium curve, the
driving force is H’ — H’*, and Eq. (7.54) can be used with this driving force.
For all other systems, for which Le 5= 1, the general methods below must be
used.

’iol iy
Recirculating Liquid—Gas Humidification-Cooling

This is a special case where the liquid enters the equipment at the adiabatic-
saturation temperature of the entering gas. This can be achieved by continuously
reintroducing the exit liquid to the contactor immediately, without addition or
removal of heat on the way, as in Fig. 7.14. The development which follows
applies to any liquid-gas system, regardless of the Lewis number. In such a
system, the temperature of the entire liquid will fall to, and remain at, the
adiabatic-saturation temperature. The gas will be cooled and humidified, follow-
ing along the path of the adiabatic-saturation curve on the psychrometric chart
which passes through the entering-gas conditions. Depending upon the degree of
contact, the gas will approach more or less closely equilibrium with the liquid, or
its adiabatic-saturation conditions. This supposes that the makeup liquid enters
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at the adiabatic-saturation temperature also, but for most purposes the quantity
of evaporation 1s so small relative to the total liquid circulation that minor
deviations from this temperature for the makeup liquid can be ignored.

As has been shown previously, the enthalpy of the gas is practically a
function only of its adiabatic-saturation temperature, which remains constant
throughout the operation. The enthalpy of the liquid at constant temperature is
also constant, so that an operating “line” on a plot such as Fig. 7.11 would be
merely a single point on the equilibrium curve. This diagram therefore cannot be
used for design purposes. The temperature and humidity changes, which lie
entirely within the gas phase, can be used, however, and these are shown
schematically in Fig. 7.14. If mass transfer is used as a basis for design, Eqg.
(7.44) becomes

G¢dY = kya(Y, — Y)dZ (7.55)
i gy’ kya rz
—_— = — d 7.56
fy‘ Y. -V G;fo z ({e58)
]
and since Y, is constant,

. Yo — Y kyaZl
Yo=Y  Gs
Equation (7.57) can be used directly, or it can be rearranged by solving for G
and multiplying each side by Y; ~ Y| or its equivalent,
kyaZ[ (Y = Y1) — (Y - ¥3)]
In[(Ys, - Y0/ (Ys - Y]

1

(1.57)

Gs(Y; - Y)) =

= kyaZ(AY"),, (7.58)



where (AY’),, is the logarithmic average of the humidity-difference driving
forces at the ends of the equipment. Alternatively,

_h-y_ Y-
No= vy, =¥, = v; (7:59)
and Hyg = —}-CG;% = -J—VZ,; (7.60)

where N, is the number of gas-phase transfer units and H,; the corresponding
height of a transfer unit.{

In contacting operations of this sort, where one phase approaches
equilibrium with the other under conditions such that the characteristics of the
latter do not change, the maximum change in the first phase corresponds to the
operation of one theoretical stage (see Chap. 5). Since the humidity in adiabatic
equilibrium with the liquid is Y_,, the Murphree gas-phase stage efficiency is

- ¥ Y, = Y;
G etV ewezser oy 2 e
Bve =y g~ | " yio S LTS =1 - e (761)

If heat transfer is used as the basis for design, similar treatment of Eq. (7.45)

leads to
, _ heaZ[ (1) — 1) — {tgz — 1))
GsCoillor ~ faz) = In[(t51 = 1)/ (o2 — tos)]

= hGaZ(At)nv

(1.62)

where hsa is the volumetric-heat-transfer coefficient of sensible-heat transfer
between the bulk of the gas and the liquid surface.

Ilustration 7.13 A horizontal spray chamber (Fig. 7.19) with recirculated water is used for
adiabatic humidification and cooling of air. The active part of the chamber is 2 m long and has
cross section of 2 m?. With an air rate 3.5 m*/s at dry-bulb temperature 65.0°C, Y’ = 0.0170
kg water/kg dry air, the air is cooled and humidified to a dry-bulb temperature 42.0°C. If a
duplicate spray chamber operated in the same manner were to be added in series with the
existing chamber, what outlet conditions could be expected for the air?

SoLuTION For the existing chamber, the adiabatic-saturation line on Fig. 7.5 for (5, = 65.0°C,
Y} = 0.0170 shows 1, = 32.0°C, Y, = 0.0309, and at 1, = 42.0°C, Y} = 0.0265. From Eq.
(7.57) with Z = 2 m:

0.0309 — 00170 _ kya(2)

In 0.0309 — 00265  Gg

1 To be entirely consistent with the definition of Chap. 8, Eq. (7.60) should read H,; =
Gs/kya(l ~ y,). The value of | — p, in the present application, however, is ordinarily very close to
umity.
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For the extended chamber, with Z = 4 m, kya/G$ and 1, will remain the same. Therefore, Eq.
(7.57):
0.0309 ~ 0.0170
0.0309 — Y3
Y; = 0.0295
With the same adiabatic-saturation curve as before, 1, = 34.0°C.

In = 0,575(4)

General Methods

For all other countercurrent operations, and even for those discussed above
when the approximations are not appropriate or when Le # 1, we must return fo
the equations developed earlier. Equating the right-hand sides of Egs. (7.39) and
(7.41) provides
=1
+ Gs{Cs(dtg/dZ) +[Calg = Carts + (CaL = Callo + Ao )(dY'/dZ))}
GsCy, L (dY'/dZ) = hyay

(7.63)
The humidity gradient in this expression is obtained from Eq. (7.32):
dar’ _ MAFGaM]n 1 —pai/p; - MAFGaMln Y'+ M,/ My
dz "Gs 1 ’"ﬁA,G/P/ Gg Y/ + M,/ My
(7.64)
VY SO Y MR S
s s

where the approximations of Eq. (7.64a) are suitable for low vapor concentra-
tions. The temperature gradient is taken from Eq. (7.37):
dig _ h&“ﬂ(fa =) ~ — hGaH(fG - 1) (7.65)
az GsCs GsCs
where hga,, rather than hgay may be used at low transfer rates. Unless a,, and
a,, are separately known (which is not usual), there will be difficulty in
evaluating h; exactly. Here we must assume a,; = a,,:

NM,Ciay  N,M,Ceay
1 — E_NAMACAaII/hGaM =~ ] - e“NAMACA"M/"G"H
GLC,(dY'/dZ)
1 - eG.':'CA(dY'/dZ)/hGﬂn

’ —
hgay =

(1.66)

The effect of the approximation is not normally important.

Equations (7.64) and (7.65) are integrated numerically, using a procedure
outlined in Illustration 7.14. Extensive trial and error is required, since t;, from
Eq. (7.63) is necessary before g, ; (or Y/) can be computed. The #-p 4, ; Telation-
ship is that of the vapor-pressure curve. If at any point in the course of the
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calculations p,  (or Y’) at a given t; calculates to be larger than the corre-
sponding saturation vapor concentration, a fog may form in the gas phase, in
which case the entire analysis is invalid and new conditions at the terminals of
the tower must be chosen.

Ilustration 7.14 A producer gas, 65% N,, 35% CO, initially dry at | std atm and 315°C, flowing
at a rate of 5 m?/s (10 600 ft>/min), is to be cooled to 27°C by countercurrent contact with
water entering at 18°C. A tower packed with 50-mm ceramic Raschig rings will be used, with
L3/ G3 = 2.0. Specify the diameter of a suitable tower and the packed height.

SoLuTioN For the entering gas, Y| = 0, My = 28.0, p, = 1 std atm, 15, = 315°C, whence
- 28.0 273
Per ™ 2241 273 + 315
therefore Gas in = 5(0.580) = 2,90 kg/s
At the top of the tower, f;; = 18°C, p,, = 1000 kg/m®, p,, = 1.056 X 10~2 kg/m - s, and
tey = 27°C. Since the outlet gas is likely to be nearly saturated (Y’ = 0.024), estimate
Y; = 0.022, 10 be checked later. The oullet gas rate = 2.90(1.022) = 2.964 kg /s.

= 0,580 kg/m?

1.022
Mw = 77280 + 002271802 ~ 21 ke/kmol
227 M

- — = = 3
P~ e+ a7 - 1S ke/m

L( pc_ N 1.125 12
?(m - PG) = o= 173s) = 0087

Fig. 6.34: at a gas-pressure drop of 400 (N/m?)/m, the ordinate is 0.073 = G"2C;p, >V /og(p,
— Pg)g.. Table 6.3: C; = 65;J = 1, g, = 1, whence G; = 1.583 kg/m?- s (tentative).

The tower cross section is 2.964/1,583 = 1.87 m? (tentative). The corresponding diameter
is 1.54, say 1.50 m, for which the cross section is m(1.50)*/4 = 1.767 m? (final). G, =
2.90/1.767 = 1.641 kg/m?-s (final). G; = 2.964/1.767 = 1.677 kg/m?-s (final); L} =
2(1.677) = 3.354 kg/m? - s.

Calculations will be started at the bottom, for which L{ and ¢;, must be known. An
overall water balance (Eq. (7.29)) is

3.354 — L} = 1.641(0.022 — 0)
L) =3319kg/m?- s
The heat capacities of CO and N, are Cp = 1089, and that of water vapor is C, = 1884
J/kg » K. Cg = 1089, Cg, = 1089 + 1884(0.022) = [130 N - m/(kg dry gas) - K. For con-
venience use as base temperature fy = 18°C, for which A = 2.46 X 10% J/kg. C,, = 4187
J/kg - K. An overall enthalpy balance {Eq. (7.32)):
3.354(4187)(18 — 18) + 1.641(1089)(315 — 18) = 3.319(4187)
X (1zy — 18) + 1.641[1130(27 — 18) + 0.022(2.46 X 10%)]

1y, = 49.2°C, for which p, = 0.557 X 1073 kg/m - 5, p; = 989 kg/m?, thermal conductivity =
0.64 W/m - K, Prandtl number Pr, = 3.77. For the entering gas, the viscosity is 0.0288 x 1072
kg/m - s, the diffusivity of water vapor 0.8089 X 10~% m?/s, Scg = 0.614, and Pr; = 0.74.
With the data of Chap. 6 and the methods of Illustration 6.7, we obtain a = ay,;, = 53.1
m?/m3, Fga = 0.0736 kmol/m?- 5, hga = 4440, and kya = 350 500 W/m*- K.
At the bottom, r; will be estimated by trial and error. After several trials, assume
1, = 50.3°C. 5, ;, = 93.9 mmHg/760 = 0.1235 std atm. Eq. (7.64):

4y’ 18.02(0.0736) | 1 - 0.1235
az 1.641 -0

= (.1066 (kg H,O/kg dry gas)/m
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Eq. (7.66)
— 1.641(1884)(0.1066)
T — exp[1.641(1844)(0.1066) /4440]

hoa = =420 W/m*- K

Eq. (7.65)

dig _ —4280(315 = 503) _ ..
Z " T 1) - 80C/m

For use in Eq. (7.63):
Cutg — Ca vty + (Ca_L — Catg + Ao = 1884(315) — 4187(49.2)

+ (4187 — 1884)(18) + 2.46 x 10° = 2.889 x 10°J /kg
Eq. (7.63):

= 9.2 4 1OA1[1089(—630) + (2.889 X 10°)(0.1066)]

1.641(4187)(0.1066) — 350 500

A suitably small increment in gas temperature is now chosen, and with the computed
gradients assumed constant over a small range, the conditions at the end of the increment are
computed. For example, take Atz = — 30°C.

- Ao _ ~30
dig/dZ ~ —630
16 = ts(at Z = 0) + Atg = 315 — 30 = 285°C

Y = Y(atZ=0)+ % AZ = 0 + 0.1066(0.0476)

= 50.3°C (check)

AZ = 0.0476 m

m 5,074 X 1073 kg H,0/kg dry gas

o Y’ __ 5074x1073
PAG = Y MMy~ 5074 x 1070 + 18/28

Cs = 1089 + 1884(5.074 X 107%) = 1099 J /kg - K
L’ is calculated by a water balance [Eq. (7.29)] over the increment:
L' — 3319 = 1,641(5.074 x 1073 - 0)
L'=13327kg/m?- 5
1, is calculated by an enthalpy balance [Eq. (7.31)}:
3.327(4187)(1, — 18) + 1.641(1089)(315 — I8) = 3.319(4187)(49.2 — 18)

= 7.83 X 1073 std atm

+1.641[1099(285 — 18) + (5.074 X 1072)(2.46 X 10%)]
therefore 1, =47.1°C

New gradients dY’/dZ and dt; /dZ at this level in the tower and another interval are then
computed in the same manner. The process is repeated until the gas temperature falls to 27°C.
The intervals of A7; chosen must be small as the gas approaches saturation, The entire
computation is readily adapted to a digital computer, The computed ¢; — Y results are shown
in Fig. 7.15, along with the saturation humidity curve. At 1 = 27°C, the value of Y; was
calculated 1o be 0.0222, which is considered sufficiently close to the value assumed earlier,
0.022. The sum of the AZ's = Z = 1.54 m. This relatively small packed depth emphasizes the
effectiveness of this type of operation.

The direct contact of a vapor-laden gas with cold liquid of the same
composition as the vapor can be useful as a means of vapor recovery. For this, a
flowsheet of the sort shown in Fig. 7.16 can be employed and the tower designed
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Figure 7.15 Temperatures and humidities for Illustration 7.14.

through Egs. (7.63) to (7.69). The method is direct, whereas alternative methods
of vapor recovery require additional operations for their completion. For exam-
ple, absorption of the vapor into a solvent must be followed by distillation or
stripping to recover the solvent and obtain the recovered solute; adsorption onto
a solid similarly requires additional steps. With gas-vapor mixtures other than
air—-water vapor, however, the molecular diffusivity is likely to be less than the
thermal diffusivity, so that Le = Sc/Pr = «/D,p may exceed 1.0. Heat transfer
is then faster than mass transfer, the path of the gas on a psychrometric chart
tends to enter the supersaturation region above the saturation curve, and fog
may result if suitable nucleation conditjons are present [25, 26]. The difficulty is

JGM

Packed
tower

 Vapor (Ay
£as mixture

Cold
liquid A
Refrigeration
Recovered
A Liquid A

Figure 7.16 Recovery of vapor from a
gas mixture by direct contact with a
cold liquid.
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alleviated if the entering vapor-gas mixture is sufficiently superheated. An
example is given in Prob. 7.11.

Equipment

Any of the gas-liquid contact devices described in Chap. 6 are applicable to the
operations described here, and conventional packed and tray towers are very
effective in these services.

Water-cooling towers Air and water are low-cost substances, and where large
volumes must be handled, as in many water-cooling operations, equipment of
low initial cost and low operating cost is essential. The framework and internal
packing are frequently of redwood, a material which is very durable in continu-
ous contact with water, or Douglas fir. Impregnation of the wood under pressure
with fungicides such as coal-tar creosote, pentachlorophenols, acid copper
chromate, and the like, is commonplace. Siding for the towers is commonly
redwood, asbestos cement, glass-reinforced polyester plastic, and the like.
Towers have been built entirely of plastic. The internal packing (“fili") is usually
a modified form of hurdle (see Chap. 6), horizontal slats arranged staggered with
alternate tiers at right angles. Plastic packing may be polypropylene, molded in a
grid or other form [5]. A great many arrangements are used [12, 15]. The void
space is very large, usually greater than 90 percent, so that the gas-pressure drop
will be as low as possible. The air-water interfacial surface consequently includes
not only that of the liquid films which wet the slats (or other packing) but also
the surface of the droplets which fall as rain from each tier of packing to the
next.

The common’ arrangements are shown schematically in Fig. 7.17. Of the
natural-circulation towers (Fig. 7.17a and b) the atmospheric towers depend on
prevailing winds for air movement. The natural-draft design [6, 8] ensures more
positive air movement even in calm weather by depending upon the displace-
ment of the warm air inside the tower by the cooler outside air. Fairly tall
chimneys are then required. Both these tower types must be relatively tall in
order to operate at a small wet-bulb-temperature approach. Natural-draft equip-
ment is used commonly in the southwestern United States and in the Middle
East, where the humidity is usually low, in parts of Europe where air tempera-
tures are generally low, and with increasing frequency everywhere as energy for
fan power becomes more costly.

Mechanical-draft towers may be of the forced-draft type (Fig. 7.17¢), where
the air is blown into the tower by a fan at the bottom. These are particularly
subject to recirculation of the hot, humid discharged air into the fan intake
owing to the low discharge velocity, which materially reduces the tower effec-
tiveness. Induced draft, with the fan at the top, avoids this and also permits
more uniform internal distribution of air. The arrangements of Fig. 7.17d and e
are most commonly used, and a more detailed drawing is shown in Fig. 7.18.
Liquid rates are ordinarily in the range L' = 0.7 to 3.5 kg/m?- s (500 to 2500
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Figure 7.18 Induced-draft cooling tower, (The Marley Co., Inc.)

Ib/ft?- h), and superficial air rates are of the order of G§ = 1.6 to 2.8 kg/m?- s
(1200 to 2100 Ib/f1> - h), whereupon the air pressure drop is ordinarily less than
250 N/m? (25 mmH,0). If fogging is excessive, finned-type heat exchangers can
be used to evaporate the fog by heat from the hot water to be cooled, as in Fig.
7.17f.

Mass-transfer rates The correlations of mass-transfer coefficients for the stan-
dard packings discussed in Chap. 6 are suitable for the operations discussed here
(see particularly Illustration 6.7). Additional data for humidification with Berl
saddles [9]; Intalox saddles, and Pall rings [181] are available. Data for some of
the special tower fillings generally nsed for water-cooling towers are available in
texts specializing in this type of equipment [15, 19].

t The data for H,O0~H; and H,0-CO, should be used with caution since H-1; diagrams were
used in interpreting the data despite the fact that Le is substantially different from unity for these
systems.
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Tray towers These are very effective but are not commonly used in humidifica-
tion, dehumidification, or gas-cooling operations for reasons of cost and rela-
tively high pressure drop, except under special circumstances. Design considera-
tions are available [1, 4).

Spray chambers These are essentially horizontal spray towers and may be
arranged as in Fig. 7.19. They are frequently used for adiabatic humidfication-
cooling operations with recirculating liquid. With large liquid drops, gas rates up
to roughly 0.8 to 1.2 kg/m?- s (600 to 900 Ib/ft?>- h) are possible, but in any
case entrainment eliminators are necessary.

Heat-transfer surfaces at the inlet and outlet provide for preheating and
afterheating of the air, so that processes of the type shown in Fig. 7.20 can be
carried out. If large humidity changes by this method are required, preheating
the air to unusually high temperatures is necessary, however. As an alternative,
the spray water can be heated above the adiabatic-saturation temperature to
which it will tend to come by direct injection of steam or by heating coils.
Dehumidification can be practiced by cooling the water before spraying or by
using refrigerating coils directly in the spray chamber. Operations of this sort
cannot be followed with assurance on the enthalpy-temperature diagrams de-
scribed earlier owing to the departure from strictly countercurrent-flow condi-
tions which prevail. When an adequate spray density is maintained, it can be
assumed that three banks of sprays in series will bring the gas to substantial
equilibrium with the incoming spray liquid.

For comfort air conditioning, many compact devices are provided with a
variety of these facilities, and automatic controls are available.

Spray ponds These are sometimes used for water cooling where close approach
to the air wet-bulb temperature is not required. Spray ponds are essentially
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fountains, where the water is sprayed upward into the air and allowed to fall
back into a collection basin. They are subject to high windage losses of water.

Dehumidification by other methods Adsorption, e.g., methods using activated
silica gel, alumina, or molecular sieves as adsorbents (see Chap. 11), and
washing gases with water solutions containing dissolved substances which appre-
ciably lower the partial pressure of the water (see Chap. 8) are other commonly
used dehumidification processes, particularly when very dry gases are required.

NONADIABATIC OPERATION: EVAPORATIVE COOLING

In evaporative cooling, a fluid is cooled while it flows through a tube. Water
flows in.a film or spray about the outside of the tube, and air is blown past the
water to carry away the heat removed from the tube-side fluid. Advantage is
taken of the large heat-transfer rate resulting when the spray water is evaporated
into the airstream. A schematic arrangement is shown in Fig. 7.21a. The
tube-side fluid usually flows through a bank of tubes in parallel, as shown in
Fig. 7.215 and ¢. Since the water is recirculated from top to bottom of the heat
exchanger, the temperature 2,, at which it enters is the same as that at which it
leaves, ,,. While the water temperature does not remain constant as it passes
through the device, it does not vary greatly from the terminal value.

Figure 7.22 shows the temperature and gas-enthalpy profiles through a
typical section of the exchanger. In the present analysis [24] the heat-transfer
system will be divided at the bulk-water temperature f;, corresponding to a
saturation gas enthalpy H{*. The overall heat-transfer coefficient U, based on
the outside tube surface, from tube fluid to bulk water, is then given by

1 d, d, z, 1
[ S ) (767
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Figure 7.22 Temperature and en-
thalpy gradients, evaporative cooler.

The overall coeificient K, for use with gas enthalpies, from H{* to H’, is

1 1 m
Fy =% + W (7.68)
where m is the slope of a chord such as chord 7'S on Fig. 7.11:
H/‘ — Hil
m=———
IL - tl

Since the variation in ¢, is small, for all practical purposes m can be taken as
constant,

dH’*
ar

If 4, is the outside surface of all the tubes, 4, x is the area from the bottom
to the level where the bulk-water temperature is 7,. Here x is the fraction of the
heat-transfer surface to that level. For a differential portion of the exchanger,
the heat loss by the tube-side fluid is

wyCr dt, = U,A, dx(t; — 1;)
dty _ U,A,

Whence ———=
T-T

m=

(7.69)

(tr — 1,) (7.70)

The heat lost by the cooling water is
Wp 1 Capdly = Kyd, dx(H™ — H') - U A4, dx(t; — 1;)

dt KA U,A
2L Y'o (Hlt'_ H,)_ o0‘to

or =102
dx  wu ;Cay Wa 1Ca L

(tr—1) (1.71)
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The heat gained by the air is

ws dH' = KyA, dx(H'* — H')
dH’ KYA

* — H' 7.72
or T = o A - H) (1.72)
Subtraction of Eq. (7.71) from Eq. (7.70) results in
d(tr —t
(’—Zx——L—) +ay(ty — 1))+ B(H™* - H)=0 (1.73)
Multiplying Eq. (7.71) by m and then subtracting Eq. (7.72) provides
T _ r
d(HTH—) + a)(tr — 1) + B(H'™* — H')=0 (7.74)
U,A, U A mU,A,
= — 2 e =—22 7.75
where @ orC + NN L) ey oC, (7.75)
K,A ( mK,y A K, A )
and =— = - - = 7.76)
A WarCalL A Wa 1Ca L Ws (
Integration of Egs. (7.73) and (7.74), with U, and K, assumed constant, yields
Ir— 1, = Me"* + M,e™ (7.77)
H* — H = Njeg"™ + Nye™ (7.78)

For use with average driving forces, these yield
0 = wrCrltry — 1)) = ws(H; = H)) = U A,(tr — 1;),, = KyA,(H™* — H')p

(7.79)
M,
where (tr = 1)y = r—(e" -1+ ——(e" -1 (7.80)
|
s 1l — Nl r 2 r
(H* = H)py=—(e" = 1)+ —=(e— 1) (7.81)
n ]
In these expressions, r, and r, are the roots of the quadratic equation
P4 (o + B)r + (a By — a4, 8) =0 (7.82)
M(r, +
and N, = ’%Q J=12 (7.83)
!

These expressions permit the design of the evaporative cooler provided values
of the various transfer coefficients are available. The available data [24] are
meager despite the widespread use of these devices.

For h; use standard correlation for sensible-heat changes or vapor con-
densation [13] for flow inside tubes.

For tubes 19.05 mm OD (3 in) on 38-mm (1.5-in) center, triangular pitch
(Fig. 7.21b and ¢), T'/d, = 1.36 to 3.0 kg H,0/m?- s (1000 to 2200 Ib/ft*- h),
Gs, min = 0.68 to 5 kg/m?-s (500 to 3700 ib/ft?- h), water 15 to 70°C, in
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kilograms, meters, newtons, seconds, and kelvins and ¢, in degrees Celsiusf

1/3

K, = (982 + 15.58@(%) W/m?- K (7.84)
0

hy = 11360 W/m?- K (7.85)

ky = 0.0493[ G§, min(1 + Y2)]*™*  kg/m?-s-AY’ (7.86)

For other tube diameters, since the general relationship is expected to be

Sh = const Re” Sc¢”
ky can be expected to vary as G"d,"~ !, or in this case as d,”%%*

IHustration 7.15 An evaporative cooler of the sort shown in Fig. 7.21a and b is to be used to
cool oil. The oil, flowing at a rate 4.0 kg/s in the tubes, will enter at 95°C. Its average
properties are density = 800 kg/m?, viscosity = 0.005 kg/m - 5, thermal conductivity = 0.1436
W/m - K, and heat capacity = 2010 J/kg - K.

The cooler consists of a rectangular vertical shell, 0.75 m wide, fitted with 400 Admiralty
Metal tubes, 19.05 mm OD, 1.65 mm wall thickness, 3.75 m long, on equilateral-triangular
centers 38 mm apart. The tubes are arranged in horizontal rows of 20 tubes through which the
oil flows in paraliel, in stacks 10 tubes tall, as in Fig. 7.21b. Cooling water will be recycled at
the rate 10 kg/s. The design air rate is to be 2.3 kg dry air/s, entering at 30°C dry-bulb
temperature, standard atmospheric pressure, humidity 0.01 kg H,O/kg dry air.

Estimate the temperature to which the oil will be cooled,

SoLuTioN The minimum area for airflow is on a plane through the diameters of tubes in &
horizontal row. The free area is
[0.75 — 20(0.01905)}(3.75) = 1.384 m?
23 _
1.384
Y = 0.01 kg H,0/kg dry air. Estimate Y; = 0.06. Y, = (0.01 + 0.06)/2 = 0.035. Eq.
(7.86):

wg =23kg/s  G&opm= 1.662 kg/m?- s

ky = 0.0493[1.162(1 + 0.035)]°% = 0.05826 kg/m?-5 - AY"
Fig. 7.5:
Hi(satd at 1,, = 19.5°C) = 56 000 J /kg

Outside surface of tubes = A, = 400(0.01905)3.75) = 89.8 m®. The cooling water is
distributed over 40 tubes. Since the tubes are staggered,

- 00333 kg/m s T/d, = 20333

- 00333 2,
501508 = 1750 ke/m® s

e 10
40(2)(3.75)
Tentatively take av 4; = £, = f;, = 28°C. Eq. (7.84):

H = [982 + 15.58(28)](1.750)'/% = 1705 W/m?- K

1 For units of Btu, hours, feet, pounds mass, and degrees Fahrenheit Eqgs. (7.84) to (7.86) become
1/3
Ky = 1372(1 + o.omrL)( g) Buu/f2- b - °F

hy = 2000 Btu/ft2- b - °F
ky = 0.0924[ G, pin(1 + YINI*®  Ib/i2-h-AY



Eq. (7.85):
hf = 11360 W/m?- K
Fig. 7.5:
]

dty

m= at28°C = 5000 J /kg - K
Eq. (7.68):

o1, S0

Ky 005826 11360

Tube ID = 4, = [19.05 ~ 2(1.65)] /1000 = 0.01575 m. Inside cross section, each tube =
7(0.01575)2/4 = 1,948 X 10™* m® Gj = tube-fluid mass velocity = 4.0/20 (1.948 X 10™4) =
1026.7 kg/m? - s;

dGr  0.01575(1026.7) = Crir _ 2010(0.005) _
= 0.005 B4 Prr=— =013 - 100

From a standard correlation (fig. 10-8, p. 10-14, “The Chemical Engineers’ Handbook,”
5th ed.), hy = 364 W/m?- K.
0.01905 + 0.01575

d,, for tubes = ———————== = 001740 m  k, = 1125 W/m K

Res

Eq. (7.67):

1 _ 001905 001905 0.00165 =1
U, ~ 0.01575(364) ' 0.01740 1125 ° 1709

U, =255W/m!- K

wp =40 kg/s, wa , =10 kg/s, ws =23 kg/s; Cr=2010, C, , = 4187 N-m/kg- K.
Equations (7.75) and (7.76) then yield

a=-3393 a,=18794 B =1208%1075 B, =1402
With these values, the roots of Eq. (7.82) are
r o=238272 r,= —18362
Since 1, is unknown, proceed as follows. Eq. (7.83):
M,(3.8272 — 3.393)

N, = = 3594 M 7.87
! 12.08 X 10-5 ! 7:87)
-1.8362 - 3,
L= Mo(Z18362 - 3399) _ 3288w, (788)
12.08 x 10~3
From Eq. (7.77) at x = 1 (top)
95 ~ 1,5 = M e>872 + M,e™ 8362 = 45934 M, + 0.15942M, (7.89)
From Eq. (7.78) at x = 0 (bottom)
H{* —356000= N, + N, (7.50)
Eq. {7.80):
- = M, 3872 _ M, -1.8362
(=t = 3377 (¢ D+ g™ - D
= 11.741M, + 04578 M, (91)
Eq. (7.81):

(H'* — H")y = 1L.T4IN, + 04578N, (7.92)
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Equation (7.79), with Eqs. (7.91) and (7.92) for the average temperature and enthalpy dif-
ferences, gives
U Ay(ty - lL)av = KYAo(H" = H)u
255(89.8)(11.741 M, + 0.4578M,) = 0.0568(89.8)(11.741N, + 04578 N,) (1.93)
Elimination of the M’s and the N’s by solving Eqs. (7.87) to (7.90) and (7.93) simultaneously
(with 1,5 = t;,) results in
Hi* = 106 560 — 532.24;
This is solved simultaneously with the saturated-enthalpy curve of Fig. 7.5, whence #;, = 28°C,
thus checking the value assumed at the start. H{* = 91 660 J/kg. Equations (7.87) to (7.90)
then provide M, = 1461, M, = —0.7204, and from Eq. (7.91) (17 — 1;),, = 16.83°C. Eq.
(7.79):
Q = 4.0(2010)(95 — 15} = 255(89.8)(16.83) = 2.3(H; — 56 000)

17y = 47.0°C = the outlet temperalure Ans.

Hj; =223 500J/kg
If the outlet air is essentially saturated, this corresponds to Y’ = 0.0689 and the average Y’ =
(0.01 + 0.0689)/2 = 0.0395, which is considered sufficiently close to the 0.035 assumed earlier.

Note: 1t is estimated that in the absence of the spray water, all other quantities as above,
the oi] would be cooled to 81°C.

NOTATION FOR CHAPTER 7

Any

a
ay
A

3

¢
c
Cs

cousistent set of units may be used, except as noted.

specific interfacial surface, based on volume of packed section, L?/L?
specific interfacial surface for heat transfer, L2/L?

specific interfacial surface for mass transfer, L?/L?

outside surface of tubes, L?

molar density, mole /L?

heat capacity of a gas or vapor, unless otherwise indicated, at constant pressure, FL/MT
humid heat, heat capacity of a vapor-gas mixture per unit mass of dry gas content,
FL/MT

heat capacity of tube-side fluid, FL/MT

mean diameter of a tube, L

inside diameter of a tube, L

outside diameter of a tube, L

molecular diffusivity of vapor A in mixture with gas B, L*/8

eddy diffusivity of mass, L2/6

eddy diffusivity of heat, L2/8

Murphree gas-phase stage efficiency, fractional

mass-transfer coefficient, mole/L*®

molar mass velocity, mole/L*®

superficial mass velocity of dry gas, M/L?®

convective heat-transfer coefficient, FL/L*T8

convective heat-transfer coefficient corrected for mass transfer, FL/L?*TO

hy, hy water heat-transfer coefficients, evaporative cooler, FL/L’T8

radiation heat-transfer coefficient in convection form, FL/L?’T®
enthalpy, FL/M
enthalpy of a vapor-gas mixture per unit mass of dry gas, FL/M



Hg height of a gas transfer unit, L
Hypg overall height of a gas-enthalpy transfer unit, L

J, flux of mass for no bulk flow, mele/L*@

k thermal conductivity, FL2/12T8

kg gas-phase mass-transfer coefficient, mole/L*6(F /L)

ky gas-phase mass-transfer coefficient, M/L*&(M/M)

Ky overall gas-phase mass-transfer coefficient, M/L28(M/M)

In natural logarithm

log common logarithm

L superficial mass velocity of liquid, M/L*6®

Le Lewis number, Sc/Pr, dimensionless

m slope of a chord of the saturated-enthalpy curve on 2 H'*-f, diagram; dH'®/ds,
FL/MT

M mol wt, M/mole

M\, M, quantitics defined by Eq. (7.83)

N mass-transfer flux, mole/L*@

N number of gas transfer units, dimensionless

Nooo number of overall gas transfer units, dimensionless

Ny, Ny  quantities defined by Eq. (7.83)

P vapor pressure, F /L2

7 partial pressure, F/L?

Po.m mean partial pressure of nondiffusing gas, F/L?

Pr Prandtl number, C p/k, dimensionless

% sensible-heat-transfer flux, FL/L*©

ar total-heat-transfer flux, FL/L®

0 evaporative-cooler heat load, FL./8; gain in entbalpy, FL/M
r hgay / Cskyay, [not in Eq. (7.82)], dimensionless

ryra roots of Eq. (7.82)

R universal gas constant, FL/mole K

S interfacial surface, L2

Se Schmidt number, g/pD .5, dimensionless

Sh Sherwood number, kyd, / MypeD , 5, dimensionless

t temperature, T

lar adiabatic saturation temperature, T

Ipp dew-point temperature, T

ty wet-bulb temperature, T

1 reference temperatore, T

T absolute temperature, T

U internal energy, FL/M

U, overall heat-transfer coefficient based on outside tube surface, FL/L?*T®
v molal specific volume, L?/mole

vy humid volume, volume vapor-gas mixture /mass dry gas, L3/M
w mass rate, M/8

we mass rate of dry gas, M/6

Ws mass of dry gas, M

x fraction of heat-transfer surface traversed in the direction of airflow, dimensionless
Yy’ absolute humidity, mass vapor/mass dry gas, M/M

2, metal thickness, L

z length or height of active part of equipment, L

a thermal diffusivity, L2/©

ay, ay quantities defined by Eq. (7.75)

By B3 quantities defined by Eq. (7.76)

r mass rate of spray water per tube per tube length (Fig. 7.21¢); use twice the tube length
for Fig. 7.215, M/LO ’
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A difference
A {atent heat of vaporization, FL/M
N molal latent heat of vaporization, FL/mole
i viscosity, M/LO
p density, M/L?
Subscripts
0 reference condition
1,2 positions 1, 2
as adiabatic saturation
av average
A substance A, the vapor
bp boiling point
B substance B, the gas
G pertaining to the gas
i interface
L pertaining to the liquid
m metal
min minimum
nbp normal boiling point
) overall; outside
r reference substance
s saturation
T tube-side fluid
w wet-bulb temperature
Superscript
. at saturation
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PROBLEMS

7.1 Prepare a logarithmic reference-substance plot of the vapor pressure of acetone over a tempera-
ture range of 10°C to its critical temperature, 235°C, with water as reference substance. With the
help of the plot, determine (a) the vapor pressure of acetone at 65°C, (b) the temperature at which
acetone has a vapor pressure of 500 torr, and (c) the latent heat of vaporization of acetone at 40°C
(accepted value = 536.1 kN - m/kg).
7.2 A mixture of nitrogen and acetone vapor at 800 mmHg total pressure, 25°C, has a percentage
saturation of 80% Calculate (a) the absolute molal humidity, (5) the absolute humidity, kg
acetone/kg nitrogen, (¢) the partial pressure of acetone, (d) the relative humidity, () the volume
percent acetone, and (f) the dew point.
73 In a plant for the recovery of acetone which has been used as a solvent, the acetone is
evaporated into a stream of nitrogen gas. A mixture of acetone vapor and nitrogen flows through a
duct, 0.3 by 0.3 m cross section. The pressure and temperature at one point in the duct are
800 mmHg, 40°C, and at this point the average velocity is 3.0 m/s. A wet-bulb thermometer (wick
wet with acetone) indicates a temperature at this point of 27°C. Calculate the kilograms of acetone
per second carried by the duct.

Ans.: 0.194 kg/s.

7.4 Would you expect the wet-bulb temperature of hydrogen-water vapor mixtures to be equal to,
greater than, or less than the adiabatic-saturation temperature? Take the pressure as 1 std atm,
Diffusivity for H,0-H; = 7.5 X 10™% m?/s at 0°C, 1 std atm. Heat capacity of H, = 14 650
N - m/kg * K, thermal conductivity = 0,173 W/m - K.
7.5 An air—-water-vapor mixture, 1 std atm, 180°C, flows in a duct (wall temperature = 180°C) at
3 m/s average velocity. A wet-bulb temperature, measured with an ordinary, unshielded thermome-
ter covered with a wetted wick (9.5 mm outside diameter) and inserted in the duct at right angles to
the duct axis, is- 52°C. Under these conditions, the adiabatic-saturation curves of the psychrometric
chart do not approximate wet-bulb lines, radiation to the wet bulb and the effect of mass transfer on
heat transfer are not negligible, and the k-type (rather than ¥) mass-transfer coefficients should not
be used.

(a) Make the best estimate you can of the humidity of the air, taking these matters into
consideration.

(b) Compute the humidity using the ordinary wet-bulb equation (7.26) with the usual A;/ky,
and compare.
7.6 Prepare a psychrometric chart for the mixture acetone-nitrogen at a pressure of 800 mmHg over
the ranges ~ 15 to 60°C, Y’ = 0 to 3 kg vapor/kg dry gas. Include the following curves, all plotted
against temperature: (a) 100, 75, 50, and 25% humidity; (b) dry and saturated humid volumes; (¢)
enthalpy of dry and saturated mixtures expressed as N - m/kg dry gas, referred to liquid acetone
and nitrogen gas at ~15°C; (d) wet-bulb curves for r,, = 25°C; (€) adiabatic-saturation curves
1, = 25 and 40°C.

7.7 A drier requires 1.50 m?/s (3178 ft* /min) of air at 65°C, 20% humidity. This is to be prepared
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from air at 27°C dry-bulb, 18°C wet-bulb temperatures by direct injection of steam into the
airstream followed by passage of the air over steam-heated finned tubes. The available steam is
saturated at 35 000 N/m? (5.08 Ib;/in?) gauge, Compute the kilograms of steam per second required
(a) for direct injection and (b) for the heat exchanger.

Ans.: (a) 0.0463 kg/s; (b) 0.0281 kg/s.
7.8 For the purpose of carrying out a catalytic reaction of acetone vapor with another reagent, an
acetone-nitrogen mixture will be produced by passing nitrogen upward through a tower packed with
38-mm (1.5-in) Berl saddles, irrigated with liquid acetone recirculated from the bottom to the top of
the tower, with addition of makeup acetone as needed. The process is to be one of adiabatic gas
humidification, as in Fig. 7.14. The N, will be preheated to the necessary temperature and
introduced at the rate 1.5 kg/s (1106 1b/h). The desired ultimate humidity is 0.6 kg acetone/kg N,
and the circulated liquid acetone is to be at 25°C, the adiabatic-saturation temperature. The surface
tension of acetone at 25°C is 23.2 dyn/cm.

(a) To what temperature should the N, be preheated?

(&) Specify the liquid-circulation rate and the dimensions of a suitable packed section of the
tower.

Ans: 7.1 kg/s; 1.5 m diam, 1.1 m depth.

(c) Another possible process would involve heating the recirculating liquid, admitting the gas at

ordinary temperatures. Are there advantages to this alternative? What portion of this chapter could
be used for the design. of the tower?
7.9 A recently installed induced-draft cooling tower was guaranteed by the manufacturer to cool
2000 U.S. gal/min (0.1262 m®/s) of 43°C water to 30°C when the available air has a wet-bulb
temperature 24°C. A test on the tower, when operated at full fan capacity, provided the following
data:

Inlet water, 0.1262 m? /s, 46.0°C

Outlet water, 25.6°C

Inlet air, 24.0°C dry-bulb, 15.6°C wet-bulb temperature
Outlet air, 37.6°C, essentially saturated

(a) What is the fan capacity, m*/s?
(b) Can the tower be expected to meet the guarantee conditions? Note that to do 50, Ng; in
the test must at least equal the guarantee value if H,,; is unchanged.
7.10 1t is desired to dehumidify 1.2 m?/s (2540 ft} /min) of air, available at 38,0°C dry-bulb, 30.0°C
wet-bulb temperatures, to a wet-bulb temperature of 15.0°C in 2 countercurrent tower using water
chilled to 10.0°C. The packing will be 50-mm (2-in) Raschig rings. To keep entrainment at a
minimum, G¢ will be 1.25 kg air/m?- s (922 Ib/ft?- h), and a liquid rate of 1.5 times the minimum
will be used.
(a) Specify the cross section and height of the packed portion of the tower.
Ans.: Z = 1,013 m.
(b) What will be the temperature of the outlet water?
7.11 A new process involves a product wet with methanol, and it is planned to dry the product by a
continuous evaporation of the methanol into a stream of hot carbon dioxide (CO, rather than air in
order to avoid an explosive mixture). One of the schemes being considered is that of Fig. 7.16. The
tower will be packed with 25-mm ceramic Raschig rings. The CO,-methanol mixture from the drier,
at the rate 0.70 kg/(m? tower cross section) - s (516 Ib/ft?- h) total flow, 1 std atm, 80°C, will
contain 10% methanol vapor by volume. The refrigerated liquid methanol will enter the tower at
—15°C at a rate of 4.75 kg/m? - 5 (3503 1b/ft2 - h). The methanol of the effluent gas is to be reduced
to 2.0% by volume.
(a) Calculate the value of the coefficients Fga, hga, and kya at the top of the tower. For this
purpose assume that the outlet gas is at —9°C. Take the surface tension of methanol as 25 dyn/cm.
Ans.: Fga, = 0.0617 kmol/m®- s, hga, = 2126, kya, = 32 900 W/m?- K.



(b) Compute the required depth of packing. Take the base temperature for enthalpies as
—15°C, at which temperature the latent heat of vaporization of methanol is 1197.5 kJ/kg. Take
Ca r = 2470, C, = 1341, Cp = 846 J/kg + K. In order to simplify the computations, assume that
the interfacial area, void space, gas viscosity, Scg, and Prg all remain constant. Then Fg; veries as
G/G'®%, Since hya is very large, assume also that f, = f,. For present purposes, ignore any
solubility of CO, in methanol.

Ans.: 0.64 m.



CHAPTER

EIGHT

GAS ABSORPTION

Gas absorption is an operation in which a gas mixture is contacted with a liquid
for the purposes of preferentially dissolving one or more components of the gas
and to provide a solution of them in the liquid. For example, the gas from
by-product coke ovens is washed with water to remove ammonia and again with
an oil to remove benzene and toluene vapors. Objectionable hydrogen sulfide is
removed from such a gas or from naturally occurring hydrocarbon gases by
washing with various alkaline solutions in which it is absorbed. Valuable solvent
vapors carried by a gas stream can be recovered for reuse by washing the gas
with an appropriate solvent for the vapors. Such operations require mass
transfer of a substance from the gas stream to the liquid. When mass transfer
occurs in the opposite direction, i.e., from the liquid to the gas, the operation is
called desorption, or stripping. For example, the benzene and toluene are
removed from the absorption oil mentioned above by contacting the liquid
solution with steam, whereupon the vapors enter the gas stream and are carried
away, and the absorption oil can be used agaip. Since the principles of both
absorption and desorption are basically the same, we can study both operations
at the same time.

Ordinarily, these operations are used only for solute recovery or solute
removal. Separation of solutes from each other to any important extent requires
the fractionation techniques of distillation.

EQUILIBRIUM SOLUBILITY OF GASES IN LIQUIDS

The rate at which a gaseous constituent of a mixture will dissolve in an
absorbent liquid depends upon the departure from equilibrium which exists, and
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therefore it is necessary to consider the equilibrium characteristics of gas-liquid
systems. A very brief discussion of such matters was presented in Chap. 5, but
some elaboration will be required here.

Two-Component Systems

If a quantity of a single gas and a relatively nonvolatile liquid are brought to
equilibrium in the manner described in Chap. 5, the resulting concentration of
dissolved gas in the liquid is said to be the gas solubility at the prevailing
temperature and pressure. At fixed temperature, the solubility concentration will
increase with pressure in the manner, for example, of curve 4, Fig. 8.1, which
shows the solubility of ammonia in water at 30°C.

Different gases and liquids yield separate solubility curves, which must
ordinarily be determined experimentally for each system. If the equilibrium
pressure of a gas at a given liquid concentration is high, as in the case of curve B
(Fig. 8.1), the gas is said to be relatively insoluble in the liquid, while if it is low,
as for curve C, the solubility is said to be high. But these are relative matters
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only, for it is possible to produce any ultimate gas concentration in the liquid if
sufficient pressure is applied, so long as the liquefied form of the gas is
completely soluble in the liquid.

The solubility of any gas is influenced by the temperature, in a manner
described by van’t Hoff’s law of mobile equilibrium: if the temperature of a
system at equilibrium is raised, that change will occur which will absorb heat.
Usually, but not always, the solution of a gas results in an evolution of heat, and
it follows that in most cases the solubility of a gas decreases with increasing
temperature. As an example, curve 4 (Fig. 8.1) for ammonia in water at 30°C
lies above the corresponding curve for 10°C. At the boiling point of the solvent,
provided its vapor pressure is less than that of the gas or vapor solute, the gas
solubility will be zero. On the other hand, the solubility of many of the
low-molecular-weight gases such as hydrogen, oxygen, nitrogen, methane, and
others in water increases with increased temperature above about 100°C and
therefore at pressures above atmospheric [29, 35]. This phenomenon can be
usefully exploited, e.g., in operations such as certain ore-leaching operations
where oxygen-bearing solutions are required. Quantitative treatment of such
equilibria is beyond the scope of this book, but excellent treatments are
available [27, 34].

Multicomponent Systems

If a mixture of gases is brought into contact with a liquid, under certain
conditions the equilibrium solubilities of each gas will be independent of the
others, provided, however, that the equilibrium is described in terms of the
partial pressures in the gas mixture. If all but one of the components of the gas
are substantially insoluble, their concentrations in the liquid will be so small that
they cannot influence the solubility of the relatively soluble component, and the
generalization applies. For example, curve 4 (Fig. 8.1) will also describe the
solubility of ammonia in water when the ammonia is diluted with air, since air is
50 insoluble in water, provided that the ordinate of the plot is considered as the
partial pressure of ammonia in the gas mixture. This is most fortunate, since the
amount of experimental work in gathering useful solubility data is thereby
considerably reduced. If several components of the mixture are appreciably
soluble, the generalization will be applicable only if the solute gases are indif-
ferent to the nature of the liquid, which will be the case only for ideal solutions.
For example, a mixture of propane and butane gases will dissolve in a nonvola-
tile paraffin oil independently since the solutions that result are substantially
ideal. On the other hand, the solubility of ammonia in water can be expected to
be influenced by the presence of methylamine, since the resulting solutions of
these gases are not ideal. The solubility of a gas will also be influenced by the
presence of a nonvolatile solute in the liquid, such as a salt in water solution,
when such solutions are nonideal.
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Ideal Liquid Solutions

When the liquid phase can be considered ideal, we can compute the equilibrium
partial pressure of a gas from the solution without resort to experimental
determination.

There are four significant characteristics of ideal solutions, all interrelated:

1. The average intermolecular forces of attraction and repulsion in the solution
are unchanged on mixing the constituents.

2. The volume of the solution varies linearly with composition.

3. There is neither absorption nor evolution of heat in mixing the constituents.
For gases dissolving in liquids, however, this criterion should not include the
heat of condensation of the gas to the liquid state.

4. The total vapor pressure of the solution varies linearly with composition
expressed as mole fractions.

In reality there are no ideal solutions, and actual mixtures only approach
ideality as a limit. Ideality would require that the molecules of the constituents
be similar in size, structure, and chemical nature, and the nearest approach to
such a condition is perhaps exemplified by solutions of optical isomers of
organic compounds. Practically, however, many solutions are so nearly ideal
that for engineering purposes they can be so considered. Adjacent or nearly
adjacent members of a homologous series of organic compounds particularly fall
in this category. So, for example, solutions of benzene in toluene, of ethyl and
propyl alcohols, or of the paraffin hydrocarbon gases in paraffin oils can
ordinarily be considered as ideal solutions.

When the gas mixture in equilibrium with an ideal liquid solution also
follows the ideal-gas law, the partial pressure p* of a solute gas A equals the
product of its vapor pressure p at the same temperature and its mole fraction in
the solution x. This is Raoull's law.

P =px 8.1
(The asterisk is used to indicate equilibrium.) The nature of the solvent liquid
does not enter into consideration except insofar as it establishes the ideality of
the solution, and it follows that the solubility of a particular gas in ideal solution
in any solvent is always the same.

fHustration 8.1 After long contact with a hydrocarbon oil and establishment of equilibrium, a
gas mixture has the following composition at 2 X 10° N /m? total pressure, 24°C: methane 60%,
ethane 20%, propane 8%, n-butane 6%, n-pentanc 6%. Calculate the composition of the
equilibrium solution.

SoLUTION The equilibrium partial pressure j* of each constituent in the gas is its volume
fraction multiplied by the total pressure. These and the vapor pressures p of the constituents at
24°C are tabulated below. The prevailing pressure is above the critical value for methane, and
at this low total pressure its solubility may be considered negligible. For each constituent its
mole fraction in the liquid is calculated by Eq. (8.1), 5*/p, and the last column of the table lists
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these as the answers to the problem. The remaining liquid, 1 — 0.261 = 0.739 mole fraction, is
the solvent oil.

Mole fraction
Component  Equilibrium Vapor pressure p in the liquid
partial pressure 5*, N/m? X 10~%  at24°C,N/m* X 10~5 x=p%/p

Methane 1.20 = 0.6(2)

Ethane 04 42.05 0.0095
Propane 0.16 8.96 0.018
n-Butane 0.12 2.36 0.051
n-Pentane 0.12 0.66 (LBZ_
Total 0.261

For total pressures in excess of those for which the ideal-gas law applies,
Raoult’s law can frequently be used with fugacities substituted for the pressure
terms [27, 34].

Nonideal Liquid Solutions

For liquid solutions which are not ideal, Eq. (8.1) will give highly incorrect
results. Line D (Fig. 8.1), for example, is the calculated partial pressure of
ammonia in equilibrium with water solutions at 10°C, assuming Raoult’s law to
be applicable, and it clearly does not represent the data. On the other hand, the
straight line E is seen to represent the 10°C ammonia-water data very well up to
mole fractions of 0.06 in the liquid. The equation of such a line is

nx
yr= p—P— = mx 8.2)
-0

where m is a constant. This is Henry’s law, T and it is seen to be applicable with
different values of m for each of the gases in the figure over at least a modest
liquid-concentration range. Failure to follow Henry’s law over wide concentra-
tion ranges may be the result of chemical interaction with the liquid or
electrolytic dissociation, as is the case with ammonia-water, or nonideality in the
gas phase. Most gases can be expected to follow the law to equilibrium pressures
to about 5 X 10° N/m? (=5 std atm), although if solubility is low, as with
hydrogen-water, it may be obeyed to pressures as high as 34 N/m? [35]. Gases
of the vapor type (which are below their critical temperature) will generally

1 Equation (8.2) is frequently written as y* = Kx, but here we wish to distinguish between the
Henry-law constant and mass-transfer coefficients. For conditions under which Eq. (8.2) is inappli-
cable, it is frequently used in empirical fashion to describe experimental data, but the value of m will
then be expected to vary with temperature, pressure, and concentration and should be listed as a
function of these variables.
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follow the law up to pressures of approximately 50 percent of the saturation
value at the prevailing temperature provided no chemical action occurs in the
liquid. In any case m must be established experimentally.

The advantages of straight-line plotting for interpolating and extrapolating
experimental data are, of course, very great, and an empirical method of wide
utility is an extension [32] of the reference-substance vapor-pressure plot de-
scribed in Chap. 7. As an example of this, Fig. 8.2 shows the data for
ammonia-water solutions, covering a wide range of concentrations and tempera-
tures. The coordinates are logarithmic. The abscissa is marked with the vapor
pressure of a convenient reference substance, in this case water, and the ordinate
is the equilibrium partial pressure of the solute gas. Points are plotted where the
corresponding temperatures for the vapor pressure of the reference substance
and the partial pressure of solute are identical. For example, at 32.2°C the vapor
pressure of water is 36 mmHg, the partial pressure of ammonia for a 10 mole
percent solution is 130 mmHg, and these pressures locate point 4 on the figure.
The lines for constant liquid composition are straight with few exceptions. A
temperature scale can later be substituted for the reference vapor-pressure scale,
using the steam tables where water is the reference substance. A similar plot,
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Figure 8.2 Reference-substance plot for gas solubility. The system ammonia-water, water as refer-
ence,
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with water as reference substance, can also be drawn for the partial pressures of
water over these solutions. An important property of such plots is their ability to
provide enthalpy data. For substance (solute or solvent) J, let the slope of the
line for concentration x; be mj,. Then

Hy= Cy{t = tg) + Ayg = mj A, , (8.3)

H, = partial enthalpy of component J in solution
C, = molar heat capacity of gaseous J
X\ = appropriate latent heat of vaporization

Ayo is taken as zero if J is a gas at temperature £, The enthalpy of the solution
relative to pure components at /, is then

H, = ? Hix; (84)

Choice of Solvent for Absorption

If the principal purpose of the absorption operation is to produce a specific
solution, as in the manufacture of hydrochloric acid, for example, the solvent is
specified by the nature of the product. If the principal purpose is to remove
some constituent from the gas, some choice is frequently possible. Water is, of
course, the cheapest and most plentiful solvent, but the following properties are
important considerations:

1. Gas solubility. The gas solubility should be high, thus increasing the rate of
absorption and decreasing the quantity of solvent required. Generally
solvents of a chemical nature similar to that of the solute to be absorbed will
provide good solubility. Thus hydrocarbon oils, and not water, are used to
remove benzene from coke-oven gas. For cases where the solutions formed
are ideal, the solubility of the gas is the same in terms of mole fractions for all
solvents. But it is greater in terms of weight fractions for solvents of low
molecular weight, and smaller weights of such solvents, as measured in
pounds, need to be used. A chemical reaction of solvent with the solute will
frequently result in very high gas solubility, but if the solvent is to be
recovered for reuse, the reaction must be reversible. For example, hydrogen
sulfide can be removed from gas mixtures using ethanolamine solutions since
the sulfide is readily absorbed at low temperatures and easily stripped at high
temperatures. Caustic soda absorbs hydrogen sulfide excellently but will not
release it in a stripping operation.

2. Volatility. The solvent should have a low vapor pressure since the gas leaving
an absorption operation is ordinarily saturated with the solvent and much
may thereby be lost. If necessary, a second, less volatile liquid can be used to
recover the evaporated portion of the first, as in Fig. 8.3. This is sometimes
done, for example, in the case of hydrocarbon absorbers, where a relatively
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volatile solvent oil is used in the principal portion of the absorber because of
the superior solubility characteristics and the volatilized solvent is recovered
from the gas by a nonvolatile oil. Similarly, hydrogen sulfide can be absorbed
by a water solution of sodium phenolate, but the desulfurized gas is further
washed with water to recover the evaporated phenol.

3. Corrosiveness. The materials of construction required for the equipment
should not be unusual or expensive.

4. Cost. The solvent should be inexpensive, so that losses are not costly, and
should be readily available.

5. Viscosity. Low viscosity is preferred for reasons of rapid absorption rates,
improved flooding characteristics in absorption towers, low pressure drops on
pumping, and good heat-transfer characteristics.

6. Miscellaneous. The solvent if possible should be nontoxic, nonflammable,
and chemically stable and should have a low freezing point.

ONE COMPONENT TRANSFERRED; MATERIAL BALANCES

The basic expressions for material balances and their graphical interpretation
were presented for any mass-transfer operation in Chap. 5. Here they are
adapted to the problems of gas absorption and stripping.

Countercuwrrent Flow

Figure 8.4 shows a countercurrent tower which may be either a packed or spray
tower, filled with bubble-cap trays or of any internal construction to bring about
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liquid-gas contact. The gas stream at any point in the tower consists of G total
mol/(area of tower cross section) (time), made up of diffusing solute A of mole
fraction y, partial pressure p, or mole ratio ¥, and nondiffusing, essentially
insoluble gas G5 mol/(area) (time). The relationship between these is

Y )
Y = = 8.5
l_y -7 ( )
G
Gs=Gl-y)=177 (8.6)

Similarly the liquid stream consists of L total mol/(area) (time), containing x
mole fraction soluble gas, or mole ratio X, and essentially nonvolatile solvent Lg
mol /(area) (time).

X == (8.7)

L

L5=L(1—x)=1+X

(8.8)

Since the solvent gas and solvent liquid are essentially unchanged in quantity
as they pass through the tower, it is convenient to express the material bal-
ance in terms of these. A solute balance about the lower part of the tower
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Gs(Y, — Y) = Lg(X, — X) (8.9)

This is the equation of a straight line (the operating line) on X, Y coordinates, of
slope Lg/ G, which passes through (X,, Y,). Substitution of X, and Y, for X
and Y shows the line to pass through (X,, Y5), as on Fig. 8.5a for an absorber.
This line indicates the relation between the liquid and gas concentration at any
level in the tower, as at point P.

The equilibrium-solubility data for the solute gas in the solvent liquid can
also be plotted in terms of these concentration units on the same diagram, as
curve MN, for example. Each point on this curve represents the gas concentra-
tion in equilibrium with the corresponding liquid at its local concentration and
temperature. For an absorber (mass transfer from gas to liquid) the operating
line always lies above the equilibrium-solubility curve, while for a stripper (mass
transfer from liquid to gas) the line is always below, as in Fig. 8.55.

The operating line is straight only when plotted in terms of the mole-ratio
units. In terms of mole fractions or partial pressures the line is curved, as in
Fig. 8.6 for an absorber. The equation of the line is then

bg y )2 p X x
I -
\1=y 1-y \p,—-pB, p—P S\l—x, 1-—x

(8.10)

1 Equations (8.9) and (8.10) and the corresponding Figs. 8.4 to 8.8 are written as for packed
towers, with 1 indicating the streams at the bottom and 2 those at the top. For tray towers, where
tray numbers are used as subscripts, as in Fig. 8.12, the same equations apply, but changes in
subscripts must be made. Thus Eq. (8.9) becomes, when applied to an entire tray tower,

Gs(Yu o1 = 1) = Lg(Xn, = Xo)
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The total pressure p, at any point can ordinarily be considered constant
throughout the tower for this purpose.

Minimum Liguid-Gas Ratio for Absorbers

In the design of absorbers, the quantity of gas to be treated G or G, the
terminal concentrations Y, and Y,, and the composition of the entering liquid
X, are ordinarily fixed by process requirements, but the quantity of liquid to be
used is subject to choice. Refer to Fig. 8.7a. The operating line must pass
through point D and must end at the ordinate Y,. If such a quantity of liquid 1s
used to give operating line DE, the exit liquid will have the composition X. If
less liquid is used, the exit-liquid composition will clearly be greater, as at point
F, but since the driving forces for diffusion are less, the absorption is more
difficult. The time of contact between gas and liquid must then be greater, and

3 F M
v, /
)/l -
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Ls /6,
: P
r Y
L g(min)
Slope = =—— "
Ys s Y *=rix)
0 Yy
Xp X X (max) X3 X,{mox)
Moles sclute / mole solvent
(0) (6

Figure 8.7 Minimum liquid-gas ratio, absorption.



the absorber must be correspondingly taller. The minimum liquid which can be
used corresponds to the operating line DM, which has the greatest slope for any
line touching the equilibrium curve and is tangent to the curve at P. At P the
diffusional driving force is zero, the required time of contact for the concentra-
tion change desired is infinite, and an infinitely tall tower results. This then
represents the limiting liquid-gas ratio.

The equilibrium curve is frequently concave upward, as in Fig. 8.7b, and the
minimum liquid-gas ratio then corresponds to an exit-liquid concentration in
equilibrium with the entering gas.

These principles also apply to strippers, where an operating line which
anywhere touches the equilibrium curve represents 2 maximum ratio of liquid to
gas and a maximum exit-gas concentration. ‘

Cocurrent Flow

When gas and liquid flow cocurrently, as in Fig. 8.8, the operating line has a
negative slope — Lg/Gg. There is no limit on this ratio, but an infinitely tall
tower would produce an exit liquid and gas in equilibrium, as at (X, Y,).
Cocurrent flow may be used when an exceptionally tall tower is built in two
sections, as in Fig. 8.9, with the second section operated in cocurrent flow to
save on the large-diameter gas pipe connecting the two. It may also be used if
the gas to be dissolved in the liquid is a pure substance, where there is no
advantage to countercurrent operation, or if a rapid, irreversible chermical
reaction with the dissolved solute occurs in the liquid, where only the equivalent
of one theoretical stage is required.

Ilustration 8.2 A coal gas is to be freed of its light oil by scrubbing with wash oil as an
absorbent and the light oil recovered by stripping the resulting solution with steam. The
circumstances are as follows.

Ly mole / (nme)areo) 6, moles /{hme)larea)

i,‘ solvent Gs solvent
1 Y .
Operoting line,
slope ==L ¢ /G
4
Equilibrium
Yz \\ Curve
% Y=£(X)
l-zl 162 /
Ls Gs
X2 £} A X Xe

Figure 8.8 Cocurrent absorber.
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Liquid
l Liquid
Gas
[ Liquid Figure 8.9 Countercurrent-cocurrent arrangement for very
Gas Gos Liquid tall towers.

Absorber Gas in, 0250 m?/s (31 800 fi®/h) at 26°C, p, = 1.07 X 10> N/m? (803 mmHg),
containing 2.0% by volume of light oil vapors. The light oil will be assumed to be entirely
benzene, and a 95% removal is required. The wash oil is to enter at 26°C, containing 0.005 mole
fraction benzene, and has an av mol wt 260. An oil circulation rate of 1.5 times the minimum is
to be used. Wash oil-benzene solutions are ideal. The temperature will be constant at 26°C.

Stripper The solution from the absorber is to be heated 1o 120°C and will enter the stripper at
| std atm pressure. Stripping steam will be at standard atmospheric pressure, superheated to
122°C. The debenzolized oil, 0.005 mole fraction benzene, is to be cooled to 26°C and returned
to the absorber. A steam rate of 1.5 times the minmmmum is to be used. The temperature will be
constant at 122°C.

Compute the oil-circulation rate and the steam rate required.

SOLUTION

Absorber Basis: 1 s. Define L, Lg, G, and G in terms of kmol /s.
273 107 X 10° 1

G! = 0250273 +26 1.0033 x 105 m = 0.01075 kmol/s
»y = 0.02 Y, = % = 0.0204 kmol benzene /kmol dry gas

Gs = 0.01075 (1 — 0.02) = 0.01051 kmol dry gas/s
For 95% removal of benzene,
Y, = 0.05 (0.0204) = 0.00102 kmol benzene/kmol dry gas

X = 0005 X, = 12905 = 000503 kmol benzene/kmol ol

At 26°C, the vapor pressure of benzene is p = 100 mmHg = 13 330 N /m? Equation (8.1) for
ideal solutions: p* = 13 330x.

. X
1 —x

*
y*=p*/p. p, =107 X 105 N/m? Y'=l{y' ¥
Substitution in Eq. (8.1) yields

Y* x*
vy - Mo
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0.012

0.008 /

N4

0
VZ\ ‘ J 4‘
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which is the equilibrium-curve equation for the absorber, plotted in Fig. 8.10. Operating lines
originate at point D in this figure. For the minimum oil rate, line DE is drawn as the line of
maximum slope which touches the equilibrium curve (tangent to the curve). At Y, = 0.0204,
X, = 0.176 kmol benzene/kmol wash oil (point E).

Gs(Y\ — Y5) _ 0.01051 (0.0204 ~ 0.00102)
X, = X, 0.176 — 0.00503

For 1.5 times the minimum, Lg = 1.5 (1.190 X 1073) = 1.787 X 10~3 kmol/s.
Gs(Y, - 1)) 0.01051 (0.0204 — 0.00102)
= + Xy =
Lg 1.787 x 102
= (0.1190 kmol benzene /kmol oil
The operating line is DF.

= 1,190 X 1073 kmol oil /5

min Lg =

X

+ 0.00503

Stripper At 122°C, the vapor pressure of benzene is 2400 mmHg = 319.9 kN/m?. The
equilibrium curve for the stripper is therefore

y* 3199 X _ 316X
1+Y I01B31+X 1+X

which is drawn in Fig. 8.11. For the stripper, X, = 0.1190, X, = 0.00503 kmol benzene/kmol
oil, ¥, = 0 kmol benzene /kmol steam. For the minimum steam rate, line MN is drawn tangent
to the equilibrium curve, and at ¥ the value of ¥, = 0.45 kmo! benzene/kmol steam.

Ls(X; = X)) _ (1787 X 1073)(0.1190 — 0.00503)
Y, ~ Y, 045-0
= 4526 X 10~* kmol steam/s

For 1.5 times the minimum, the steam rate is 1.5 (4.526 X 10™%) = 6,79 X 10~* kmol/s,
corresponding to line MP,

min Gg =
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Figure 8.11 Solution to Hlustration 8.2, stripping.

COUNTERCURRENT MULTISTAGE OPERATION;
ONE COMPONENT TRANSFERRED

Tray towers and similar devices bring about stepwise contact of the liquid and
gas and are therefore countercurrent multistage cascades. On each tray of a
sieve-tray tower, for example, the gas and liquid are brought into intimate
contact and separated, somewhat in the manner of Fig. 5.14, and the tray thus
constitutes a stage. Few of the tray devices described in Chap. 6 actually provide
the parallel flow on each tray as shown in Fig. 5.14. Nevertheless it is convenient
to use the latter as an arbitrary standard for design and for measurement of
performance of actual trays regardless of their method of operation. For this
purpose a theoretical, or ideal, tray is defined as one where the average composi-
tion of all the gas leaving the tray is in equilibrium with the average composition
of all the liquid leaving the tray.

The number of ideal trays required to bring about a given change in
composition of the liquid or the gas, for either absorbers or strippers, can then
be determined graphically in the manner of Fig. 5.15. This is illustrated for an
absorber in Fig. 8.12, where the liquid and gas compositions corresponding to
each tray are marked on the operating diagram. Ideal tray 1, for example, brings
about a change in liquid composition from X, to X, and of gas composition
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from Y, to Y,. The step marked 1 on the operating diagram therefore represents
this ideal tray. The nearer the operating line to the equilibrium curve, the more
steps will be required, and should the two curves touch at any point correspond-
ing to a minimum Lg/ G, ratio, the number of steps will be infinite. The steps
can equally be constructed on diagrams plotted in terms of any concentration
units, such as mole fractions or partial pressures. The construction for strippers
is the same, except, of course, that the operating line lies below the equilibrium
curve,

It is usually convenient, for tray towers, to define the flow rates L and G
simply as mol/h, rather than to base them on unit tower cross section.

Dilute Gas Mixtures

Where both operating line and equilibrium curve can be considered straight, the
number of ideal trays can be determined without recourse to graphical methods.
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This will frequently be the case for relatively dilute gas and liquid mixtures.
Henry’s law [Eq. (8.2)] often applies to dilute solutions, for example. If the
quantity of gas absorbed is small, the total flow of liquid entering and leaving
the absorber remains substantially constant, Ly~ L, =~ L total mol/(area)
(time), and similarly the total flow of gas 1s substantially constant at G total
mol /(area) (time). An operating line plotted in terms of mole fractions will then
be substantially straight. For such cases, the Kremser equations (5.50) to (5.57)
and Fig. 5.16 apply.t Small variations in A from one end of the tower to the
other due to changing L/ G as a result of absorption or stripping or to change in
gas solubility with concentration or temperature can be roughly allowed for by
using the geometric average of the values af 4 at top and bottom [17]. For large
variations, either more elaborate corrections [13, 20, 33] for 4, graphical com-
putations, or tray-to-tray numerical calculations as developed below must be
used.

The Absorption Factor 4

The absorption factor 4 = L/mG is the ratio of the slope of the operating line
to that of the equilibrium curve. For values of A less than unity, corresponding |, //
to convergence of the operating line and equilibrium curve for the lower end of 7~ S
the absorber, Fig. 5.16 indicates clearly that the fractional absorption of solute is | &
definitely limited, even for infinite theoretical trays. On the other hand, for s
values of 4 greater than unity, any degree of absorption is possible if sufficient| , a7

trays are provided. For a fixed degree of absorption from a fixed amount of gas, \/} yd
as A increases beyond unity, the absorbed solute is dissolved in more and more |
liquid and becomes therefore less valuable. At the same time, the number of ~—

trays decreases, so that the equipment cost decreases. From these opposing cost
tendencies it follows that in all such cases there will be a value of 4, or of L/ G,
for which the most economical absorption results. This should be obtained
generally by computing the total costs for several values of 4 and observing the
minimum. As a rule of thumb for purposes of rapid estimates, it has been

+ These become, in terms of mole fractions,

Ine1 TV AN+ — 4

Absorption: = 5.54a
Pl Yue1 T mxy AN ( )
YN, 1 T X 1 1
oo 2 (%) + 4
N, = = (5.552)
L Xo — Xn. SN,-H - S
Stri : 2 — = 5.50a
pPUe o= Yn41/m o SN (5:50a)
Xo = Yy, 41/ ™M 1 1
Io —’(1 - —) + =
dope ¢F g[ XN, < Y1/ m S S
A N (551a)
e log S . gt
% R I T, 15 an\ YC &
where A = L/#G, and S = mG/L. |f A< | 7 A050 !
U -aope of

2\ My e



frequently found [8] that the most economical A will be in the range from 1.25
to 2.0.

moles benzene / mole dry gas

Y=

The reciprocal of the absorption factor is called the stripping factor .S.

Hiustration 8.3 Determine the number of theoretical trays required for the absorber and the
stripper of Illustration 8.2.

SOLUTION

Absorber Since the tower will be a tray device, the following notation changes will be made
(compare Figs. 8.4 and 8.12):

L, is changed toL,, G\ is changed 10Gy 4 xy is changed toxy
L, Lo Gy G *2 X0
X, Xy, Y Yoo N YN, +1
X2 Xo Y, " 4] N

The operating diagram is established in Illustration 8.2 and replotted in Fig. 8.13, where the
theoretical trays are stepped off. Between 7 and 8 (approximately 7.6) theoretical trays are

0.024

Uy, Ty wily

0.020

0016 /
YVS,X7/
oo /|

i X
0.008 L
0.004 /)
"
0 .
04X, 004 008 0.2 046 Flgure 8.13 Illustration 8.3, the ab-

X =moles benzene / male wosh oil sorber.
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required. Alternatively, the number of theoretical trays can be computed analytically.

_ _ 0.00102
Y1 = T+ 000102

Xo=0005 m=y*/x=0.125
Ly, = Ls(1 +Xy,) = (1787 X 1073)(1 + 0.1190) = 2.00 X 10~ kmol/s
e = Ly, Ly _ 200x103

% = Gy, = mGy, .y 0.125 (0.01075)

x4 = 0.02 = 0.00102

= 1.488

Lo = Lg(1 + Xp) = (1.787 % 10™%) (1 + 0.00503) = 1,796 x 10~3 kmol/s
G, = Gs(1 + ¥,) = 0.01051 (1 + 0.00102) = 0.01052 kmol/s

L, Ly 1.796 x 1072

A = G = mG, ~ 0.125 (0.01052)

1366
A = [1.488 (1,366)]>° = 1.424

y1=mxy _ 0.00102 ~ 0.125 (0.005)

Yne1— mxg 002 - 0.125 (0.005) 0.0204

From Fig. 5.16 or Eq. (5.55) N, = 7.7 equilibrium stages.

Stripper The trays were determined graphically in the same manner as for the absorber and
found to be 6.7. Figure 5.16 for this case gave 6.0 trays owing to the relative nonconstancy of
the stripping factor, l/AN’ = Sy, = L1197, 1/4, = § = 1.561. The graphical method should
be used.

Nonisothermal Operation

Many absorbers and strippers deal with dilute gas mixtures and liquids, and it is
frequently satisfactory in these cases to assume that the operation is isothermal.
But actually absorption operations are usually exothermic, and when large
quantities of solute gas are absorbed to form concentrated solutions, the temper-
ature effects cannot be ignored. If by absorption the temperature of the liquid is
raised to a considerable extent, the equilibrium solubility of the solute will be
appreciably reduced and the capacity of the absorber decreased (or else much
larger flow rates of liquid will be required). If the heat evolved is excessive,
cooling coils can be installed in the absorber or the liquid can be removed at
intervals, cooled. and returned to the absorber. For stripping, an endothermic
action, the temperature tends to fall.

Consider the tray tower of Fig. 8.14. If Q7 is the heat removed per unit time
from the entire tower by any means whatsoever, an enthalpy balance for the
entire tower is

LoHyo + Gy o \Hg x o1 = Ly Hy y + G Hgy + Or (8.11)

where H represents in each case the molal enthalpy of the stream at its
particular concentration and condition. It is convenient to refer all enthalpies to
the condition of pure liquid solvent, pure diluent {(or solvent) gas, and pure
solute at some base temperature £, with each substance assigned zero enthalpy



Gy totol moies / ime
yy mole froction solute
TH,;‘ energy /mole

~— Lo totol moles / ime
xp mole fraction solute

2 H, o energy/mole

6~p+| total moles / time
Yy, w1 mole fraction solute

\‘I L’)‘ HG‘ Wy H1 energy/male

Ly, total moles / ume
*y, mole fraction solute

Hy, u, energy/mole Figure 8.14 Nonisothermal operation.

for its normal state of aggregation at 7, and | atm pressure. Thus, the molal
enthalpy of a liquid solution, temperature #,, composition x mole fraction solute,
can be obtained either from Eq. (8.4) or, depending on the nature of the data
available, from

H, = C,(1, — tg) + AH{ (8.12)

where the first term on the right represents the sensible heat and the second the
molal enthalpy of mixing, or integral heat of solution, at the prevailing con-
centration and at the base temperature ¢,, per mole of solution. If heat is evolved
on mixing, AHg will be a negative quantity. If the absorbed solute is a gas at 1,
1 std atm, the gas enthalpy will include only sensible heat. If the absorbed solute
is a liquid at the reference conditions, as in the case of many vapors, the
enthalpy of the gas stream must also include the latent heat of vaporization of
the solute vapor (see Chap. 7). For ideal solutions, AHg for mixing liquids is
zero, and the enthalpy of the solution is the sum of the enthalpies of the
separate, unmixed constituents. If the ideal liquid solution is formed from a
gaseous solute, the heat evolved is the latent heat of condensation of the
absorbed solute.
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For adiabatic operation, QO of Eq. (8.11) is zero and the temperature of the
streams leaving an absorber will generally be higher than the entering tempera-
tures owing to the heat of solution. The rise in temperature causes a decrease in
solute solubility, which in turn results in a larger minimum L/G and a larger
number of trays than for isothermal absorption. The design of such absorbers
may be done numerically, calculating tray by tray from the bottom to the top.
The principle of an ideal tray, that the effluent streams from the tray are in
equilibrium both with respect to composition and temperature, is utilized for
each tray. Thus, total and solute balances up to tray n, as shown by the
envelope, Fig. 8.14, are

L, + GN,,+| = LN, + Gy (8.13)
Lyx, + Gy w1 ¥m+1 = Ly Xy, + GoeiVany (8.14)

from which L, and x, are computed. An enthalpy balance is
LHy ,+ GysiHg ney = LyHp n + Guo(Hg s (8.15)

from which the temperature of stream L, can be obtained. Stream G, is then at
the same temperature as L, and in composition equilibrium with it. Equations
(8.13) to (8.15) are then applied to tray n — 1, and so forth. To get started, since
usually only the temperatures of the entering streams L, and Gy, +1 are known, it
is usually necessary to estimate the temperature 7, of the gas G1 (which is the
same as the top tray temperature), and use Eq. (8.11) to compute the tempera-
ture of the liquid leaving at the bottom of the tower. The estimate is checked
when the calculations reach the top tray, and if necessary the entire computation
1s repeated. The method is best illustrated by an example.

Hiustration 8.4 One kilomole per unit time of a gas cousisting of 75% metbane, CH,, and 25%
n-pentane vapor, n-CsH,,, 27°C, | std atm, is to be scrubbed with 2 kmol/unit time of a
nonvolatile paraffin oi), mol wt 200, heat capacity 1.884 kJ /kg - K, entering the absorber free
of pentane at 35°C. Compute the number of ideal trays for adiabatic absorption of 98% of the
pentane. Neglect solubility of CHy in the oil, and assume operation to be at 1 std atm (neglect
pressure drop for flow through the trays). The pentane forms ideal solutions with the paraffin
oil.

SoLuTION Heat capacities over the range of temperatures to be encountered are

119.75 kJ /kmol - K as vapor
177.53 kJ /kmol - K. as liquid

The latent heat of vaporization of n-CsH,, at 0°C = 27 820 kJ /kmol. Use a base temperature
1o = 0°C. Enthalpies referred to 0°C, liquid pentane, liquid paraffin oil, and gaseous methane,
are then

CH, = 3559 k) /kmol - K n-C4H,, = {

Hy = (1~ x) (1.884) (200) (r, — 0) + x(177.53) (¢, — 0)

7, (376.8 — 199.3x) kJ /kmol liquid solution

(1 = ») (35.59) (15 — 0) + y[119.75 (t; — 0) + 27 820]
15(35.59 + 84.16y) + 27 820y ¥J/kmol gas-vapor mixture

N

Hg

il



For solutions which follow Raoult’s law, Eqs. (8.1) and (8.2) provide
v = PX ooy
4 Py

where p = vapor pressure of n-pentane. Thus the vapor pressure of n-CH,, is 400 mmHg
(53.32 kN/m?) at 18.5°C, whence m = p/p, = 400/760 = 0.530. Similarly,

x.'c|2o|25|30|35{40|43

m | 0.575 | 0.69 | o8t | 095 | 110 | 125

It is convenient to prepare a graph of these for interpolation.
Basis: unit time. From the given data,

Gy,+1 = 1kmol  yy., =025
Hg, 41 = 27[35.59 + 84.16 (0.25)] + 27 820 (0.25) = 8484 kJ /kmol
Ly=2kmol x3=0  Hyo=35(376.8) = 13 188 kJ /kmol
n-CsH,, absorbed = 0.98 (0.25) = 0.245 kmol
n-C;H,, in G, = 0.25 — 0.245 = 0.005 kmol

G, = 0.75 + 0.005 = 0.755 kmol  Required y, = g:% = 0.00662

0.245
LN, = 2 + 0.245 = 2.245 kmol Xy, = 2945 = (,1091

Assume 1 = 35.6°C (to be checked later).
Hgy = 35.6[35.59 + 84.16 (0.00662)] + 27 820 (0.00662) = 1471 kJ/kmol
Eq. (8.11) with Q, = 0:
2(13 188) + 8484 = Ly H, , + 0.755 (1471)
Ly Hy, y, = 37749 ]

37 749
Hem =535

ty, = 42.3°C
my, =121 yy = myxy, =121 (0.1091) = 0.1330

- 015
» 1-0.1330

Hg, , = 42.3[35.59 + 84.16 (0.1330)] + 27 820 (0.1330) = 5679 kJ /kmol

= 1y,[376.8 — 199.3 (0.1091))

= 0.865 kmol

Eq (8.13) withn = N, — 1:
Ly 1+ Gy4y = Ly, + Gy,
Ly _y+ 1 =2245 + 0.865
L,y = 2.110 kmol

Eq. B.14) with n = N, - I:
2.110x), _; + 0:25 = 0245 + 0.865 (0.1330)
X,y = 00521
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Eq. (8.15) with n = N, — I:
2.110H,, y, _, + 8484 = 3374 + 0.865 (5679)
Hy, 5~y = 14302 kJ /kmol
14302 = 1,, _, [376.8 — 1993 (0.0521)]
ty,—y = 39.0°C

The computations are continued upward through the tower in this manner until the gas
composition falls at least to y = 0.00662. The results are:

n = tray no. 1y, °C X, Y
N, =4 423 0.1091 0.1320
N,~1=3 350 0.0521 0.0568
N, —2=2 36.8 0.0184 0.01875
N, ~3=1 35.5 0.00463 0.00450

Figure 8.15 shows the calculated gas composition and tray temperature plotted against tray
number. The required y, = 0.00662 occurs at about 3.75 ideal trays, and the temperature on the
top tray is essentially that assumed. Had this not been so, 2 new assumed value of 1, and a new

0430 2
0.20
010 -

0.06
0.04 /
0.02

0.01

0006 %ﬁaossz 7 5

0.004
45

mole froction CsHyz in gas

4

E
o

<o e -

Temperature, °C

A

B3 Mm2 Nt Np M)

Tray number Figure 8.15 Solution to Illustration 8.4.



calculation would have been required. An integral number of trays will require a slightly
greater (for N, = 3) or less (for N, = 4) liquid flow, but since a tray efficiency must still be
applied to obtain the number of real trays, the nonintegral number is ordinarily accepted.

A graphical solution using an enthalpy-concentration diagram (see Chap. 9)
is also possible [43]. When the temperature rise for the liquid is large or for
concentrated gases entering and small values of L/ G, the rate of convergence of
the calculated and assumed 1, is very slow and the computation is best done on
a digital computer. There may be a temperature maximum at some tray other
than the bottom one. If the number of trays is fixed, the outlet-gas composition
and top-tray temperature must both be found by trial and error. Cases when the
carrier gas is absorbed and the solvent evaporates [3, 4] are considered to be
multicomponent systems (which see).

Real Trays and Tray Efficiency

Methods for estimating the Murphree tray efficiency corrected for entrainment
E, ¢ for sieve trays are discussed in detail in Chap. 6. For a given absorber or
stripper, these permit estimation of the tray efficiency as a function of fluid
compositions and temperature as they vary from one end of the tower to the
other. Usually it is sufficient to make such computations at only three or four
locations and then proceed as in Fig. 8.16. The broken line is ‘drawn between
equilibrium curve and operating line at a fractional vertical distance from the
operating line equal to the prevailing Murphree gas efficiency. Thus the value of
E,;cc for the bottom tray is the ratio of the lengths of lines, AB/AC. Since the
broken line then represents the real effluent compositions from the trays, it is
used instead of the equilibrium curve to complete the tray construction, which
now provides the number of real trays.

A/
/
/
/
B
Operating //
ling /
/
Vs (A
/
Y /
/
/
/
/ Equilibrium
p curve
7
/
Flgure 8.16 Use of Murphree efficiencies for an ab-

X sorber.
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When the Murphree efficiency is constant for all trays, and under condi-
tions such that the operating line and equilibrium curves are straight (Henry’s
law, isothermal operation, dilute solutions), the overall tray efficiency can be
computed and the number of real trays can be determined analytically:

B = equilibrium trays _ log[1 + Epge(1/4 — 1)] (8.16)
o real trays log(1/4) )

For rough estimates, Fig. 6.24 is useful for both bubble-cap and sieve trays.

Illustration 8.5 A process for making small amounts of hydrogen by cracking aminonia is being
considered, and residual, uncracked ammonia is to be removed from the resulting gas. The gas
will consist of H; and N, in the molar ratio 3:1, containing 3% NH; by volume, at a pressure of
2 bars and temperature of 30°C.

There is available a sieve-tray tower, 0.75 m diameter, containing 14 cross-flow trays at
0.5 m tray spacing. On each tray, the downflow weir is 0.53 m long and extends 60 mm above
the tray floor. The perforations are 4.75 mm in diameter, arranged in triangular pitch on
12.5-mm centers, punched in sheet metal 2.0 mm thick. Assume isothermal operation at 30°C.
Estimate the capacity of the tower to remove ammonia from the gas by scrubbing with water.

SoLuTioN In this case “capacity” will be taken to mean obtaining a low NH; content of the
effluent gas at reasonable gas rates. N

From the geometry of the tray arrangement, and in the notation of Chap. 6, the following
are readily calculated:

T = tower diameter = 0.75m A, = tower cross section = 0.4418 m?
Ay = downspout cross section = 0.04043 m?> 4, = 4, — 4, = 04014 m?
A, = perforation area = 0.0393 m?  Z = distance between downspouts = 0.5307 m
W = weir length = 0.53 m Ay, = weir height = 0.060 m

T+ W
2

Use a weir crest iy = 0.040 m. Eq. (6.34): W = 04354 m. Eq. (6.32). g = 1.839 (0.4354)
(0.04y/2 = 6.406 X 107 m®/s liquid flow. Note: this is a recommended rate because it
produces a liquid depth on the tray of 10 cm.

I = tray spacing = 0.5m  z = average flow width = =64m

Liquid density = p, = 996 kg/m?
Liquid rate = 6.38 kg/s = 0.354 kmol/s
Av mol wt gas in = 0.03 (17.03) + 0.97 (0.25) (28.02) + 0.97 (0.75) (2.02)
= 8.78 kg /kmol

_81 20
Pe = 3541 0.986 273 + 30

The flooding gas rate depends upon the liquid rate chosen. With the preceding values, the
flooding gas rate is found by simultaneous solution of Egs, (6.29) and (6.30) by trial and error.
For these solutions, ¢ = 68 x 1073 N/m surface tension. As a final trial, use a gas mass
rate = 0.893 kg/s.

= 0.716 kg/m*

L (ps\**_ 638 (0.716\%5 _
G (pL) = 0893 ( 396 ) = 0.1916

Table 6.2: a = 0.04893, 8 = 0.0302. Eq. (6.30): Cr = 0,0834, Eq. (6.29): ¥ = 3.11 m/s based
on A,,. Therefore flooding gas mass rate = 3.11 (0.4014) (0.716) = 0.893 kg /s (check). Use 80%



of the flooding value. ¥ = 0.8 (3.11) = 2.49 m/s based on A4,,. Gas mass rate = 0.80 (0.893) =
0.7144 kg /s = 0.0814 kmol/s.

The methods of Chap. 6 provide (Chap. 6 notation): ¥, = 2.49 (0.4014)/0.0393 = 25.43
m/s, I = 0,002 m, 4, = 0.00475 m, C, = 1.09 (0.00475/0.002)°%5 = 1.353, ] = 0.002 m, pg =
113 kg/m-s, Re, =d,V,ps/pnc = 7654, [=0.0082, hp =0.0413 m, V, = VA, /A, =
333 m/s, by = 0.0216 m, hp = 0.0862 m, h; = 0.1491 m, h, = 3.84 X 1073 m, h; = 0.1529 m.

Since hy + k| + hy = 0.2529 m is essentially equal to 1/2, flooding will not occur. Flow
rates are reasonable. ¥/ Vy = 0.8, and (L'/G") (pg/pr)** = 0.239. Fig. 6.17: E = fractional
entrainment = 0.009.

At the prevailing conditions, the methods of Chap. 2 provide Dyp,meany through the
N,-H, mixture = D; = 2.296 X 10~° m?/s. The gas viscosity is estimated to be 1.122 X 10™*
kg/m - s, whence Scg = pg/pgDg = 0.683. The diffusivity of NH, in dilute water solutions is
2421 X 107% = D, at 30°C,

For dilute solutions, NH,;~H,0 follows Henry's law, and at 30°C m = y*/x = 0.850. The
absorption factor 4 = L/mG = 0.354/0.850 (0.0814) = 5.116. Note: “Optimum” values of 4
such as 1.25 to 2.0 cited earlier apply to new designs but not necessarily to existing towers.

Eq. (6613 Ng=1987 Eq (6.64): 8, = 11455

Eq (6.62): N, =1691  Eq (652): Ngg = 1616
Eq.(651): Eys = 0801 Eq.(663): Dy = 001344 m?/s
Eq.(6.59): Pe=1830  Eq.(6.58): 7 =0.1552

Eq. (6.57): Eug =086  Eq.(660): E,qp = 0.853

Since the quantity of gas absorbed is relatively small with respect to the total flow and the
liquid solutions are dilute, the Murphree efficiency will be taken as constant for all trays, For
the dilute solutions encountered here, the operating line in terms of mole-fraction concentra-
tions is essentially straight. Consequently, Eq. (8.16):

.. log[1+0.853 (1/5.116 - )] _
Eo log(1/5.116) 0.710

(Note: Fig. 6.24, with abscissa = 1.306 X 10~ for these data, shows E, ~ 0.7 for absorption
of NHj in water, the point plotted as +.) Eq. (8.16): N, = 14 (0.710) = 9.94 theoretical trays.
Fig. 5.16 is off-scale. Therefore, the Kremser equation Eq. (5.54a), gives

Yo+t~ N - YN+t — N1 - 0.03 — y, - g}]l6)m-9'4 -~ 5116
YN, +1 T MXg YN, 41 0.03 (5.116)""94 1

»1 = 2.17 X 10~° mole fraction NHj, in effiuent Ans.

CONTINUOUS-CONTACT EQUIPMENT

Countercurrent packed and spray towers operate in a different manner from
plate towers in that the fluids are in contact continuously in their path through
the tower, rather than intermittently. Thus, in a packed tower the liquid and gas
compositions change continuously with height of packing. Every point on an
operating: line therefore represents conditions found somewhere in the tower,
whereas for tray towers, only the isolated points on the operating line corre-
sponding to trays have real significance.
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Height Equivalent to an Equilibrium Stage (Theoretical Plate)

A stmple method for designing packed towers, introduced many years ago,
ignores the differences between stagewise and continuous contact. In this
method the number of theoretical trays or plates required for a given change in
concentration is computed by the methods of the previous section. This is then
multiplied by a quantity, the height equivalent to a theoretical tray or plate
(HETP) to give the required height of packing to do the same job. The HETP
must be an experimentally determined quantity characteristic for each packing.
Unfortunately it is found that the HETP varies, not only with the type and size
of the packing but also very strongly with flow rates of each fluid and for every
system with concentration as well, so that an enormous amount of experimental
data would have to be accumulated to permit utilization of the method. The
difficulty lies in the failure to account for the fundamentally different action of
tray and packed towers, and the method has now largely been abandoned.

Absorption of One Component

Constder a packed tower of unit cross section, as in Fig. 8.17. The total effective
interfacial surface for mass transfer, as a result of spreading of the liqud in a
film over the packing, is § per umt tower cross section. This is conveniently
described as the product of a specific interfacial surface, surface per volume of

Ls Gs
Ly 7S
X3 Y2
le Y2
—¥
L 4
x y
TN
s
2

4 Y Figure 8.17 Packed tower.



302 MASS-TRANSFER OPERATIONS

packing, by the packed volume Z volume per unit tower cross section, or height
(the quantity « is the a, of Chap. 6). In the differential volume dZ, the interface
surface is

dS =adZ 8.17)

The quantity of solute A in the gas passing the differential section of the tower
under consideration is Gy mol/(area) (time), and the rate of mass transfer
is therefore d(Gy) mol A /(differential volume) (time). Since Ny = 0 and N,/
(N, + Ng) = 1.0, application of Eq. (5.20) prowdesww i

" moles A absorbed _ a4 Gy) =Y

= Feln —— 8.18
(interfacial surface) (tlme) ‘adz -y (8.18)
oy PR T LA u)!
Both G and y vary from one end of the tower to the other, but Gg, the solvent
gas which is essentially insoluble, does not. Therefore,

_ Gy _ Gy _ Gdy
d(Gy)—d(lfy)_(liy)z_l—y

Substituting in Eq. (8.18), rearranging, and integrating give

N z _ Vi Ga)}
2=, "Z"fy_, Foall =) [0~ 70/ (=] g poe &2

’\;f‘i /‘ J’ E%

AT

(8.19)

The value of y, can be found by the methods of Chap S, using Eq f\ 21) wnh

N,/SN = I:
1 -y, 1 — x Fu/F, 1 — x Fra/Fga
=-l=) =) e

For any value of (x, y) on the operating curve plotted in terms of mole fractions,
a curve of x, vs. y, from Eq. (8.21) is plotted to determine the intersection with
the equilibrium curve. This provides the local y and y, for use in Eq. (8.20).}
Equation (8.20) can then be integrated graphically after plotting the integrand as
ordinate vs. y as abscissa.

However, it is more customary to proceed as follows [6]. Since

y=y=0-»)-(0-y) (822)

the numerator and denominator of the integral of Eq. (8.20) can be multiplied
respectively by the right- and left-hand sides of Eq. (8.22) to provide

= g G(l — y)AM ‘b’
‘ f Foa(T = 1)1~ 5,) (8.23)

1 As demonstrated in Ilustration 8.6, for moderately dilute solutions it is satisfactory to
determine y; by a line of slope —k,a/k a drawn from (x, ) on the operating line to intersection
with the equilibrium curve, in accordance with Eq. (5.2).
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where (1 — y),,, is the logarithmic mean of 1 — y, and I — y. When we define a
height of a gas transfer unit H, as

G - G
kya(l = Vin kgap(l = y)im

u/_;)‘[‘

Hg == (824)

Eq. (8.23) becomes

= ! MN y)ery f=
z th,ca =) (- ») H’Gf Ty -y el

e b 6%, g e (8.25)
Here advantage is taken of the fact that the ratio G/Fga = H,; is very much
more constant than either G or F;a, and in many cases may be considered
constant within the accuracy of the available data. In the integral of Eq. (8.25)
containing only the y terms, if we disregard the ratio (1 — y);,, /(1 — »), the
remainder is seen to be the number of times the average y — y; divides into the
change of gas concentration y; — y,. As in Chap. 7, this is a measure of the
difficulty of the absorption, and the integral is called the number of gas transfer
units N,. H, is then the packing height providing one gas transfer unit.
Equation (8.25) can be further simplified by substituting the arithmetic average
for the logarithmic average (1 — p),, [9)

(1—y)—(0-y) %(1 Te¥elirml} 52.)
In[(1 =y)/(1-y)] 2

(1= y)in = (8.26)

which involves little error. N,; then becomes

Ba"wf/)‘;{}'{vﬂ ovu

N = f(ydy/?/ +Lin y_iz. (8.27)

which makes for simpler graphical integration. A plot of 1/(y — y;) vs. y for the
graphical integration of Eq. (8.27) often covers awkwardly large ranges of the
ordinate. This can be avoided [37] by replacing dy by its equal y 4 In y, so that

log
N = 2.303 f
}

082

-y,
3.28
— )1 ( )

1

For dilute solutions, the second term on the right of Eqs. (8.27) and (8.28) is
negligible, Fza ~ k,a, and y; can be obtained by plotting a line of slope
—k.a/k,a from points (x,y) on the operating line to intersection with the
equihbrium curve.



The above relationships all have their counterparts in terms of liquid
concentrations, derived in exactly the same way

Z=‘[XI L dx =fx' L(1 = x)js dx
L Pl -0 [(1-x)/0-x] ) Fall-x)x-x)
(8.29)

_ (" (= x)uedx o (1= x)pdx
z _j; H:L(I__m"’ HILLZ (1- x)(xj.u_ x) =H/N, (8.30)

L L L

== = = 8.31

Ay Fa ka(l — x)u  kpac(l — x)ay (8.31)

Xy

_ dx 1 l - x|

N,,_—f x,—x+zlnl—x2 (8.32)

X2
where H,; = height of liquid transfer unit
N,, = number of liquid transfer units

(1 = x);; = logarithmic mean of 1 — x and | — x,
Either set of equations leads to the same value of Z.

Strippers The same relationships apply as for absorption. The driving forces
y —y; and x; — x which appear in the above equations are then negative, but
since for strippers x;, > x, and y, > y,, the result is a positive Z as before.

IHustration 8.6 The absorber of Illustrations 8.2 and 8.3 is to be a packed tower, 470 mm
diameter, filled with 38-mm (1.5-in) Berl saddles. The circumstances are as follows:

Gas Benzene content: in, y, = 0.02 mole fraction, Y, = 0.0204 mol/mol dry gas.

Out:
», = 0.00102 Y, = 0.00102

Nonabsorbed gas:
Av mol wt = 11.0

Rate in = 0.250 m®>/s = 0.01075 kmol/s  0.0105! kmol/s nonbenzene
Temperature = 26°C  pressure p, = 1.07 X 10° N/m? (803 mmHg)
Viscosity = 1075 kg/m - s (0.010cP) D, = 1.30 X 107> m¥/s
Liquid Benzene content in, x, = 0.005 mol fraction, X, = 0.00503 mol benzene/mol oil.

Out:
B x, = 0.1063 X, = 0.1190

Benzene-free oil:
Mol wt = 270 viscosity = 2 X 10™3 kg/m - s (2.0 cp)
Density = 840 kg/m*®  rate = 1.787 X 10~ kmol/s
Temperature = 26°C D, ; = 477 X 10”0 m?/s
Surface tension = 0.03N/m?  nt = y*/x = 0.1250
Compute the depth of packing required.
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SorutioN To plot the operating line, use Eq. (8.9) to calculate X and Y values (or read from
Fig. 8.10) and convert to x = X /(1 + X),y = Y/(1 + Y). Thus,

0.01051 (0.0204 — Y) = (1.787 X 10-3) (0.1190 — X)

X x Y y
0.00503 0.00502 0.00102 0.00102
0.02 0.01961 0.00357 0.00356
0.04 0.0385 0.00697 - 0.00692
0.06 0.0566 0.01036 0.01025
0.08 0.0741 0.01376 0.01356
0.10 0.0909 0.01714 0.01685
0.1190 0.1063 0.0204 0.0200

Values of y and x (the operating line) are plotted along with the equilibrium line, y = 0.1250x,
in Fig. 8.18. Although the curvature in this case is not great, the operating line is not straight on
mole-fraction coordinates.

The cross-sectional area of the absorber = 7(0.47)%/4 = 0.1746 m2. At the bottom,

. (1.787 x 10~3)(260) + 0.1190(1.787 x 10~3)(78)

= 275kg/m?" s

0.1746
0.022
0.020- AR (x, 1)
0.016[ Operating line ¢ 8
B F,
0.012
(4
0 Equitibrium
0,008 curve
0.004
] £
(x2. y2)
0 1 ! 1 1 |
0 0.04 0.08 012 014 Figure 8.18 Solution to Illustra-

x =mole fraction benzene in liquid tion 8.6.
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Similarly at the top, L' = 2.66 kg/m?- s. Av L’ = 2.71 kg/m?- s. In similar fashion for the gas,
at the bottom G’ = 0.761 kg/m?- 5; at the top G* = 0.670 kg/m?- 5. Av G’ = 0.716 kg/m?- s.

The flow quantities change so little from one end of the tower to the other that the
average values can be used to compute the mass-transfer coefficients, which can then be taken
as constant. The circumstances are precisely those of Hlustration 6.6, where it was found that

Fga = 00719 kmol/m*-s  F,a = 0.01377 kmol/m’- s

Interface compositions corresponding to points on the operating line of Fig. 8.18 are de-
termined with Eq. (8.21). For example, at (x = 0.1063, y = 0.0200) on the operating line at
point 4, Fig. 8.18, Eq. (8.21) becomes

-y 1 = 0.1063 001377/0.0M19
1—o.ozoo=( Ry )

This is plotted (y, vs. x,) as curve AB on Fig. 8.18 to intersect the equilibrium curve at B, where
-y, = 0.01580.
Note: In this case, since the concentrations are low, an essentially correct value of y, can
be obtained by the following less tedious calculation. Table 3.1 shows

Fga Fga Fia
a=—""—= k.a=
k, pB,M/P‘ (l _)').M (l _x)iu
At point A on the operating line, 1 -y =1 —0.02 =098, 1 — x = | — 0.1063 = 0.8937. As
an approximation, these can be taken as (1 — y),,, 2nd (I -~ x),y, respectively. Then

ka = 0‘00;;9 = 00734 kmol/m? - s - (mole fraction)

0.01377
0.9837

In accordance with Eq. (5.2), —k.a/k,a = — 0.01541/0.0734 = — 0.210, and if a straight line
of this slope is drawn from point A, it intersects the equilibrium curve at y, = 0.01585. Curve
A4B, in other words, is nearly a straight line of stope —0.210. The ervor by this method becomes
even less at lower concentrations.

Where the F’s must be used, it is sufficient to proceed as follows. In Fig. 8.18, draw the
vertical line AC to intersect with the horizontal line CB, thus locating the intersection at C.
Repeat the calculation at two other locations, such as at D and £, and draw the curve EDC.
Interfacial concentrations G corresponding to any point F on the operating line can then be
obtained by the construction shown on the figure leading to the point G.

In a similar manner the tabulated values of y, were determined

= (.01541 kmol/m3- s - (mole fraction)

lam

y Y, Iy log y

0.00102 0.000784 432 -2.9999 = log y,
0.00356 0.00285 5.02 —2.4486

0.00692 0.00562 5.39 —-2.159

0.01025 0.00830 5.26 —1.9893

0.01356 0.01090 5.10 —1.8687

0.01685 0.01337 4,84 —1.7734

0.0200 0.01580 4.76 ~ 1.6990 = log y,

Since the mass-transfer coefficients are essentially constant, Eq. (8.28) will be used to
determine N,. From the data of the above tabulation, the curve for graphical integration of
Eq. (8.28) is plotted in Fig. 8.19. The area under the curve (to the zero ordinate) is 6.556. Then
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6
y f\
7% S
4
-30 -25 -2.0 j -1.5
\'09 r2 log y log

Figure 8.19 Graphical integration for Illustration 8.6.

by Eq. (8.28),

0.00102
Ny = 2.303 (6.556) + 1.152 1OEW 15.11

The average gas rate is
0.01075 + 0.01051/ (1 — 0.00102)

= = 2,
G 2(0.1746) 0.0609 kmol/m?- s
Eq. (8.24):
G 00609
He =5 = gomg ~ 0847 m

Z = HgN, = 0847 (15.11) = 12.8 m packed depth  Ans

Note: The circumstances are such that, for this problem, the simpler computations of
Illustration 8.7 are entirely adequate. The method used above, however, is suitable for solutions
of any concentration and where the equilibrium curve is not straight. If flow rates vary
appreciably from top to bottom of the tower, so that mass-transfer coefficients vary, this is
easily allowed for in determining y;. In such cases, Eq. (8.20) would be used to compute Z.

Overall Coefficients and Transfer Units (m = dy;/dx; = const)

For cases where the equilibrium distribution curve is straight and the ratio of
mass-transfer coefficients is constant, it was shown in Chap. 5 that overall
mass-transfer coefficients are convenient. The expressions for the height of

packing can then be written - 4)in 1 an ot Axte

zZ= N,OGH WA Atan OF ( (8.33)

i =Py & lm aglé
Nioa = f (l —y)(y y) Y (839

st dy 1 -y,
Noe = +1in 8.35
t0G s y — yt 2 1 — ¥ ( )
(o dy W 1+ Y,

Nips = fn oy iy (8.36)
Hyog = 7o ¢ ¢ (8.37)

Foga - Ka(l — y)ap B Kgap,(1 — »)uy



Here y* (or Y*) is the solute concentration in the gas corresponding to
equilibrium with the bulk liquid concentration x (or X), so that y — y* (or
Y — Y*) is simply the vertical distance between operating line and equilibrium
curve, (I — p),,, is the logarithmic average of 1 — y and 1 — y*. These methods
are convenient since interfacial concentrations need not be obtained, and Eq.
(8.36) is especia]ly convenient since the operating line on X, Y coordinates is
straight. N, is the number of overall gas transfer units, H,,. the height of an
overall gas transfer unit.

Equations (8.33) to (8.37) are usually used when the principal mass-transfer
resistance resides within the gas. For cases where the principal mass-transfer
resistance lies within the liquid, it is more convenient to use

zZ= NIOLHtOL (8.38)
x — X)up dX

f (1 T 9= (8.39)

N "fxl-—dx T L]} 8.40
oLz ) X —x 2nl_x2 (8.40)

_rx dx 1+ X,

NoL = v, X=X + 3ln ¥ X, (8.41)
HoL = L _ L = L (8.42)

Fora  K,a(l — x)uy  Kiac(l — x)uy,
O, 4 Wima e pni v

vy nf |-
Dilute Solutions (';3 '(Ti&j 4
The computation of the number of transfer units for dilute mixtures can be
greatly simplified. When the gas mixture is dilute, for example, the second term
of the definition of N,,; [Eg. (8.35)] becomes entirely negligible and can be
discarded

k43
Moo = [ 2 (8.43)

If the equilibrium curve in terms of mole fractions is linear over the range of
compositions x, to x,, then

yr=mx+r (8.44)

If the solutions are dilute, the operating line can be considered as a straight line
as well

L
y =gl —x) + 5 (845)

so that the driving force y — y* is then linear in x

y—y*=gx+s (8.46)
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where ¢, r, and s are constants. Therefore Eq. (8.43) becomes
Moc=<£ Y _dx _L =y _ LA
GJ, ex*ts G (y=y0 _G=y)N=-0=-r%
In[(y =yN/(y = y*)]
(8.47)

(8.48)

_(C 9 T Ytvak anaviee
% (= Wi dg felcl
where ( = 7" is the logarithmic average of the concentration differences at

the ends of the tower. This equation is sometimes used in the famihar rate form
obtained by substituting the definition of N,5¢

Gy, — y2) = KsaZp(y — y*)m (8:49)

Nl

Dilute Solutions, Henry’s Law

If Henry’s law applies [r of Eq. (8.44) = 0], by climination of x between
Egs. (8.44) and (8.45) and substitution of y* in Eq. (8.43) there results for

absorbers [9]
Yio-my /1 1
ln[y_—_z—m.xz(] A)+A]

1—1/4

Nipg = (8.50)

where 4 = L/mG, as before. For strippers, the corresponding expression in
terms of N,,, is similar

X, =y /m

In| 2——(1-4)+ 4

Erai
1— A4

These are shown in convenient graphical form in Fig. 8.20.

(8.51)

NoL =

Graphical Construction for Transfer Units [2]

Equation (8.48) demonstrates that one overall gas transfer unit results when the
change in gas composition equals the average overall driving force causing the
change. Consider now the operating diagram of Fig. 8.21, where line XB has
been drawn so as to be everywhere vertically halfway between the operating line
and equilibrium curve. The step CFD, which corresponds to one transfer unit,
has been constructed by drawing the horizontal line CEF so that line CE = EF
and continuing vertically to D. y; — y, can be considered as the average driving
force for the change in gas composition y, ~ y, corresponding to this step.
Since GE = EH, and if the operating line can be considered straight, DF =
2(GE) = GH, the step CFD corresponds to one transfer unit. In similar fashion
the other transfer units were stepped off (JK = KL, etc.). For computing N,,,,
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Figure 8.21 Graphical determination of transfer
r=mole froction of solute in liquid units.

the line KB would be drawn horizontally halfway between equilibrium curve
and operating line and would bisect the vertical portions of the steps.

Overall Heights of Transfer Units

When overall numbers of transfer units are appropriate, the overall heights of
transfer units can be synthesized from those for the individual phases through
the relationships developed in Chap. 5. Thus, Eq. (5.254), with m’ = m" = m =
const, can be written
G G(l — »)im mG L (11— x)iy
= +— = —a 8.52
Foga  Fga(l = y)epy L Fra (1= y)y (8.52)

whence, by definition of the heights of transfer units,

(1 .Y):M (l x):M
H, .= H, + —————H 8.53
10G G (I _y)*M 'L (1 _ y)*M ( )
If the mass-transfer resistance is essenlially all in the gas, y;, =~ y*, and
(l X)im
Hoo = Hg + 22 H . 8.54
106 — 4G IL(] —'.V)tM ( )

and, for dilute solutions, the concentration ratio of the last equation can be
dropped. In similar fashion, Eq. (5.264) yields

H,0L=H (l X)AM + L H (] y)IM (8.55)

L= X)apy MG (1 = x)upy
and if the mass-transfer resistance is essentially all in the liquid,

— i (l y)l[ol
HIOL HtL + mG HIG(l _ x).M (8’56)



The concentration ratio of the last equation can be dropped for dilute solutions.
Data for the individual phase coefficients are summarized for standard packings
in Chap. 6.

moles benzene / mole dry gas

Y

Hlustration 8.7 Repeat the computation of Ilustration 8.6 using the simplified procedures for
dilute mixtures.

SoLuTION

Number of transfer units () Use Eq. (8.48). y, = 0.02, x; = 0.1063, y} = nux, = 0.125 (0.1063)
= 0.01329, (y — p*), = 0.02 — 0.01329 = 0.00671. y, = 0.00102, X, = 0.0050, y} = mx, =
0.125 (0.008) = 0.000 625, (y — y*), = 0.00102 — 0.000 625 = 0.000 395.

0.00671 — 0.000 395

O =7 W = 1 (0.0067170.000 395) — *%022
0.02 — 0.00102
NAOG = W = 8,51 Ans.
(b) Eq. (8.50) or Fig. 8.20: av A = 1.424 (IMustration 8.3).
Y2 — mx;  0.00102 — 0.125 (0.005) _ 0.0204

¥, = mx, 002 — 0.125 (0.005)

From either Eq. (8.50) or Fig. 8.20, N,o = 9.16. Ans.

(¢) The graphical construction for transfer units is shown in Fig. 8.22. The mole-ratio
coordinates are satisfactory for dilute mixtures {(even though Fig. 8.21 is drawn for mole
fractions), and the operating line and equilibrium curve were redrawn from Fig. 8.10. The line
BD was drawn everywhere verticaily midway between operating line and equilibrium curve and

0024 ’—

0.0201

0016~

Q.012 1~

Operating hne
0.008— Vs X Equilibrium curve
6 / Yo X
0004~
(X055}
0 L I | _1 1
o} 0.02 004 006 008 010 012 014

X=moles benzene / mole wash oil

Figure 8.22 Solution to Illustration 8.7,
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the transfer-unit steps were constructed by making the horizontal line segments such as AB and
BC equal. The number of transfer units required is 8.7. Ans.

(d) Eq. (8.36). From Fig. 8.10, for each value of X, values of Y are read from the
operating line DF and Y* from the equilibrium curve (or they can be computed from the
equations of these lines).

X Y Y* !

Y- Y*
X, = 0.00502 0.00102 0.000625 2531
0.02 0.00357 0.00245 893
0.04 0.00697 0.00483 467
0.06 0.01036 0.00712 309
0.08 0.01376 0.00935 227
0.10 0.01714 0.01149 1770
X, =0.1150 0.0204 0.01347 1443

The integral of Eq. (8.36) can be evaluated graphically from a plot of 1/(Y — Y*) as ordinate
vs. Y as abscissa or, following the suggestion of Eq. (8.28), from a plot of Y/(Y — Y*) as
ordinate vs. log Y as abscissa. The integral term is then 8.63. Then

1 + 0.00102
1L T ORYS
N,og = 8.63 +}In T+ 0.020 8.62 Ans.

Helght of a transfer unit Since the solutions are dilute, Eq. (8.54) becomes

mTG HIL + HIG + %

From lllustration 6.4, Fga = 0.0719 kmol/m*: s, and Fya = 0.01377 kmol/m®-s. Av G =
0.0609 kmol/m?- s (Illustration 8.6). Av L = (1.787 X 1073) [(} + 0.1190) + (1 + 0.00503)}/
2(0.1746) = 0.01087 kmol/m? - 5. Eq. (8.24):

Hyog = Hg +

G 00609
He = 72 = o715 ~ 0847 m
Eq. 831):
_ L _ 001087 _
He=%2~ 500377 ~ 0718
H,og = 0847 + 2203 = 1401 m

Z = HypoNipg = 1401 (9.16) = 1283 m  Ass.

Nonisothermal Operation

All the relationships thus far developed for packed towers are correct for either
isothermal or nonisothermal operation, but for the nonisothermal case they do
not tell the entire story. During absorption, release of energy at the interface due
to latent heat and heat of solution raises the interface temperature above that of
the bulk liquid. This changes physical properties, mass-transfer coefficients, and
equilibrium concentrations. More subtle side effects associated with volume
changes and contributions of thermal diffusion can enter the problem [4, 5, 11,
42]. As a practical matter, where the energy release is large, as in absorption of



HCI1 or nitrogen oxides into water, unless vigorous attempts to remove the heat
are made, the temperature rise limits the ultimate concentration of the product
solution [23].

For relatively dilute solutions, a conservative approximation can be made
by assuming that all the heat evolved on absorption is taken up by the liquid,
thus neglecting the temperature rise of the gas. This results in a liquid tempera-
ture higher than that which is likely, leading to a tower taller than need be. A
somewhat more correct but still approximate approach neglects the thermal- and
mass-transfer resistances of the liquid [38]. The method which follows allows for
these resistances and also for the simultaneous mass transfer of solvent, which in
the warm parts of the tower evaporates and in the cooler parts recondenses [41].
It has been experimentally confirmed [36].

Adiabatic Absorption and Stripping

Because of the possibility of substantial temperature effects, allowance must be made for evapora-
tion and condensation of the liquid solvent. For this problem, therefore, the components are defined
as follows:

A = principal transferred solute, present in gas and liquid phases
B = carrier gas, not dissolving, present only in gas
C = principal solvent of liquid, which can evaporate and condense; present in gas and liquid phases

Refer to Fig. 8.23, a schematic representation of a differential section of the packed tower [41). For
convenience, the phases are shown separated by a vertical surface. Enthalpies are referred to the
pure unmixed components in their normal state of aggregation at some convenient temperature /g
and the tower pressure. Liquid enthalpies are given by Eq. (8.12), expressed per mole of solution

H, = C (1 — 1) + AHg (8.12)
dH, = C, di, + dAH (8.57)
Gas enthalpies are expressed per mole of carrier gas B
Hg = Cyltg — fo} + YalCalts = to) + Aao) + Yl Celtc — 1) + Acol (8.58)
dHg = Cgdig + Y \Cu dig + [Co(tg ~ 1p) + Naol dY 4 + Y Cr dig + [Celtg — to) + Aco) dYc
(8.59)

If solute A is a gas at fo, A ,q is taken as zero.

Transfer rates The fluxes of mass and heat shown in Fig. 8.23 are taken as positive in the direction
gas to liquid, negative in the opposite direction. The relationships developed below are correct for
any combination of them. Consider the gas phase: solute A and solvent vapor C may transfer, but
Ng = 0.

R _
Naa dZ = R F, A(ln%—& )a dZ = ~ Gy dY, (8.60)
AT VA
g Re = ye,
and NcadZ = RcFse ]n—R—-— adZ = —GgdYe (8.61)
c " Yc

where Ry = No/(Np + Nc), Rc = Ne/(N, + Ne). Since the fluxes N, and N may have either
sign, the R’s can be greater or less than 1.0, positive or negative. However R, + Rc = 1.0. The
heat-transfer rate for the gas is

gga dZ = hga(tg — 1) dZ (8.62)



where hg is the convection coefficient corrected for mass transfer. Similarly for the liquid,

NpadZ = RAF,__A(ln

Nea dZ = RGF, C(ln
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M)adz
R = xa;
Re — x¢ )
———— |adZ
Re = xc,;

qadZ = ha(t, —1,)dZ

Mass balance Refer to envelope 111, Fig. 8.23.
L+dL+G=L+G+dG

Since

then

dL = dG
G= Gyl + Yp + Yo)
dL = Gy(dY, + dY¢)

(8.63)

(8.64)

(8.65)

(8.66)

Enthslpy balances The balance for the gas employs envelope I, Fig. 8.23, which extends to, but does

not include, the interface

Rate enthalpy in = GgH;
Rate enthalpy out = Gg(Hg + dHg)— Gy dY \[Caltc — 10) + Aag)

~GpdYclCelte — to) + Aol

The last two terms are the enthalpies of the transferred mass. At steady state,

Rate enthalpy in — rate enthalpy out = rate of heat transfer

Interface
surface =a dZ

/ A g +dG
L+d,
iy ;’1 +av,
x, +dx ctdYe
e dxe Ig +dig
f +af, Hivdhl m
H, +adH, G G /
— Z+dZ
Y/
1 XAl \j 1) 1
X [ Iui ’
et
Ny N
Ne Ne
q ¢
J |\
L z

L = moles/time

1y = temperature
H, = enthalpy,

X, Xc = mole fractions

energy/mole solution

G = moles/(time) (area), total gas
Gpg = moles/(time) (area), carrier gas
Ya» ¥c = mole fractions

Y4, Yc =moles/mole B

Hp = enthalpy, energy/mole B

Figure 823 Differential section of a packed absorber or stripper.

(867)

(8.68)



Substitution of Egs. (8.62), (8.67), and (8.68), with Eqg. (8.59) for Hy, then results in
— Gg(Cg + Y,Cp + YeCo) dlg = hza(ts — 1) dZ (8.69)
Similarly for the liquid. Envelope II extends to, but does not include, the interface
Rate enthalpy in = (L + dL)(H, + dH,) + (N\H, ; + NcHe,;)a dZ (8.70)

I_I-L ; is the partial enthalpy of a component J (= A, C) in solution at temperature ¢, concentration
X, » and the last term is the enthalpy of the substance transferred from the gas

Rate enthalpy out = LH, (8.71)
At steady state,

Rate enthalpy out = rate enthalpy in + rate of heat transfer
Substituting Eqgs. (8.12), (8.57), (8.60), (8.61), (8.65), (8.66), (8.70), and (8.71) and dropping the
second-order differential dH dL results in

L(C, dty + dAHg) = Go{ — [C(1, — to) + AHs)(dY, + dYo) + Hy ,dY, + He, ch}

—hpa(t, — ¢,) dZ (8.72)

Finally, an enthalpy balance using envelope 111 is
Rate enthalpy in = GgH; + (H, + dH)(L + dL) (8.73)
Rate enthalpy out = LH; + Gy(Hg + dHg) (8.74)

At steady state,
Rate enthalpy in = rate enthalpy out
Substituting Eqs. (8.12), (8.57), (8.59), (8.66), (8.73), and (8.74) and ignoring dH, dL produces
L(Cp dty + dAHg) = Gy{Cpdtg + Y, Cp dlg + [Calte = to) + Aol dY 4
+YcCedlg + [Celts = 10) + Acol dYc
= (dY, + dYQ)[C (1 — to) + AH ]} (8.75)

Interface conditions Equating the right sides of Eqs. (8.72) and (8.75) provides the interface
temperature

G - dY,
b=t s {[Fa, - Cults = 19— o] 2

+[ﬁc.: ~ Ccltg = 1) = )‘oo]djyzg

ar,
—(Ca+ Y Cp+ YcCc)gzi} (8.76)
The gradients for this expression are provided by Eqs. (8.60), (8.61), and (8.69):

dY, _ R,\Fg Aaln Ra = ya.i

=z =" ~ 6 Rn =y, 8.7
d¥c  _ReFgca) Re—ye
7 G In Re = e (8.78)
dig hza(te — 1)
3Z ™ " Go(Ca + YACh+ 7T 79
The interface conditions are obtained from Eqgs. (8.60) and (8.63) for A
R, -~ x Fa/Fe.a
Yai= Ry — (R~ yd) “’_A‘_—A— (8.80)
Ry — x4,
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Similarly for C

- Frc/fec
Re ~ xc ) (8.81)

Yei=Rec—(Re - )’c)(ﬁ

These are solved simultaneously with their respective equilibrium-distribution curves, as described in
Chap. 5 (see IHustration 5.1). The calculation is by trial: R, is assumed, whence Rc = 1 — R, and
the correct R's are those for which x, , + xc , = 1.0. ’

The partial enthalpies of Eq. (8.76) can be obtained in a number of ways, e.g., from
activity-coefficient data {12) or from integral heats of solution by the method of tangent intercepts
[22, 40). Since, however, the equilibrium partial pressures of components A and C from these
solutions are required over a range of temperatures in any event, the simplest procedure is that
described earlier in connection with Fig. 8.2 and Eq. (8.3). For ideal solutions, 17, ; is the enthalpy of
pure liquid J at 4 for all x; ;.

Mass-transfer coefficients must be those associated with the individual liquid and gas phases:
overall coefficients will not serve. The correlations of Chap. 6 will provide these for Berl saddles and
Raschig rings, and additional data are summarized in Ref. 14. The k-type cocfficients are not
suitable because in some cases the transfer is opposite the concentration gradient, but &’s can be
converted into F's (Table 3.1). Similarly data in the form of H,’s can be converted into Fa [Egs.
(8.24) and (8.31)). Heat-transfer coefficients can be estimated, if not otherwise available, through the
heat- mass-transfer analogy. For the gas, the correction for mass transfer {Eq. (3.70)] provides

_ —Gp(Cu dY\/dZ + CcdYe/d2)
T — exp|Gp(Ca dYA/dZ + Ce d¥c/dZ)]hgA)

hea (8.82)

A corresponding correction for the liquid, which would involve changing AHg with concentration, is

not available, but 4, is usually sufficiently large to make a correction unimportant. Mean diffusivi-

ties for three-component gas mixtures are estimated through application of Eq. (2.35), which reduces
to

R -
D, = A" Ja (8.83)
R(ya +yA+yc)_yA .
A DAE DAC 'DAC
Rc —yc
D, = 8.84
R (y_uu)_y_c @89
A\ Dcy Dpc Dac

In the design of a tower, the cross-sectional area and hence the mass velocities of gas and liquid
are established through pressure-drop considerations (Chap. 6). Assuming that entering flow rates,
compositions, and temperatures, pressure of absorption, and percentage absorption (or stripping) of
one component are specified, the packed height is then fixed. The problem is then to estimate the
packed height and the conditions (temperature, composition) of the outlet streams. Fairly extensive
trial and error is required, for which the relations outlined above can best be solved with a digital
computer [15, 36). Computer calculations can also be adapted to the problem of multicomponent
mixtures [15). The procedure for the three-component case is outlined in the following example [41].

Illustration 8.8 A gas consisting of 41.6% ammonia (A), 58.4% air (B) at 20°C, | std atm,
flowing at the rate 0.0339 kmol/m?- s (25 Ib mol/ft?- h), is to be scrubbed countercurrently
with water (C) entering at 20°C at a rate 0.271 kmol/m?+ 5(200 1b mol /ft? - h), to remove 9%
of the ammonia, The adiabatic absorber is to be packed with 38-mm ceramic Berl saddles.
Estimate the packed height.

SOLUTION At 20°C, C, = 36 390, Cp = 29 100, Cc = 33 960 J/kmol - K. A = 44.24 X 10®
J/kmol. These and other data are obtained from “The Chemical Engineers’ Handbook” (31},
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Enthalpy base = NH, gas, H,O liquid, air at 1 std atm, fy = 20°C. A,q =0, Ay = 44.24 X 10°
J /kmol.

Gas in:
Gp = 0.0339(0.584) = 0.01980 kmmol air/m?- s

0.416
Ya =’0‘416 Yo= T-0416

ye=Yc=0 Hz=0

= 0.7123 kmol NH,/kmol air

Liquid in:
L=0271kmol/m?s x,=0 x.=10 H, =0

Gas out:
Y, = 0.7123(1 — 0.99) = 0.007 123 kmol NH,/kmol air

Assume outlet gas ¢ = 23.9°C (1o be checked)

Assume y = 0.0293 (saturation) (to be checked)
Ye .
yc= m YC = (.0304 kmol Hzo/kmol air
Eq. (8.58):
H{ = 1463 kJ /kmol air
Liquid out:
H,0 content = 0.271 — 0.03040(0.01980) = 0.2704 kmnol/m?- s
NH, content = 0.01980(0.7123 — 0.007 123) = 0.01396 kmol/m?- s

L = 0.2704 + 0.01396 = 0.2844 kmol/m?- s

0.01396
0.2844

Atx, = 0.0491, r, = 20°C, AHg = —1709.6 kJ /kmol solution [24]

X\ =

=00491  xc = 09509

Conditions at the bottom of the tower Enthalpy balance, entire tower:

Enthalpy gas in + enthalpy liquid in = enthalpy gas out + enthalpy liquid out
0 + 0 = 0.01980(1 463 000) + 0.2844[C, (¢, — 20) — 1 709 600)

The value of C,, obtained by trial at (1, + 20)/2, equals 75 481 J/kmol - K, whence 1, = 41.3°C.

For the gas, Mg, ,, = 24.02, p; = 0.999 kg/m® pg = 1.517 X 1075 kg/m +s, k (thermal
conductivity) = 0.0261 W/m - K, G = 1336 J/kg - K; D,y = 2.297 X 1075 m3/s, D¢ = 3.084 X
10=% m2/s, Dcp = 2.488 X 10™° m?/s, Prg = 0.725.

For the liquid, M, ,, = 1797, p, =953.1 kg/m’ p, = 6408 X 10~* kg/m-s, D,, =
3.317 X 10~? m?/s, k (thermal conductivity) = 04777 W/m - K; S¢; = 202, Pr, = 5.72.

The mass velocities at the botiom are G* = GM; ,, = 0.0339(24.02) = 0.8142 kg/m?- s, and
L'= LM, ,, = 0.2844(17.97) = 5.11 kg/m?- s. From the data of Chap. 6, dg = 0.0472 m, a = 57.57
m?/m?, g, = 0.054, ¢ = 0.75, and ¢, , = 0.696 (Chap. 6 notation).

Eq. (6.72): k, = 3.616 X 10~ kmol/m?- 5 - (kmol/m?). Table 3.1: F; = k,c,c=p, /M, =
953.1/17.97 = 53.04 kmol/m’. Therefore F, = 0.01918 kmol/m?- 5. The heat-mass-transfer anal-
ogy used with Eq. (6.72) provides

hydg ds L'\
whence, with k = 0.4777 W/m - K, h, = 8762 W/m?- K. The heat-transfer analog of Eq. (6.69) is
h d.G’ -0.36
S Pri/d = 1195 _ &G
GG ro(l = eL,)
from which A; = 62.45 W/mz' K.
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To obtain the gas mass-transfer coefficients, the mean diffusivities of A and C, and hence R,
and Rc, must be known. Assume R, = 1.4, whence Re =1 — 14 = — 04. With y, = 0416,
yp = 0.584, yc = 0, Eqs. (8.83) and (8.84) yield D, , = 2387 X 10~° m?/s and D ,, = 2.710 X
107% m?/s. Therefore Scg A = p6/PGDa. m = 0.636, Scg ¢ = 0.560. Eq. (6.69): Fg p = 2.13 X
1073 kxmol/m?- 5, Fg ¢ = 2.32 % 1073 kmol/m?- 5. Eqs. (8.80) and (8.81) then become

4 - 0. 1 0.01918/2.13% 10™?

Yai=14— (14— 0Ale)(%] (8.85)
—0.4 — 0.9509 0.04918/2.32 103

Vo= —04 - (—0.4—0)(W) 36)

These are to be plotted to obtain the intersections with their respective distribution curves at
temperature 4. Equilibrium data for NH; and H,O vapors in contact with solutions are plotted in
Figs. 8.2 and 8.24, with water as reference substance.

After one trial, assume £; = 42.7°C, to be checked. The data of Figs. 8.2 and 8.24 are used to
draw the equilibrium curves of Fig. 8.25, and Eqgs. (8.85) and (8.86) are plotted on their respective
portions. Similarly the counterparts of these equations for R, = 1.3, Re = — 0.7 and R, = 1.5,
Rc = — 0.5 are plotted. By interpolation, the intersections of the curves with the equilibrium lines
satisfy x, ; + xc,; = 1.0 for R, = 1.38, Rc = — 0.38, and x, ; = 0.0786, y, ; = 0210, and xc ; =
0.9214, yc ; = 0.0740.

Eq. (8.77): dY, /dZ = - 1.706 (kmol H,O/kmol air)/m. Eq. (8.78): dY/dZ = 0.4626 (kmol
H,0/kmol air)/m. Eq. (8.82): hja = 4154 W/m’ - K. Eq. (8.79): dt;/dZ = 86.5 K/m.

100
. 7/
2%
40 /////
// //

Mote fraction /
20 —H,0in liquid = 1.0 a4

L. A
0.90 /< A 3
. // / / 0.75
Y4
2%
/

Partial pressure H,0, mmHg

4 6 8 10 20 40 60 100
Vapor pressure H, 0, mmHg

Figure 8.24 Equal-temperature reference-substance graph for partial pressures of water over aqueous
ammonia solutions. Reference substance is water.
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Figure 8.25 Determination of interface conditions, Ilustration 8.8.

When the curves of Figs. 8.2 and 8.24 are interpolated for concentrations x, ; and xc ; the
slopes arc 1), , = 0.771 and mg , = 1.02. At 42.7°C, A0 = Ac = 43.33 X 10° J/kmol. Then Eq.
(8.3) for A:

H,,, = 36 390(42.7 — 20) + 0 — 0.771(43.33 X 10%) = —32.58 X 10° J /kmol

Similarly for C: He ; = 0.784 X 10° J/kmol. Eq. (8.76): ; = 42.5°C, which is sufficiently close to
the 42.7°C assumed earlier.
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An intercal of AY, up the tower Take a small increment in AY,. For a desk calculator, AY, =
— 0.05 is suitable (for a digital computer, —0.0] would be more appropriate). Then AZ o=
AY,/(dYA/dZ) = — 0.05/(—1.706) = 0.0293 m. At this level,
Y neut = Ya + AY, = 0.7123 — 0.05 = 0.6623 kmol/kmol air
Yo nem = Yo+ AYc = Y + (dYc/dZ) AZ = 0 + 0.4626(0.0293) = 0.01355 kmol H,0/kmol air
L6, net = Ig + (dig/dZ) AZ = 20 + 86.5(0.0293) = 22.53°C
Lo =L+ Gg(AY, + AYc) = 0.2837 kmol/m?- s

Gy AY, + Lx
XA, next ™ B—LA‘—Q = 0.0457 mole fraction NH;
nex|

H{ nexy = 1.33 X 10° J /kmol air

GB(”&. next H(:‘, (op) -

7 —4.868 X 10° J /kmol

HL. next ™ (LHL)top +
next

The previous computations can now be repeated at this level, leading ultimately to a new AY,. The
calculations are continued until the specified gas outlet composition is reached, whereupon the
assumed outlet gas temperature and water concentration can be checked. The latter are adjusted, as
necessary, and the entire computation repeated until a suitable check is obtained. The packed depth
required is then the sum of the final AZ's. The computations started above lead to Z = 1.58 m,
I = 23.05°C. The final results are shown in Fig. 8.26 [26]. Water is stripped in the lower part of the
tower and reabsorbed in the upper part.
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Figure 8.26 Temperature profiles, Illustration 8.8.



In the course of such calculations, it may develop that the direction of mass transfer of the
solvent liquid, especially as a vapor in the gas phase, is againss the concentration gradient. This is
entirely possible (see Chap. 2) and is one of the reasons why F-type (rather than k-type) mass-trans-
fer coefficients are essential. The bulk-gas temperature must never be less than the dew point, since
this will lead to fog formation for which the computations do not allow. A larger liquid rate, with
consequently lower liquid temperatures, will result in less solvent vaporization and less likelihood of
fog formation.

MULTICOMPONENT SYSTEMS

Except for the consideration of solvent vaporization in the above discussion of
adiabatic packed towers, it has thus far been assumed that only one component
of the gas stream has an appreciable solubility. When the gas contains several
soluble components or the liquid several volatile ones for stripping, some
modifications are needed. The almost complete lack of solubility data for
multicomponent systems, except where ideal solutions are formed in the liquid
phase and the solubilities of the various components are therefore mutually
independent, unfortunately makes estimates of even the ordinary cases very
difficult. However, some of the more important industrial applications fall in the
ideal-solution category, e.g., the absorption of hydrocarbons from gas mixtures
in nonvolatile hydrocarbon oils as in the recovery of natural gasoline.

In principle, the problem for tray towers should be capable of solution by
the same tray-to-tray methods used in Illustration 8.4 for one component
absorbed, through Eqs. (8.11) to (8.15). These expressions are indeed valid. If, as
with one component absorbed, computations are to be started at the bottom of
the tower, the outlet liquid temperature and composition must be known. This,
as before, requires that the outlet gas temperature be estimated, but in addition,
in order to complete the enthalpy balance of Eq. (8.11), also requires that the
complete outlet gas composition with respect to each component be estimated at
the start. Herein lies the difficulty.

The quantities which are ordinarily fixed before an absorber design is
started are the following:

1. Rate of flow, composition, and temperature of entering gas

2. Composition and temperature of entering liquid (but not flow rate)
3. Pressure of operation

4. Heat gain or loss (even if set at zero, as for adiabatic operation)

Under these circumstances it can be shown [30] that the principal variables still
remaining are:

1. The liquid flow rate (or liquid /gas ratio)
2. The number of ideal trays
3. The fractional absorption of any one component
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Any two of these last but not all three can be arbitrarily fixed for a given design.
When two have been specified, the third is automatically fixed, as is the extent
of absorption of all substances not already specified and the outlet-stream
temperatures. For example, if the liquid rate and number of equilibrium trays
are specified, the extent of absorption of each substance of the gas is automati-
cally fixed and cannot be arbitrarily chosen. Or if the liquid rate and extent of
absorption of one substance are specified, the number of equilibrium trays and
the extent of absorption of all components are automatically fixed and cannot
be chosen.

As a result, for the tray-to-tray calculations suggested above, not only must
the outlet gas temperature be guessed but also the complete outlet gas composi-
tion, all to be checked at the end of the calculation. This becomes so hopeless a
trial-and-error procedure that it cannot be done practically without some gui-
dance. This is provided through an approximate procedure, either that offered
by the Kremser equations, which apply only for constant absorption factor, or
through some procedure allowing for variation of the absorption factor with tray
number. To establish the latter, we first need an exact expression for the
absorber with varying absorption factor. This was first derived by Horton and
Franklin [21] as outlined below.

Refer to Fig. 8.27, which shows a multitray absorber or stripper. Since all components can transfer
between gas and liquid, thers may be no substance which passes through at constant rate in the gas,
for example. It is convenient, therefore, to define all gas compositions in terms of the entering gas
and similarly all liquid compositions in terms of the entering liquid. Thus, for any component in the
liquid leaving any tray n,

, _ moles componentin L, /time  x,L,
o= L "L

and for any component in the gas G,,

moles component in G, /time  y,G,

Y,

GN,+1 GN,-H

where x and y are the usual mole fractions.

The equations which follow can all be written separately for each component. Consider the
tower of Fig. 8.27 to be an absorber. A material balance for any component about equilibrium tray n
is

Lo(Xy — Xio1) = Gy, 4 (Yaey — 1) (8.87)
The equilibrium relation for the equilibrium tray ist
Y = My, (8.88)
or, in terms of the new concentrations,
Gy, +1 L,
Y, —— = m X, 8.89
g =X (3.89)

t The ratio y/x at equilibrium js usvally written as X, but here we use m to distinguish this from
the mass-transfer coefficients.
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Similarly, for tray n — 1,
, Gn+1
n-1 G,,_
Solving Eqs. (8.89) and (8.90) for the X's, substituting in Eq. (8.87), and rearranging, we have
Yaer + AniYao)
1+ 4,

1 X (8.90)

_.LO_
“]Ln—l

Y, = (8.91)
where 4, = L, /m,G, and A, = L,_,/m,_,G,.., are the component absorption factors on the
two trays.

If the absorber contained only one tray (n = 1), Eq. (8.91) would read

,_ Yi+ AgYy
e (8.92)
From Eq. (8.30)
Ly Gy _ mpXoGo
Y. = ' 0 = 8.93
6= X G~ Gy @%9)
Ly mpX3Gy (o
and AoYy = = 8.94
070 " myG, Gy, 41 G-y .54
Substituting this into Eq. (8.92) provides
Y3+ LoXg/ Gy, 41
A (8.95)
If the absorber contained two trays, Eq. (8.91) with n = 2 would become
y; = Bt AT (896)

T+ 4,
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Substituting Y| from Eq. (8.95) and rearranging gives
_ A+ DY+ A LoXo/ Gy, 41

2 AAy + A, + 1 (8.97)
Similarly, for a three-tray absorber,
A A, + Ay + DY+ A4 o/ G,
¥; = (4142 2+ 1DYS A2 LoX5/ N, +1 (8.98)

A\AsAs + ApAs + A3 + 1
and for N, trays,
(A1 Axdy - - Ay H Agdy - Ay ko Ay F 1)

X Y5 oot Aidy- - Ay 1 LoXo/ Gy 41
AAoAy - Ay, ¥ AgAy - Ay o Ay F 1

(8.99)

In order to eliminate Yy, which is inside the absorber, a component material balance about the
entire absorber,

Lo(Xf, = X3) = Gu sr(Ya ey — Yi) (8.100)
and Eq. (8.89) for n = N,

L, Gy, Lo

A 7 - 101
Vi, = m X, Ly, Gy «1 ApnGr, 4 (.10D

are solved simultaneously to eliminate X, the result substituted for ¥ in Eq. (8.101), whence
rearrangement yields

Yier - Yi AAyAy - Ay + AyAy- Ay + ot Ay

Vi ot Ay Ay Ay Ay Ay o Ay +
Ly AyAsAy - Ay, + Ay Ay Ay + e +Ay +1
Gy, 1 Yi a1 Aydgdy - - Ay + AyAy - Ay + -0 + Ay + 1
(8.102)

Equation (8.102) is an expression for the fractional absorption of any component, exact because it is
based only upon material balances and the condition of equilibrium which defines an ideal tray.
A similar expression for strippers is

X;=Xi, 1SSy * 88 Syt 4S8
X; 5,5, Sy ¥ 515 Syt A8+ 1

Gry 1 Yhat S8y Sy, + 818+ - Sy, -+ +§ +

1
LoXg  5:8;- 8w + 88y - Sy o 48+ 1 (8.103)

In order to use Egs. (8.102) or (8.103), the L/ G ratio for each tray and the
tray temperatures (Which determine the m’s) are required to compute the A’s or
the S’. If the liquids are not ideal, m for any component on any tray
additionally depends upon the complete liquid composition on the tray. The
same is true for the gas compositions under conditions for which the gas
solutions are not ideal. The equations are practically useful, therefore, only for
ideal solutions.

As an approximation (21}, the gas rate G, for tray n of an absorber can be
estimated on the assumption that the fractional absorption is the same for each



tray:

G G, \'™
L 8.104
Gou, (GN,H) (8104
G (N, +L—n)/N,
or G,,zGNH( G ) (8.105)
N+

The liquid rate L, can then be obtained by material balance to the end of the
tower. Similarly in strippers,

LN n/N,

> 8.106
) (8106
where G, is determined by material balance. If the molar latent heats and heat
capacities are all alike for all components, and if no heat of solution is evolved,
the temperature rise on absorption is roughly proportional to the amount of
absorption, so that, approximately,

L, ~ Lo(

GN’+[ - Gn+| IN’ - tn

~~ 8.107
Gy, 41— G Iy — 1o ( )

and similarly for stripping,
Lo nad L

n

Ly— Ly~ to— Iy

fo = b (8.108)

In order further to simplify the computations, Edmister [13] has written the
Horton-Franklin equations in terms of average or “effective” absorption and
stripping factors instead of the A's and S’s for each tray. Thus, for absorption,
Eq. (8.102) becomes

Y! -Y! L-X! AN’+I - A
L":_‘ - ( - OXO, ) EN : E (8.109)
YN‘,+| A GN,-;-IYN,H AE'+ -1
For a two-tray absorber, it develops that
AN’(A, + 1)
A = TN’_*—_—I— (8.110)
and Ag =[Ay (A, + 1) +025]"° - 05 (8.111)

These are exact, but it is found that Eqgs. (8.104) to (8.111) apply reasonably well
for any number of trays, provided that unusual temperature profiles (such as a
maximum temperature on an intermediate tray) do not develop. If Xj = 0, Eq.
(8.109) is the Kremser equation. It is also convenient to note that (42%*! —
Ag)/(Af>*" — 1) is the Kremser function [Eq. (5.54)}, and the ordinate of Fig.
5.16 is 1 minus this function.
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Similarly for stripping,

Xo “,X/'v,= B Gy s1Yn 41 ) S — S, ®©112)
Xo §'LoX, SH+! -1
Sy(Sy + 1)
i g, 11
with S S, +1 (8.113)
and Se =[Si(Sy, + 1) +025]" - 05 (8.114)

Equation (8.112) becomes the Kremser equation if Y,’,'_,_, =0

Components present only in the entering gas will be absorbed, and those
present only in the entering liquid will be stripped. If 2 component is present in
both streams, the terms in the parentheses of the right-hand sides of Egs. (8.109)
and (8.112) are computed and the equation is used which provides the positive
quantity.

Equations (8.109) and (8.112) can be used to determine the number of
equilibrium trays required to absorb or strip a component to a specified extent
and to estimate the extent of absorption or stripping of all other components.
This then provides a basis for using the exact equations of Horton and Franklin,
Egs. (8.102) and (8.103). These latter can be used only for an integral number of
equilibrium trays. A change of L,/ Gy, » may be necessary to meet the specifi-
cations exactly with such an mtegral number; alternatively the nearest larger
integral number of trays may be accepted.

Hlustration 89 A gas analyzing 70 mol % CH,, 15% CHy, 10% n-CyH,, and 5% n-C Hy,, at
25°C, 2 std atm, is to be scrubbed in an adiabatic tray absorber with a liquid containing
1 mol % n-C4H 4, 99% nonvolatile hydrocarbon oil, at 25°C, using 3.5 mol liquid /mol entering
gas. The pressure is to be 2 std atm, and at least 70% of the CyHy of the entering gas is to be
absorbed. The solubility of CH, in the liquid will be considered negligible, and the other
components form ideal solutions. Estimate the number of ideal trays required and the
composition of the effluent streams. '

SorutioN In what follows, CH,, C,H,, CHg, and CyH, 4 will be identified as C,, C,, C,, and
C,, respectively. Physical properties are:

Average specific heat at 0-40°C, »*

KJ/kmo! - K Latent heat m="-%
of vaporization

Component Gas Liquid at 0°C, kJ /kmol 25°C 21.5°C 30°C
C, 3559
C, 53.22 105.1 10 032 13.25 13.6 14.1
C, 76.04 116.4 16 580 4.10 433 4.52
C, 1024 138.6 22530 119 1.28 1.37
oil 317

1 Values of m from C. L. Depriester, Chem. Eng. Prog. Symp. Ser., 4%(7), 1 (1953); “The Chemical
Engineers’ Handbook,” 5th ed., pp. 13-12 and 13-13.
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Basis: 1 kmol entering gas; ¢, = 0°C; enthalpies are referred to gaseous C, and other
components liquid at 0°C. Gas in: Gy, = 1 kmol, 4 ,, = 25°C.

Yigsr=  Enthalpy, kI/kmol = Hy, 4,

Component  yy, 4y per component Hg, 175,41
C, 0.70 35.5%(25 — 0) = 889.75 622.8
C, 0.15 53.22(25 — 0) + 10032 = 16 363 1704.5
C, 0.10 76.04(25 — 0) + 16 580 = 18 480 1848.0
C, 0.05 102.4(25 — 0) + 22 530.= 25 090 1254.5
1.00 54258 = Hg 4

Liquid in: Lg = 3.5 kmol t = 25°C

Enthalpy, kJ /kmol = H,,

Component Xo=2xo LoXp per component HyoLoXg
C, 0.01 0.035 138.6(25 — 0) = 3465 121.28
Oil 92 3.465 377025 — 0) = 9425 32658
1.00 3.50 32780 = H, oL,

Preliminary calcudations The total absorption is estimated to be 0.15 kmol, and an average
temperature 25°C is assumed. A rough value of L/G at the top is then 3.5/(1 — 0.15) = 4.12,
and at the bottom (3.5 + 0.15)/1.0 = 3.65, with an average of 3.90. The number of equilibrium
trays is fixed by the specified C5 absorption. For Cj, n at 25°C = 4,10, rough 4 = 3.90/4.10
= 0.95]. Equation (8.109) with fractional absorption = 0.7 and X, = O gives

- 0.951%+! — 0,951
0.951%+! — |
This can be solved for N, directly. Alternatively, since Fig 5.16 has as its ordinate (1 —
Kremser function) = 0.3, then A = 0.951 and N, can be read. Either way, N, = 2.53. Since thc
Horton-Franklin equation will be used later, an integral number of trays N, = 3 is chosen. Fig.
5.16 with N, = 3, A = 0951, then shows an ordinate of 0.27, or 0.73 fraction C; absorbed.
Yi+i— Yl 010-Y{
Yi a1 0.1
Y{ = 0.027 kmol C, in G,
For C;, m = 13.25 at 25°C, rough A4 = 3.90/13.25 = 0294. At low A’s, Fig. 5.16 shows the
ordinate to be 1 ~ A, and the fractional absorption is 0.294.
Yoo~ ¥i_015- ¥
va,+| 0.15
Y| = 0.1059 kmol C, in G,
C, is present both in the entering liquid and gas. At 25°C, m = 1,19, rough 4 = 3.90/1.19
= 3,28, rough § = 1/3.28 = 0.305. Then

|- LeXo . _ __35(001)
AGy 1 Vet 3.28(1.0)(0.05)

0.7

= 0.73

= 0.294

= +0.7866

| — G418, 41 -1 1(0.05) -
S'Lo¥, 0.305(3.5)(0.01)

—-3.684
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The C, will therefore be absorbed. Eq. (8.109):

0.05 — Y; 3.28¢ — 3.28
05 0.7866——3.284 —

Y{ = 0.01145 kmol C, in G,
[Alternatively, at N, =.3, 4 = 3.28, Fig. 5.16 provides an ordinate of 0.0198, whence (0.05
Y})/0.05 = 0.7866(1 — 0.0198), and Y; = 0.01145.]

Edmister method Estimate the top-tray temperature ¢, = 26°C (1o be checked). The results of
the preliminary calculations then give the following approximate results:

Gy

Component Y, Enthalpy, kJ /kmol = Hj;| per component Hg Y|
C, 0.70 35.55(26 — 0) =925 647.5
C 0.1059 53.22(26 — 0) + 10032 = 11 420 12094
G 0.027 76.04(26 ~ 0) + 16 580 = 18 560 501.12
C, 0.01145 102.4(26 — 0) + 22 530 = 25 190 288.4
0.8444 = 2646 = Hg,G,
G,
Ly
Enthalpy, kJ/kmol
Component Lyx;, kmol = H,, per component H;3L,x,
c, 0.15 ~ 0.1059 = 0.0441 105(t; — 0) 4.641,
Cs 0.01 — 0,027 = 0073 116.4(1, — 0) 8.5014
C, 0.035 + 0.05 ~ 0.01148 = 0.0736 138.6(r5 ~ 0) 10.24,
oil 3465 3T, - 0) 1306.31,
Ly= 3.656 132915

Overall enthalpy balance, Eq. (8.11) with O = 0, Gy,p1 =10, N, =3
32780 + 5429.8 = 132915 + 2646
ty = 26.8°C

Equation (8.109) can now be used to obtain a second approximation of the effluent composi-
tion. Eq. (8.105) with n = 2:

@+1-2)/3
G, = 1.0( 9‘-?4-(#) = 0.8934
Eq. (8.13) with n = I:
Ly + 1.0 = 3.656 + 0.8934
L 3.549
Ly =3.549 a = 08444 = 4.203
Eq. (8.105) with = 3:
G+1-3)/3
G, = 1.0(9%“;) = 0.945

Ly 3656
G = g5 = 3869



For Cg:
_ 4203

mat2eC=125 A =132=34
ma268°C=1250 Ay =352 <3005~ 4,
Eq. (8.110): :
A =12.348
Eq. 8.111):
Ap = 3236
Eq. (8.109):

Y| = 0.01024 kmol C, in G,
C4in Ly = 0.035 + 0.05 — 0.01024 = 0.07476 kmol = L,x,

In similar fashion the Yy’s for the other components, together with the outlet gas and outlet
liquid enthalpies, can be computed:

Cormponent Y{ Hg, Yy, 26°C Lyx, HyLyx,
C, 0.700 647.5 0 0

C, 0.1070 1222 0.0430 4.5191,
C, 0.0274 508.5 0.0726 8.451,
Cq 0.01024 288.4 0.07476 10.364,
oil 3.465 1306.31,

0846 = G, 26664 = H;,G, 3655 = L, 132961, = Hy,L,

Eq. (8.11) shows 1, = 26.7°C, sufficiently close to that of the first estimate (26.8°C) for us to
proceed with Eq. (8.102).

Horton-Franklin methed Equations (8.105), (8.107), and (8.13), used as above with G, = 0.8446,
now show

Trey n G, L, L,/G, 1 °C
1 0.8446 3.549 4.202 26,0
2 0.8935 3.600 4,029 26.1
3 0.9453 3.655 3.866 26.7

The temperatures permit tabulation of m's and the L,/G,’s permit calculation of 4 for each
component on each tray. Equation (8.102) then gives Y}, and a material balance gives the moles
of each component in L,:

Component 4, 4, 4, Y; [Eq. (.102)] Lyxs

c 0.700 0

C, 0314 0.301 0.286 0.1072 0.0428

Cy 1.002 0.959 0.910 0.0273 0.0727

C, 3.430 329 3.093 0.01117 0.0738

oil 3.465
08457 = G, 3654 = L,

An enthalpy balance again shows £; = 26.7°C.
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For most purposes, the preceding results will be reasonably satisfactory. But
they are correct only if the A values for each component on each tray are
correct. These can be checked by first verifying the L/G ratios. For the
components found in both liquid and gas

L L
=—"_= n 8.115
An mnG" (yn/xn)Gn ( )
or G,y, = Lo (8.116)
All
If there are G; mol/time of nonabsorbed gas, then
L

G, = Gg + 2;—"" (8.117)

n

and Eq. (8.13) will provide L, x,, whose sum is L,. The L,/ G, ratios can then be
compared with those used previously.

llinsiration 8.9, continued For tray 3, Gg =07 kmol C;. For C,, Gyys= Lyxy/Ay=
0.0428,/0.286 = (.1497, and Eq. (8.14) with n = 2 provides L;x, = 0.0428 + 0.1497 — 0.15 =

0.0425. Similarly,

Component G3y; = Lyxy/A; Lyxy

C, 0.700 0

C, 0.1497 0.0425

C, 0.079% 0.0526

o) 0.0239 0.0477

oil 3.465

0.9535 = G, 3.6078 = L,
Therefore
Ly 3654

G, = 09535 = 3.832 (3.866 used previously)

Similarly L,/ G, and L,/ G, can be computed and compared with values used previously.

The procedure then to be followed is to repeat the use of Eq. (8.102) with
the new L/ G ratios to provide A’s, repeating the check of L/G and use of Eq.
(8.102) until agreement is reached. This still leaves the temperatures to be
checked. For an assumed top-tray temperature, an overall tower enthalpy
balance provides 1y . With the compositions and flow rates for each stream as
last determined, individual tray enthalpy balances provide the temperature of
each tray. These are repeated until the assumed ¢, agrees with that calculated.
New m’s and A’s are then used with Eq. (8.102) and the entire procedure
repeated until a completely consistent set of L/G’s and temperatures are
obtained, at which time the problem is solved. The procedure is very tedious,
and methods for reducing the work, including the use of high-speed computers,
have been given much study [16, 18, 19, 39].



Use of Reflux—Reboiled Absorbers

Refer again to the preceding illustration. Considering only the three substances
absorbed, the wet gas contained these roughly in the proportions
CH : C;Hy : C.H,y = 50 : 33 : 17. The rich oil leaving the absorber contained
the same substances in the approximate ratio 21 : 36 : 37. Despite its low
solubility, the proportion of absorbed gas which is ethane is high, owing to the
relatively high proportion of this substance in the original wet gas. If it is desired
to reduce the relative proportions of ethane in the rich oil, the oil just as it leaves
the tower must be in contact with a gas relatively leaner in ethane and richer in
propane and butane. Such a gas can be obtained by heating a part of the rich
oil, which will then evolve a gas of the required low ethane content. This evolved
gas can then be returned to an extension of the absorber below the inlet of the
wet gas, where in rising past the oil it will strip out the ethane (and also any
methane which may have been absorbed as well). The ethane not absorbed will
now, of course, leave with the lean gas. The heat exchanger where a portion of
the rich oil is heated is called a reboiler, and the arrangement of Fig. 8.28 can be
used. Calculation methods for multicomponents are available {20, 25].

A stream returned to a cascade of stages, as represented by the trays in the
absorber, for the purposes of obtaining an enrichment beyond that obtained by
countercurrent contact with the feed to the cascade, is called reflux. This
principle is used extensively in distillation, liquid extraction, and adsorption, but
it is applicable to any countercurrent enrichment operation.

Lean
oil

T F

Rich
qos —

il

Reboiled
gos

|

Stripped, Rich
oil ait

Steom Flgure 828 Reboiled absorber.
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ABSORPTION WITH CHEMICAL REACTION

Many industrial absorption processes are accompanied by chemical reaction.
Reaction in the liquid of the absorbed component with a reagent in the
absorbing liquid is especially common. Sometimes the reagent and product of
reaction are both soluble, as in the absorption of carbon dioxide into an aqueous
solution of the ethanolamines or other alkaline solutions. In contrast; furnace
gases containing sulfur dioxide can be contacted with slurries of insoluble
ground limestone in water, to form insoluble calcium sulfite. There are many
other important examples, for which Ref. 28 should be consulted. Reaction of
the absorbed solute and a reagent accomplishes two things favorable to the
absorption rate: (1) destruction of the absorbed solute as it forms a compound
reduces the equilibrium partial pressure of the solute, consequently increasing
the concentration difference between the bulk gas and the interface; and the
absorption rate is also increased; (2) the liquid-phase mass-transfer coefficient is
increased in magnitude, which also contributes to increased absorption rates.
These effects have been given extensive theoretical analysis [I, 10, 38] but
relatively little experimental verification.

NOTATION FOR CHAPTER 8

Any consistent set of units may be used.

a specific interface surface, area/packed volume L?/L?
A absorption factor, L/mG, dimensionless
A effective absorption factor [Eq. (8.110)], dimensionless
Ag effective absorption factor [Eq. (8.111)}, dimensionless
A B, C components A, B, C
c concentration, moles/volume, mole/L?
C heat capacity of component J as a gas, FL/mole T
C heat capacity of a liquid, FL/mole T
c heat capacity of a gas at constant pressure, FL/mole T
d, equivalent diameter of packing, L
D diffusivity, L3/@
Dy, diffusivity of component I in a binary gas IJ mixture, L*/8
Im mean diffusivity of I in 2 multicomponent mixture, L?/6
D, liquid diffusivity, L?/©
e 2.7183
EnGE Murphree gas tray efficiency corrected for entrainment, fractional
Eo overall tray efficiency, fractional
Fg., gas-phase mass-transfer coefficient for component J, mole /L@
Fp, liquid-phase mass-transfer coefficient for component J, mole/L*8®
Fy overall mass-transfer coefficient, mole /L@
G total gas rate for tray towers, meole/®; for packed towers, superficial molar mass
velocity, mole /L@
G, gas molar mass velocity of component J, mole/L?8
G’ gas mass velocity M/L*®
h heat-transfer coefficient, FL/L*@T

K heat-transfer coefficient corrected for mass transfer, FL/L*@T
&
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molar enthalpy of a gas referred to pure substance at temperature £, FL/mole
molar enthalpy of a gas per mole of carrier gas, referred to pure substance at
temperature 1o, FL/mole

partial enthalpy of component J in solution at concentration x, temperature f,
FL/mole

enthalpy of a liquid solution referred to pure substance at temperature f5, FL/mole
height of a transfer unit, L

height of an overall transfer unit, L

integral heat of solution per mole of solution, FL/mole

thermal conductivity, FL/LT@

gas mass-transfer coefficient, mole/L*8(F/L?)

liquid mass-transfer coefficient, mole/L*6{mote /L?)

liquid mass-transfer cocfficient, mole /1.28{mole fraction)

gas mass-transfer coefficient, mole/L?8(mole fraction)

overall mass-transfer coefficient (units indicated by subscripts, as for k’s)

natural logarithm

common logarithm

total molar liquid rate, for tray towers, mole/6

total liquid mass rate (tray towers), M/©; total mass rate per unit tower cross section
(packed towers), M/L*®

solvent mass rate (tray towers), M/8; total mass rate per unit tower cross section
(packed towers), M/L*0

slope of the equilibrium curve, dy*/dx; equilibrium distribution ratio, y*/x, dimen-
sionless

slope of a logarithmic reference-substance plot at concentration xy, (log5¥)/(log p,)
molecular weight, M/mole

mass-transfer flux of component J, mole /L@

number of equilibrium trays

number of transfer units

number of overall transfer units

vapor pressure of a pure substance, F/L?

partial pressure, F/L?

total pressure, F/L2

Prandt! number, C,y/ k, dimensionless

flux of heat transfer, FL,/L%8; a constant

rate of total heat removal, FL./©

const

N;/ZN, dimensionless

const

stripping factor, mG/ L, dimensionless

effective stripping factor {Eq. (8.113)}, dimensionless

effective stripping factor {Eq. (8.114)}, dimensionless

Schmidt number, p/pD, dimensionless

temperature, T

concentration in the liquid, mole fraction, mole /mole

concentration in the liquid, mole/mole solvent, mole /mole

concentration in the liquid, mole/mole entering liquid, mole/mole

concentration in the gas, mole [raction, mele/mole

concentration in the gas, mole /mole carrier gas, mole/mole

concentration in the gas, mole/mole entering gas, mole/mole

height of packing, L

difference

volume fraction voids, dry packing, L?/L?

volume fraction voids, irrigated packing, L*/L?

molar latent heat of vaporization of J at temperiture ro, FL/mole
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o molar latent heat of vaporization of reference substance at temperature f, FL/mole

viscosity, M/L8
density, M/L?
fractiopal total liquid holdup, volume liquid/volume packed space, L3/L?

Subscripts

A,

SYoxIxETQ

[y

average
B,CJ components A, B, C, J
gas
interface
liquid
logarithmic mean
effluent from tray n
cffluent from tray N,
overall
reference substance
liquid entering top tray
reference temperature for enthalpy
bottom of 2 packed tower; effluent from tray 1 (tray tower)
top of a packed tower; effluent from tray 2 (tray tower)

\

Superscript

in equilibrium with the other phase
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PROBLEMS

8.1 The equilibrium partial pressures of carbon dioxide over aqueous solutions of monoethanola-
mine (30 wt%) [Mason and Dodge, Trans. AIChE, 32, 27 (1936)] are:

®

Partjal pressure CO,, mmHg

_mol €O, 25°C 50°C  T5°C
mol solution

0.050 65
0.052 13 93.5
0.054 13.6 142.6
0.056 25.0 245
0.058 5.6 47.1 600
0.060 12.8 96.0

0.062 29.0 259

0.064 56.0

0.066 98.7

0.068 155

0.070 232

A plant manufacturing dry ice will burn coke in air to produce a flue gas which, when cleaned

and cooled, will contain 15% CO,, 6% O, 79.0% N,. The gas will be blown into a sieve-tray-tower
scrubber at 1.2 std atm, 25°C, to be scrubbed with a 30% ethanolamine solution entering at 25°C.
The scrubbing liquid, which is recycled from a stripper, will contain 0.058 mol CO,/mol solution.
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The gas leaving the scrubber is to contain 2% CO,. Assume isothermal operation.
(a) Determine the minimum liquid/gas ratio, mol/mol.
(b) Determine the number of kilograms of solution o enter the absorber per cubic meter of
entering gas, for an L/ G ratio of 1.2 times the minimum.
Ans.: 18.66.
(¢) Determine the number of theoretical trays for the conditions of part (b).
Ans.: 2.5,
(d) The viscosity of the solution is 6.0 cP; sp gr = 1.012. Estimate the average m and the overall
tray efficiency to be expected. How many real trays are required?

8.2 (@) Determine the ideal trays for the absorption of Prob. 8.1, assuming adiabatic operation. Use

25.6 kg absorbent solution/m® gas in, which will be about 1.2 times the minimum. The heat of

solution of CO, is 1675 kJ evolved /kg CO, absorbed (720 Btu/Ib), referred to gaseous CO, and

liquid solution. The specific heat of the solution is 3.433 kJ /(kg solution) - K (0.82 Btu/1b - °F).
Abs.: 2.6,

(b) Suppose the absorber planned for isothermal operation (L /G and theoretical trays of Prob.
8.1) were operated adiabatically. What concentration of CO, in the exit gas could-be expected?
[Note that this normally requires trial-and-error determination of both the top-tray temperature and
effluent gas concentration. However, study of the calculations of part (@) should indicate that in this
case the top-tray temperature need not be determined by trial.]

Ans.: 4.59%.

83 Derive Eq. (8.16). Hinr: Start with the definition of Ey .z and locate a pseudo-equilibrium line,
which would be used together with the operating line for graphically constructing steps representing
real trays. Then use the Kremser equation (5.55a) with the pseudo-equilibrium line, by moving the
origin of the Y, X diagram to the intercept of the pseudo-equilibrium line with the Y axis.

8.4 Carbon disulfide, CS,, used as a solvent in a chemical plant, is evaporated from the product in a
drier into an inert gas (essentially N,) in order to avoid an explosion hazard. The vapor~N, mixtare
is to be scrubbed with an absorbent hydrocarbon oil, which will be subsequently steam-stripped to
recover the CS,. The CS,—N, mixture has a partial pressure of CS, equal to 50 mmHg at 24°C
(75°F) and is to be blown into the absorber at essentially standard atmospheric pressure at the
expected rate of 0.40 m* /s (50 000 1> /h). The vapor content of the gas is to be reduced to 0.5%. The
absorption oil has av mol wt 180, viscosity 2 cP, and sp gr 0.81 at 24°C. The oil enters the absorber
essentially stripped of all CS,, and solutions of oil and CS,, while not actually ideal, follow Raoult’s
law [see Ewell et al.: Ind Eng. Chem., 36, 871 (1944)). The vapor pressure of CS, at 24°C = 346
mmHg. Assume isothermal operation.

(a) Determine the minimum liquid/gas ratio.

(b) For a liquid /gas ratio of 1.5 times the minimum, determine the kilograms of oil to enter the
absorber per hour.

(¢) Determine the number of theoretical trays required, both graphically and analyticaily.

(d) For 2 conventional sieve-tray tower, estimate the overall tray efficiency to be expected and
the number of real trays required.

8.5 Design 2 suitable sieve tray for the absorber of Prob. 8.4 and compute its hydraulics (which may

be considered constant for all the trays) and the number of real trays required, graphically and
through Eq. (8.16). Take the surface tension as 30 dyn/cm.

8.6 Determine the number of equilibrium trays for the absorber of Prob. 8.4, assuming adiabatic

operation. Use a liquid rate of 2.27 kg/s, which is about 1.5 times the minimum. The specific heats
are:

kJ/kmol - K Btu/1b mol + °F
Oil 3622 86.5
CS,, liquid 76.2 182
CS,, vapor 46.89 11.2

The latent heat of vaporization of CS, is 27 910 kJ /kmol at 24°C (12 000 Btu/1b mol).
Ans.: 3.6,
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8.7 Starting with Eq, (8.34), replace the y’s by the equivalent Y's 2nd derive Eq. (8.36).

8.8 With the help of the Kremser equation and Eq. (8.50), derive the relation between N, and N6
for constant absorption factor. Establish the conditions when N, = N,qg.

89 Design a tower packed with 50-mm (2-in) ceramic Raschig rings for the carbon disulfide
scrubber of Prob. 8.4. Assume isothermal operation and use a liquid/gas ratio of L5 times the
minimum and a gas-pressure drap not exceeding 327 (N/m?*/m (0.4 inH,0/ft) of packing. The
liquid surface tension = 30 dyn/cm. A procedure follows.

(a) Determine the tower diameter.

Ang,.: 0.725 m.

(b) Using average (top and bottom) flow rates and fluid properties, compute the mass-transfer
coefficients Fgza and F,a and heights of transfer units H,;, H,;, and H,g5.

(¢) Compute N,; and with H ¢, the packing height.

Ans.: 9.61, 473 m.

(d) Compute N,y through the following methods and the corresponding packing height for
each: Eq. (8.36), Eq. (8.48), and Fig. 8.20.

(e) Compare the gas-pressure drop for the full depth of packing with that for all the trays of
Prob. 8.5. At a power cost of 15 cents per kilowatt-hour and a blower-motor efficiency of 50%,
calculate the annual (350-day) difference in power cost for the two towers.

8.10 For dilute mixtures and cases when Henry's law applies, prove that the number of overall
transfer units for cocurrent gas absorption in packed towers is given by

Yy T mxy

In
Y2 T mXy

A
Nos = 1

where subscript 1 indicates the top (where gas and liquid enter) and subscript 2 indicates the bottom
of the tower.

8.11 Benzene vapor in a coke-oven gas is scrubbed from the gas with wash oil in a countercurrent
packed scrubber. The resulting benzene—wash-oil solution is then heated to 125°C and stripped in a
tray tower, using steam as the stripping medium. The stripped wash oil is then cooled and recycled
to the absorber. Some data relative to the operation follow:

Absorption:
Benzene in entering gas = 1 mol %
Pressure of absorber = 800 mmHg
Oil circulation rate = 2 m®/1000 m? gas at STP (15 U.S. gal /1000 ft?)
Oil sp gr = 0.88 mol wt = 260

0.095 at25°C

N y* . {
H - tant = | — -oil =
enry’s-law constan m < or benzene—wash-oi 0130 a1 27°C

N,og = 5 overall gas transfer units
Stripping:
Pressure = | std atm steam = 1 std atm, 125°C

*
Henry's-law constant for benzene m= Z; = 3,08 at 125°C

Number of equilibrium stages = 5

(a) In the winter, it is possible to cool the recyeled stripped oil to 20°C, at which temperature
the absorber then operates. Under these conditions 72.0 kg steam is used in the stripper per 1000 m?
gas at STP (4.5 1b/1000 {t3). Calculate the percent benzene recovery from the coke-oven gas in the
winter,

Ans.: 92.6%.
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(&) In the summer it is impossible to cool the recycled fwash oil to lower than 27°C with the
available cooling water. It has been suggested that the steam rate to the stripper can be increased so
as to obtain the same percentage benzene recovery as in the winter. Assuming that the absorber then
operates at 27°C, with the same oil rate, and that N, and equilibrium stages remain the same,
what steam rate in the summer would be required?

(c) If the oil rate cannot be increased but the steam rate in the summer is increased by 20%
over the winter value, what summer recovery of benzene can be expected?

Ans.: 86.2%.

8.12 It is desired to reduce the ammonia content of 0.0472 m?/s (26,7°C, 1 std atm) (6000 ft*/h) of
an ammonia-air mixture from 5.0 to 0.04% by volume by water scrubbing. There is available a
0.305-m (1-ft)-diameter tower packed with 25-mm Berl saddles to a depth of 3.66 m (12 ft). Is the
tower satisfactory, and if so, what water rate should be used? At 26.7°C, ammonia-water solutions
follow Henry's law up to 5 mol% ammonia in the liquid, and m = 1.414.

8.13 A tower, 0.6 m diameter, packed with 50-mm ceramic Raschig rings to a depth of 1.2 m, is to
be used for producing a solution of oxygen in water for certain pollution-control operations. The
packed space will be pressurized at 5 std atm abs with pure oxygen gas from a gas cylinder. There is
to be no gas outlet, and gas will enter from the cylinder only to maintain pressure as oxygen is
dissolved. Water will flow down the packing continuously at 1.50 kg/s. The temperature is to be
25°C. Assuming that the entering water is oxygen-free, what concentration of oxygen can be
expected in the water effluent?

Ans.: 1.108 X 1074 mole fraction.

Data: at 25°C, the diffusivity of O, in water = 2.5 X 10~> ¢m?/s, viscosity of water = 0.894
cP, and the solubility of O, in H,0 follows Henry’s law: 5 = 4.38 X 10%, where 5 = equilibrium
partial pressure, atm, and x = mole fraction O, in the liquid. Neglect water-vapor content of the gas.
8.14 A system for recovering methanol from a solid product wet with methanol involves evaporation
of the methanol into a stream of inert gas, essentially nitrogen. In order to recover the methanol
from the nitrogen, an absorption scheme involving washing the gas countercurrently with water in a
packed tower is being considered. The resulting methanol-water solution is then to be distilled to
recover the methanol. Note: An alternative scheme is to wash the gas with refrigerated methanol,
whence no distillation is required (see Prob. 7.11). A still different approach is to adsorb the
methanol onto activated carbon (see Chap. 11).

The absorption tower will be filled with 38-mm (1.5-in) ceramic Raschig rings. Use a gas-pres-
sure drop not fo exceed 400 N/m? per meter of packed depth. Tower shells are available in
25-mm-diameter increments.

Partial pressures of methanol and water over aqueous solutions of methanol are available in
“The Chemical Engineers’ Handbook,” 5th ed., p. 3-68. Plot these in the manner of Fig. 8.2, using
water as reference substance.

(a) Assume isothermal operation at 26.7°C (80°F). Gas in: 0.70 m?/s (90 000 ft*/h) at 1 std
atm, 26.7°C; partial pressure methanol = 100 mmHg. Scg; = 0.783 (MeOH~N,). Gas out: methanol
partial pressure = 15 mmHg. Liquid in: water, methanol-free, 26.7°C, 0.15 kg/s (1190 Ib/h); neglect
evaporation of water. Calculate the depth of packing required.

(b) Assume adiabatic operation. Gas in: 0.70 m?/s at 1 std atm, 26.7°C, partial pressure
methanol = 100 mmHg, partial pressure water = 21.4 mmHg. Gas out: methanol partial pressure =
15 mmHg. Liquid in: water, methanol-free, 26.7°C, 1.14 kg/s (9000 Ib/h). Assume that the gas
leaves at 1; = 30°C, with Pr,0 = 26 mmHg. Do nor neglect evaporation of water. Calculate the
following for the bottom of the tower: 1, 4, dig/dZ, dY,/dZ, dY./dZ. For AY, = — 0.02,
compute the next value of Z, Y, Yg, 75, and 1.

Additional data: heat of solution [“International Critical Tables,” vol. IV, p. 159]:

x,, mole fraction
MeOH in liquid 0.5 0.10

0.20 ‘ 0.25 ‘ 0.30

0.15
AHj, integral heat of solution,
kJ /kmol soln at 20°C —341.7 [ —597.8 | —767.6 | ~872.3 | —914.1 | —916.4



Use a base temperature t = 20°C. The latent heat of vaporization of methanol at 20°C = 1163
kJ/kg. Heat capacities of liquid solutions: see “Chemical Engineers’ Handbook,” 5th ed., p. 3-136.
Molar heat capacities of gases: N,, 29.141; MeOH, 52.337; H,O0, 33.579 kJ /kmol - K.

815 A gas containing 88% CH,, 4% C,H, 5% n-CyH, and 3% n-CjH,q is to be scrubbed
isothermally at 37.8°C (100°F), $ std atm pressure, in a tower containing the equivalent of cight
equilibrium trays, 80% of the C;Hy is to be removed. The lean oil will contain 0.5 mol% of C;H,, but
none of the other gaseous constituents. The rest of the oil is nonvolatile. What quantity of lean oil,
mol/mol wet gas, should be used, and what will be the composition of rich oil and scrubbed gas?
The Henry's-law constants m are

CH, | C,H, | n-C;Hy | n-CyH,o

32 , 6.7 | 24 ' 0.74

8.16 An absorber of four theoretical trays, to operate adiabatically at 1.034 kN/m? (150 lb,/in?), is
fed with 1 mol per unit time each of liquid and gas, each entering at 32.2°C (90°F), as follows:

Liquid, Gas,
Component mole fraction mole fraction
CH, 0.70
C,H¢ 0.12
n-CyHg 0.08
n-CHy, 0.02 0.06
n-CsH,, 0.01 0.04
Nonvolatile oil 0.97

Estimate the composition and rate (mol/time) of the exit gas.
Data: Henry's-law constants, enthalpies at 32.2°C relative to saturated liquid at —129°C
(—200°F), and molar heat capacities are given in Table 8.1.

Table 8.1 Data for Prob. 8.16

32.2°C (90°F) (o9

Hert H,, m KJ/kmol - K
KJ/kmol X 10~ kJ/kmol X 10~2 37.8°C  43°C  (Btu/Ibmol - °F)

Component m (Btu/1b mol) (Btu/1b mol) (100°F) (110°F) Gas Liquid

CH, 165 1291 9.1 170 178 377 502
(5510) (4200) ©0) (1201

C.H, 340 22.56 15.58 380 403 628 837
(9700) (6700) (150) (200

n-CHg 116 31.05 16.86 130 144 796 1298
(13 350) (7250) (19.0)  (31.0)

n-CH,q 035 41,05 20.70 041 047 93  1%.1
(17 650) (8900) (23.0) (38.0)

n-CsH,, 0.123 5094 24.66 0140 0165 1172 1842
(21 400) (10 600) (28.0)  (44.0)

oil 376.8
(90.0)

t Data from DePriester, Chem. Eng. Progr. Symp. Ser., 4%(T) 1 (1953); “Chemical Engineers’
Handbook,” 5th ed., pp. 13-12 and 13-13; Maxwell, “Data Book on Hydrocarbons,” Van Nostrand,
Princeton, N.J,, 1950.
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8.17 In this chapter it was shown that there is an optimum, or most economical, value of the
absorption factor. There are also optimum values for:

(a) Outlet gas concentration when there are valuable solutes

(b) The solute concentration in the liquid entering the absorber where the absorbent liquid is
recirculated through a stripper or fractionator for solute recovery

(¢) The tray spacing in a tray tower

(d) The gas pressure drop per unit height in a packed tower
For each item explain why there is an optimum value.



CHAPTER

NINE
DISTILLATION

Distillation is a method of separating the components of a solution which
depends upon the distribution of the substances between a gas and a liquid
phase, applied to cases where all components are present in both phases. Instead
of introducing a new substance into the mixture in order to provide the second
phase, as is done in gas absorption or desorption, the new phase is created from
the original solution by vaporization or condensation.

In order to make clear the distinction between distillation and the other
operations, let us cite a few specific examples. In the separation of a solution of
common salt and water, the water can be completely vaporized from the
solution without removal of salt since the latter is for all practical purposes quite
nonvolatile at the prevailing conditions. This is the operation of evaporation.
Distillation, on the other hand, is concerned with the separation of solutions
where all the components are appreciably volatile. In this category, consider the
separation of the components of a liquid solution of ammonia and water. By
contacting the ammonia-water solution with air, which is essentially insoluble in
the liquid, the ammonia can be stripped or desorbed by processes which ‘were
discussed in Chap. 8, but the ammonia is then mixed with water vapor and air
and is not obtained in pure form. On the other hand, by application of heat, we
can partially vaporize the solution and thereby create a gas phase consisting of
nothing but water and ammonia. And since the gas will be richer in ammonia
than the residual liquid, a certain amount of separation will have resulted. By
appropriate manipulation of the phases or by repeated vaporizations and con-
densations it is then ordinarily possible to make as complete a separation as may
be desired, recovering both components of the mixture in as pure a state as we
wish.

342
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The advantages of such a separation method are clear. In distillation the
new phase differs from the original by its heat content, but heat is readily added
or removed, although of course the cost of doing this must inevitably be
considered. Absorption or desorption operations, on the other hand, which
depend upon the introduction of a foreign substance, provide us with a new
solution which in turn may have to be separated by one of the diffusional
operations unless it happens that the new solution is useful directly.

There are in turn certain limitations to distillation as a separation process.
In absorption or similar operations, where it has been agreed to introduce a
. foreign substance to provide a new phase for distribution purposes, we can
ordinarily choose from a great variety of solvents in order to provide the greatest
possible separation effect. For example, since water is ineffectual in absorbing
hydrocarbon gases from a gas mixture, we choose instead a hydrocarbon oil
which provides a high solubility. But in distillation there is no such choice. The
gas which can be created from a liquid by application of heat inevitably consists
only of the components constituting the liquid. Since the gas is therefore
chemically very similar to the liquid, the change in composition resulting from
the distribution of the components between the two phases is ordinarily not very
great. Indeed, in some cases the change in composition is so small that the
process becomes impractical; it may even happen that there is no change in
composition whatsoever.

Nevertheless the direct separation, which is ordinarily possible by distilla-
tion, into pure products requiring no further processing has made this perhaps
the most important of all the mass-transfer operations.

VAPOR-LIQUID EQUILIBRIA

The successful application of distillation methods depends greatly upon an
understanding of the equilibria existing between the vapor and liquid phases of
the mixtures encountered. A brief review of these is therefore essential. The
emphasis here will be on binary mixtures.

Pressure-Temperature-Concentration Phase Diagram

Let us first consider binary mixtures which we shall term ordinary; by this is
meant that the liquid components dissolve in all proportions to form homoge-
neous solutions which are not necessarily ideal and that no complications of
maximum or minimum boiling points occur. We shall consider component A of
the binary mixture A-B as the more volatile, i.e., the vapor pressure of pure A at
any temperature is higher than the vapor pressure of pure B. The vapor-liquid
equilibrium for each pure substance of the mixture is of course its vapor-pres-
sure-temperature relationship, as indicated in Fig. 7.1. For binary mixtures an
additional variable, concentration, must likewise be considered. Mole fractions
are the most convenient concentration terms to use, and throughout this discus-
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sion x will be the mole fraction of the more volatile substance A in the liquid
and y* the corresponding equilibrium mole fraction of A in the vapor.
Complete graphical representation of the equilibria requires a three-dimen-
sional diagram [29, 47}, as in Fig. 9.1. The curve marked p, is the vapor-pressure
curve of A, lying entirely in the nearest composition plane at x = 1.0. The curve
extends from its critical point C, to its triple point T,, but the complications of
the solid phase which do not enter into distillation operations will not be
considered. Similarly curve py is the vapor pressure of pure B, in the far plane at
x = 0. The liquid and vapor regions at compositions between x = 0 and 1.0 are
separated by a double surface which extends smoothly from p, to py. The shape
of this double surface is most readily studied by considering sections at constant
pressure and constant temperature, examples of which are shown in the figure.

Constant-Pressure Equilibria

Consider first a typical section at constant pressure (Fig. 9.2a). The intersection
of the double surface of Fig. 9.1 with the constant-pressure plane produces a
looped curve without maxima or minima extending from the boiling point of
pure B to that of pure A at the pressure in question. The upper curve provides
the temperature-vapor composition (z-y*) relationship, the lower that of the
temperature-liquid composition (7-x). Liquid and vapor mixtures at equilibrium
are at the same temperature and pressure throughout, so that horizontal tie lines

Pressure

Constant-
pressure
section

Pressure

Constant-
temperature
section

Figure 9.1 Binary vapor-liquid equilibria.
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such as line DF join equilibrium mixtures at D and F. There are an infinite
number of such tie lines for this diagram. A mixture on the lower curve, as at
point D, is a saturated liquid; a mixture on the upper curve, as at F, is a
saturated vapor. A mixture at E is a two-phase mixture, consisting of a liquid
phase of composition at D and a vapor phase of composition at F in such
proportions that the average composition of the entire mixture is represented by
E. The relative amounts of the equilibrium phases are related to the segments of
the tie line,

Moles of D _ line EF ©.1)

Moles of F line DE ’

Consider a solution at G in a closed container which can be kept at constant
pressure by moving a piston. The solution is entirely liquid. If it is heated, the
first bubble of vapor forms at H and has the composition at J, richer in the
more volatile substance, and hence the lower curve is called the bubble-point-
temperature curve. As more of the mixture is vaporized, more of the vapor forms
at the expense of the liquid, giving rise, for example, to liquid L and its
equilibrium vapor K, although the composition of the entire mass is still the
original as at G. The last drop of liquid vaporizes at M and has the composition
at N. Superheating the mixture follows the path MO. The mixture has vaporized
over a temperature range from H to M, unlike the single vaporization tempera-
ture of a pure substance. Thus, the term boiling point for a solution ordinarily
has no meaning since vaporization occurs over a temperature range, i.c., from
the bubble point to the dew point. If the mixture at O is cooled, all the
phenomena reappear in reverse order. Condensation, for example, starts at M,
whence the upper curve is termed the dew-point curve, and continues to H.



If a solution like that at H is boiled in an open vessel, on the other hand,
with the vapors escaping into the atmosphere, since the vapor is richer in the
more volatile substance, the liquid residue must therefore become leaner. The
temperature and composition of the saturated residual liquid therefore move
along the lower curve toward N as the distillation proceeds.

The vapor-liquid equilibrium compositions can also be shown on a distribu-
tion diagram (x vs. y*) as in Fig. 9.2b. Point P on the diagram represents the tie
line DF, for example. Since the vapor is richer in the more volatile substance,
the curve lies above the 45° diagonal line, which has been drawn in for
comparison.

Relative Volatility

The greater the distance between the equilibrium curve and the diagonal of Fig.
9.2b, the greater the difference in liquid and vapor compositions and the easier
the separation by distillation. One numerical measure of this is called the
separation factor or, particularly in the case of distillation, the relative volatility a.
This is the ratio of the concentration ratio of A and B in one phase to that in the
other and is a measure of the separability,

T/ =% x(1=y%)

The value of a will ordinarily change as x varies from 0 to 1.0. If y* = x (except
at x = 0 or 1), a = 1.0 and no separation is possible. The larger the value of
above unity, the greater the degree of separability.

_/ (=) _yr (- x) ©2)

Increased Pressures

At higher pressures the sections at constant pressure will of course intersect the
double surface of Fig. 9.1 at increased temperatures. The intersections can be
projected onto a single plane, as in Fig. 9.3a. It should be noted that not only do
the looped curves occur at higher temperatures, but they also usually become
narrower. This is readily seen from the corresponding distribution curves of Fig.
9.3b. The relative volatilities and hence the separability therefore usually be-
come less at higher pressures. As the critical pressure of one component is
exceeded, there is no longer a distinction between vapor and liquid for that
component, and for mixtures the looped curves are therefore shorter, as at
pressures above p,, the critical pressure for A in the figure. Distillation separa-
tions can be made only in the region where a looped curve exists.

For particular systems, the critical pressure of the less volatile substance
may be reached before that of the more volatile, and it is also possible that the
double surface of Fig. 9.1 will extend at intermediate compositions to a small
extent beyond the critical pressures of either substance.
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Figure 93 Vapor-liquid equilibria at increased pressures.

Constant-Temperature Equilibria

A typical constant-temperature section of the three-dimensional phase diagram
is shown in Fig. 9.4. The intersection of the constant-temperature plane with the
double surface of Fig. 9.1 provides the two curves which extend without maxima
or minima from the vapor pressure of pure B to that of pure A. As before, there
are an infinite number of horizontal tie lines, such as 7V, which join an
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Figure 94 Constant-temperature vapor-liquid
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equilibrium vapor as at ¥ to its corresponding liquid at T. A solution in a closed
container at W is entirely a liquid, and if the pressure is reduced at constant
temperature, the first bubble of vapor forms at U, complete vaporization occurs
at S, and further reduction in pressure results in a superheated vapor as at R.

Vapor-liquid equilibrium data, except in the special situations of ideal and
regular solutions, must be determined experimentally. Descriptions of experi-
mental methods [18], extensive bibliographies [67), and lists of data [7, 22] are
available.

Ideal Solutions—Raoult’s Law

Before studying the characteristics of mixtures which deviate markedly from
those just described, let us consider the equilibria for the limiting case of
mixtures whose vapors and liquids are ideal. The nature of ideal solutions and
the types of mixtures which approach ideality were discussed in Chap. 8.

For an ideal solution, the equilibrium partial pressure p* of a constituent at
a fixed temperature equals the product of its vapor pressure p when pure at this
temperature and its mole fraction in the liquid. This is Raoult’s law.

PA=pax P =pp(l = x) (93)

If the vapor phase is also ideal,

P =PX+ Pt = pax + py(l = x) (94)

and the total as well as the partial pressures are linear in x at a fixed
temperature. These relationships are shown graphically in Fig. 9.5. The
equilibrium vapor.composition can then be computed at this temperature. For
example, the value of y* at point D on the figure equals the ratio of the

TEMPERATURE CONSTANT

Pressure

1.0
(8) x, y*= mole fraction A {A) Figure 9.5 Ideal solutions.
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distances FG to EG,

o PA _PAX 9.5)
‘ p, b, (

. .

) B )] (9.6)
P P
The relative volatility a is, by substitution in Eq. (9.2),
Pa
a=tr 9.7

" Ps 1)

For ideal solutions, it is then possible to compute the entire vapor-liquid
equilibria from the vapor pressures of the pure substances. For pressures too
high to apply the ideal-gas law, fugacities are used instead of pressures [29, 42].
It is also possible to compute the equilibria for the special class of solutions
known as regular [21]. For all other mixtures, however, it is necessary to obtain
the data experimentally.

Ilustration 9.1 Compute the vapor-liquid equilibria at constant pressure of | std atm for
mixtures of n-heptane with n-octane, which may be expected to form ideal solutions.

SoLuTioN The boiling points at | std atm of the substances are n-heptane (A), 98.4°C and
n-octane (B), 125.6°C. Computations are therefore made between these temperatures. For
example, at 110°C, p, = 1050 mmHg, py = 484 mmHg, p, = 760 mmHg. Eq. (9.4):

Pr — Pp 760 — 484

x = TET = 1050 — 48 — 0.487 mole fraction heptane in liquid

Eq. (9.5):
yt= Bak, 105000.487),,, 0.674 mole fraction heptane in vapor
P, 760
Eq. 9.7):
Pa _ 1050
=—==—-=217
PB 484

In similar fashion, the data of the following table can be computed:

1, °C P mmHg pp, mmHg X y* a

98.4 760 333 1.0 1.0 2.28
105 940 417 0.655 0.810 225
110 1050 484 0.487 0.674 2.17
115 1200 561 0.312 0.492 2.14
120 1350 650 0.1571 0.279 2.08
125.6 1540 760 0 0 2.02

Curves of the type of Fig. 9.2 can now be plotted. Note that although the vapor pressures
of the pure substances vary considerably with temperature, « for ideal solutions does not. In
this case, an average of the computed a's is 2.16, and substituting this in Eq. (9.2), rearranged,

b ax 2.16x
yr = =
1+ x(a—1) 1+ 116x
provides an expression which for many purposes is a satisfactory empirical relation between y*
and x for this system at 1 atm.
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Positive Deviations from Ideality

A mixture whose total pressure is greater than that computed for ideality [Eq.
(9.4)] is said to show positive deviations from Raoult’s law. Most mixtures fall
into this category. In these cases the partial pressures of each component are
larger than the ideal, as shown in Fig. 9.6.1 It should be noted that as the
concentration for each component approaches unity mole fraction, the partial
pressures for that substance approach ideality tangentially. Raoult’s law, in
other words, is nearly applicable to the substance present in very large con-
centrations. This is the case for all substances except where association within
the vapor or electrolytic dissociation within the liquid occurs.

The distribution diagram (x vs. p*) for systems of this type appears much
the same as that of Fig. 9.25.

Minimum-boiling mixtures—azeotropes When the positive deviations from
ideality are sufficiently large and the vapor pressures of the two components are
not too far apart, the total-pressure curves at constant temperature may rise
through a maximum at some concentration, as in Fig. 9.74. Such a mixture is
said to form an azeotrope, or constant-boiling mixture. The significance of this is
more readily seen by study of the constant-pressure section (Fig. 9.7b or ¢). The
liquid- and vapor-composition curves are tangent at point L, the point of

1 The ratio of the actual equilibrium partial pressure of 2 component 5* to the ideal value px is
the activity coefficient referred to the pure substance: y = p*/px: Since y is greater than unity in
these cases and log ¥ is therefore positive, the deviations are termed positive deviations from ideality.
A very extensive science of the treatment of nonideal solutions through activity coefficients has been
developed by which, from a very small number of data, all the vapor-liquid equilibria of a system
can be predicted [42).
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azeotropism at this pressure, which represents the minimum-boiling temperature
for this system. For all mixtures of composition less than L, such as those at C,
the equilibrium vapor (E) is richer in the more volatile component than the
liquid (D). For all mixtures richer than L, however, such as at F, the equilibrium
vapor (G) is less rich in the more volatile substance than the liquid (H). A
mixture of composition L gives rise to a vapor of composition identical with the
liquid, and it consequently boils at constant temperature and without change in
composition. If solutions either at D or H are boiled in an open vessel with
continuous escape of the vapors, the temperature and composition of the
residual liquids in each case move along the lower curve away from point L
(toward X for a liquid at H, and toward J for one at D).

Solutions like these cannot be completely separated by ordinary distillation
methods at this pressure, since at the azeotropic composition y* = x and
a = 1.0.} The azeotropic composition as well as its boiling point changes with
pressure, In some cases, changing the pressure may eliminate azeotropism from
the system.

Azeotropic mixtures of this sort are very common, and thousands have been
recorded [25). One of the most important is the ethanol-water azeotrope which at
1 atm occurs at 89.4 mole percent ethanol and 78.2°C. Azeotropism disappears
in this system at pressures below 70 mmHg.

Partial liquid miscibility Some substances exhibit such large positive deviations
from ideality that they do not dissolve completely in the liquid state, e.g.,
isobutanol-water (Fig. 9.8). The curves through points C and E represent the
solubility limits of the constituents at relatively low temperatures. Mixtures of
composition and temperature represented by points within the central area, such
as point D, form two liquid phases at equilibrium at C and E, and line CE is a
liquid tie line. Mixtures in the regions on either side of the solubility limits such
as at F are homogeneous liquids. The solubility ordinarily increases with
increased temperature, and the central area consequently decreases in width. If
the pressure were high enough for vaporization not to occur, the liquid-solubility
curves would continue along the broken extensions as shown. At the prevailing
pressure, however, vaporization occurs before this can happen, giving rise to the
branched vapor-liquid equilibrium curves. For homogeneous liquids such as that
at F, the vapor-liquid equilibrium phenomena are normal, and such a mixture
boils initially at H to give the first bubble of vapor of composition J. The same
is true of any solution richer than M, except that here the vapor is leaner in the
more volatile component. Any two-phase liquid mixture within the composition
range from K to M will boil at the temperature of the line KM, and all these give
rise to the same vapor of composition L. A liquid mixture of average composi-
tion L, which produces a vapor of the same composition, is sometimes called a

t For compositions to the right of L (Fig. 9.7) « as usually computed is less than unity, and the
reciprocal of a is then ordinanly used.
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heteroazeotrope. The corresponding distribution diagram with the tie line HJ,
solubility limits at the bubble point K and M, and the azeotropic point L is
shown in Fig. 9.8b.

In relatively few instances the azeotropic composition lies outside the limits
of solubility, as in the systems methyl ethyl ketone—water and phenol-water. In
others, especially when the components have a very large difference in their

boiling points, no azeotrope can form, as for ammonia-toluene and carbon
dioxide—water.



Insoluble liquids; steam distillation The mutual solubility of some liquids is so
small that they can be considered substantially insoluble: points K and M (Fig.
9.8) are then for all practical purposes on the vertical axes of these diagrams.
This is the case for a mixture such as a hydrocarbon and water, for example. If
the liquids are completely insoluble, the vapor pressure of either component
cannot be influenced by the presence of the other and each exerts its true vapor
pressure at the prevailing temperature. When the sum of the separate vapor
pressures equals the total pressure, the mixture boils, and the vapor composition
is readily computed, assuming the applicability of the simple gas law,

PatpP=0p (9.8)
y* = ‘1’)—" (9.9)

So long as two liquid phases are present, the mixture will boil at the same
temperature and produce a vapor of constant composition.

Hustration 92 A mixture containing 50 g water and 50 g ethylaniline, which can be assumed to
be essentially insoluble, is boiled at standard atmospheric pressure. Describe the phenomena
that occur.

SoruTion Since the liquids are insoluble, each exerts its own vapor pressure, and when the sum
of these equals 760 mmHg, the mixture boils,

pa(water), ppg(ethylaniline), P =pat Py

t, °C mmHg mmHg mmHg

385 511 1 521

644 199.7 5 205

80.6 363.9 10 374

96.0 657.6 20 678

99.15 737.2 22.8 760

113.2 1225 40 1265
204 760

The mixture boils at 99.15°C.

= 0.97 mole fraction water

| —y*= ? = 7—66 = (.03 mole fraction ethylaniline

The original mixture contained 50/18.02 = 2.78 g mol water and 50/121.1 = 0.412 g mol
ethylaniline. The mixture will continue to boil at 99.15°C, with an equilibrium vapor of the
indicated composition, until all the water has evaporated together with 2.78(0.03/0.97) = 0.086
g mol of the ethylaniline. The temperature will then rise to 204°C, and the equilibrium vapor
will be pure ethylaniline.

Note that by this method of distillation with steam, so long as liquid water is
present, the high-boiling organic liquid can be made to vaporize at a tempera-
ture much lower than its normal boiling point without the necessity of a
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vacuum-pump equipment operating at 22.8 mmHg. If boiled at 204°C, this
compound will undergo considerable decomposition. However, the heat require-
ments of the steam-distillation process are great since such a large amount of
water must be evaporated simultaneously. Alternatives would be (1) to operate
at a different total pressure in the presence of liquid water where the ratio of the
vapor pressures of the substances may be more favorable and (2) to sparge
superheated steam (or other insoluble gas) through the mixture in the absence of
liquid water and to vaporize the ethylaniline by allowing it to saturate the steam.

Negative Deviations from Ideality

When the total pressure of a system at equilibrium is less than the ideal value,
the system is said to deviate negatively from Raoult’s law. Such a situation is -
shown in Fig. 9.9 at constant temperature. Note that in this case, as with positive
deviations, where neither vapor association nor liquid dissociation occurs, the
partial pressures of the constituents of the solution approach ideality as their
concentrations approach 100 percent. The constant-pressure diagram for such a
case has the same general appearance as the diagrams shown in Fig. 9.2.

Maximum-boiling mixtures—azeotropes When the difference in vapor pressures
of the components is not too great and in addition the negative deviations are
large, the curve for total pressure against composition may pass through a
minimum, as in Fig. 9.10a. This condition gives rise to a maximum in the boiling
temperatures, as at point L (Fig. 9.105), and a condition of azeotropism. The
equilibrium vapor is leaner in the more volatile substance for liquids whose x is
less than the azeotropic composition and greater if x is larger. Solutions on
either side of the azeotrope, if boiled in an open vessel with escape of the vapor,
will ultimately leave a residual liquid of the azeotropic composition in the vessel.
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Maximum-boiling azeotropes are less common than the minimum type. One
which is very well known is that of hydrochloric acid—water (11.1 mole percent
HCIl, 110°C, at 1 std atm), which can be prepared simply by boiling a solution
of any strength of the acid in an open vessel. This is one method of standardiz-
ing hydrochloric acid.

Enthalpy-Concentration Diagrams

Binary vapor-liquid equilibria can also be plotted on coordinates of enthalpy vs.
concentration at constant pressure. Liquid-solution enthalpies include both
sensible heat and the heat of mixing the components

H, = C, (1, — ty)M,, + AH, (9.10)

where C, is the heat capacity of the solution, energy/(mol) (degree), and AHj is
the heat of solution at #, and the prevailing concentration referred to the pure
liquid components, energy/mol solution. For saturated liquids, ¢, is the bubble
point corresponding to the liquid concentration at the prevailing pressure.
Heat-of-solution data vary in form, and some adjustment of the units of
tabulated data may be necessary. If heat is evolved on mixing, AHg will be
negative, and for ideal solutions it is zero. For ideal solutions, the heat capacity
is the weighted average of those for the pure components.

For present purposes, saturated-vapor enthalpies can be calculated ade-
quately by assuming that the unmixed liquids are heated separately as liquids to
the gas temperature f; (the dew point), each vaporized at this temperature, and
the vapors mixed

HG =y[CL,AMA(,G - to) + AAMA] + (1 _y)[CL.BMB(tG - tO) + ABME]
(©.11)

where A, and Ap are latent heats of vaporization of pure substances at f; in
energy per mole and C, , and C, y are heat capacities of pure liquids,
energy /(mole)(degree).

In the upper part of Fig. 9.11, which represents a typical binary mixture, the
enthalpies of saturated vapors at their dew points have been plotted vs. y and
those of the saturated liquids at their bubble points vs. x. The vertical distances
between the two curves at x = 0 and 1 represent, respectively, the molar latent
heats of B and A. The heat required for complete vaporization of solution C is
Hp — H energy/mole solution. Equilibrium liquids and vapors may be joined
by tie lines, of which line EF is typical. The relation between this equilibrium
phase diagram and the xy plot is shown in the lower part of Fig. 9.11. Here the
point G represents the tie line EF, located on the lower plot in the manner
shown. Other tie lines, when projected to the xp plot, produce the complete
equilibrium-distribution curve.

Characteristics of the Hxy and xy diagrams [46] Let point M on Fig. 9.11
represent M mol of a mixture of enthalpy H,, and concentration z,,, and
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similarly ¥ is N mol of a mixture of properties Hy, zy. Adiabatic mixing of M
and N will produce P mol of a mixture of enthalpy H, and concentration zp. A
total material balance is

M+ N=P (9.12)
and a balance for component A is
Mz, + Nzy = Pz, (9.13)
An enthalpy balance is
MH,, + NH, = PH, (9.14)

Elimination of P between Egs. (9.12) and (9.13) and between (9.12) and (9.14)
yields
M_zy=zp, Hy” H (9.15)

N 2z, -2z, Hp— Hy
This is the equation of a straight line on the enthalpy-concentration plot, passing
through points (H,y, 2,,), (Hy, zy), and (Hp, zp). Point P is therefore on the
straight line MN, located so thal M /N = line NP/line PM. Similarly if mixture
N were removed adiabatically from mixture P, the mixture M would result.
Consider now mixture C(H, z.) in Fig. 9.12. It will be useful to describe
such a mixture in terms of saturated vapors and liquids, since distillation is
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mostly concerned with such mixtures. C can be considered the result of
adiabatically removing saturated liquid D from saturated vapor E(DE is not a
tie line), and x, and y, can be located on the lower diagram as shown. But C
can equally well be considered as having been produced by adiabatically
subtracting F from G, or J from K, or indeed by such a combination of
saturated liquids and vapors given by any line from C which intersects the
saturated-enthalpy curves. These, when projected to the lower diagram, form the
curve shown there. Thus any point C on the Hxy diagram can be represented by
the difference between saturated vapors and liquids and in turn also by a curve
on the xy plot. For the combination E-D = C, a material balance shows

2= zc—y5=1ineCE
E z.-xp, lineCD

(9.16)

This is the equation on the xy diagram of the chord of slope D/E drawn
between point (yg, x,) and y = x = z- on the 45° line. Similarly, the ratios
F/G and J/ K would be shown by the slopes of chords drawn from these points
toy = x = z..



Consideration of the geometry of the diagram will readily show the follow-
ing:

1. If the Hgzy and H, x curves are straight parallel lines (which will occur if the
molar Jatent heats of A and B are equal, if the heat capacities are constant
over the prevailing temperature range, and if there is no heat of solution),
then D/E = F/G = J/K for adiabatic subtraction, since the line-segment
ratios are then equal, and the curve on xy representing C becomes a straight
line.

2. If point C is moved upward, the curve on xy becomes steeper, ultimately
coinciding with the 45° line when C is at infinite enthalpy.

-3. If point C is on the H;y curve, the curve on xp becomes a horizontal straight
line; if C is on the H, x curve, the curve on xy becomes a vertical straight
line.

These concepts will be useful in understanding the applications of these
diagrams.

Multicomponent Systems

Nonideal systems of three components can be treated graphically, using triangu-
lar coordinates to express the compositions in the manner of Chap. 10, but for
more than three components graphical treatment becomes very complicated.
Actually our knowledge of nonideal systems of this type is extremely limited,
and relatively few data have been accumulated. Many of the multicomponent
systems of industrial importance can be considered nearly ideal in the liquid
phase for all practical purposes. This is particularly true for hydrocarbon
mixtures of the same homologous series, e.g., those of the paraffin series or the
lower-boiling aromatic hydrocarbons.’ In such cases Raoult’s law, or its equiv-
alent in terms of fugacities, can be applied and the equilibria calculated from the
properties of the pure components. But it is generally unsafe to predict detailed
behavior of a multicomponent system from consideration of the pure compo-
nents alone, or even from a knowledge of the simple binary systems that may be
formed from the components. For example, three-component systems sometimes
form ternary azeotropes whose equilibrium vapor and liquid have identical
compositions. But the fact that one, two, or three binary azeotropes exist
between the components does not make the formation of a ternary azeotrope
certain, and a ternary azeotrope need not necessarily coincide with the composi-
tion of minimum or maximum bubble-point temperature for the system at
constant pressure. The complexities of the systems make the digital computer
helpful in dealing with the data [44].

1 Hydrocarbons of different molecular structure, however, frequently form such nonideal solu-
tions that azeotropism occurs, for example, in the binary systems hexane-methyl cyclopentane,
hexane-benzene, and benzene-cyclohexane.
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For multicomponent systems particularly, it is customary to describe the
equilibrium data by means of the distribution coefficient m?, For component J,

my == (9.17)

where in general m; depends upon the temperature, pressure, and composition
of the mixture. The relative volatility a;y of component 1 with respect to J is

Yi/xy  my
For ideal solutions at moderate pressure, m; is independent of composition and

depends only upon the temperature (as this affects vapor pressure) and the total
pressure: '

ay

Py

my =22 9.19

=2 ©0.19)

and ay =2 (9.20)
Py

Bubble point For the bubble-point vapor,
Sy =10 9.21)
or mux, + mpxg + mexe 4+ - - =10 (9.22)

With component J as a reference component,

—
o

Ma¥a |, Me¥p  McXe 29 (9.23)
my ny y i)

1
or Qpgxp t+ apXp + QepXe + 00 =2 px; = oy (9.24)

J

The equilibrium bubble-point vapor composition is given by
_ %X

¥ S ox, (9.25)

The liquid composition and total pressure having been fixed, the calculation of
the temperature is made by trial to satisfy Eq. (9.24). Convergence is rapid since
a’s vary only slowly with changing temperature (see Illustration 9.3).

Dew point For the dew-point liquid,
x¥ =10 (9.26)

Ya e Ve L 210 (9.27)
my, mg me

T K rather than s is generally used to denote the distribution coefficient, but here we shall use X
for the overall mass-transfer coefficient.
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With component J as a reference component,

m m m
MaYa Ve Thde Loy (9.28)
my mg me
ELSP4 RSN / R (9.29)
Qpy Qg Qg &y
The dew-point liquid composition is given by
S LYE (9.30)

e E(yi/ai,l)
Illustration 9.3 demonstrates the method of computation.

Tilustration 93 A solution of hydrocarbons at a total pressure 350 kN /m? (50.8 1b,/in®) has the
analysis n-C;Hg = 5.0, n-C{H,y = 30.0, n-CsH,, = 40.0, n-C4H,, = 25.0 mol%. Compute the
bubble point and the dew point.

SoLuTioN Values of m will be taken from the DePriester nomograph (Chem. Eng. Prog. Symp.
Ser., 4X(T), 1 (1953); also “Chemical Engineers’ Handbook,” 5th ed., fig. 13-65], which assumes
ideal liquid solutions.

Bubble point Column 1 lists the mole-fraction compositions. As a first estimate of the bubble
point, 60°C is chosen, and column 2 lists the corresponding m's at 60°C, 350 kN/m?2. The
reference component is chosen to be the pentane, and column 3 lists the relative volatilities
(ac, ¢, = 4.70/0.62 = 7.58, etc.). Za cx; = 1.702 (column 4), whence [Eq. (9.23)) me, =
1/1.702 = 0.588. The corresponding temperature, from the nomograph, is 56.8°C (135°F). The
calculations are repeated for this temperature in columns 5 to 7. mc, = 1/1.707 = 0.586,
corresponding to 1 = 56.7°C, which checks the 56.8°C assumed. This is the bubble point, and
the corresponding bubble-point vapor composition is given in column 8 (0.391/1.707 = 0.229,

etc.).
m, m;,
X 60°C &, ¢y o, e 56.8°C &, c &, c% Vi
m ) 3) “@ 5} (O] 4] )
n-C, 0.05 4.70 7.58 0.379 4,60 7.82 0.391 0.229
n-Cy 0.30 1.70 2.74 0.822 1.60 2.72 0816 0.478
n- 0.40 0.62 1.00 0.400 0,588 1.00 0.400 0.234
n- 0.25 0.25 0403 0.1008 0.235 0.40 0.100 0.0586
1.702 1.707 1.000
m, m;,
Yi 80°C %, i/, Cs 83.7°C %, ¢y /e, Cs X;
1 (6] (€)] @ &) ) (Y] ®)
n-Cy 0.05 6.30 6.56 0.00762 6.60 6.11 0.00818 0.0074
n-C, 0.30 2.50 2.60 0.1154 2.70 2.50 0.120 0.1088
n- 0.40 0.96 1.00 0.400 1.08 1.00 0.400 0.3626
n- 0.25 0.43 0.448 0.558 047 0.435 0.575 0.5213

1.081 L103 1.000
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Dew point The procedure is similar to that for the bubble point. The first estimate is 80°C
(176°F), whence Zy,/a; ¢, = 1.081 (column 4 = m¢, (Eq. (9.29)). The corresponding tempera-
ture is 83.7°C (183°F). Repetition leads to mc, = 1.103, corresponding to 84.0°C, which is the
dew point. The correspondiog dew-point-liquid compositions are listed in column 8
(0.00818/1.103 = 0.0074, etc.).

SINGLE-STAGE OPERATION—FLASH VAPORIZATION

Flash vaporization, or equilibrium distillation as it is sometimes called, is a
single-stage operation wherein a liquid mixture is partially vaporized, the vapor
allowed to come to equilibrium with the residual liquid, and the resulting vapor
and liquid phases are separated and removed from the apparatus. It may be
batchwise or continuous.

A typical flowsheet is shown schematically in Fig. 9.13 for continuous
operation. Here the liquid feed is heated in a conventional tubular heat ex-
changer or by passing it through the heated tubes of a fuel-fired furnace. The
pressure is then reduced, vapor forms at the expense of the liquid adiabatically,
and the mixture is introduced into a vapor-liquid separating vessel. The separa-
tor shown is of the cyclone type, where the feed is introduced tangentially into a
covered annular space. The liquid portion of the mixture is thrown by centri-
fugal force to the outer wall and leaves at the bottom, while the vapor rises
through the central chimney and leaves at the top. The vapor may then pass to a
condenser, not shown in the figure. Particularly for flash vaporization of a
volatile substance from a relatively nonvolatile one, operation in the separator
can be carried out under reduced pressure, but not so low that ordinary cooling
water will not condense the vapor product.

f\_,‘ Wi
A\ VAPOR
A1(
vl 0 moles / ime
/I
PRLTS , 0
o {nonese & d+0 LOWEM preey r»") Hp
<M Heat

exchanger fémpi““f"/’.""{"{ Df"\{r(”jo
FEED

£ moles /me
r

Hre

Separator

LIQuID

w moles / lime
W

Hy

Figure 9.13 Continuous ftash vaporimt:ion.



The product, D mol/time, richer in the more volatile substance, is in this
case entirely a vapor. The material and enthalpy balances are

F=D+ W (9.31)
Fz; = Dy, + Wx,, (9.32)
FH. + Q = DH, + WH,, (9.33)

Solved simultaneously, these yield

_Z=yD—ZF=HD_(HF+Q/F) (934)
D xy—2 Hy—(Hg+ Q/F) )

On the Hxy diagram, this represents a straight line through points of
coordinates (Hj, yp,) representing D, (Hy, x,) representing W, and (Hy +
Q/ F, z;) representing the feed mixture after it leaves the heat exchanger of Fig.
9.13. It is shown on the upper part of Fig. 9.14 as the line DW. The two
left-hand members of Eq. (9.34) represent the usual single-stage operating line
on distribution coordinates, of negative slope as for all single-stage (cocurrent)
operations (see Chap. 5), passing through compositions representing the influent
and effluent streams, points F and M on the lower figure. If the effluent streams
were in equilibrium, the device would be an equilibrium stage and the products

D ’
Hp 'D\\_
He+ ;@-
\V,
Hy 4 g
I
'O Ly 1.0
1.0ﬁ /e > pA
Arant [l I»ﬁ\‘c{z- ﬁ\% P
Ve
vl
N,
¥/
°r { “ 4 N- -2
Sopgo_ ¥ | WRT ST T AW gl L
Ope = D p?})'ﬁ, 2 i )
0

0 Yy 2r “’ 1.0 Figure 9.14 Flash vaporization.
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D’ and W’ would be on a tie line in the upper figure and on the equilibrium
curve at N on the lower figure. The richest vapor, but infinitesimal in amount, is
_that corresponding to P at the bubble point of the feed; and the leanest liquid,
but also infinitesimal in amount, is that corresponding to T at the dew point of
the feed. The compositions of the actual products will be between these limits,
depending upon the extent of vaporization of the feed and the stage efficiency.

Partial Condensation

All the equations apply equally well to the case where the feed is a vapor and Q,
the heat removed in the heat exchanger to produce incomplete condensation, is
taken as negative. On the upper part of Fig. 9.14, point F is then either a
saturated or superheated vapor.

INustration 9.4 A liquid mixture containing 50 mol % n-heptane (A), 50 mol % n-octane (B), at
30°C, is to be continuously flash-vaporized at I std atm pressure to vaporize 60 mol % of the
feed. What will be the composition of the vapor and liquid and the temperature in the separator
for an equilibrivm stage?

SOLUTION Basis: F = 100 mol feed, zy = 0.50. D = 60 mol, W = 40 mol, — W/D = — 40/60
= — 0.667. ’

The equilibrium data were determined in IHustration 9.1 and are plotted in Fig. 9.15. The
point representing the feed composition is plotted at P, and the operating line is drawn with a
slope —0.667 to intersect the equilibrium curve at T, where y}, = 0.575 mole fraction heptane
and xy, = 0.387 mole fraction heptane. The temperature at T is 113°C.
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Figure 9.15 Solution to Illustration 9.4.
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Multicomponent Systems—Ideal solutions
For mixtures leaving an equilibrium stage containing components A, B, C, etc.,
the equilibrium relation for any component J can be written

Yip=mx; (9.35)

Equation (9.34) also applies for each of the components, and when combined
with Eq. (9.35) for any component J, for an equilibrium stage gives

—_ * —
W _mX,w—2,r_ _ Yip~ 2ZiF

. —_ *
D Zyp ™ X w 2y F )’J,D/mJ

(9.36)

This provides the following expression, useful for equilibrium vaporization,

_ zy (W/D + 1)
750 = T+ W/ Dm, . 63

1.0 (9.38)

]

2y5
and for condensation,

_uAW/D+1)
x.‘. W = "1_, ¥ W/D (939)

Sxy = 1.0 (9.40)

Thus Eq. (9.37) can be used for each of the components with appropriate values
of m and z, and the sum of the y}’s so calculated must equal unity if the correct
conditions of W/D, temperature, and pressure have been chosen. A similar
interpretation is used for Egs. (9.39) and (9.40). These expressions reduce in the
limit to the bubble point (W/D = oo) and dew point (W/D = 0), Egs. (9.22)
and (9.30), respectively.

Illustration 9.5 A liquid containing 50 mol % benzene (A), 25 mol % toluene (B), and 25 mol %
o-xylene (C) is flash-vaporized at | std atm pressure and 100°C. Compute the amounts of liquid
and vapor products and their composition.

SoruTioN For Raoult’s law, y* = px/p,, so that for each component m=p/p,. p, =
760 mmHg. In the following table, column 2 lists the vapor pressures p at 100°C for each
substance and column 3 the corresponding value of m. The feed composition is listed in column
4. A value of W/ D is arbitrarily chosen as 3.0, and Eq. (3.37) used to compute y§'s in column
5. Since the sum of the y3’s is not unity, a new value of W/ D is chosen until finally (column 6)
W /D = 2.08 is seen 10 be correct.

Basis: F = 100 mol.

100 = W+ D %=2.08

Therefore D = 32.5 mol W = 67.5 mol

The composition of the residual liquid can be found by material balance or by equilibrium
relation, as in column 7.
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W .
— =30 W _ _ Fzp - Dyp
D 3 = 2.08 Xy = —___W
p= .
vapor P ze(W/D + 1) — e . _¥B
Substance pressure, m=ses F T I WD 7D, £%:3 y3 o
mmHg
(M @ e @ ® ©) )
053+ 1) _
A 1370 1.803 0.50 T+ 3/1803 371803 0.750 0715 0.397
B 550 0.724 025 0.1940 0.1983 0.274
C 200 0.263 0.25 0.0805 0.0865 0.329
2 = 1.0245 0.9998 1.000

Successive flash vaporizations can be made on the residuval liquids in a series
of single-stage operations, whereupon the separation will be better than that
obtained if the same amount of vapor were formed in a single operation. As the
amount of vapor formed in each stage becomes smaller and the total number of
vaporizations larger, the operation approaches differential distillation in the
limit.

DIFFERENTIAL, OR SIMPLE, DISTILLATION

If during an infinite number of successive flash vaporizations of a liquid only an
infinitesimal portion of the liquid were flashed each time, the net result would be
equivalent to a differential, or simple, distillation.

In practice this can only be approximated. A batch of liquid is charged to a
kettle or still fitted with some sort of heating device such as a steam jacket, as in
Fig. 9.16. The charge is boiled slowly, and the vapors are withdrawn as rapidly
as they form to a condenser, where they are liquefied, and the condensate
(distillate) is collected in the receiver. The apparatus is essentially a large-scale
replica of the ordinary laboratory distillation flask and condenser. The first
portion of the distillate will be the richest in the more volatile substance, and as
distillation proceeds, the vaporized product becomes leaner. The distillate can
therefore be collected in several separate batches, called cuts, to give a series of
distilled products of various purities. Thus, for example, if a ternary mixture
contained a small amount of a very volatile substance A, a majority of substance
B of intermediate volatility, and a small amount of C of low volatility, the first
cut, which would be small, would contain the majority of A. A large second cut
would contain the majority of B reasonably pure but nevertheless contaminated
with A and C, and the residue left in the kettle would be largely C. While all
three cuts would contain all three substances, nevertheless some separation
would have been obtained.
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Flgure 9.16 Batch still.

For such an operation to approach even approximately the theoretical
characteristics of a differential distillation, it would have to proceed infinitely
slowly so that the vapor issuing from the liquid would at all times be in
equilibrium with the liquid. All entrainment would have to be eliminated, and
there could be no cooling and condensation of the vapor before it entered the
condenser. Despite the fact that these conditions are substantially impossible to
attain, it is nevertheless useful to study the limiting results which a differential
distillation could produce as a standard for comparison.

Binary Mixtures

The vapor issuing from a true differential distillation is at any time in
equilibrium with the liquid from which it rises but changes continuously in
composition. The mathematical approach must therefore be differential. Assume
that at any time during the course of the distillation there are L mol of liquid in
the still of composition x mole fraction A and that an amount 4D mol of
distillate is vaporized, of mole fraction y* in equilibrium with the liquid. Then
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we have the following material balances:

Total material Component A
Moles in 0 0
Moles out dD y*dD
Moles accumulated dL d(Lx) = Ldx + xdL
In—out = accumulation 0—dD=dL 0 — y*dD = Ldx + xdL

The last two equations become

y*dL = Ldx + xdL (9.41)
FdL F *r dx
[ en [ o

where F is the moles of charge of composition xz and W the moles of residual
liquid of composition x,,. This is known as the Rayleigh equation, after Lord
Rayleigh, who first derived it. It can be used to determine F, W, xg, or x;,, when
three of these are known. Integration of the right-hand side of Eq. (9.42), unless
an algebraic equilibrium relationship between y* and x is available, is done
graphically by plotting 1/(y* — x) as ordinate against x as abscissa and
determining the area under the curve between the indicated limits. The data for
this are taken from the vapor-liquid equilibrium relationship. The composited
distillate composition y;, ,, can be determined by a simple material balance,

Fxz = Dyp ,, + Wxy (9.43)

Differential Condensation

This is a similar operation where a vapor feed is slowly condensed under
equilibrium conditions and the condensate withdrawn as rapidly as it forms. As
in distillation, the results can only be approximated in practice. A derivation
similar to that above leads to
Y
inL = f & (9.44)
D YF y—-x

where F is the moles of feed vapor of composition y. and D the vaporous
residue of composition y,.

Constant Relative Volatility

If Eq. (9.2) can describe the equilibrium relation at constant pressure by use of

some average relative volatility a over the concentration range involved, this can
be substituted in Eq. (9.42) to yield

ln—F-= 1 1 xF(l—xW)+lnl—xw

W a-1" x,(1-x) 1 — xp

(9.45)
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and graphical integration can be avoided. This can be rearranged to another
useful form

Fxp F(l - xg)
log WXW =a logm (946)

which relates the number of moles of A remaining in the residue, Wx,, to that
of B remaining, W(1 — x,,). These expressions are most likely to be valid for
ideal mixtures, for which « is most nearly constant.

Hlustration 9.6 Suppose the liquid of Illustration 9.4 [50 mol % n-heptane (A), 50 mol %
n-octane (B)] were subjected to a differential distillation at atmospheric pressure, with 60 mol %
of the liquid distilled. Compute the composition of the composited distillate and the residue.

SoLuTION Basis: F = 100 mol. xz = 0.50, D = 60 mol, W = 40 mol. Eq. (9.42):

n1% _ o916 =f°'5° dx

40 y*—x
The equilibrium data are given in Ilustrations 9.1 and 9.4. From these, the followmg are
calculated:
x 0.50 0.46 0.42 0.38 0.34 0.32
y* 0.689 0.648 0.608 0.567 0.523 0.497
1/(y* — x) 5.29 532 5.32 5.35 5.50 5.65

x as abscissa is plotted against 1/(y* — x) as ordinate, and the area under the curve obtained
beginning at x; = 0.50, When the area equals 0.916, integration is stopped; this occurs at
xy, = 0.33 mole fraction heptane in the residue. The composited distillate composition is
obtained through Eq. (9.43),

100(0.50) = 60yp, o, + 40(0.33)
¥p.av = 0.614 mole fraction heptane

Note that, for the same percentage vaporization, the separation in this case is better than that
obtained by flash vaporization; i.e., each product is purer in its majority component.

Alternatively, since for this system the average a = 2.16 at 1 atm (Illustration 9.1), Eg.
(9.46):

00(0.5) _ 100(1 — 0.5)
40y, =216log 8001 = x,)

from which by trial and error x;, = 0.33.

log L

Multicomponent Systems—Ideal Solutions

For multicomponent systems forming ideal liquid solutions, Eq. (9.46) can be
written for any two components. Ordinarily one component is chosen on which
to base the relative volatilities, whereupon Eq. (9.46) is written once for each of
the others. For example, for substance J, with relative volatility based on
substance B,

Fxy ¢
log Wr,

_ Fxg r
= Qg iogm (947)
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and Zx, =10 (9.48)

where x; r is the mole fraction of J in the feed and x, j, that in the residue.
Illustration 9.7 A liquid containing 50 mol % benzene (A), 25 mol % toluene (B), and 25 mol %
o-xylene (C) is differentially distilled at 1 atm, with vaporization of 32.5 mol % of the charge.
Raoult’s law applies. Compute the distillate and residue compositions. Note that this is the
same degree of vaporization as in Illustration 9.5.

SoruTioN The average temperature will be somewhat higher than the bubble point of the feed
(95°C, see Illustration 9.3) but is unknown. It will be taken as 100°C. Corrections can later be
made by computing the bubble point of the residue and repeating the work at the average
temperature, but a's vary little with moderate changes in temperature. The vapor pressures at
100°C are tabulated and a’s calculated relative to toluene, as follows:

p = vapor
pressure,

Substance 100°C, mmHg « Xp

A 1370 1370/550 = 2.49 0.50

B 550 1.0 0.25

C 200 0.364 0.25

Basis: F = 100 mol, D = 32.5 mol, W = 67.5 mol. Eq. (9.47):

, 100(0.50) _ 100(0.25)
For A: log—-—-—m‘ Sxaw 2.49 log Thr -~

i 100(0.25) _ 100{(0.25)
For C: ]Og——67.5xc, o 0.364 log ——-Ml ”
Eq. (9.48):

Xawd Xpwt xe =10

Solving simultaneously by assuming values of xp , computing X,y and x¢, 4, and checking
their sum until it equals unity gives x, = 0.385, xp 3y = 0.285, xc y = 0.335. The sum is
1.005, which is taken as satisfactory.

The composited distillate composition is computed by material balances. For A,

100(0.50) = 32.5y, p gy + 67.5(0385)  ya p.,v = 0742
Similarly, Y8, p,ay = 0.178 and y¢, p, 4 = 0.075

Note the improved separation over that obtained by flash vaporization (Illustration 9.5).

CONTINUOUS RECTIFICATION—BINARY SYSTEMS

Continuous rectification, or fractionation, is a multistage countercurrent distilla-
tion operation. For a binary solution, with certain exceptions it is ordinarily
possible by this method to separate the solution into its components, recovering
each in any state of purity desired.

Rectification is probably the most frequently used separation method we
have, although it is relatively new. While simple distillation was known in the
first century, and perhaps earlier, it was not until about 1830 that Aencas Coffey



of Dublin invented the multistage, countercurrent rectifier for distilling ethanol
from fermented grain mash {56). His still was fitted with trays and down-spouts,
and produced a distillate containing up to 95 percent ethanol, the azeotrope
composition. We cannot do better today except by special techniques.

The Fractionation Operation

In order to understand how such an operation is carried out, recall the discus-
sion of reboiled absorbers in Chap. 8 and Fig. 8.28. There, because the liquid
leaving the bottom of an absorber is at best in equilibrium with the feed and
may therefore contain substantial concentrations of volatile component, trays
installed below the feed point were provided with vapor generated by a reboiler
to strip out the volatile component from the liquid. This component then
entered the vapor and left the tower at the top. The upper section of the tower
served to wash the gas free of less volatile component, which entered the liquid
to leave at the bottom,

So, too, with distillation. Refer to Fig. 9.17. Here the feed is introduced
more or less centrally into a vertical cascade of stages. Vapor rising in the
section above the feed (called the absorption, enriching, or rectifying section) is
washed with liquid to remove or absorb the less volatile component. Since no
extraneous material is added, as in the case of absorption, the washing liquid in
this case is provided by condensing the vapor issuing from the top, which is rich
in more volatile component. The liquid returned to the top of the tower is called
reflux, and the material permanently removed is the distillate, which may be a
vapor or a liquid, rich in more volatile component. In the section below the feed
(stripping or exhausting section), the liquid is stripped of volatile component by
vapor produced at the bottom by partial vaporization of the bottom liquid in the
reboiler. The liquid removed, rich in less volatile component, is the residue, or
bottoms. Inside the tower, the liquids and vapors are always at their bubble
points and dew points, respectively, so that the highest temperatures are at the
bottom, the lowest at the top. The entire device is called a fractionator.

The purities obtained for the two withdrawn products will depend upon the
liquid/gas ratios used and the number of ideal stages provided in the two
sections of the tower, and the interrelation of these must now be established.
The cross-sectional area of the tower, however, is governed entirely by the
quantities of materials handled, in accordance with the principles of Chap. 6.

Overall Enthalpy Balances

In Fig. 9.17, the theoretical trays are numbered from the top down, and
subscripts generally indicate the tray from which a stream originates: for
example, L, is mol liquid/time falling from the nth tray. A bar over the quantity
indicates that it applies to the section of the column below the point of
introdpetion of the feed. The distillate product may be liquid, vapor, or a
mixture. The reflux, however, must be liquid. The molar ratio of reflux to
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TSR
i b 4

(9.49)

which is specified in accordance with principles to be established later.}
Consider the condenser, envelope I (Fig. 9.17). A tota] materal balance is

GI=D+LO

(9.50)

1 The ratio L/ G is sometimes called the internal reflux ratio; L/ F is also used for certain reflux

correlations.
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or G,=D+ RD=D(R+1) (9.51)
For substance A
Gy, = Dz + Lyx, (9.52)

Equations (9.50) to (9.52) establish the concentrations and quantities at the top
of the tower. An enthalpy balance, envelope I,

G,Hg, = Q¢ + LyH,, + DH), (9.53)
Qc = D[(R + 1)Hg, — RHyy — Hp) (9.54)

provides the heat load of the condenser. The reboiler heat is then obtained by a
comyplcte enthalpy balance about the entire apparatus, envelope II,
2

Qp=DH, + WH,, + Q- + Q, — FH¢ (9.55)

where @, is the sum of all the heat losses. Heat economy is frequently obtained
by heat exchange between the residue product, which issues from the column at
its bubble point, and the feed for purposes of preheating the feed. Equation
{9.55) still applies provided that any such exchanger is included inside envelope
1L

Two methods will be used to develop the relationship between numbers of
trays, liquid/vapor ratios, and product compositions. The first of these, the
method of Ponchon and Savarit [41, 46, 50] is rigorous and can handle ali
situations, but it requires detailed enthalpy data for its application. The second,
the method of McCabe and Thiele {36}, a simplification requiring only con-
centration equilibria, is less rigorous yet adequate for many purposes.t

MULTISTAGE (TRAY) TOWERS—THE METHOD OF
PONCHON AND SAVARIT

The method will first be developed for the case of negligible heat losses.

The Enriching Section 377

Consider the enriching section through tray n, envelope III, Fig. 9.17. Tray n is
any tray in this section. Material balances for the section are, for total material,

G =L, +D (9.56)

and for component A,
Gps1Yps1 = L,x, + Dz, (9.57)
Gos1 Vs, — Lo, =5/DZD L A" (9.58)

The left-hand side of Eq. (9.58) represents the difference in rate of flow of

T The treatment of each method is complete in itself, independent of the other. For instructionat
purposes, they may be considered in either order, or one may be omitted entirely.
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component A, up — down, or the net flow upward. Since for a given distillation
the right-hand side is constant, it follows that the difference, or net rate of flow
of A upward, is constant, independent of tray number in this section of the
tower, and equal to that permanently withdrawn at the top.

An enthalpy balance, envelope III, with heat loss n_(zglz'_,g’i’l)'l_eJJ_iws,_ . !E}'

@ Gellen = L G DHY I L 05)
Let Q’ be the heat removed in the condenser and the permanently removed

distillate, per mole of distillate. Then

+ DH
Q=&ﬁrl:%+% (9.60)

and Gn+|HG",, T LnHL,, = @Q/I covsgwio (9:61)

The left-hand side of Eq. (9.61) represents the difference in rate of flow of heat,
up — down, or the net flow upward. Since for a given set of circumstances the
right-hand side is constant, the difference, or net rate of flow upward, is
constant, independent of tray number in this section of the tower, and equal to
that permanently taken out at the top with the distillate and at the condenser.

Elimination of D between Egs. (9.56) and (9.57) and between Egs. (9.56)

and (9.61) yields PRV g
& '— H
Ln = Zp yn+l — Q - Gt (9.62)
Gn+l Zp — Xn Q - HL,,

L,/ G, is called the internal reflux ratio. .
On the Hxy diagram, Eq. (9.62) is the equation of a straight line through

(Hg - Yas1) 2t Gy (Hp,, x,) at L, and (Q', zp) at Ap. The last is called a

difference point, since its coordinates represent differences in rates of flow:

0 = difference in heat flow, up — down _ net heat out
A net moles total substance out net moles out

D . .
I difference in flow of component A, up — down _ net moles A out
L ret moles total substance out net moles out

A, then represents a fictitious stream, in amount equal to the net flow outward
(in this case D) and of properties (Q’, z,) such that

Gy — L, = A, (9.63)

On the xy diagram, Eq. (9.62) is the equation of a straight line of slope L, /G, ..,
through (y, ., x,) and y = x = z,,. These are plotted on Fig. 9.18, where both
diagrams are shown.

Figure 9.18 is drawn for a total condenser. The distillate D and reflux L,
then have identical coordinates and are plotted at point D. The location shown
indicates that they are below the bubble point. If they were at the bubble point,
D would be on the saturated-liquid curve. The saturated vapor G, from the top

tray, when totally condensed, has the same composition as D and L, Liquid L,
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Figure 9.18 Enriching section, total condenser, reflux below the bubble point.

leaving ideal tray 1 is in equilibrium with G, and is located at the end of tie
line 1. Since Eq. (9.62) applies to all trays in this section, G, can be located on
the saturated-vapor curve by a line drawn from L, to A,; tie line 2 through G,
locates L,, etc. Thus, alternate tie lines (each representing the effluents from an
ideal tray) and construction lines through A, provide the stepwise changes in
concentration occurring in the enriching section. Intersections of the lines
radiating from A, with the saturated-enthalpy curves, such as points G, and L,,
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when projected to the lower diagram, produce points such as P. These in turn
produce the operating curve CP, which passes through y = x = z,. The tie
lines, when projected downward, produce the equilibrium-distribution curve,
and the stepwise nature of the concentration changes with tray number then
becomes obvious. The difference point A, is used in this manner for all trays in
the enriching section, working downward until the feed tray is reached.

Enriching trays can thus be located on the Hxy diagram alone by alternat-
ing construction lines to A, and tie lines, each tie line representing an ideal tray.
As an alternative, random lines radiating from A, can be drawn, their intersec-
tions with the Hg;y and H, x curves plotted on the xy diagram to produce the
operating curve, and the trays determined by the step construction typical of
such diagrams.

At any tray n (compare Fig. 9.12) the L, /G, ratio is given by the ratio of
line lengths A, G, /A, L, on the upper diagram of Fig. 9.18 or by the slope of
the chord as shown on the lower diagram. Elimination of G,,, between Egs.
(9.56) and (9.62) provides

Q’ - HG.H = Zp T Y+
HG,,.” - HL, In+t T Xn

Ln —
2= (9.64)

Applying this to the top tray provides the external reflux ratio, which is usually
the one specified:

Ly Q' - Hg _lineApG, _ lineA,yG, (9.65)
D~ Ho— Hy  TmeGL,  TneG,D '

For a given reflux ratio, the line-length ratio of Eq. (5.65) can be used to locate
A, vertically on Fig. 9.18, and the ordinate Q' can then be used to compute the
condenser heat load.

In some cases a partial condenser is used, as in Fig. 9.19. Here a saturated
vapor distillate D is withdrawn, and the condensate provides the reflux. This is
frequently done when the pressure required for complete condensation of the
vapor G, at reasonable condenser temperatures, would be too large. The A, is
plotted at an abscissa y,, corresponding to the composition of the withdrawn
distillate. Assuming that an equilibrium condensation is realized, reflux L, is at
the end of the tie line C. G, is located by the construction line Ly A, etc. In the
lower diagram, the line MN solves the equilibrium-condensation problem (com-
pare Fig. 9.14). The reflux ratio R = Ly/D = line A, G,/line G,L,, by applica-
tion of Eq. (9.65). It is seen that the equilibrium partial condenser provides one
equilibrium tray’s worth of rectification. However, it is safest not to rely on such
complete enrichment by the condenser but instead to provide trays in the tower
equivalent to all the stages required.



378 MASS-TRANSFER OPERATIONS

. [~
80— o=my+

Gi

Her

Ly

X n yo 10

e 1.0
/
= "
[ N Y
-2 SI0pe=~Lp—°

Figure 9.19 Partial condenser,

The Stripping Section

Consider the envelope 1V, Fig. 9.17, where tray m is any tray in the stripping
section. A balance for total material is

L,=Guu+ W (9.66)

and, for component A,
Em‘xm = —m+lym+l + WXW (967)
L_'mxm - G_m+1ym+l = wa (9.68)

The left-hand side of Eq. (9.68) represents the difference in rate of flow of
component A, down — up, or the net flow downward. Since the right-hand side
is a constant for a given distillation, the difference is independent of tray
number in this section of the tower and equal to the rate of permanent removal
of A out the bottom. An enthalpy balance is

L,H, + Q= G, H; + WH, (9.69)
Define Q” as the net flow of heat outward at the bottom, per mole of residue

_ &
or e Wi W 0 070
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whence L, H, - G, He

.= WQ” (9.71)
The left-hand side of Eq. (9.71) is the difference in rate of flow of heat,
down — up, which then equals the constant net rate of heat flow out the bottom
for all trays in this section.

Elimination of W between Egs. (9.66) and (9. 67) and between Eqs. (9.66)

and (9.71) provides

_ fn/& flaan’ "
_Lm — Ym+1r — xW A Gpet 7 Q” (972)
Gm+l Ym T Xw L'" Q
On the Hxy dlagram Eq. (9.72) is a straight line through (H; ,»..) at
Gpvis (H, x,) at L, and (Q”, xy) at Ay. Ay is a difference pomt, whose

coordinates mean

difference in heat flow, down — up _ mnet heat out
net moles of total substance out net moles out

Q" =

difference in flow of component A, down — up _ moles A out
net moles of total substance out net moles out

Xy =

Thus, A, is a fictitious stream, in amount equal to the net flow outward (in this
case W), of properties (Q”, xy),

L,-G,.,=A4A, (9.73)
On the xy diagram, Eq. (9.72) is a straight line of slope L,,/G,,.,, through
(Uma1 %) andy = x = x,,. These straight lines are plotted in Fig. 9.20 for both
diagrams.

Since Eq. (9.72) applies to all trays of the stripping section, the line on the
Hxy plot of Fig. 9.20 from GN +1 (vapor leaving the reboiler and entcring the
bottom tray N, of the tower) to 'A,, intersects the saturated-liquid-enthalpy curve
at L,,, , the hquld leaving the bottom tray. Vapor GN leaving the bottom tray is
in cqulhbnum with tiquid L N, and is located on the tie line N,. Tie lines
projected 1o the xy diagram produce points on the equilibrium curve and lines
through Ay, provide points such as 7 on the operating curve. Substitution of Eq.
(9.66) into Eq. (9.72) provides

& - HG,,,H B Q” = Ym+1l — Xw (974)
w HG,,,, - I{L,,1 Yme1 = Xy

The diagrams have been drawn for the type of reboiler shown in Fig. 9.17, where
the vapor leaving the reboiler is in equilibrium with the residue, the reboiler
thus providing an equilibrium stage of enrichment (tie line B, Fig. 9.20). Other
methods of applying heat at the bottom of the still are considered later.
Stripping-section trays can thus be determined entirely on the Hxy diagram
by alternating construction lines to Ay, and tie lines, each tie line accounting for
an equilibrium stage. Alternatively, random lines radiating from A, can be
drawn, their intersections with curves Hzy and H, x plotted on the xy diagram
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Flgure 9.20 Stripping section.

to produce the operating curve, and the stages determined by the usual step
construction.

The Complete Fractionator

Envelope I of Fig. 9.17 can be used for material balances over the entire device
F=D+ W (9.75)

Fzp = Dz, + Wxy, (9.76)

Equation (9.55) is a complete enthalpy balance. If, in the absence of heat losses
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(Q, = 0), the definitions of Q' and Q” are substituted into Eq. (9.55), it
becomes

FH. = DQ' + WQ” 9.77)
If Fis eliminated from Eqs. (9.75) to (9.77), there results
D _zg=xw _Hp=Q"

Wi gg— z | 5O — Hy

This is the equation of a straight line on the Hxy diagram, through (Q’, z,) at
Ap, (Hg, zg) at F, and (Q”, xy) at A, as plotted in Fig. 9.21. In other words,

(9.78)

F=Ap+4, (9.79)
AD s | 0’
v Hevs. y
i S
.4
0 X 16, 6,0
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Figure 921 The entire fractionator. Feed below the bubble point and a total condenser.



The location of F, representing the feed, on Fig. 9.21 shows the feed in this case
to be a liquid below the bubble point. In other situations, F may be on the
saturated-liquid or vapor curve, between them, or above the saturated-vapor
curve. In any event, the two A points and F must lie on a single straight line.

The construction for trays is now clear. After locating F and the concentra-
tion abscissas zj, and x,, corresponding to the products on the Hxy diagram, Ap,
is located vertically on line x = z,, by computation of Q’ or by the line-length
ratio of Eq. (9.65) using the specified reflux ratio R. The line A, F extended to
x = x, locates A,,, whose ordinate can be used to compute Q,. Random lines
such as ApJ are drawn from A, to locate the enriching-section operating curve
on the xy diagram, and random lines such as A, V are used to locate the
stripping-section operating curve on the lower diagram. The operating curves
intersect at M, related to the line A, F Ay, in the manner shown. They intersect
the equilibrium curve at 2 and b, corresponding to the tie lines on the Hxy
diagram which, when extended, pass through A, and A,,, respectively, as shown.
Steps are drawn on the xp diagram between operating curves and equilibrium
curve, beginning usvally at x = y = z,, (or at x = y = X, if desired), each step
representing an equilibrium stage or tray. A change is made from the enriching
to the stripping operating curve at the tray on which the feed is introduced, in the
case shown the feed is to be introduced on the tray whose step straddles point
M. The step construction is then continued to x = y = x,,.

Liquid and vapor flow rates can be computed throughout the fractionator
from the line-length ratios [Eqs. (9.62), (9.64), (9.72), and (9.74)] on the Hxy
diagram.

Feed-Tray Location

The material and enthalpy balances from which the operating curves are derived
dictate that the stepwise construction of Fig. 9.21 must change operating lines at
the tray where the feed is to be introduced. Refer to Fig. 9.22, where the
equilibrium and operating curves of Fig. 9.21 are reproduced. In stepping down
from the top of the fractionator, it is clear that, as shown in Fig. 9.22a, the
enriching curve could have been used to a position as close to point a as desired.
As point a is approached, however, the change in composition produced by each
tray diminishes, and at a a pinch develops. As shown, tray f is the feed tray.
Alternatively, the stripping operating curve could have been used at the first
opportunity after passing point b, to provide the feed tray f of Fig. 9.225 (had
the construction begun at xy,, introduction of feed might have been delayed to
as near point b as desired, whereupon a pinch would develop at 5).

In the design of a new fractionator, the smallest number of trays for the
circumstances at hand is desired. This requires that the distance between
operating and equilibrium curves always be kept as large as possible, which will
occur if the feed tray is taken as that which straddles the operating-curve
intersection at M, as in Fig. 9.21. The total number of trays for either Fig. 9.224
or b is of necessity larger. Delayed or early feed entry, as shown in these figures,
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is used only where a separation is being adapted to an existing tower equipped
with a feed-tray entry nozzle on a particular tray, which must then be used.
Consider again the feed tray of Fig. 9.21. It is understood that if the feed is
all liquid, it is introduced above the tray in such a manner that it enters the tray
along with the liquid from the tray above. Conversely, if the feed is all vapor, it
is introduced underneath the feed tray. Should the feed be mixed liquid and
vapor, in principle it should be separated outside the column and the liquid
portion introduced above, the vapor portion below, the feed tray. This is rarely



done, and the mixed feed is usually introduced into the column without prior
separation for reasons of economy. This will have only a small influence on the
number of trays required [6].

Increased Reflux Ratio

As the reflux ratio R = Ly/ D is increased, the A, difference point on Fig. 9.21
must be located at higher values of Q’. Since Ap, F, and Ay, are always on the
same line, increasing the reflux ratio lowers the location of Ay, These changes
result in larger values of L,/G,,, and smaller values of L,,/G,,,,, and the
operating curves on the xp diagram move closer to the 45° diagonal. Fewer trays
are then required, but Qr, Oy, L, L, G, and G all increase; condenser and
reboiler surfaces and tower cross section must be increased to accommodate the
larger loads.

Total Reflux

Ultimately, when R = ¢0, L,/G,., = L,,/G,,., = 1, the operating curves both
coincide with the 45° line on the xp plot, the A points are at infinity on the Hxy
plot, and the number of trays required is the minimum value, N,,. This is shown
in Fig. 9.23. The condition can be realized practically by returning all the
distillate to the top tray as reflux and reboiling all the residue, whereupon the
feed to the tower must be stopped.

Constant Relative Volatility

A useful analytical expression for the minimum number of theoretical stages can be obtained for
cases where the relative volatility is reasonably constant [13, 63). Applying Eq. (9.2) to the residue
product gives

l.d (9.80)

w
-3, “i<x,

where ay, is the relative volatility at the reboiler. At total reflux the operating line coincides with the
45° diagonal so that yy, = xy_. Therefore

XN Xy
= xy, Ay o (9.81)

Similarly for the last tray of the column, where ay, pertains,

YN, XN, Xy
= yN‘. ap,. 1= X, aN_“WT‘:}; (9.82)
This procedure can be continued up the column until ultimately
ANEPUE . e Xy
= =1z 5 aa; ay e ™ (9.83)
1f some average relative volatility a,, can be used,
b et KW
1 - xp Ay 1 - Xy (9.84)
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log a,,

which is known as Fenske's equation. The total minimum number of theoretical stages to produce
products x,, and xy, is N,, + 1, which then includes the reboiler. For small variations in «a, a,, can
be taken as the geometric average of the values for the overhead and bottom products, Va,ay, . The
expression can be used only with nearly ideal mixtures, for which « is nearly constant.

Minimum Reflux Ratio

The minimum reflux ratio R, is the maximum ratio which will require an
infinite number of trays for the separation desired, and it corresponds to the
minimum reboiler heat load and condenser cooling load for the separation.
Refer to Fig. 9.24a, where the lightly drawn lines are tie lines which have
been extended to intersect lines x = z, and x = xy,. It is clear that if A, were
located at point K, alternate tie lines and construction lines to A, at the tie line
k would coincide, and an infinite number of stages would be required to reach
tie line k from the top of the tower. The same is true if A,y is located at point J.
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Since as A, is moved upward and Ay, downward the reflux ratio increases, the
definition of minimum reflux ratio rcqulres Ap, and Ay, for the minimum reflux
ratio to be located as shown, with A, at the highest tie-line intersection and A,
at the lowest tie-line intersection. In this case, it is the tie line which, when
extended, passes through F, the feed, that determines both, and this is always
the case when the xy equilibrium distribution curve is everywhere concave
downward.

For some positively deviating mixtures with a tendency to form an azeo-
trope and for all systems near the critical condition of the more volatile
component [66], an enriching-section tie line m in Fig. 9.24) gives the highest
intersection with x = z,, not that which passes through F. Similarly, as in Fig.
9.24¢ for some negatively deviating mixtures, a stripping-section tie line p gives
the lowest intersection with x = xj,. These then govern the location of A, as
shown. For the minimum reflux ratio, either A, is located at the h]ghest
intersection of an enriching-section tie line with x = zD, or Ay, is at the lowest
intersection of a stripping-section tie line with x = x,,, consistent with the
requirements that AD,.,’ Ay, and F all be on the same straight line and A, p_ beat
the highest position resulting in a pinch. Special considerations are necessary for
fractionation with multiple feeds and sidestreams [52].

Once Q,, is determined, the minimum reflux ratio can be computed through
Eq. (9.65). Some larger reflux ratio must obviously be used for practical cases,
whereupon A, is located above A, .

Optimum Reflux Ratio

Any reflux ratio between the minimum and infinity will provide the desired
separation, with the corresponding number of theoretical trays required varying
from infinity to the minimum number, as in Fig. 9.254. Determination of the
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Figure 9.25 Reflux-ratio-stage relation.



number of trays at several values of R, together with the limiting values of N,,
and R, will usually permit plotting the entire curve with sufficient accuracy for
most purposes. The coordinate system of Fig. 9.255 [17] will permit locating the
ends of the curve readily by avoiding the awkward asymptotes. There have been
several attempts at empirically generalizing the curves of Fig. 9.25 (5, 10, 12, 17,
35], but the resulting charts yield only approximate results. An exact relationship
for binary distillations, which can also be applied to multicomponent mixtures,
is available [59].

The reflux ratio to be used for a new design should be the optimum, or the
most economical, reflux ratio, for which the cost will be the least. Refer to Fig,
9.26. At the minimum reflux ratio the column requires an infinite number of
trays, and consequently the fixed cost is infinite, but the operating costs (heat for
the reboiler, condenser cooling water, power for reflux pump) are least. As R
increases, the number of trays rapidly decreases, but the column diameter
increases owing to the larger quantities of recycled liquid and vapor per unit
quantity of feed. The condenser, reflux pump, and reboiler must also be larger.
The fixed costs therefore fall through a minimum and rise to infinity again at
total reflux. The heating and cooling requirements increase almost directly with
reflux ratio, as shown. The total cost, which is the sum of operating and fixed
costs, must therefore pass through a minimum at the optimum reflux ratio. This
will frequently but not always occur at a reflux ratio near the minimum value
(1.2R,, to 1.5R,,), on the average probably near the lower limit. A less empirical
method for estimating the optimum is available [34].

Tlustration 9.8 A methanol (A)-water (B) solution containing 50 wt % methanol at 26.7°C is to
be continuously rectified at 1 std atm pressure at a rate of 5000 kg/h to provide a distillate
containing 95% methanol and a residue containing 1.0 % methanol (by weight). The feed is to
be preheated by heat exchange with the residue, which will leave the system at 37.8°C. The
distillate is to be totally condensed to a liquid and the reflux returned at the bubble point.
The withdrawn distillate will be separately cooled before storage. A reflux ratio of 1.5 times the
minimum will be used. Determine (a) quantity of the products, (b) enthalpy of feed and of

Annuol cost, dollors / yeor

u Optimum A

A= reflux rotio Figure 9.26 Most cconomical (optimum) reflux ratio.
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products, (¢) minimum reflux ratio, (4) minimum number of theoretical trays, (¢) condenser
and reboiler heat loads for specified reflux ratio, (f) number of theoretical trays for specified
reflux ratio, and liquid and vapor quantities inside the tower.

SOLUTION (a) Mol wi methanol = 32.04, mol wt water = 18.02. Basis: 1 h. Define quantities in
terms of kmol/h.

_ 5000(0.50)

F=—0

+ 200(050) _ 750 + 1388 = 2168 keol/h

78 . 5000
F=5eg = 0.360 mole fraction methanol M, for feed = 3168 ™~ 23.1 kg /kmol
95/32.04 2.94 .
Xp = 95732.04 + 5/18.02 =327 = 0.915 mole fraction methanol

M, for distillate = 5‘% = 311 kg/kmol
W= /32%4/ 3_2:; 71803 = 0'2:;;2 = (,00565 mole fraction methanol

M, for residue = LO% = 18.08 kg/kmol

355
Eq. (9.75):

Eq. (9.76):

2168=D+ W

216.8(0.360) = D(0.915) + W(0.00565)
Solving simultaneously gives
D = B44kmol/h  84.4(31.1) = 2620 kg/h
W = 1324 kmol/h  132.4(18.08) = 2380 kg/h

() The vapor-liquid equilibrium at 1 std atm pressure is given by Cornell and Montana,
Ind. Eng. Chem., 25, 1331 (1933), and by “The Chemical Engineers’ Handbook,” 4th ed.,
p. 13-5. Heat capacities of liquid solutions are in the “Handbook,” 5th ed., p. 3-136, and latent
heats of vaporization of methanol on p. 3-116. Heats of solution are avaitable in “International
Critical Tables,” vol. V, p. 159, at 19.69°C, which will be used as ¢, the base temperature for
computing enthalpies.

To compute enthalpies of saturated liquids, consider the case of x = 0.3 mole fraction
methanol, M,, = 22.2. The bubble point = 78.3°C, heat capacity = 3852 J/kg - K, and the
heat of solution = 3055 kJ evolved/kmol methanol.

AHg = — 3055(0.3) = — 916.5 kJ /kmol solution. Therefore, Eq. (9.10):

H, = 3.852(78.3 — 19.69)22.2 ~ 916.5 = 4095 kJ /kmol

To compute the enthalpy of saturated vapors, consider the case of y = 0.665 mole fraction
methanol. The dew point is 78.3°C. At this temperature the latent heat of methanol is
1046.7 kJ /kg, that of water is 2314 kJ /kg. The heat capacity of methanol is 2583, of water 2323
J/kg - K. Eq, (9.11):

H; = 0.665[2.583(32.04)(78.3 — 19.69) + 1046.7(32.04)]
+ (1 — 0.665)(2.323(18.02)(78.3 — 19.69) + 2314(18.02)]
= 40 318 kJ /kmol
The enthalpy data of Fig. 9.27 were computed in this manner.

From the vapor-liquid equilibria, the bubble point of the residue is 99°C. Heat capacity of
the residue is 4179, of the feed 3852 J/kg - K. Enthalpy balance of the feed preheat exchanger:
5000(3852) (1 — 26.7) = 2380(4179)(99 — 37.8)
te = 58.3°C, temp at which feed enters tower



390 MASS-TRANSFER OPERATIONS

80000
4p
iA
60 000 / 1 D
L\ He; vs.y \}
e/
40000 / LG
3 //
£
=3
=
H 20000 %
2
&
W
FF Hyvsx ' o ,
0 ‘J—r"" Picd 2
/ J [ LA L
~20000 / -
-40000 |
A J
0 0.2 0.4 0.6 0.8 1.0

x,»* = mole fraction methanol

Figure 9.27 Enthalpy-concentration diagram for Ilustration 9.8.

(Note: The bubble point of the feed is 76.0°C. Had # as computed above exceeded the bubble
point, the above enthalpy balance would have been discarded and made in accordance with
flash-vaporization methods.) For the feed, AHs = — 902.5 kJ/kmol. Enthalpy of feed at
58.3°Cis

He = 3.852(58.3 — 19.69)(23.1) — 902.5 = 2533 kJ /kmol

From Fig. 9.27, Hp = Hy, = 3640, Hy, = 6000 kJ /kmol.

(c) Since the xy diagram (Fig. 9.28) is everywhere concave downward, the minimum reflux
ratio is established by the tie line in Fig. 9.27 (x = 0.37, y == 0.71) which, when extended,
passes through F, the feed. At 4, , @,, = 62 570 kJ/kmol. Hg| = 38 610 kJ /kmol. Eq. (9.65):

R 62 570 — 38 610

m = 38 610 = 3630~ 068
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Figure 9.28 xy diagram for Ilustration 9.8.

(d) The minimum number of trays was determined on the xy diagram in the manner of
the lower part of Fig. 9.23, and 4.9 theoretical stages, including the reboiler, were obtained.
N,=49~1=305.

(e) For R = 1.5(0.685) = 1.029, Eq. (9.65) becomes

_ 0’ -38610
1029 = 55610 — 3640
0 =74595 = H, +%=3640+§% O = 5990 000 kJ /h = 1664 kKW
Eq. O77):  216.8(2533) = 84.4(74 595) + 132.40"
P _ [ _ O
Q" = ~43.403 = Hy, — 28 = 6000 - {22,

Qg = 6 541 000 kJ /h reboiler heat load = 1817 kW

() In Fig. 927, Ap at (xp = 0915, Q' = 74 595) and A, at (x, = 000565, Q* =
—43 403) are plotted. Random lines from the A points, as shown, intersect the saturated-vapor
and saturated-liquid curves at values of y and x, respectively, corresponding to points on the
operating curve (note that for accurate results a large-scale graph and a sharp pencil are
needed). These are plotted on Fig. 9.28 to provide the operating curves, which are nearly, but



not exactly, straight, A total of nine theoretical stages including the reboiler, or eight theoretical
trays in the tower, are required when the feed tray is the optimum (no. 5) as shown.
At the top of the tower

Gy = D(R + 1) = 84.4(1.029 + 1) = 171.3 kmol/h
Lo = DR = 84.4(1.029) = 86.7 kmol/h
At the feed tray, x, = 0415, ys = 0.676, x5 = 0.318, y, = 0.554 (Fig. 9.28). Eq. (9.64):

L L 0915 ~ 0.676
-[—; =-8—4“—4=m and L‘“ 772kmol/h

Eq. (9.62):
Ly 772 0915 - 0.676 _
TG =Gss—ogls ™4 Gs=1615kmol/h
Eq. (0.74):
Ly Ly 0554 — 0.00565 =
W= TRa~ ossa-osre 4 Ls=308kmol/b
Eq. (9.72):

L _ 308 _ 0.554 — 0.00565

g — = m and GS = 1757 kmol/h
Gs G

At the bottom of the tower, Eq. (9.66):
Ly =Gy + W  Ly=Gy + 1324
Further, y,, = 0.035, x3 = 0.02 (Fig. 9.28); Eq. (9.72):

Ly _ 0035 — 0.00565
z. = 002 - 0.00565
w

Solving simultaneously gives Gy, = 127.6, Ly = 260 kmol /h.

Reboilers

The heat-exchanger arrangements to provide the necessary heat and vapor
return at the bottom of the fractionator may take several forms. Small fractiona-
tors used for pilot-plant work may merely require a jacketed kettle, as shown
schematically in Fig. 9.29a, but the heat-transfer surface and the corresponding
vapor capacity will necessarily be small. The tubular heat exchanger built into
the bottom of the tower (Fig. 9.295) is a variation which provides larger surface,
but cleaning requires a shut-down of the distillation operation. This type can
also be built with an internal floating head. Both these provide a vapor entering
the bottom tray essentially in equilibrium with the residue product, so that the
last stage of the previous computations represents the enrichment due to the
reboiler.

External reboilers of several varieties are commonly used for large installa-
tions, and they can be arranged with spares for cleaning. The kettle reboiler
(Fig. 9.29¢), with heating medium inside the tubes, provides a vapor to the tower
essentially in equilibrium with the residue product and then behaves like a
theoretical stage. The vertical thermosiphon reboiler of Fig. 9.294, with the
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heating medium outside the tubes, can be operated so as to vaporize all the
liquid entering it to produce a vapor of the same composition as the residue
product, in which case no enrichment is provided. However, because of fouling
of the tubes, which may occur with this type of operation, it is more customary
to provide for only partial vaporization, the mixture issuing from the reboiler
comprising both liquid and vapor. The reboiler of Fig. 9.29¢ receives liquid from
the trapout of the bottom tray, which it partially vaporizes. Horizontal reboilers
are also known [8]. Piping arrangements {27], a review [37], and detailed design
methods [14, 49] are available. It is safest not to assume that a theoretical stage’s
worth of fractionation will occur with thermosiphon reboilers but instead to
provide the necessary stages in the tower itself. In Fig. 9.29, the reservoir at the
foot of the tower customarily holds a 5- to 10-min flow of liquid to provide for
reasonably steady operation of the reboiler.

Reboilers may be heated by steam, heat-transfer oil, or other hot fluids. For
some high-boiling liquids, the reboiler may be a fuel-fired furnace.

Use of Open Steam

When a water solution in which the nonaqueous component is the more volatile
is fractionated, so that the water is removed as the residue product, the heat
required can be provided by admission of steam directly to the bottom of the
tower. The reboiler is then dispensed with. For a given reflux ratio and distillate
composition, more trays will usually be required in the tower, but they are
usually cheaper than the replaced reboiler and its cleaning costs.

Refer to Fig. 9.30. While the enriching section of the tower is unaffected by
the use of open steam and is not shown, nevertheless the overall material and
enthalpy balances are influenced. Thus, in the absence of important heat loss,

F+ Gy, =D+ W (9.86)
Fzp = Dz, + Wxy, (9.837)
FHF+GN+,HGN+, WH,, + DH, + Q. (9.88)

where GN +1 1 the molar rate of introducing steam. On the Hxy diagram, the A,
difference point is located in the usual manner. For the stripping section, A, has
its usual meaning, a fictitious stream of size equal to the net flow outward

AW = L—m - Gm-i—l =W- 6]\/,-0-1 (9'89)
of coordinates

.. o het moles Aout _ Wx,,
aw = = =

net moles out W= Gy .
Ay —

0" = net heatout WHy — Gy +\Hg, 5+
net moles out w—-G.
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where Hg, N+ is the enthalpy of the steam. The point is shown on Fig. 9.31.
Thus,

mxm 5m+lym+l = AWxW (9‘90)

LH — GpiHg,,, = 8,0 (9.91)

and L P = Xaw He T © (9.92)
G, Xm — Xaw Hz,_ 0

The construction is shown in Fig. 9.31. Equation (9.92) is the slope of a chord
(not shown) between points P and 7. Here, the steam introduced is shown
slightly superheated (H, » ., > saturated enthalpy); had saturated steam been
used, Gy, would be located at point M. Note that the operating curve on the
x,y dlagram passes through the 45° diagonal at 7 (x = x,,) and through the
point (x,, y = 0) corresponding to the fluids passing each other at the bottom
of the tower.

Illustration 9.9 Open steam, initially saturated at 69 KN /m? (10 1b;/in®) gauge pressure, will be
used for the methanol fractionator of Illustration 9.8, with the same distillate rate and
composition and the same reflux ratio. Assuming that the feed enters the tower at the same
enthalpy as in Illustration 9.8, determine the steam rate, bottoms composition, and the number
of theoretical trays.

SorLutioN From Illustration 9.8, F = 216.8 kmol/h, z = 0360, Hy = 2533 kJ/kmol, D =
84.4,z5, = 0915, Hp = 3640 and Q- = 5 990 000 kJ /h. From the steam tables, the enthalpy of,
saturated steam at 69 kN/m? = 2699 kJ/kg referred to liquid water at 0°C. On expanding
adiabatically through a control valve to the tower pressure, it will be superheated at the same
enthalpy. The enthalpy of liquid water at 19.7°C (4, for Ilustration 9.8) = 82.7 kJ /kg referred
0 0°C. Therefore Hg, y, 41 = (2699 — 82.7)(18.02) = 47 146 kJ /kmol.

Eq. (9.86):
2168 + Gy 4y =844 + W

Eq. (9.87):
216.8(0.360) = 84.4(0.915) + Wxy,
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Eq. (9.88):

216.8(2533) + 47 146Gy, = WHy, + 84.4(3640) + 5 990 000

Since the bottoms will be essentially pure water, H,, is tentatively estimated as the enthalpy of
saturated water (Fig. 9.27), 6094 kJ/kmol. Solving the equations simultaneously with this value
for Hy, provides the steam rate as G,., +1 = 159.7 and W = 292.1 kmol/h, with x,, = 0.00281.
The enthalpy of this solution at its bubble point is 6048, sufficiently close to the 6094 assumed
earlier to be acceptable. (Note that had the same interchange of heat between bottoms and feed
been used as in llustration 9.8, with bottoms discharged at 37.8°C, the feed enthalpy would
have been changed.) For A,
Wxy 292.1(0.00281)

Xaw = A = 0.0062
WGy, D21-197

_ WHy - Gy, w1Ho, jy 41
W - 6N,+l

_ 292.1(6048) — 159.7(47 146) _

2921 — 159.7 —43 520 kJ /kmol
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The Hxy and xy diagrams for the enriching section are the same as in JHustration 9.8. For the
stripping section, they resemble Fig. 9.31. The number of theoretical stages is N, = 9.5, and
they must all be included in the tower.

Condensers and Reflux Accumulators

Reflux may flow by gravity to the tower, in which case the condenser and reflux
drum (accumulator) must be elevated above the level of top tray of the tower.
Alternatively, especially in order to obviate the need for elevated platforms and
supports required for withdrawing the condenser tube bundle for cleaning, the
assemblage may be placed at ground level and the reflux liquid pumped up to
the top tray. Kern [28] describes the arrangements.

Reflux accumulators are ordinarily horizontal drums, length/diameter = 4
to 5, with a liquid holding time of the order of 5 min. From entrainment
considerations, the allowable vapor velocity through the vertical cross section of
the space above the liquid can be specified as [55]}

— 0.5
V= 0.04( u) (9.93)
Pc

Multiple Feeds

There are occasions when two or more feeds composed of the same substances
but of different concentrations require distillation to give the same distillate and
residue products. A single fractionator will then suffice for all.

Consider the two-feed fractionator of Fig. 9.32. The construction on the
Hxy diagram for the sections of the column above F, and below F, is the same
as for a single-feed column, with the A, and A, points located in the usual
manner. For the middle section between the feeds, the difference point A,, can
be located by consideration of material and enthalpy balances either toward the
top, as indicated by the envelope shown on Fig. 9.32, or toward the bottom; the
net result will be the same. Consider the envelope shown in the figure, with A,,
representing a fictitious stream of quantity equal to the net flow upward and out

a— Li=D—F =4, (9.94)

whose coordinates are

_ netmoles Aout _ Dzp — Fyzpy

A = netmolesout D — F,
By
0, = heatout _ Qc + DHp — FiHf,
M ™ net moles out D - F,

A,, may be either a positive or negative quantity.

$ Vin Eq. (9.93) is expressed as m/s. For ¥ in ft/s, the coeificient is 0.13.
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Equation (9.94) can be used as a basis for component-A and enthalpy
balances

GlarVrar — Lix, = Bpxpyy (9.95)
G‘r'+1Hc;,J,I - L,HJ_, = Ay Op (9-96)

L Yesr — Xan _ Ho, — Or
whence — = =—= 9.97
Gy Xy = Xam H, — Ou ©-97)
Since Fi+ FFE=D+ W=»24/A, +A, (9.98)
then Ay=F—-W (9.99)

The construction (both feeds liquid) is shown on Fig. 9.33, where A, lies on
the line ApF, (Eq. (9.94)] and on the line Ay F, [Eq. (9.99)]. A solution
representing the composited feed, with

A Fizg, + Fazg, B FyHp + F,Hp,
£ av F, + F, Foav F+F
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must lie on the line A,Ay [Eq. (9.98)]. It is also possible for A,, to lie below and
to the left of Ay, The operating curve for the middle section on the xy diagram
is located by lines such as A, K, as shown. Trays are best drawn in the usual
step fashion on the xy diagram, and for optimum location the feed trays straddle
the intersections of the operating curves, as shown.

Side Streams

Side streams are products of intermediate composition withdrawn from the
intermediate trays of the column. They are used frequently in the distillation of
petroleuam products, where intermediate properties not obtainable merely by
mixing distillate or bottoms with feed are desired. They are used only infre-
quently in the case of binary mixtures, and are not treated here (see Prob. 9.17).

Heat Losses

Most fractionators operate above ambient temperature, and heat losses along
the column are inevitable since insulating materials have a finite thermal
conductivity. The importance of the heat losses and their influence on fractiona-
tors will now be considered.

Consider the fractionator of Fig. 9.17. A heat balance for the top n trays of
the ennching section (envelope III) which includes the heat loss is [9]

GpiHg,, = Oc+ DHy, + LH, + Q, (9.100)
where Q, is the heat loss for trays 1 through ». Defining
, Qc+DH,+Q, O
o) = D =Q + - (9.101)
we have
Gn+|HG,,¢| - L,,HL" = DQ£ (9.102)

Qj is a variable since it depends upon how many trays are included in the heat
balance. If only the top tray (n = 1) is included, the heat loss is small and Q] is
nearly equal to Q’. As more trays are included, 0, and Q; increase, ultimately
reaching their largest values when all enriching-section trays are included.
Separate difference points are therefore needed for each tray.

For the stripping section up to tray m (envelope IV, Fig. 9.17),

L.H, + Qp=WHy + G, \Hg  + O (9.103)
Letting
., WHy — Qg+ 'sz,,, R QL,,,
= W = Q + -W (9104)
results in B _
L.H - G,.H = W0/ {5.105)

If the heat balance includes only the bottom tray, the heat loss is small and Q;’
nearly equals Q”. As more trays are included, Q; and therefore Q; increase,
reaching their largest values when the balance is made over the entire stripping
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section. Separate difference points are needed for each tray. An enthalpy

balance for the entire tower is

FH, —D(H +—Q£+

=2 4

QL) + W(HW— =

QL)

(9.106)

where O, and Q, are the total heat losses for the enriching and stripping

sections, respectively. When Eq. (9.106) is solved with the material balances,
Egs. (9.75) and (9.76), the result is

D__zF‘xW=

He — (Hy, -

Op/W + éL/ W)

W  zp—2zp

(HD+ QC/D+ QL/D)— HF

This is the equation of the line BFT on Fig. 9.34.

(9.107)
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Flgure 934 Heat losses.
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The procedure for design is one of trial and error. For example, as a first
trial, heat losses might be neglected and trays calculated with fixed difference
points, and after the size of the resulting column has been determined, the first
estimate of heat losses for the two column sections can be made by the usual
methods of heat-transfer calculations. The heat losses can then be apportioned
among the trays and the number of trays redetermined with the appropriate
difference points. This leads to a second approximation of the heat loss, and so
forth.

As Fig. 9.34 shows, heat losses increase the internal-reflux ratio, and for a
given condenser heat load, fewer trays for a given separation are required (recall
that the higher the enriching-section difference point and the lower the strip-
ping-section difference point, the fewer the trays). However, the reboiler must
provide not only the heat removed in the condenser but also the heat losses.
Consequently, for the same reboiler heat load as shown on Fig. 9.34 but with
complete insulation against heat loss, all the heat would be removed in the
condenser, all the stripping trays would use point J, and all the enriching trays
would use point K as their respective difference points. It therefore follows that,
for a given reboiler heat load or heat expenditure, fewer trays are required for a
given separation if heat losses are eliminated. For this reason, fractionators are
usually well insulated.

High-Purity Products and Tray Efficiencies

Methods of dealing with these problems are considered following the McCabe-
Thiele method and are equally applicable to Ponchon-Savarit calculations.

MULTISTAGE TRAY TOWERS—METHOD OF McCABE AND
THIELE

This method, although less rigorous than that of Ponchon and Savarit, is
nevertheless most useful since it does not require detailed enthalpy data. If such
data must be approximated from fragmentary information, much of the exact-
ness of the Ponchon-Savarit method is lost in any case. Except where heat losses
or heats of solution are unusually large, the McCabe-Thiele method will be
found adequate for most purposes. It hinges upon the fact that, as an approxi-
mation, the operating lines on the xy diagram can be considered straight for
each section of a fractionator between points of addition or withdrawal of
streams.

Equimolal Overflow and Vaporization

Consider the enriching section of the fractionator of Fig. 9.17. In the absence of heat losses, which
can be (and usually are) made very small by thermal insulation for reasons of economy if for no
other, Eq. (9.61) can be written

L, Hg  — H
=1-"Gn L 9.108
Gn+l Q' - HL,, ( )
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where O’ includes the condenser heat load and the enthalpy of the distillate, per mole of distillate.
The liquid enthalpy H,_ is ordinarily small in comparison with Q’ since the condenser heat load
must include the latent heat of condensation of at least the reflux liquid. If then Hg  — H, is
substantially constant, L,/ G, will be constant also for a given fractionation [48]. From Eq. (9.11)

He, = [ae1CroaMa + (1 =y ) CL sMel(th) = 16) ¥ Vs AaMa + (1 = 3,0 )AaMp
(9.109)
where 1, is the temperature of the vapor from tray n -+ | and the X's are the latent heats of

vaporization at this temperature. If the deviation from ideality of liquid solutions is not great, the
first term in brackets of Eq. (9.109) is "

Yus1CroaMa + (1 = 3,.)C pMp = C M, (9.110)

From Egq. (9.10),
Hy, = Cu(t, — 1)M,, + AHg ©.11)
and H = Hy, = CM(lys) = ) F Yas AaMp + (1 =y )ApMy — AHg  (8.112)

For all but unusual cases, the only important terms of Eq. (9.112) are those containing the latent
heats. The temperature change between adjacent trays is usuzlly small, so that the sensible-heat term
is insignificant. The heat of solution can in most cases be measured in terms of hundreds of kJ/kmol
of solution, whereas the latent heats at ordinary pressures are usually in 10° kJ /kmol. Therefore, for
all practical purposes,

w

Hg,

In v 1

- Hl.. = (W)av (9”3)

where the last term is the weighted average of the molal latent heats. For many pairs of substances,
the molal latent heats are nearly identical, so that averaging is unnecessary. If their inequality is the
only barrier to application of these simplifying assumptions, it is possible to assign a fictitious
molecular weight to one of the components so that the molal latent heats are then forced to be the
same (if this is done, the entire computation must be made with the fictitious molecular weight,
including operating lines and equilibrium data). This is, however, rarely necessary.t

11 it is sufficiently important, therefore, one can be persuaded that, for all but exceptional cases,
the ratio L/ G in the enriching section of the fractionator is essentially constant. The same reasoning
can be applied to any section of a fractionator between points of addition or withdrawal of streams,
although each section will have its own ratio.

Consider next two adjacent trays n and r, between which neither addition nor withdrawal of
material from the tower occurs. A material balance provides

L+ Gyy=L, +G, .114)

Since L,_,/G, = L,/G,+,, it follows that L, = L _, and G,,, = G,, which is the principle of
equimolal overflow and vaporization. The rate of liquid flow from each tray in a section of the tower is
constant on a molar basis, but since the average molecular weight changes with tray number, the
weight rates of flow are different.

I should be noted that, as shown in the discussion of Fig. 9.12, if the Hgy and H, x lines on
the Hxy diagram are straight and parallel, then in the absence of heat loss the L/ G ratio for a given
tower section will be constant regardless of the relative size of H,_ and Q' in Eq. (9.108).

The general assumptions involved in the foregoing are customarily called the usual simplifying
assumptions.,

1 If the only enthalpy data available are the latent heats of vaporization of the pure components,
an approximate Savarit-Ponchon diagram using these and straight H, vs x and Hg vs y lines will be
better than assuming equal latent heats.



Enriching Section; Total Condenser—Reflux at the Bubble Point

Consider a section of the fractionator entirely above the point of introduction of
feed, shown schematically in Fig. 9.354. The condenser removes all the latent
heat from the overhead vapor but does not cool the resulting liquid further. The
reflux and distillate product are therefore liquids at the bubble point, and
Yy = Xp = x4 Since the liquid, L mol/h, falling from each tray and the vapor,
G mol/h, rising from each tray are each constant if the usual simplifying
asssumptions pertain, subscripts are not needed to identify the source of these
streams. The compositions, however, change. The trays shown are theoretical
trays, so that the composition y, of the vapor from the nth tray is in equilibrium
with the liquid of composition x, leaving the same tray. The point (x,, y,), on
x, y coordinates, therefore falls on the equilibrium curve.
A total material balance for the envelope in the figure is

G=L+D=DR+1) (9.115)
For component A,
Gy,4) = Lx, + Dx,, (9.116)
from which the enriching-section operating line is
y"+,=%x"+%xb (9°117)
R Xp

P = R T T R (9:118)

This is the equation of a straight line on x, y coordinates (Fig. 9.35b) of slope
L/G=R/(R + 1), and with a y intercept of x,/(R + 1). Setting x, = x,

y S
!l 1 1
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L __F
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Figure 9.35 Enriching section.
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shows y, ., = X,, so that the line passes through the point y = x = x,, on the
45° diagonal. This point and the y intercept permit easy construction of the line.
The concentration of liquids and vapors for each tray is shown in accordance
with the principles of Chap. 5, and the usual staircase construction between
operating line and equilibrium curve is seen to provide the theoretical tray-
concentration variation. The construction obviously cannot be carried farther
than point P.

In plotting the equilibrium curve of the figure, it is generally assumed that
the pressure is constant throughout the tower. If necessary, the variation in
pressure from tray to tray can be allowed for after determining the number of
real trays, but this will require a trial-and-error procedure. It is ordinarily
unnecessary except for operation under very low pressures.

Exhausting Section; Reboiled Vapor in Equilibrium with Residue

Consider next a section of the fractionator below the point of introducing the
feed, shown schematically in Fig. 9.36a. The trays are again theoretical trays.
The rates of flow L and G are each constant from tray to tray, but not
necessarily equal to the values for the enriching section. A total material balance
is

L=G+w (9.119)
and, for component A,
Lx, =Gy, + Wxy (8.120)
T
5
g m
é Ymey [
$
:gl /i/”
°
Y
;e , l
a
% Reboiler
Xw Ty, Am
x=mole fraction 4 in liquid
{a) {b)

Figure 936 Exhausting section.
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These provide the equation of the exhausting-section operating line,

L 14
Ym41 = =X T = Xy (9‘121)
-G G
Ymet1 = _L_.X,,," _W Xy (9.122)
L-w— L-W (219
This is a straight line of slope L/G = L(L — W), and since when x,, = x,
Ym+1 = Xy, it passes through x = y = x;, on the 45° diagonal (Fig. 9.36b). If
the reboiled vapor y,, is in equilibrium with the residue x,,, the first step of the
staircase construction represents the reboiler. The steps can be carried no farther
than point 7.

Introduction of Feed

It is convenient before proceeding further to establish how the introduction of
the feed influences the change in slope of the operating lines as we pass from the
enriching to the exhausting sections of the fractionator.

Consider the section of the column at the tray where the feed is introduced
(Fig. 9.37). The quantities of the liquid and vapor streams change abruptly at
this tray, since the feed may consist of liquid, vapor, or a mixture of both. If, for
example, the feed is a saturated liquid, L will exceed L by the amount of the
added feed liquid. To establish the general relationship, an overall material
balance about this section is

F+L+G=G+1L (9.123)
and an enthalpy balance,

FHp + LH,,_ + GHg = GHg + LH, (9.124)

The vapors and liquids inside the tower are all saturated, and the molal
enthalpies of all saturated vapors at this section are essentially identical since the
temperature and composition changes over one tray are small. The same is true
of the molal enthalpies of the saturated liquids, so that Hg = Hg | and

Feed Hy,rms

F{5f. Ye Hor
LroxpHyr

— >

i

e

XN —— [ ——
Q) ———> —)$Cs

L Hg, 41
Figure 937 Introduction of feed.
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H,,_, = H,,. Equation (9.124) then becomes
(L-L)H, = (G -G)H; + FH, (9.125)
Combining this with Eq. (5.123) gives

l_, —L _ Hc - HF
F - 1)
Lo maay. \atent ook’

The quantity ¢ is thus seen to be the heat required to convert 1 mol of feed
from its condition Hj to a saturated vapor, divided by the molal latent heat
H; — H,. The feed may be introduced under any of a variety of thermal
conditions ranging from a liquid well below its bubble point to a superheated
vapor, for each of which the value of ¢ will be different. Typical circumstances
are listed in Table 9.1, with the corresponding range of values of 4. Combining
Eqs. (9.123) and (9.126), we get

G-G=F(g-1) (9.127)
which provides a convenient method for determining G.
The point of intersection of the two operating lines will help locate the
exhausting-section operating line. This can be established as follows. Rewriting
Eqgs. (9.117) and (9.121) without the tray subscripts, we have

=g _ (9.126)

yG = Lx + Dx, (9.128)
yG = Lx — Wxy (9.129)

Subtracting gives
(G -Gy = (L -L)x — (Wxy, + Dxp) (9.130)

Further, by an overall material balance,
Fzp = Dxp + Wxy, (9.76)

Substituting this and Egs. (9.126) and (9.127) in (9.130) gives
=
4 ZINN 9.131
PTTETT pld G131)
This, the locus of intersection of operating lines (the ¢ line), is a straight line of
slope ¢/(q — 1), and since y = zp when x = zp, it passes through the point
X =y = z, on the 45° diagonal. The range of the values of the slope ¢/(g — 1)
is listed in Table 9.1, and the graphical interpretation for typical cases is shown
in Fig. 9.38. Here the operating-line intersection is shown for a particular case of
feed as a mixture of liquid and vapor. It is clear that, for a given feed condition,
fixing the reflux ratio at the top of the column automatically establishes the
liquid /vapor ratio in the exhausting section and the reboiler heat load as well.
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Ty 2r I Figure 9.38 Location of ¢ line for
r=mole fraction 4 in liqud typical feed conditions.

Location of the Feed Tray

The g line is useful in simplifying the graphical location of the exhausting line,
but the point of intersection of the two operating lines does not necessarily
establish the demarcation between the enriching and exhausting sections of the
tower. Rather it is the introduction of feed which governs the change from one
operating line to the other and establishes the demarcation, and at least in the
design of a new column some latitude in the introduction of the feed is
available.

Consider the separation shown partially in Fig. 9.39, for example. For a
given feed, zr and the g line are fixed. For particular overhead and residue
products, x, and x,, are fixed. If the reflux ratio is specified, the location of the
enriching line DG is fixed, and the exhausting line XC must pass through the ¢
line at E. If the feed is introduced upon the seventh tray from the top (Fig.
9.39a), line DG is used for trays | through 6, and, beginning with the seventh
tray, the line XC must be used. If, on the other hand, the feed is introduced
upon the fourth from the top (Fig. 9.395), line KC is used for all trays below the
fourth. Clearly a transition from one operating line to the other must be made
somewhere between points C and D, but anywhere within these limits will serve.
The least total number of trays will result if the steps on the diagram are kept as
large as possible or if the transition is made at the first opportunity after passing
the operating-line intersection, as shown in Fig. 9.39¢. In the design of a new
column, this is the practice to be followed.

In the adaptation of an existing column to a new separation, the point of
introducing the feed is limited to the location of existing nozzles in the column
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Figure 939 Location of feed tray.

wall. The slope of the operating lines (or reflux ratio) and the product composi-
tions to be realized must then be determined by trial and error, in order to
obtain numbers of theoretical trays in the two sections of the column consistent
with the number of real trays in each section and the expected tray efficiency.

Total Reflux, or Infinite Reflux Ratie

As the reflux ratio R = L/D is increased, the ratio L/G increases, until
ultimately, when R = c0, L/G = | and the operating lines of both sections of
the column coincide with the 45° diagonal as in Fig. 9.40. In practice this can be

y=male froction 4 in vopor

|

Ty 2 L7
r=mole froction 4 in liquid Figure 9.40 Total reflux and minimum trays.




DISTILLATION 411

realized by returning all the overhead product back to the column as reflux
(total] reflux) and reboiling all the residue product, whereupon the forward flow
of fresh feed must be reduced to zero. Alternatively such a condition can be
interpreted as requiring infinite reboiler heat and condenser cooling capacity for
a given rate of feed.

As the operating lines move farther away from the equilibrium curve with
increased reflux ratio, the number of theoretical trays required to produce a
given separation becomes less, until at total reflux the number of trays is the
minimum N,,.

If the relative volatility is constant or nearly so, the analytical expression of
Fenske, Eq. (9.85), can be used.

Minimum Reflux Ratio

The minimum reflux ratio R, is the maximum ratio which will require an
infinite number of trays for the separation desired, and it corresponds to the
minimum reboiler heat and condenser cooling capacity for the separation. Refer
to Fig. 9.41a. As the reflux ratio is decreased, the slope of the enriching

I
Rm+d Xp
Am+t

Ty 2 X Xy 2z xp
(o) (8)

A0
Ryt

Yy Zr X,
{c)
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operating line becomes less, and the number of trays required increases. Operat-
ing line MN, which passes through the point of intersection of the ¢ line and the
equilibrium curve, corresponds to the minimum reflux ratio, and an infinite
number of trays would be required to reach point N from either end of the
tower. In some cases, as in Fig. 9.415, the minimum-reflux operating line will be
tangent to the equilibrium curve in the enriching section, as at point P, while a
line through K would clearly represent too small a reflux ratio. It has been
pointed out that all systems show concave-upward xy diagrams near the critical
condition of the more volatile component [66]. Because of the interdependence
of the liquid /vapor ratios in the two sections of the column, a tangent operating
line in the exhausting section may also set the minimum reflux ratio, as in Fig.
9.4lc.

When the equilibrium curve is always concave downward, the minimum reflux ratio can conm-
veniently be calculated analytically (63). The required relationship can be developed by solving Egs.
(9.118) and (9.131) simultanecusly to obtain the coordinates (x,, y,) of the point of intersection of
the enriching operating line and the ¢ line. When the tray-number designation in Eq. (9.118) is
dropped, these are

xp(g ~ 1)+ 2(R+ 1) Rz, + gx
v =D F o Rz D
@ R+q Ya R+g

(9.132)

At the minimum reflux ratio R_,, these coordinates are equilibrium values since they occur on the
equilibrium curve, Substituting them into the definition of a, Eq. (9.2), gives

R,zp + gxp _ a[xp(g = 1) + ze(R,, + 1)]
R (1=zp) + g1 — xp) (R + D1 = zp) + (g — D1 = xp)
This conveniently can be solved for R,, for any value of ¢. Thus, for example:

1 [xp _ a(l - xp)
a—1| xp - xp

(9.133)

] q = 1 (feed liquid at the bubble point)  (9.134)
R, =

1 —_
L (%"f - l—:;‘—i’) — 1 g=0(feed vapor at the dew point)  (9.135)

In each case, the « is that prevailing at the intersection of the g line and the equilibrium curve.

Optimum Reflux Ratio

The discussion given under the Ponchon-Savarit method applies.

Ilustration 9.10 Redesign the methanol-water fractionator of Ilustration 9.8, using the sim-
plifying assumptions of the McCabe-Thiele method. The circumstances are:

Feed. 5000 kg/h, 216.8 kmol/h, z, = 0.360 mole fraction methanol, av mol wt=23.1,
temperature entering the fractionator = 58.3°C

Distillate. 2620 kg/h, 84.4 kmol/h, xp, = 0,915 mole fraction methanol, liquid at the bubble
point

Residue. 2380 kg/h, 132.4 kmol/h, x,, = 0.00565 mole fraction methanol

Reflux ratio = 1.5 times the minimum

Sorution Refer to Fig. 9.42, From the txy diagram, the bubble point of the feed at 0.360 mole
fraction methanol is 76.0°C, and its dew point is 89.7°C. The latent heats of vaporization at
76.0°C are A, = 1046.7 kJ /kg for methanol and Ag = 2284 kI /kg for water. Specific heat of
liquid methanol = 2721, of liquid water = 4187, of feed solution = 3852 J/kg K. If heats of
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solution are ignored, as is customary with the McCabe-Thicle method, the enthalpy of the feed
at 76.0°C (the bubble point) referred to 58.3°C (the feed temperature) is

3.852(23.1)(76.0 — 58.3) = 1575 kJ /kmol
The enthalpy of the saturated vapor at 89.7°C referred to liquids at 58.3°C is

0.36[2.721(32.04)(89.7 ~ 58.3) + 1046.7(32.04)]
+ (1 — 036)[4.187(18.02)(89.7 — 58.3) + 2284(18.02)]

= 40 915 kJ /kmol
- heat to convert to saturated vapor _ 409150 104
7 heat of vaporization “ 30915 - 1575

(Essentially the same value is obtained if the heat of solution is considered.)

q _ 104 _
-1 - Tos-1_ 26
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In Fig. 9.42, xp, Xy, and z are located ob the 45° diagonal, and the g line is drawn with
slope = 26. The operating line for minimum reflux ratio in this case passes through the
intersection of the ¢ line and equilibrium curve, as shown.

Xp 0915

+i- ', +1- 0%

R

m

R, = 0.605 mole reflux /mole distillate

The minimum number of theoretical trays is determined using the 45° diagonal as
operating line (Fig. 9.42). Theoretical stages to the number of 4.9, including the reboiler, are
determined.

For R = L.5R,, = 1.5(0.605) = 0.908 mol reflux/mol distillate, and for equimolal over-
flow and vaporization:

Eq. (9.49):
L = Ly = RD = 0.908(84.4) = 76.5 kmot/h
Eq. 9.115):
G = D(R + 1) = 85.4(0.508 + 1) = 160.9 kmol /h
Eq. (9.126):
L=qF + L =104216.8) + 76.5 = 302.5 kmol /h
Eq. (9.127):

G=Flg— 1)+ G=2168(1.04 — 1) + 160.9 = 169.7 kmol/h

xp 0915
R+1 0908 +1

Refer to Fig. 9.43. The y intercept 0.480 and enriching and exhausting operating lines are
plotted. Steps are drawn to determine the number of theoretical trays, as shown. The
exhausting operating line is used immediately after crossing the operating-tine intersection, and
the feed is therefore to be introduced on the [ifth theoretical tray from the top. A total of 8.8
theoretical trays, including the reboiler, is required, and the tower must therefore coutain 7.8
theoretical trays. An integral number can be obtained by very slight adjustment of the reffux
ratjo, but since a tray efficiency must still be applied to obtain the number of real trays, this
peed not be done.

When the residue composition is very small, it will be necessary to enlarge the scale of the
Jower left-hand part of the diagram in order to obtain the number of trays. In some cases the
graphical determination may still be difficult because of the closeness of the exhausting line
and the equilibrium curve. Logarithmic coordinates can then be used to maintain a satisfactory
separation of the lines, as in the insert of Fig. 9.43. On such a graph, for very low values of x,
the equilibrium curve will be substantially given by y* = ax, which is a straight line of unjt
slope. The exhausting operating line will, however, be curved and must be plotted from its
equation. In this example, the equation is [Eq. (9.121)]

= 0.480

3025 1324

y = WX 169‘7000565 = 1.785x — 0.0044

The steps representing the theoretical stages are made in the usual manner on these coordi-
nates, continued down from the last made on the arithmeltic coordinates (see also page 422).

The diameter of the tower and the tray design are established through the methods of
Chap. 6. Note the substantially different liquid loads jn the enriching and exhausting sections.
A column of counstant diameter for all sections is usually desired for simplicity in construction
and lower cost. If the discrepancy between liquid or vapor quantities in the two sections is
considerable, however, and particularly if expensive alloy or nonferrous metal is used, different
diameters for the two sections may be warranted.
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Computations for other reflux ratios are easily and quickly made once the diagram and
equations have been set up for one value of R. These provide data for determining the most
economical R. The [ollowing table lists the important quantities for this separation at various

values of R:
R L G L G No. theoretical stages
R, = 0.605 51.0 1354 277 144.1 -]

0.70 59.0 1434 285 152.1 115
0.80 67.5 1519 294 160.6 10
0.908 76.5 160.9 303 169.7 88
1.029 86,7 171.3 313 180 8.3
2.0 168.8 253 395 262 6.5
4.0 338 422 564 431 5.5

© o0 0 0 C] 49=N, +1

Included in the table are the data for the McCabe-Thiele method at B = 1.629, the reflux ratic
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used in Illustration 9.8 for the exact Ponchon-Savarit calculation. IHustration 9.8 showed nine
theoretical stages. It is noteworthy that for either method each at 1.5 times its respective value
of R,,, the number of stages is essentially the same, and the maximum flow rates which would

be used to set the mechanical design of the tower are sufficiently similar for the same final
design to resuft.

Use of Open Steam

Ordinarily, heat is applied at the base of the tower by means of a heat exchanger
(see Fig. 9.29), but when a water solution is fractionated to give the nonaqueous
solute as the distillate and the water is removed as the residue product, the heat
required may be provided by the use of open steam at the bottom of the tower.
The reboiler is then dispensed with. For a given reflux ratio and overhead
composition, however, more trays will be required in the tower.

Refer to Fig. 9.44. Overall material balances for both components and for
the more volatile substance are

F+G=D+W (9.136)
Frp = Dx, + Wx, (9.137)

where G is mol /h of steam used, assumed saturated at the tower pressure. The
enriching operating line is located as usual, and the slope of the exhausting line
L/Gis related to L /G and the feed conditions in the same manner as before. A
material balance for the more volatile substance below tray m in the exhausting

way Aggel EX-Ha -havs ]
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Figure 9.44 Use of opsn steam.
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section is
Lx,+ G(0) =Gy, + Wx, (9.138)
and since L = W in this case,
L Omer (9.139)
G Xm T Xw

The exhausting line therefore passes through the point (¥ =0, x = x,,) as
shown in Fig. 9445, The graphical tray construction must therefore be con-
tinued 10 the x axis of the diagram. _

If the steam entering the tower, Gy, 41+ is superheated, it will vaporize liquid
on tray N, to the extent necessary to bring it to saturation, Gy, (H,, Ml T
Hg o )/AM, where H. , is the enthalpy of saturated steam and AM the molar
latent heat at the tower pressure.

— H, - H
(i 4 e G.sal) (9.140)

and L=CG-Gy, + 1L (9.141)

from which the internal L/ G ratio can be computed.

Condensers

Condensers are usually conventional tubular heat exchangers, generally
arranged horizontally with the coolant inside the tubes, but also vertically with
the coolant on either side of the tubes [27]. The condenser may be placed above
the tower for gravity flow of the condensed reflux to the top tray, but it is
usually more convenient for purposes of construction and cleaning to place the
condenser nearer the ground and to return the reflux from an accumulator drum
[55] to the top tray by pumping. This procedure also provides more pressure
drop for operation of control valves on the reflux line.

The condenser coolant is most frequently water, The pressure of the distilla-
tion must then be high enough for the available cooling water to condense the
overhead vapor with an adequate temperature difference to provide reasonably
rapid heat-transfer rates. The cost of the fractionator, however, will increase
with increased pressure of operation, and in the case of very volatile distillates
some low-temperature refrigerant may be used as a coolant.

If the condensate is cooled only to the bubble point, the withdrawn distillate
is then usually further cooled in a separate heat exchanger to avoid vaporization
loss on storage.

Partial Condensers '

It is occasionally desired to withdraw a distillate product in the vapor state,
especially if its boiling point is low enough to make complete condensation
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Figure 945 Partial equilibdum condenser,

difficult. In this case the overhead vapor is cooled sufficiently to condense the
necessary liquid reflux and the residual vapor provides the product, as in Fig.
9.45,

A partial condenser may produce any of several results: (1) If time of
contact between vapor preduct and liquid reflux is sufficient, the two will be in
equilibrium with each other and the condenser provides an equilibrium con-
densation. (2} If the condensate is removed as rapidly as it forms, a differentia)
condensation may occur. (3) If cooling is very rapid, little mass transfer between
vapor and condensate results, and the two will have essentially the same
composition.

When the first pertains, the condenser acts as one thecretical stage for the
separation. The compositions y,, and x, can be computed by the methods of
equilibrium condensation, as shown in Fig. 9.455. The enriching operating line
is then given as usual by material balances,

Envelope I: G=L+D (9.142)
Grasr = Lx, + Dy, (9.143)
Envelope 1I: Gy, + Lxg = Gy, + Lx, (9.144)

In the design of new equipment it is safer to ignore the enrichment which
may be obtained by a partial condenser and to include the additional theoretical
tray in the column, since it is difficult to ensure that equilibrium condensation
will occur,
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Cold Reflux

If the overhead vapor is condensed and cooled below its bubble point so that the
reflux liquid is cold, vapor G| rising from the top tray will be less in quantity
than that for the rest of the enriching section since some will be required to
condense and heat the reflux to its bubble point. External reflux L, will require
heat to the extent of LyCpoM (¥, » — Ig), Where £,  and ¢ are the reflux
bubble peint and actual temperatures, respectively. An amount of vapor,
LoCroM (4, g — 1r)/(AM),, will condense to provide the heat, and the con-
densed vapor adds to L to provide L, the liquid flow rate below the top tray.
Therefore

LOCLOMav(rbp, R rR)

L=lo M)

Cr oM (1 -1
=RD[1 + Lo nv(bp.ﬁ R)}

(AM)RV
(9.145)

where R is the usval external reflux ratio, L,/ D. Defining an apparens reflux
ratio R’ by

L L
R' = D=L (9.146)
gives
CLUMav(Ibp z~ a)
- : 9.147
R R[l + . ( )
The enriching operating line becomes
- K *p
Yor1 = T g5 t (9.148)

R +1
and it is plotted through y = x = xp, with a y intercept at x5 /(R’ + 1) and a
slope R"/(R" + 1).

Rectification of Azeotropic Mixtures

Minimum- and maximum-boiling azeotropic mixtures of the type shown in Figs.
9.7 and 9.10 can be treated by the methods already described, except that it will
be impossible to obtain two products of compositions which fall on opposite
sides of the azeotropic composition. In the rectification of a minimum-boiling
azeotrope (Fig. 9.7), for example, the distillate product may be as close to the
azeotropic composition as desired. But the residue product will be either rich in
A or rich in B depending upon whether the feed is richer or leaner in A than the
azeotropic mixture. With maximum-boiling mixtures (Fig. 9.10) the residue
product will always approach the azeotropic composition. These mixtures can
sometimes be separated completely by addition of a third substance, as de-
scribed later.

Insoluble mixtures which form iwo-liquid-phase azeotropes, however, can
readily be separated completely provided two fractionators are used. This
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depends upon the fact that the condensed distillate forms two liquid solutions on
opposite sides of the azeotropic composition. Consider the separation of the
mixture whose vapor-liquid equilibrium diagram is shown in Fig. 9.46, where the
feed has the composition z; and the solubility limits are Xp 1 and xp ; at the
boiling point. If the feed is introduced into fractionator I of Fig. .47, it is
evident that the residue product of composition Xy, can be as nearly pure B as
desired. The enriching section may contain sufficient trays to produce an
overhead vapor approaching the azeotropic composition M, such as vapor yp 4.
This vapor, when totally condensed to mixture K at its beiling point, will form
two insoluble liquids of composition x, ; and x, ;;, which can be decanted as
shown. The layer which is richer in B is returned to the top tray of column I as
reflux. The enriching operating line for column I then passes through the point
(¥ = ¥p,1, X = Xg 1), as shown in Fig. 9.46, and its slope will be the liquid /
vapor ratio in the enriching section.

The A-rich layer from the decanter (Fig. 9.47) is sent to the top tray of
fractionator 11, which contains only a stripping or exhausting section. It is clear
from Fig. 9.46 that the residue product composition x,, ; can be as nearly pure
A as desired (turn the figure upside down to give it its usual appearance). The
overhead vapor from tower II will be of composition y,, ;;, which, when totally
condensed as mixture N, produces the same two insoluble liquids as the first
distillate. Consequently a common condenser can be used for both towers,
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= Yom
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2
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£
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Flgure 946 Fractionation of partially miscible mixtures.



DISTILLATION 421

/on
Yot
P I
,l“
%
1
-._‘__~
L
fwi
W Figure 947 Two-tower system for partially
Twl miscible mixtures,

In practice it will be desirable to cool the distillate below its bubble point to
prevent excessive loss of vapor from the vent of the decanter. This changes the
compositions xg | and x, ,, slightly and provides somewhat larger internal reflux
ratios. If the feed itself consists of two insoluble liquids, it can be fed to the
decanter, whereupon both fractionators then consist of exhausting sections only,
When it is desired to remove the last traces of water from a substance such as a
hydrocarbon, it is common practice to use only one tower from which the dry
hydrocarbon is removed as the residue product. The hydrocarbon-rich layer
from the decanter is returned as reflux, but the water layer, which contains very
little hydrocarbon, is normally discarded.

The Ponchon-Savarit method can also be used but the necessary enthalpy
data are rarely available for these systems.

Multiple Feeds

If two solutions of different concentrations are to be fractionated to give the
same products, both can be handled in the same fractionator. The McCabe-
Thiele diagram for a two-feed column will resemble the lower part of Fig, 9.33,
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with operating lines straight. Each feed is considered separately (as if neither
“knew” of the other’s presence). The upper operating line is located as usual.
The intermediate operating line, for the section of the column between feeds,
intersects the enriching line at the g line for the richer feed and has a slope given
by the L and G quantities computed through Egs. (9.126) and (9.127). The
lowermost operating line intersects the intermediate one at the g line for the less
rich feed. For the least number of stages at a given reflux ratio, the feeds are
each introduced at the stage whose construction on the diagram straddles their
respective ¢ line.

High-Purity Products

In Illustration 9.10 it was shown that for very low concentrations of more
volatile substance in the residue, the graphical construction for stripping-section
trays can be completed on logarithmic coordinates. This is readily done, since at
very low concentrations the equilibrium curve is essentially linear, given by
y* = ax. This plots as a straight 45° line on logarithmic coordinates, and « is
taken for very low concentrations. The operating line is curved on such a graph,
however, and must be plotted from its equation, (9.121). For very pure distillates
a similar logarithmic graph can be constructed by turning the graph paper
upside down and re-marking the coordinates as (1—printed marking) [26]. Thus,
the printed 0.0001 is marked as 0.9999, etc. On such a graph the equilibrium
curve is also straight at 45° for high concentrations, but the operating line is
curved and must be plotted from its equation, (9.111).

As an alternative to these methods, caiculations can be made analytically
using the Kremser equations (5.50) to {5.57) or Fig. 5.16, since even for systems
where the McCabe-Thiele assumptions are not generally applicable, the operat-
ing lines are straight at the extreme concentrations now under consideration.
The exhausting section is considered as a stripper for the more volatile compo-
nent, whence, for a kettle-type reboiler,

log —#(l —A)+ A
Xy = X/
N, ~m+1= (9.149)

g log(1/4)
where x,, is the composition of the liquid leaving tray m, the last equilibrium
tray obtamed by graphical work, and 4 = L/aG. For a thermosiphon reboiler
which totally vaporizes the liquid, the left-hand side of Eq. (9.149) is N, —m.
For open steam the left-hand side is N, — m, and x;,,/a is omitted ( Yn,+1 = 0).
The enriching section is considered as an absorber for the less volatile component

(I-y)-0Q- xo)/a( 1)+ 1}

R S R A S A

n—1= oz A (9.150)

where y, is the vapor leaving tray n, the last equilibrium tray obtained by
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graphical construction upward from the feed, x4 is the reflux composition, and
A=al/G.

For many ideal liquids, where « is nearly constant for all concentrations, the
analytical calculation of Smoker [58] applies to the entire fractionator.

Tray Efficiencies

Methods for estimating tray efficiencies are discussed in Chap. 6. Murphree
vapor efficiencies are most simply used graphically on the xy diagram, whether
this is derived from the exact Ponchon-Savarit calculation or with the simplify-
ing assumptions, as shown in Illustration 9.11. Overall efficiencies E, strictly
have meaning only when the Murphree efficiency of all trays is the same and
when the equilibrium and operating lines are both straight over the concentra-
tions considered. The latter requirement can be met only over limited concentra-
tion ranges in distillation, but nevertheless the empirical correlation of Fig. 6.25
is useful for rough estimates, if not for final designs, with the exception that
values of E,, for aqueous solutions are usually higher than the correlation shows.

Tustration 9.11 In the development of @ new process, it will be necessary to fractionate
910 kg/h of an ethanol-water solution coataining 0.3 mole fraction ethanol, available at the
bubble point. It is desired to produce a distillate containing 0.80 mole fraction ethanol, with a
substantially negligible loss of ethanol in the residue.

There is available a tower containing 20 identical cross-flow sieve trays, 760 mm diameter,
with provision for introducing the feed only on the thirteenth tray from the top. The tower is
suitable for use at 1 std atm pressure. The tray spacing is 450 mmHg, the weir on each tray is
530 mm long, extending 60 mm above the tray floor, and the area of the perforations is
0.0462 m*/tray,

Determine a suitable reflux ratio for use with this tower, and estimate the corresponding
ethanol loss, assuming that open steam at 69 kN/m? (10 Ib;/in?) gauge will be used for heating
and that adequate condenser capacity will be supplied.

SoLuTion The McCabe-Thiele method will be used. Mol wt ethanol = 46.05, of water = 18.02.
zp = 0.30.

Basis: 1 h. The feed composition corresponds to 52.27 wt % ethanol. The feed contains
$10(0.5227)/46.05 = 10.33 kmol ethanol and 9HY1 — 0.5227)/18.02 = 24.10 kmol water, total
= 3443 kmol. If essentially all the ethanol is removed from the residue, the distillate
D =10.33/0.80 = 12.9] kmol/h = 522.2 kg/h. Vapor-liquid equilibrium data are available in
“The. Chemical Engineers” Handbook,” 4th ed., p. 13-5, and in Carey and Lewis, fnd. Eng.
Chem., 24, 882 (1932).

Preliminary calculations indicate that the capacily of the tower is governed by the top
vapor rate. At tray |, av mol wt vapor = 0.8(46.05) + 0.2(18.02) = 40.5 kg/mol, temp =
78.2°C, In Chap. 6 notation,

40.5 273
P6 = a1 573 ¥ 7ag = 1408 kg/m*  p, =T449kg/m’ o = 0.02]1 N/m (est)

Table 6.2: for £ = 0.450 m, & = 0.0452, 8 = 0.0287. The tower cross-sectional area = A=
7(0.760)% /4 = 0.4536 m?, and for W = (530/760)T = 0.70T (Table 6.1), the downspout area
A, = 0.0808(0.4536) = 0.0367 m”. The active area 4, = 0.4536 — 2(0.0367) = 0.380 m2, With
A, = 00462 m’, and if we tentatively take (L'/G"Npg/p,)"* = 0.1, Eq. (6.30) provides

Cp= 00746, and Eq. (6.29) shows ¥, = L72 m/s as the flooding gas velocity based on
A, = A, — A, = 04169 m2
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frig, - Az nil.

Caleulations will be :ade for a reflux ratio corresponding 0 G = D(R + |} =
12.91(3 + 1) = 5i.64 kmol/h vapor at the top, or

51.64(2241) 273 + 78.2 - 3
T500 7 0.414 m*/s

The vapor velocity is then 0.414/0.4169 = 0,993 m/s, or 58 percent of the flooding velocity
(amply safe). L = 3(12.91) = 38.73 kmol/h or 1567 kg/h. Therefore,

L ( P )“-5 - 1567 ( 1.405
'\, 0.414(3600)(1.405) \ 744.5

Since for values of this quantity less than 0.1, Eq. (6.29) mevertheless uses 0.1, the calculated
value of Cp is correct.

Since the feed is at the bubble point, ¢ = 1, and Eq. (9.126):

0.5
) = 0.0325

L= L + gF = 38.73 + 1(34.43) = 73,2 kmol/h
Eq. (9.127): G =G+ Flg— 1) = G = 51.64 kmol/h

The eathalpy of saturated steam, referred 10 0°C, at 69 kN/m? is 2699 kN - m/kg, and
this will be its enthalpy as it enters the tower if expanded adiabatically to the tower pressure.
The enthalpy of saturated steam at 1 std atm (neglecting tower pressure drop) is 2676
kN - m/kg, and the latent heat is 2257 kN - m/kg. Eq. {9.140):

(26.99 — 26.76)(18.02)
2257(18.02) ]

5164 =Gy | 1+

Gy, 41 = 511 kmol steam /b
Ec (9.141)
732=5164 - SLI+ Ly
Ly, = W =727 kmol residue/h

N\
Truy efficiencies Consider the situation at x = 0.5, y* = 0.652, 1 = 79.8°C, which is in the
enriching section. Here (Chap. 6 notation) oy =191, ps = 1.253 kg/m?, m (from equilibrium
data) = 042, and by the methods of Chap. 2, Sc; = 0.930, D, = 2065 % 107% m?/s. For
L = 3873 kmol/h, ¢ = 4.36 % 107* m’ /s, and for G = 51.64 kmol/h, ¥, = 1.046 m/s. From
the tray dimensions, z = 0.647 m, Z = 0.542 m, and Ry = 0.060 m.

Eq. (661): N, = 089 Eq.(6.38): &, = 0.0380 m
Eq.{6.64): 6, = 3035 Eq.(662): N, =228
Eq. (6.52)° Ngg = 0871 Eq.(6.51: Eog = 0.581
Eq (6.63): D = 1265 X 10~ m?/s Eq. (659 Pe=7.66

'5” Yo Eq. (6.57) Eug =072 f,\wq@mg
-
2B Entrainment is negligible. Similarly,
o, x l 0 l 01 , 0.3 i 0.8 | 0.7
Eye l 048 I 0.543 | 0.74 | 0.72 I 0.72

Tray ealewdaions The operating-line intercept = xp /1R + 1) = 0.8/(3 + 1) = 0.2, a/(g — 1)
«= co. The operating line for the enriching sectior and the g line are located s usual (Fig. 9.48).
The extausting-section operating line, on this sca.. of plot, for all practical purposes passes
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Figure 248 Solution to Illustration 9.11.

through the origin. The broken curve is located so that, at each concentration, vertical distances
corresponding to lines BC and AC are in the ratio E,s;. This curve is used instead of the
equilibrium curve to locate real trays, as shown, The feed tray is the thivteenth.

Below tray 14, calculations can be made on logarithmic coordinaies as in Hlustration 9.10,
but that would require trial-and-error location of the operating line siace x,, is unknown. It is
easier to proceed as follows.

From Fig. 948, x|, = 0.0150, and from this concentration down the equilibium curve is
essentially siraight (a = m = 895), Epg = 048 = const, 4 = L/aG = 73.2/8.95(51.64) =
0.1584. Equation (8.16) then provides the overall tray efficiency for the six bottom trays:

k. - log[l + 0.48(1/0.1584 ~ 1)]
o log(1,/0.1584)

= (.688

The 6 real trays correspond to 6(0.688) = 4.13 real trays to the bottom of the tower, whence Eq.
(9.149) provides, for open steam,

413 = [OE0015/x,)(1 — 0.1584) + 0.1584]
e Tog(1/0.1584)

X = 6.25 X 107 mole fraction ethanol in the residue
This corresponds to an ethanol loss of 0.5 kg/day. Larger reflux ratios would reduce this, but
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the cost of additional steam will probably make them not worthwhile. Note that this is a matter

of economic considerations and that an optimum reflux ratio exists. Smaller values of R, with

corresponding reduced steam cost and larger ethanol loss, should be considered, but care must
_ be taken to ensure vapor velocities above the weeping velocity, Eq. (6.46).

CONTINUOUS-CONTACT EQUIPMENT (PACKED TOWERS)

Towers filled with the various types of packings described in Chap. 6 are
frequently competitive in cost with trays, and they are particularly useful in
cases where pressure drop must be low, as in low-pressure distillations, and
where liquid holdup must be small, as in distillation of heat-sensitive materials
whose exposure to high temperatures must be minimized. There are also availa-
ble extremely effective packings for use in bench-scale work, capable of produc-
ing the equivalent of many stages in packed heights of only a few feet [40].

The Transfer Unit

As in the case of packed absorbers, the changes in concentration with height
produced by these towers are continuous rather than stepwise as for tray towers,
and the computation procedure must take this into consideration. Figure 9.494
shows a schematic drawing of a packed-tower fractionator. Like tray towers, it
must be provided with a reboiler at the bottom (or open steam may be used if an
aqueous residue is produced), a condenser, means of returning reflux and
reboiled vapor, as well as means for introducing feed. The last can be accom-
plished by providing a short unpacked section at the feed entry, with adequate
distribution of liquid over the top of the exhausting section (see Chap. 6).

The operating diagram, Fig. 9.49b, is determined exactly as for tray towers,
using either the Ponchon-Savarit method or, where applicable, the McCabe-
Thiele simplifying assumptions. Equations for operating lines and enthalpy
balances previously derived for trays are all directly applicable, except that
tray-number subscripts can be omitted. The operating lines are then simply the
relation between x and y, the bulk liquid and gas compositions, prevailing at
each horizontal section of the tower. As before, the change from enriching- to
exhausting-section operating lines is made at the point where the feed is actually
introduced, and for new designs a shorter column results, for a given reflux
ratio, if this is done at the intersection of the operating lines. In what follows,
this practice is assumed.

For packed towers, rates of flow are based on unit tower cross-sectional
area, mol/(area)(time). As for absorbers, in the differential volume dZ, Fig.
9.49a, the interface surface is a dZ, where a is the a, of Chap. 6. The quantity of
substance A in the vapor passing through the differential section is Gy
mol/(area)(time), and the rate of mass transfer is d(Gy) mol A/(differential
volume)(time). Similarly, the rate of mass transfer is d(Lx). Even where the
usual simplifying assumptions are not strictly applicable, within a section of the
column G and L are both sufficiently constant for equimolar counterdiffusion
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Figure 9.49 Fractionation in a packed tower.

between phases to be practically true: N, = — Ny, Consequently (see Table
3.1), Fg = k), F, = k], and the mass-transfer flux is gt
’ cﬁQa—MWg At %&Agg{é{&j\%ﬁ ¥
aq ; d(Lx)
Na= (;d)é) =k - ») = a(dZ) Kfix — x,) (9.151)

wpLs e

. a!;g;w
Therefore Z, =f2" 47 = f(Gy)z : d{Gy) = [ : d(Lx) (9.152)
0 (Gy), kya(yi o y) (Lx), kxa(x - )Cj)

A similar expression, with appropriate integration limits, applies to the stripping
section.

" For any point (x, ) on the operating line, the corresponding point {x;, )
on the equilibrium curve is obtained at the intersection with a line of slope
—k k= — k.a/kya drawn from (x, y), as shown in Fig. 9.494. For k. >k,
so that the principal mass-transfer resistance lies within the vapor, y; — y is more
accurately read than x — x,. The middle integral of Eq. (9.152) is then best used,
evaluated graphically as the area under a curve of | /k,a(y; — y)as ordinate, Gy
as abscissa, within the appropriate limits. For ke < kg, it is better to use the last
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integral. In this manner, variations in G, L, the coefficients, and the interfacial
area with location on the operating lines are readily dealt with.

For cases where the usual simplifying assumptions apply, G and [ within
any section of the tower are both constant, and the heights of transfer units

G L

Ho=gz Ho=32
pa X

(9.153)

are sometimes sufficiently constant (or else average values for the section can be
used), so that Eq. {9.152) can be written
Y2
Z, = Hg "_y = HNg (9.154)

z, =

Ny (9.155)

1L

with similar expressions for Z,. The numbers of transfer units N,; and N, are
given by the integrals of Eqs. {9.154) and (9.155). It should be kept in mind,
however, that the interfacial area ¢ and the mass-transfer coefficients depend
upon the mass rates of flow, which, because of changing average molecular
weights with concentration, may vary considerably even if the molar rates of
flow are constant. The constancy of H,; and H,, should therefore not be
assumed without check,

Ordinarily the equilibrium curve for any section of the tower varies in slope
sufficiently to prevent overall mass-transfer coefficients and heights of transfer
units from being used. If the curve is essentially straight, however, we can write

Y2

Z, = Hgg " __*a;y— = HypeNog (5.156)
o YT
Xz dx

Z, = H:or.f T — HipNior (9.157)
Xa
G L

where HrOG = —1@,‘"&- HrOL = 7(-,; (9.158)

Here, p* — y is an overall driving force in terms of vapor compositions, and
x — x* is a similar one for the lquid (see Fig. 9.495). For such cases, Egs.
(8.48), (8.50), and (8.51) can be used to determine the number of overall transfer
units without graphical integration. As shown in Chap. 5, with F’s equal to the
corresponding ks,

%=%+% (9.159)
%ﬁﬁf%' (9.160)
Hope = Hg + mTGHu, (9.161)
Hoy, = H, + %H,G (9.162)
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where, in Eqs. (5.27) and (5.28), m = m’ = m” = slope of a straight equilibrium
Lurve,

Although practically all the meaningful da'a on mass-transfer coefficients in
packings were obtained at relatively low teinperatures, the limited evidence is
that they can be used for distillation as w:Il, where the temperatures are
normally relatively high. As mentioned in Chap. 6, departure has been noted
where surface-tension changes with concentration oceur. In the case of surface-
tension-positive systems, where the more volatile component has the lower
surface tension, the surface tension increases down the packing, the film of
liquid in the packing becomes more stable, and mass-transfer rates become
larger. For surface-tension-negative systems, where the opposile surface-tension
change occurs, results are as yet unpredictable. Research in this area is badly
needed.

v

Divstration 9.12 Determine suvitable dimensions of packed sections of a tower for the
methancl-water separation of Illustration 9.8, using 38-mum (1.5-in) Raschig rings.

SowuTioN Vapor and liquid quantities throughout the tower, calculated in the manner of
1llustration 9.8, with Eqgs. (9.62), (9.64). (9.72), and {9.74), are:

Yapor Liquid
x 0.°C | ¥ 1. °C | kmol/h [ kg/h | kmol/h | kg/h

Enriching section

0915 66 0.915 68.2 1713 5303 86,7 2723
0600 | 71 0.762 4.3 164.0 4684 79.6 2104
0370 | 76 0.656 78.7 160.9 4373 76.5 1779

Stripping section

0370 | 76 0.656 78.7 168.6 4585 301 7000
0.200 82 0.360 83.7 161.6 3721 2%4 GI38
0.100 87 0.178 94.7 160.6 32% 293 3690
0.02 96.3 0.032 9.3 127.6 2360 260 4767

The x and y values are those on the operating line (Fig. 9.28). The temperatures are bubble and
dew points for the liquids and vapors, respectively. The operating lines intersect at x = 0,370,
the dividing point between enriching and stripping sections,

The tower diameter will be set by the conditions at the top of the stripping section because
of the large liquid flow at this point, Here (Chap. 8 notation),

. 4585 2713
e = TE5.6(22.41) 273 + 787

L ( PG )"-5 7000 ( 0.942

= 0942kg/m®  p, = 905 kg/m?

0s
G\p ) “ais\om ) =ooss
In Fig. 6.34, choose a gas-pressure drop of 450 (N /m?)/m, whence the ordinate is 0.0825.

Table 6.3:°C; = 95. p, =45 x 107 *kg/m -5,/ = |, g = L.

G 2[ 0.0825(0.942)(905 — 0.942)

0.5
= 2.
95(4.5 X 10-4°! ] - l26dke/m s
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The tower crass-sectional area = 4185 /3600(1.264) = (.92 m?, corresponding to a diameter of
1.1 m% L' = 7000/360KK0.92) = 1.94 kg/m?- 5.
Mass-transfer coefficients will be computed for the same location. Table 6.4: m = 36,5,
= — 469 X 1073, p = 0274, a,, = 42.36 m¥/m®, Table 6.5: d = 00530 m, 8 = 0.499,
P = 0.0086, @ = 0.0279, @, W = 0.0193, ¢, = 0.00362 (with p, = 0.00045 kg/m -5,
o = 0029 N/m), H = 091, ¢,, = 0.0175, ¢, = 0.0211.

Eq. (6.73): @, = 380 m?/m® = a. Table 6.3: £ = 0.71; Eq. (6.71): £ = 0.71 — 0.02F1 =
0.689. By the methods of Chap. 2, Scg = 1.0. G = 0.0466 kmol/m?- s, p; = 2.96 x 1077
kg/m -5, and by Eq. (6.70), F; = k, = 164 » 1072 kmol/m?- s - (mole fraction).

D, =480 x 107°m?/s  Sc, = 1035

Eq. (6.72): &k, = 2.66 % 107* kmol/m?: s - (kmol/m?). Since the molar density of water
at 76°C is 53.83 kmol/m?, F; = k. = 53.82(2.66 X 107% = 0.0143 kmol/m? - s - (mole frac-
tion).

Similarly values at other concentrations are:

x G a K x 10 K
0.915 0.0474 20.18 .525 0.01055
0.600 0.0454 21.56 £.542 0.00865
0.370 0.0444 21.92 1.545 0.00776
0.370 0.0466 38.00 1.640 0.0143
0.200 0.0447 32.82 1.692 0.0149
0.100 0.0443 3199 1.766 00146
0.02 0.0352 2225 1.586 0.0850

Figure 9.50 shows the equilibrium curve and operating curves as determnined in Ilustration
9.8. At (x = 0.2, y = 0.36) on the operating line, line 4B was drawn with slope = — &, /k =
0.0149/(1.692 % 10~% = ~ B.8. Point B then provides the value of y; for y = 0.36. Similarly
the lines were erected at each of the x values of the table. Points such as C and [ are joined by
the curve CD, Then, at any point M, the corresponding y; at N is eastly located. The enlarged
inset of the figure shows y; for the vapor entering the packed section to be in equilibrium with
the reboiler liquid xy. Since k; > k&, the middle integral of Eq. (9.152) will be used. The
foltowing values of y; were determined in the manner described, with values of G, k), and a
obtained from a plot of these against y.

1
Y i ka(y; — y) o
¥y = 0815 0.960 634.0 0.0433 = (Gy),
0.85 0.906 $32.8 0.0394
0.80 0.362 4811 0.0366
0.70 0.760 499.1 0.0314
y, = 0.656 0.702 786.9 0.0292 = (Gy),
¥, = 0.656 0.707 314.7 0.0306 = (G¥),
0.50 0.639 124.6 0.0225
0.40 0.580 9.6 0.01787
0.30 0500 . 890 0.01340
0.20 0.390 92.6 0.00888
0.10 0.230 154.5 0.00416
¥, = 0032 0.091 481.0 0.001124 = (Gy),

Graphical integration (not shown) according to Eq. (9.152) provides Z, = 7.53 m for the
enriching section, Z, = 4.54 m for the stripping section.
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Figure 9.50 Solution to Mustration 9.12.

Ber! saddles of the same size, because they provide substantially larger interfacial area, led
to packed depths equal to roughly six-tenths of these values, with approximately a 30 percent
reduction in gas-pressure drop per meter, at the same mass velocities (although in this instance
pressure drop is unimportant). A choice between such packings as these, Pall rings, Intalox
saddles, and the like then revolves about their relative cost, not per cubic meter but for the
complete tower,

In the above example, H,; for the stripping section vares from 0.0485/(1.640 %
107*K38.0) = 0.748 m at the top to 0.997 m at the bottom. Equation (9.154) with an average
Hz = 0873 yields Z, = 4.66 m rather than 4.54, as first calculated. The equilibrium-curve
slope varies so greatly that the use of Hg, or overall mass-transfer coefficients is not
recommended.

MULTICOMPONENT SYSTEMS

Many of the distillations of industry involve more than two components. While
the principles established for binary solutions generally apply to such distilla-
tions, new problems of design are introduced which require special considera-
tion.
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Consider the continuous separation of a ternary solution consisting of
components A, B, and C whose relative volatilities are in that order (A most
volatile). In order to obtain the three substances in substantially pure form,
either of the schemes of Fig. 9.51 can be used. According to scheme (a), the first
column is used to separate C as a residue from the rest of the solution. The
residue is necessarily contaminated with a small amount of B and with an even
smaller amount of A, although if relative volatilities are reasonably large, the
amount of the latter may be exceedingly small. The distillate, which is neces-
sarily contaminated with at least a small amount of C, is then fractionated in a

L
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Figure 9.51 Separation of a ternary systern.
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second column to provide nearly pure A and B. According to scheme (b), the
first tower provides nearly pure A directly, and the residue is separated in the
second. Still a third scheme is shown in (¢). Which of the schemes is used is a
matter of cost, and that may depend upon the relative difficulties of the
separations [38]. Generally, scheme (&) will be more economical than scheme (a)
since it requires only one vaporization of substance A. Scheme (¢) will generally
be more economical than either of the others [60].

An important principle to be emphasized is that a single fractionator cannot
separate more than one component in reasonably pure form from a multicompo-
nent solution and that a total of » — 1 fractionators will be required for
complete separation of a system of n components. It might at first be thought,
for example, that the component of intermediate volatility B would tend to
concentrate in reasonably pure form in the central parts of the first tower, from
which it might be withdrawn as a side stream, thus allowing pure A and pure C
to be withdrawn as distillate and residue, respectively. But this cannot oceur.
The feed tray of column 1, scheme (a), for example, will necessarily contain all
three components in proportions not far from those prevailing in the feed itself,
Trays immediately above the feed will therefore also contain appreciable quanti-
ties of all three substances, with the proportion of C gradually diminishing as we
go higher in the enriching section. Similarly, trays immediately below the feed
necessarily contain large proportions of all substances, with decreasing amounts
of A and B as we penetrate more deeply into the exhausting section. While side
streams are indeed sometimes withdrawn from fractionating towers, these
streams must be further processed if they are to provide pure producis.

The general principles of design of muiticomponent fractionators are the
same in many respects as those for binary systems, but the dearth of adequate
vapor-liquid equilibrium data imposes severe restrictions on their application.
These are especially needed for liquids which are not ideal, and the danger of
attempting new designs without adequate equilibrivm data or pilot-plant study
for such solutions cannot be overemphasized. Inadequate methods of dealing
with tray efficiencies for multicomponents represent another serious problem
still to be solved.

Since the design calculations involve extensive trial and error, high-speed
computers are frequently used [1, 24). Except in extracrdinary cases, it is not
impossible to carry them out by hand, however, and this may be necessary when
only a few designs are to be made. In what follows, hand calculations are
assumed and will in any case provide an introduction to the computer methods. -
The most reliable design procedure is that of Thiele and Geddes [62]. The
method assumes that, for a given feed, the number of trays, position of the feed
tray, and the liquid /vapor ratic and temperature for each tray are all known at
the start, and it proceeds to compute the resulting distillate and residue prod-
ucts. In most cases, of course, at the beginning of a computation the necessary
quantities are ordinarily unknown. The scheme outlined here begins by develop-
ing, with a minimum of trials, information necessary to use the Thiele-Geddes
method, which then provides the final design. High-speed computer techniques
have been developed by grouping equations by equilibrium stages and solving
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iteratively state to stage, based on the methods of Lewis and Matheson and of
Thiele and Geddes. More recently, especially for cases of multiple feeds, a
_scheme of grouping the equations for each component has been developed.

Specification Limitations
I

—

will be assumed at the beginning that at least the following are established:

. Temperature, pressure, composition, and rate of flow of the feed

2. Pressure of the distillation (frequently fixed by the temperature of the
available cooling water, which must be able to condense the distillate vapor
to provide reflux)

3. Feed to be introduced on that tray which will result in the least total number
of trays (optimim feed-tray location)

4. Heat losses {even if assumed 10 be zero)

Under these circumstances it has been shown that there are left to the
designer only three additional items to be specified. Having chosen the three, all
other characteristics of the fractionator are fixed. The designer can only calcu-
late what they will be, and can arbitrarily assign values to them only temporarily
for purposes of trial calculations and later verification. The three can be chosen
from the following list, each item counting one:

1. Total number of trays

2. Reflux ratio )

3. Reboil ratio, ie, ratio of vapor produced by the reboiler to residue
withdrawn

4. Concentration of one component in one product (a2 maximum of two may be
chosen)

5. Ratio of flow of one component in the distillate to the flow of the same
component in the residue, or spfir of the component {a maximum of two may
be chosen)

6. Ratio of total distillate to total residue

In what follows, it will be assumed that the reflux ratio and splits of two

components are specified. Modifications of the procedures are readily made for

" other cases. It is clear that, with more than two components in the feed, neither

the complete compositions nor the rates of flow of either product are then
known.

Key Components

It is convenient first to list the feed components in order of their relative
volatility. The more volatile components are called light, the less volatile are
heavy. There will frequently be one component, the light key component, which is
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present in the residue in important amounts while components lighter than the
light key are present in only very small amounts. If all components are present
in the residue at important concentrations, then the most volatile is the light key.
Similarly there will usually be one component, the keasy key component, present
in the distillate in important amounts while components heavier than the heavy
key are present only in small amounts. If all components are found in the
distillate at important concentrations, then the least volatile is the heavy key.

The difficulty of the separation, as measured by the number of trays
required for a given reflux ratio, is fixed by the key-component concentrations
in the products. It is therefore important to establish which are the keys, and
they may or may not be those whose splits have been specified.

Relative volatilities will be computed always with respect to the heavy key

my

= e 9.163
oy i ( )

where J represents any component and Ak the heavy key. Thus, g, = 1, a’s for
components lighter than the heavy key are greater than 1 and for heavier
components are less than 1.

Minimum Reflux Ratio

This is the largest reflux ratic requiring an infinite number of trays to separate
the key components.

With an infinite number of trays, it is possible to exclude from the distillate
all component heavier than the heavy key. Since all compornents are present at
the feed tray, and since it requires several enriching trays to reduce these heavy
components to negligible concentrations, the pinch for these components, above
which their concentration is zero, lies somewhere above the feed tray, Similarly
an infinite number of trays permits exclusion from the residue of all components
lighter than the light key, and there is a pinch for these several trays below the
feed tray. The situation is therefore different from that for binary distillation,
where at minimum reflux ratio there is only one pinch, usually at the feed tray.

Because of the possibility of excluding components from the products,
computations at minimum reflux ratio help decide which are the key compo-
nents. Components between the keys in volatility are found importantly in both
products, and they are said to disiribute. Shiras et al. [54] show that at minimum
reflux ratio, approximately

X3, 00 L U xppD | oy = oy XD
P — 1 zy e F ay =~ bz F

(9.164)

For x; pD/z; pF less than —0.01 or greater than 1.01, component J will
probably not distribute. For x, ,D/z; -F between 0.01 and 0.99, component J
will undoubtedly distribute. The computations are made with first estimates of
what the keys are, to be corrected as necessary.
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Many methods of estimating the minimum reflux ratio R, have been
proposed, most of which are tedious to use and not necessarily very accurate.
Since the only purpose of obtaining R, is to estimate the product compositions
at R, and to ensure that the specified R is reasonable, an exact value is not
required. Underwood’s method [64]), which uses constant average «’s and
assumes constant L/ G, is not exact but provides reasonable values without great
effort; it is recommended (refer to the original papers for a derivation, which is
lengthy). Two equations must be solved;

a2y F _
2 = F(1 - g) (9.165)
and 2%‘{”—5 = D(R, + 1) (9.166)

The first of these is written for all J components of the feed and solved for the
necessary values of ¢. These are the values which lie between the a’s of the
distributed components. We thus require one more value of ¢ than there are
components between the keys, and these will lie between a, and ay, = 1.
Equation (9.166) is then written once for each value of ¢ so obtained, including
the heavy key and all lighter components in the summations. These are solved
simultaneously for R, and the unknown x; ,D’s. If xy pD computes to be
negative or greater than z; oF, component J will not distribute and the keys
have been incorrectly chosen.

The o's are all computed at the average of the distillate dew point and the
residue bubble point, which may require a few trial estimates. The method has
been extended to columns with multiple feeds [2).

IHusiration 9.13 The following feed, at 82°C (180°F), 1035 kN/m? (150 lb,/in?), is to be
fractionated at that pressure so that the vapor distillate contains 98% of the C3H; but only 1%

of the C;H,;:
Component | CH, ‘ CH, | n-GH, | n-C.H o | n-CsH,, I n-CH,,
2 mole fraction | 0.03 | 0.07 J Q.15 ’ 033 ! 030 ! .12

Estimate the minimum reflux ratio and the corresponding products.

SoLuTion The components will be identified as C, C,, ete. Subscript numerals on m's, a’s,
etc., are Celsius temperatures if larger than 25; otherwise they represent tray numbers. Liquid
solutions are assumed to be ideal. Values of m are taken from Depriester, Chem, Eng. Prog.
Symp. Ser., 4%(T), | (1953). Values of H, all as kJ/kmol referred to the saturated liquid at
—129°C (-200°F), are taken from Maxwell, “Data Bock on Hydrocarbons,” D. Van
Nostrand Company, Inc., Princeton, N.L, 1950. For Hg for temperatures below the dew point,
the enthalpy is that of the saturated vapor. For M, for temperatures above the critical, the
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enthalpy is that of the gas in solution. Values of m are conveniently plotted as log m vs. r°C for
interpolation. Enthalpy can be plotted vs. ¢ on arithmetic coordinates.

30°C 60°C 90°C 120°C

Cp:

m i6.1 9.3 218 240

H; 12790 13 910 15 000 16 240

Hy 9770 11 160 12799 14 370
Cy:

m 345 490 6.25 815

H; 22440 24 300 26 240 28 140

Hy 16 280 18 140 19 8%0 21 630
Cy

m L10 2.00 2% 4.00

He 31170 33 000 35 800 39 000

H, 16 510 20 590 25 600 30 900
Cs

m 0.35 0.70 1.16 1.78

H; 41 200 43 850 46 500 50 400

H, 20 350 25120 30 000 35400
Cg

" 0.085 0.26 0.50 0.84

Hg 50 500 54 000 37 80O 61 200

H, 24 200 32450 35 600 41 400
Cs:

m 0.030 0.130 0.239 0.448

Hg 58 800 63 500 68 150 72 700

H, 27 700 34 200 40 900 48 150

Basis: 1 kmol feed throughout.
Flash vaporization of the feed Use Eq. (9.37). After several trials, assume Gg/F =0.333,
L/ G = 0,667/0333 = 2.0,

P
Component zr gy y = —if~§_32+—/2
o 0.03 210 0.0829
C, 0.07 5.90 0.1578
G 0.15 2.56 0.2530
C, 0.33 1.00 0.3300
C 0.30 042 0.1559
C, 0.12 0.19 0.0312

1.00 1.0108
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Ty is sufficiently close 1o 1.0. Therefore ¢ = L/ F = 0.67. Tentatively assume C; = light key,
C; = heavy key. Therefore specifications require x,, I} = 0.98(0.15) = 0.1470 kmol, xpp D =
0.01(0.30) = 0.0030 kmol. Estimate the average temperature to be 80°C (to be checked).

Component e F Mgy aga
ol 0.3 210 53.2 = 21.0/0.395
C, 0.07 5.90 14.94
kG 0.15 249 6.30
C, 0.33 0.95 2.405
hk Cg .30 0.395 1.0
Ce 0.12 0.180 0.456

Equation (9.164) is to be used for C, C,, and Cg; the others distribute at R, Use y; p
instead of x; p since distillate is a vapor.

ypD 532 -1 01470 + 630 — 53.2 0.0030

2pF 630~1 015 6301 030 _ ol

Cy:

Similarly, for C, and C; the values are 2.744 and -—0.0892, respectively. None of these

components will distribute at R, and the chosen keys are correct. The distillate contains 0.03

kmol C,, 0.07 kmol C,, and no C;. The distribution of only C, to the preducts is unknown.

Equation (9.165)

53.2(0.03) | 14.94(0.07) | 6.30{(0.15) | 2.405(0.33) | 1.0(0.30) = 0.456(0.12)
532 - ¢ 1494 — ¢ 630 — ¢ 2405 — ¢ 10—-¢ 0456 — ¢

This is to be solved for the two values of ¢ lying between g, and ac, and o, and ac,.
Therefore, ¢ = 4.7760 and 1.4177. Equation (6.166) is then written for each value of ¢ and for
components C, through Cs. For ¢ = 4,776,

=1(1- 047)

53.2(0.03) |, _14.94(0.07)  6.30(0.1470) + 2405(yc,pP) | 1.0{0.0030)
532 - 4776 ' 1494 — 4776 630 — 4.776 ' 2405 — 4.776 © 1.0 — 4.716

= D(R.+ 1)

This is repeated with ¢ = 1.4177, and the two solved simultaneously. y. D = 0.1306 kmol C,
in the distillate, D{R_. + 1) = 0.6099. For the distillate, trvy a dew point = 4§6°C.

J
Component Yol Yo Mag g5 i

G 0.03 0.0789 18.0 100 0.000789

C, 0.07 0.1840 4.2 233 0.00789

kG 0.1470 0.3861 L350 8.3 0.0463

Cy 0.1306 0.3431 0.500 2.78 0.1234

hk C4 0.0030 0.0079 0.180 1.0 0.0079

D = 0.3806 1.0000 0.1863

Mg = mc, == 0.1863 at 46.6°C, and the assumed 46°C is satisfactory. For the residue, try a
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bubble point = [13°C. The amount of residue is obtained from x; yW = z; oF ~ y, ,D:

Component W L3T myyy 13 LIRS
Ik Cy 0.0030 0.00484 3.65 5.00 0.0242
[0 0.1994 0.3219 1.60 2.19 0.7050

hk Cg 0.2970 0.4795 0.730 1.00 0.4800
Ce 0.1200 0.1937 0.380 0.521 0.1010

W = 0.6194 1.0000 1.3102

My = me, = 1/1.3102 = 0.763 at 114°C, and the assumed 113°C was close enough.
Average temperature = (114 + 46.6)/2 = §0.3°C (assumed 80°C is close enough). There-
fore,
D(R,, + 1) = 0.3806(R,, + 1) = 0.6099

R, = 0.58 mol reflux/mol distillate

Total Reflux

The product compositions change with reflux ratio, and computations at total
reflux will help decide the ultimate compositions.

Fenske’s equation {9.85) is not limited to binary mixtures and can be
applied to the key components to determine the minimum number of trays,

108[ (Xup D/ Xup DN Xy W/ X W) ]
EOg a!k. av

N+ 1= (9.167)

where N, + 1 is the total number of theoretical stages including the reboiler
(and a partial condenser if credit is taken for its fractionating ability). The
equation can then be applied to determine the distribution of other components
at total reflux,

.00 _ ., FwpD
1, av
Xy W

P {9.168)
The average « is the geometric mean of the values at the distillate dew point and
residue bubble point, which may require a few trials to estimate. Winn [68]
suggests a method to reduce the number of trials required.

Having obtained N,, and R,,, reference can be made to any of the several
empirical correlations mentioned earlier |5, 10, 11, 17, 35] for an estimate of the
number of trays at reflux ratio R. These can be unreliable, however, particularly
if the majority of the trays are in the exhausting section of the tower. A
relationship which is exact for binary mixtures and can be applied to multicom-
ponents yields better results for that case [59]. The result of such an estimate can
be a reasonable basis for proceeding directly to the method of Thiele and
Geddes.
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Mustration 9,13 confinued Compute the number of theoretical trays at local reflux and the
corresponding products,

SoLuTion Tentatively assume the same distillate and residue temperatures as obtained for the
minimum reflux ratio.

Component Bass &p1q oy = (g 0110
C; 100 319 564
C, 233 10.43 15.6
I/ o 8.34 5.00 6.45
C 278 2.19 2.465
bk Cg 10 Lo 1.0
Cy 0.415 0.521 0.465

Eq. (9.167):

N, + 1 = JoBl(0.147/0.003)(0.297/0.003))

Tog 6.45 =435

Eq. (9.168) for C,:

Yool 1.55 0,003
Xcu W (2.465) 0297

= (.611

A C, balance; Yo D+ xow W o= 20 oF = 033
Solving simultaneously pives
YepD = 00255 kmol  x g W = 0.2045 kmol

Similarly,
Cy: fewW =0 yepD =003
Cy: XewW 0 popD =007
GCy: Ye 0D = 0.00003 (negligible; assume 0) oW o= 0.12
Therefore, at total reflux,

Component ypD Xy W

C, 0,03 Nil

C, 0.07 Nil

[ 0.1470 0.0030

Cs 0.1255 0.2045

Cs 0.0030 0.2970

Cs Nii 0.12

03755 =D 0.6245 = W

The distillate dew point computes to be 46.3°C and the residue bubble point 113°C. The
assurmed 46 and 114°C are close enough.
Product Compositions

For components between the keys, a reasonable estimate of their distribution at
reflux ratio R can be obtained by linear interpolation of x; pD between R, and
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total reflux according to R/(R + 1). For components lighter than the light key
and heavier than the heavy key, unless there is clear indication of important
distribution at total reflux and unless R is to be very large, it is best at this time
to assume they do not distribute. Even very small amounts of light components
in the residue or of heavy components in the distillate enormously disturb the
computations to follow.

IHustration 9.13 continued A reflux ratio R = (.8 will be used. Estimate the product composi-
tions at this reflux ratio.

SoLution Since C; and C, do not enter the residue (nor Cy the distillate) appreciably at either
total reflux or minimum reflux ratio, it is assumed that they will not at R = 0.8. C; and C;
distributions are fixed by the specifications. Only that of C, remains to be estimated.

R

R R+ 1 Yewb
o ) 0.1255
0.8 0.445 ?

0.58 0.367 0.1306

Using a linear interpotation, we get

Yool = 1D (0.1306 - 0.1255) + 0.1255 = 0.1300

Therefore, for the distiflate,

Yo = yol

Component ypb Yo ass Xg /e
C, 0.03 0.0789 0.00079 0.00425
Lo 0.07 0.1842 0.0079 0.0425
Ik G 0.1470 0.3870 0.0464 0.2495
C, 0.1300 0.3420 0.1230 0.6612
hk Cs 0.0030 0.0079 0.0079 0.0425
D = 03800 1.0000 0.1860 1.0000

me, = 0,1860; ¢ = 46.6°C distillaie dew point. The last column of the table shows the liquid
reflux in equitibrium with the distillate vapor [Eq. (9.30)}. For the residue,

ax
Component Xy W X Apa w1 = —E-E%
Ik C, 0.003 0.00484 0.0242 0.01855
Cs 0.200 0.3226 0.7050 0.5411
hk Cg 0.2970 0.4790 0.4790 0.3671
C, 0.1200 0.i935 0.0955 0.0732
W = 0.6200 1.0000 13047 1.000G

me, = 1/1.3047 = 0.767; 1 = 114°C, residue bubble point. The last column shows the reboiler
vapor in equilibrium with the residue [Eq. (9.25)].
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Feed-Tray Location

Just as with binary mixtures, the change from enriching to exhausting section
should be made as soon as greater enrichment is thereby produced. This
ultimately can be determined only by trial in the Thiele-Geddes calcuiation, but
in the meantime some guidance is required, The following assumes constant
L/ G, neglects interference of components other than the keys, and assumes that
the optimum feed tray occurs at the intersection of operating lines of the key
components [48).

Equation (9.116), the operating line for the enriching section, omitting the
tray-number designations, can be written for each key component

G D

X = )’fk’“z ™ Kk (9.169)
G D
Xnke = )’hk‘z - ‘Exhko (5.170)
Elimination of L provides
Xie D ) D
= = -= = 9.171
Vi o (yhk G S| T G S ( )
Similarly, Eq. (9.120) for the exhausting section yields
i W ) w
R + —=x - — X 9.172
Yir X (ykk G hic W e kW ( )

At the operating-line intersection, y, is the same from Eqgs. (9.171) and (9.172)
as are yy, and x;, /x,,. Equating the right-hand sides of the two expressions then
produces

(ﬂ) _ Wfrkw/cz +Dxy,/G (9.173)
Xk intersection Wx,,kw/G +DthD/G
Combining Eqs. (9.76) and (9.127) for the light key produces
w D GFzyr — DF(1 — @)xyp
- = = 174
émx.rkw+ G wo (G- Fi-q)]G (9.174)

and a similar result is obtained for the heavy key. Putting these into Eq. {9.173)

then yields, with G/D = R + |,

(ﬂ) _ cnr — Xyp(t —q)/ (R+ 1) (9.175)
intersection  Znkr — Xmp(l — @)/ (R + 1)

Recall from the treatment of binaries that the feed tray f is the uppermost step

on the exhausting-section operating line and that it rarely happens that the feed
step exactly coincides with the operating-line intersection. The feed-tray location

is then given by
(ﬂ) S (ﬂ) 5 (i‘&) (9.176)
Xk /e | X1k J intersection Fik / ¢

Xnk
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A method of choosing the feed tray based on minimizing the resulting irrevers-
ibility (or increasing the eniropy) has been proposed [53]. Ultimately, the best
feed-tray location is obtained through the Thiele-Geddes calculation.

Lewis and Matheson Calculation [31]

This establishes the first (and usually the final) estimate of the number of trays
required. Although it is possible to allow for variations in the L/G ratio with
tray number by tray-to-tray enthalpy balances at the same time, since the
products are not yet firmly established, it is best to omit this refinement.

With constant L/ G, the McCabe-Thiele operating lines, which are merely
material balances, are applicable to each component. Thus, for the enriching
section, Eq. (9.116) is

L D
Yin+1 = Exl,n + 'EZJ.D (9.177)

This is used alternately with dew-point {equilibrium) calculations to compute
tray by tray for each component from the top down to the feed tray. For
components heavier than the heavy key, there will be no z; 5 available, and
these components cannot be included.

For the exhausting section, it is convenient to solve Eq. (9.120) for x:

G W
Xym =Vimat = T =X w (9.178)
L L

This is used alternately with bubble-point (equilibrium) calculations to compute
tray by tray for each component from the bottom up to the feed tray. There are
no values of x;_; for components lighter than the light key, and they cannot be
included.

If, in the first estimate of product compositions, it is found that one product
contains all components (/% = most volatile of sk == least volatile component of
the feed), the computation can be started with this product and continued past
the feed tray to the other end of the column. The operating-line equations
appropriate to each section must of course be used. This will avoid the
composition corrections discussed later.

Itustration 9.13 continued Determine the number of theoretical trays and the location of the
feed tray for R = 0.8,

SorutioN For locating the feed tray, Eq. (9.175):

(_x_yi) _ 0.15 — 03870(1 — 0.67)/1.8 _
030 — 0.007%(1 ~ 0.67)/1.8

0.264

X, : .
hk / ntersection

Enriching section:

D =03800 L = RD = 0.8{0.3800} = 0.3040 G = L + D = 0.3040 + 0.3800 = 0.6840

L _ 03040 _ D _ 03800
G =060 O G = gesag -0
Eq. (9.177):

Cu Prt = 0.445x, + 0.555(0.0789) = 0.455x, + 0.0438
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Similarly,

C: Ynap = 0.455x, + 0.1022
Cy: Your = 0.445x, + 02148
Cy Yniy = 0.445x, + 0.1898
Cs: Yuey = 0.445x, + 0.0044

Estimate 1, = 57°C.

Y N/
Compaonent X y[Eq. (9.177), n = 0} [ 7 ?1 xy = E):,/a
< 000425 00457 79.1 0.00058  0.00226
C, 0.0425 01211 19.6 000618  0.0241
Gy 0.2495 0.3259 7.50  0.0435 0.1658
C, 0.6612 0.4840 266  0.1820 0.7104
hk C, 0.0425 0.0233 Lo0  0.0239 0.0933
1.6000 1.0000 0.2562 1.0000

me, = 02562, 1) = 58.4°C. Liquid x,’s in equilibrium with Yio (/X)) = 0.1698,/0.0933 =
1.82. Tray | is not the feed tray. Estimate 1, = 63°C.

bg Yo/

Component Y2ABQ. (317 n = 1) gy ?2 Xy = 2;1//“
C, 0.0448 68.9 0.00065 0.00221
c,; G.1129 17.85 0.00632 0.0214
ik C 0.2904 6.95 0.0418 0.1419
C, 0.5060 253 0.02000 0.6787
hk C; 0.0459 1.00 0.0459 0.1557
1.0000 0.2947 1.0000

e, = 02947, & = 65°C. (xp/x); = 0.1419/0.1557 = 0.910. The tray calculations are con-
tinued downward in this manner, The results for trays 5 and 6 are:

Component x5 X4
C 0.00210 0.00204
C, 0.0195 00187
ik Cy 0.1125 0.1045
Cy 0.4800 0.4247
hk Cs 0.3859 0.4500
4, °C 154 79.2
X/ Xnse 0.292 0.232

Applying Eq. (9.176), it is seen that tray 6 is the feed tray, Exhausting section:
L= L+ gF = 03040 + 0.67(1) = 0.9740

_ 0.3540
© 09740

= L« W= 097140 - 06200 = (.3540

62
0.97

o

=

=0.364 = (.636

G
G v
L £

&
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Eq. (9.178):

GCs: Xy = 03064y, + 0.636(0.00484) = 0.364y,. ., + 0.00308
Similarly,

Cy X, = 0364y, + 0.2052

Cs: X = 0364y, + 0.3046

Cy: X = 0364y ., + 0.123]

Estimate iy, = H0°C.

xp, [Eq. (9.178),

Wiy,
Component Yr,+1 mm= N, i aty, YN, = Toox,,
(4
Ik C, 0.01855 0.00983 5.00 0.0492 0.0340
C, 0.5411 0.4023 2.20 0.885 06118
hk C4 0.3671 0.4382 1.0 0.4382 0.3028
Cq 0.0732 0.1497 0.501 0.0750 0.0514
£.0000 1.0000 1.4474 1.0000

me, = 1/1.447 = 0.691, ty, = 101.9°C. ¥u, in equilibrium  with X, (x,k/x,,,:),v’ =
0.60983/0.4382 = 0.0224. M, is not the feed tray. In like fashion, Xy, -1 is obtained from Pu,
with Eq. (9.178), and the computations continued up the tower. The results for trays N,—Tto

N, — 9 are:

Component XN, -7 Xn, -8 Xy,-9

kG 0.0790 0.0915 0.1032

C, 0.3994 0.3897 0.3812

hk C4 0.3850 0.3826 0.3801

Cs 0.1366 0.1362 0.1355

{, °C 95.2 94,1 93.6
X/ Xy 0.205 0.23% 0.272

Application of Eq. (5.176} shows tray N, -~ 8 as the feed tray. The data for N, — 9 are
discarded. Then N, — 8 = 6, and N, = 14 trays.

Composition Corrections

The previous computations provide two feed-tray liquids, computed from oppo-
site directions, which do not agree. In most cases, the number of trays will be
satisfactory nevertheless, and for purposes of subsequent calculations {Thiele-
Geddes), temperatures and L/G ratios need only be roughly estimated if
computer methods are used. If better estimates near the feed tray particularly
are desired, the following, due to Underwood [63], is reasonably satisfactory.
Starting with the feed-tray liquid as computed from the enriching section,
which shows no heavy components, the mole fractions are all reduced pro-
portionately so that their sum, plus the mole frattions of the missing compo-
nents (as shown in the feed-tray composition as computed from the exhausting
section) is unity. The bubble point is then recalculated, The justification for this
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somewhat arbitrary procedure is that the relafive concentrations of the light
components in the vapor will remain about the same so long as their relative
concentrations in the liquid are unchanged.

The concentrations of the missing heavy components on trays above the
feed tray are next estimated. For these, z5, p should be very small, and Eq.
(9.}77) shows

Yin+1 _ Lx.!.n/G + DZJ.D/G —~ X1, n

= Ay — 9.179
Yikormst LXp o/ G+ D2y /G Xy, ( )
Since y.l.n+| - m.I,n+li.n+l - aJ.n+l‘x3,n+l (9 180)
Yak,nel Mar a1k ae Xrk, n+1
o x X
then P oLl 5 il (9.181)

Xk, n+ 1

The liquid mole fractions on tray n as previously determined are then reduced
proportionately to accommodate those of the heavy components, and a new
bubble point is calculated. This is continued upward until the concentrations on
upper trays as previously computed are no longer changed importantly.

Missing light components are added to trays below the feed in much the
same manner. Thus, Eq. (9.178) for these provides

Fromet _ Xym — Wxp /L o Xam
T X
Yk, m+1 Xgm ™ Wxppw/L Thern

where advantage is taken of the fact that X5, w must be small for these
components. As before,
Fhmel _ MimerXymet _ @ m+1¥0me ) X3 m (9.183)

(9.182)

Yiomat Pume X mel Qo me 1 X mit Qe X, ma
The last approximation results from assuming that the ratio of a’s stays reason-
ably constant with small temperature changes. Then

X QX
Xy g = e m Tl my {9.184)

A, & ttem
The mole fractions of the components on the lower tray are then proportionately
reduced to accommodate the light components, and the bubble point is recalcu-

lated.

Tltustration 9.13 continued Compositions at the feed tray as previously determined are listed in
the first two columns. The old x4's are reduced 1o accommodate the Cs from N, — 8, and the
new xg's are determined, The new bubble point is §6.4°C.

Component Xy -8 Old x, xg(1 — 0.1362) New x, Ogsa
C, 0.00204 0.00£76 0.00176 46.5
G 0.0187 0.0162 00162 13.5
kG 0.0915 0.1045 0.0903 0.0903 5.87
Cy 0.3897 04247 0.3668 0.3668 2.39
hk C4 0.3826 0.4500 0.3887 0.3887 1.00
Cs 0.1362 0.1362 0.467

1.0000 1.0000 0.8638 1.0000
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For tray 5, xc, is estimated, through Eq. (39.181),

_ 0.467(0.1362)(0.3859) _
Xe, s TR 0.0631

where (.3859 is the concentration of the heavy key on tray 5 as previously calculated. The old
xg's are all reduced by multiplying them by 1 — 0.0631, whence their new sum plus 0.0631 for
Cs = 1. The new tray 5 has a bubble point of 80°C, and its equilibrium vapor can be obtained
from the bubble-point calculation, as usual. In similar fashion, the calculations are continued
upward. Results for the top trays and the distillate are:

Component  x, ¥; X, » Xy Yo

C, 600221 0.0444 0.00226  0.0451 0.00425  0.0789
G 0.0214 0.1111 0.0241 0.1209 0.0425 0.1842
C; 0.1418 0.2885 0.1697 0.3259 0.2495 0.,3370
Cs 0.6786 0.509% 0.7100 0.4840 0.6611 0.3420
Cs 0.1553 0.0458 0.0932 0.0239 0.0425 0.007%
Cs 0.00262 0.00034 0.00079 0.0000%9 0.060015 0.00001
t,°C 66 58.5 46.6

To correct tray N, — 7 = tray 7, use Eq. (9.184) to determine the concentrations of C,
and C; on tray 7. xy .. is taken from the old N, — 7.

_ 0.00176(5.87)(0.0790) _ _ 0.0162(5.87){0.0790)
Xew1= T gesooeony - ORI xer = T3 3G 0003)

The old Xy, —7 MUS be reduced by multiplying by 1 - 0.000 194 ~ 0.006E5. The adjusted
values together with those above constitute the new x;'s. The new bubble point is 94°C.,

The calculations are continued downward in the same fashion. The new tray 6 has
xg, = 0.000 023, xc, =0.00236. Il is clear that concentrations for these components are
reducing so rapidly that there is no need to go further,

= 0.00615

Liquid/Vapor Ratios

With the corrected temperatures and compaositions, it is now possible to estimate
the L /G ratios on the trays reasonably well.
For the enriching section, Eq. (9.59) can be solved simultaneously with Eq.

(9.56) to provide
_ Oc + D{HD - HL,,)
He,,, — Hi,
Equation (9.56) then provides L,; G, is computed through another application

of Egq. (9.185), and hence L,/G, is obtained. Similarly for the exhausting
section, Eqs. (9.66) and (9.69) provide

o Qs+ W(H, - Hy)
(X2 HG _ HL,,,

ek b

G, (9.185)

(9.186)

and Eq. (9.66) gives the liquid rate. Usually it is necessary to compute only a few
such ratios in each section and interpolate the rest from a plot of L/G vs. tray
number,

It must be remembered that if the enthalpies are computed from tempera-
tures and concentrations taken from the Lewis-Matheson data, even though
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corrected in the manner previously shown, the L / G ratios will still be estimates
only, since the data upon which they are based assume constant L/G in each
section.

Hiustration 9.13 contlnued Compute the condenser and reboiler heat loads and the L/ G ratios.

Sowumion The condenser heat load is given by Eq. (9.54). Values of x;, y,, and ¥ are taken
from the corrected concentrations previously obtained,

Hp, vapor, Hio Hgy,

Component  46.6°C Yoy 46.6°C xof g 58.8°C »Hg
<, 13 490 1065 10 470 4.4 13 960 629
G 23 380 4 305 17210 732 24 190 2926
G 32100 12 420 18 610 4643 37 260 10 840
(o 42 330 14 470 22 790 15 100 43 500 21 050
Cs 52 570 415 27100 1151 53 900 1291
Cs 61 480 0.7 31 050 4,7 63 500 9.5

32 680 21 675 36 145
=Hfp =Hy =Hg,

Eq. (5.54):
Qc = 0.3800{(0.8 + 1)(36 745) — 0.8(21 675) ~ 32 680]

= §130 kJ /kmol feed

In similar fashion, H, = 39 220, H, = 34 260, and Oy [Eq. (8.55)] = 8606 kJ /kmol feed.
Fortray n =1, G = Lo+ D = D(R + 1) = 0.3800{1.8) = 0.684 kmol. With xy and y,
from corrected compositions:

Hea, Hyy,

Component 66°C Hgays 58.5°C Hyx,
C, 14 070 624.5 [T 160 254
G, 24 610 2740 17910 432
(o) 33 800 9 770 20 470 3473
C, 44 100 22470 24 900 17 680
Cs 54 780 2510 29 500 2750
C; 64 430 219 33 840 26.7

38 136 24 380
=Hga =Hy,
Eq. (9.185):
- 6130 + 0.38(32 680 — 24 380) -
G2 38 136 — 24 380 0675 kmol
Ly = Gy — D = 0675 — 0,380 = 0,295 kmol
L2 . 0295 o437

G, 0675
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Similarly, the calculations can be made for other trays in the enriching section. For tray
N, = 14:
F

Hegs Hyp 1w
Component 113.3°C YisHg 15 107.9°C X14Hy 14
C, Nil Nil
G Nil Nil
G 38 260 709 29 310 287.7
Cy 49 310 26 700 31 870 12 790
Cs 60 240 22100 37 680 16 510
Gy 71 640 5245 43 500 6 470
54 750 36 058
=Hg15 =H, u
Similarty,
My 3=367% and Hg 4= 52610
Eq. (9.186):

= B606 + 0.62(36 058 — 39 220)
13 54 750 — 39220

L = W+ G5 = 0.620 + 0,358 = 0.978
.. 8606 + 0.62(36 790 — 39 220) _

D

= (1.358

G 57610 = 3 790 A48
Ly 0978

— T maag = 2.18

G, 048

and similarly for other exhausting-section trays. Thus:

Tray no. L ar £_ 1, °C Tray no. £_ t,°C
G g G

Condenser 0.80 46.6 8 325 96.3
{ 0.432 58.4 9 2.88 91.7
2 0.437 66 10 2.58 9%

3 0.369 704 11 248 100

4 0.305 74 12 247 1029
5 0310 80.3 13 242 104.6
6 1.53 86.4 14 2.18 107.9
7 4.05 94.1 Reboiler 173 113.5

These values are not final. They scatter erratically because they are based on the tempera-
tures and concentrations computed with the assumption of constant L/ G,

Method of Thiele and Geddes

With number of trays, position of the feed tray, temperatures, and L/ G ratios,
the Thiele-Geddes method allows one to compute the products which will result,
thus ultimately permitting a check of all previous calculations. The following is
Edmister’s [11] variation of the original [62].



450 MASS-TRANSFER OPERATIONS

All the equations which follow apply separately for each component, and component designations
are omitted. For the enriching section, consider first the condenser,

Gy = Loxg + Dzp (9.187)
G _ Laxg
D_ZD— DZD + 1 (9188)

For a total condenser, xo = z,, = x,, and Ly/D = R. Therefore

Gy

Diy = R¥1=dp+1 (9.189)
For a partial condenser behaving like a theoretical stage, zp =y, 2, /Xy = yp /xy = my, and
Gy _ R
D—ZD'—FO‘"'IMAO'FI (94190)
Ag is therefore either R or R /my, depending upon the type of condenser. For tray 1,
Lix; L,
e = g 9.191
Gy Gim : 190
where A, is the absorption factor for tray 1. Then
Lixy = 4,6, 3 (9.192)
For tray 2,
Gaye = Lixy + Dz (2.193)
Gyya  Lixy _ 4Gy _
‘—D}:«—D—Z‘D+l——"5~z:-+l AI(AO+1)+1—A°A|+A,+3 {9.194)

Generally, for any tray,
Gubn _ Ay 1Gres Yoy

_Da—_.-w-TZD_‘I- I =A0A|A2' - ‘A"_[+A[A1' . ‘A"_] + - +A"_] + 1
(9.195)
and for the feed tray,
Gy
D_zD= Agdi Ay - - Apy + A4y - cApE e A+ (9.196)
Consider next the exhausting section, For a kettle-type reboiler,
6N,+lyN,+1 §~,+|mw
Wey T = Sw (9.197)
where 5y, is the reboiler stripping factor. Since
EN,XH, = 5N,+lyﬂ,,+l + Wxy (9.198)
L_N,x.v, 64\1’, +1 XN, +1
then Wy = Wry +1=8,+41 (9.199)
For a thermosiphon reboiler, Yn,+1 = Xy, and
G,
Sy = %}l (5.200)

Sy is therefore defined by either Eq. (9.197) or (9.200}, depending upon the type of reboiler. For the
bottom tray,
Gy Y, - G, my, =5,

»

_ A 9.201)
Ly xn, Ly,

Gy, vn, = Sy, En %, (9.202)
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Then EN,~:1~,—1 = G—My,,,’ + Wy (9.203)
Ly 11 Gurw Sy Ly x5
/d i — i d — p T Mg —_ —

and Way = W, +1= Wy FI=8 (S +DF1=8,8,+ 5 +1

' (9.204)
In general, for any tray,

Wy %’Lj 1= Spnrrt SpeSp, Sy Syt 0 S-S,

FSr Syt E S+ L (9.205)
and at the feed tray,

Ly

7 =Sy SySwt Sy Syt A8t (9.206)

Edmister [11] provides shortcut methods involving “effective” A's and S's for use in Eqs. {9.196) and
(9.206), much as for gas absorption.

L Lx
Ay ke = Jor '} (9.207)
iy Gy

Wew _ Ly Spy/ D2 | Gl Doy

and = {9.208)
= —
Dzp = Gpyy Lixi/ Wxp Lixy/ Wxy
Since Fzp = Wxy + Dzp (9.209)
£ .
Dz F {9.210)

= Wxy/Dzp + 1

For each component, Egs. (9.196) and (9.206) are then used to compute the numerator and
denominator, respectively, of the term in parentheses of Eq. (9.208), whence Wxy,/ Dzp, or the split
of the component, is found. Equation (9.210) then provides Dz, and Eq. (9.209) provides Wx;p.

The products thus computed are completely consistent with the number of
trays, feed-tray position, and reflux ratio used, provided the A’s and $'s (or
L/G’s and temperatures) are correct. For checking these, it is necessary to use
the general equations (9.195) and {9.205) for each tray in the appropriate section
of the tower. To check tray »n in the enriching section,

Gy, Dzp

Dz, G, Y
and this can be obtained from the data already accumulated. If Zy; | = |, the
temperature is satisfactory. If not, a new temperature is obtained by adjusting

the y's proportionately until they add to unity and computing the corresponding
dew point. To check a tray in the exhausting section,

(9.211)

I_.mxm Wiy _

X {9.212)

Wxy [ m
which is obtainable from the data. If Zx; ,, = 1, the temperature is correct. If
not, the x’s are adjusted to add to unity and the bubble point computed. The
new temperatures and compositions permit new enthalpy balances to obtain
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corrected L/G’s for each tray, and the Thiele-Geddes calculation can be
redone. Problems of convergence of this trial-and-error procedure are consid-
ered by Holland [24], Lyster et al. [33), and Smith {571.

The true optimum feed-tray location is obtained by trjal, altering the
location and observing which location produces the smallest number of trays for
the desired products.

Iustration 9.13 concluded Reestimate the products through the Thicle-Geddes method.

SorutioN The temperature and L/ G profiles as previously estimated will be used. Computa-
tions will be shown for only one component, Cy; all other components are treated in the same
marnser.

Using the tray temperatures to obtain m, A = L/mG for the enriching trays and
§ =mG/L for the exhausting trays are computed. Since a partial condenser is used, Ay =
R/ my. For the kettle-type reboiler, Sy, = &, s,/ W, Then, for Cs

Tray Condenser 1 2 3 4 5 6=f

m 0.50 066 075 081 08 095 1.07
A £.600 0.655 0.584 0455 0355 0326 1.431

Tray 7T=f+1 8 9 10 11 12 13 14 Reboiler

m 122 127 12% 130 132 140 145 151 165
by 0.301 0.390 0447 0503 0532 0.566 0599 0693 0.954

With these data

Eq. (9.196):
% = 15778
Eq. (9.206):
% = 1.5306
Eq. (9.208);
;;:: = 141128 = s
Eq. (9.210):
Dyp = e = 01335
Eq. (9.209):

Wiy = 0.33 ~ 01335 = 0.1965
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Similarly:

G, Lyx W

24 1%t Xw

Component Dz, Wrsy Dyp Dyp Wy
C, 1.0150 254 x 1P 288x 1010 0.03 Nit
C, 1.0567 8750 298x 1075 0.07 Nii
G 1.1440 17.241 0.0376 0.144 7 0.0053
C4 1.5778 1.5306 1.475 01335 0.1965
Cs 15.580 1.1595 45.7 0.006 43 0.29357
Cq 1080 1.0687 7330 0000016 6 0.11998

0.3846 = D 06134 = W

These show that 0.i447(100)/0.15 = 96.3% of the C, and 2.14% of the C; are in the distiliate.
These do not quite meet the original specifications. The temperatures and L/G’s must stitl be
corrected, however. Thus for ray 2 and component C,, Eq. (9.195) yields &, y,/ Dz, = 2.705.
From the enthalpy balances, G, = 0.675. Therefore, by Eq. (9.211),

_ 2.705(0.1335)

»2 0.675 = 0.5349
Similarly:
Component Gary 2 Adjusted y,
Dz

o 1.0235 0.0454 0.0419
C, 1.1062 0.1147 0.1059
C, 1.351 0.2896 0.2675
C, 2,705 0.5349 0.4939
C;s 10.18 0.0970 0.0896
C, 469 0.00115 0.00106

1.0828 1.0000

Since Zy, does not equal 1, the original temperature is incorrect. After adjusting the y's to add
to umity as shown, the dew point = 71°C instead of the 66°C used. Similarly all tray
compositions and temperatures must be corrected, new L/ G’s obtained by enthalpy balances
with the new compositions, temperatures, and L/G’s, and the Thiele-Geddes calculations
repeated.

Multicomponent fractionation finds its most complex applications in the
field of petroleum refining. Petroleum products such as gasoline, naphthas,
kerosenes, gas oils, fuel oils, and lubricating oils are each mixtures of hundreds
of hydrocarbons, so many that their identity and actual number cannot readily
be established. Fortunately, it is not usually specific substances that are desired
in these products but properties, so that specifications can be made as to boiling
range, specific gravity, viscosity, and the like. Fractionators for these products
cannot be designed by the detailed methods just described but must be based
upon laboratory studies in small-scale equipment. As an example which
illustrates the complex nature of some of these separations, consider the sche-
matic diagram of a topping plant for the initial distillation of a crude oil (Fig.
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Figure 952 Schematic arrangement, petroleum topping plant.

9.52). The crude oil, after preliminary heat exchange with several of the products
from the plant, is passed through the tubes of a gas-fired furnace, the tube-still
heater. Here a portion of the oil is vaporized, somewhat larger in amount than
that ultimately to be taken as vaporized products. The mixture of liquid and
vapor then enters the large tray tower. Open steam is introduced at the bottom
to strip the last traces of volatile substances from the residue product, and this
steam passes up the column, where it lowers the effective pressure and hence the
temperature of the distillation. The steam and most volatile substances (crude
gasoline) leaving the top tray are condensed, the water separated, and the
gasoline sent to storage. Reflux in the scheme shown here is provided by
withdrawing a portion of the liquid from the top tray and returning it after it has
been cooled. The cold liquid condenses some of the rising vapors to provide
internal reflux. Several trays down from the top of the tower, a side stream may
be withdrawn which will contain the hydrocarbons characteristic of a desired
naphtha product. Since the components of the more volatile gasoline are also
present at this point, the liquid is steam-stripped in a short auxiliary tray tower,
the steam and vaporized gasoline being sent back to the main fractionator, The
stripped naphtha is then withdrawn to storage. In similar fashion kerosene and
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gas oil cuts may be withdrawn, but each must be separately steam-stripped. The
individual steam strippers are frequently built into a single shell, as shown, for
economy, so that from the outside the multipurpose nature of the smaller tower
is not readily evident. The withdrawn products must ordinarily be further
processed before they are considered finished.

The design, method of operation, and number of products from topping
units of this sort may vary considerably from refinery to refinery. Indeed, any
individual unit will be built for maximum flexibility of operation, with, for
example, multiple nozzles for introducing the feed at various trays and multiple
side-stream withdrawal nozzles, to allow for variations in the nature of the feed
and in the products to be made.

Azeotropic Distillation

This is a special case of multicomponent distillation [23] used for separation of
binary mixtures which are either difficult or impossible to separate by ordinary
fractionation. If the relative volatility of a binary mixture is very low, the
continuous rectification of the mixture to give nearly pure products will require
high reflux ratios and correspondingly high heat requirements, as well as towers
of large cross section and numbers of trays. In other cases the formation of a
binary azeotrope may make it impossible to produce nearly pure products by
ordinary fractionation. Under these circumstances a third component, some-
times called an entrainer, may be added to the binary mixture to form a new
low-boiling azeotrope with one of the original constituents, whose volatility is
such that it can casily be separated from the other onginal constituent.

As an example of such an operation, consider the flowsheet of Fig. 9.53 for
the azeotropic separation of acetic acid-water solutions, using butyl acetate as
entrainer [39]. Acetic acid can be separated from water by ordinary methods,
but only at great expense because of the low relative volatility of the constituents
despite their fairly large difference in boiling points at atmospheric pressure
(nbp acetic acid = 118.1°C, nbp water = 100°C). Butyl acetate is only slightly
soluble in water and consequently forms a heteroazeotrope with it (bp =
90.2°C). Therefore if at least sufficient butyl acetate is added to the top of the
distillation column (1) to form the azeotrope with all the water in the binary
feed, the azeotrope can readily be distilled from the high-boiling acetic acid,
which leaves as a residue product. The heteroazeotrope on condensation forms
two insoluble liquid layers, one nearly pure water but saturated with ester, the
other nearly pure ester saturated with water. The latter is returned to the top of
the column as reflux and is the source of the entrainer in the column. The
former can be stripped of its small entrainer content in a second small column
(2). The separation of the heteroazeotrope from acetic acid is readily done, so
that relatively few trays are required in the principal tower. On the other hand,
heat must be supplied, not only to vaporize the water in the overhead distillate,
but to vaporize the entrainer as weil. The operation can also be done batchwise,
in which case sufficient entrainer is charged to the still kettle, together with the
feed, to azeotrope the water. The azeotrope is then distilled overhead.
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Figare 9.53 Azeotropic distillation of acetic acid—water with butyl acetate.

Sometimes the new azeotrope which is formed contains all three con-
stituents, The dehydration of ethanol-water mixture with benzene as added
substance is an example. Dilute ethanol-water solutions can be continuously
rectified to give at best mixtures containing 89.4 mole percent ethanol at
atmospheric pressure, since this is the composition of the minimum-boiling
azeotrope in the binary system. By introducing benzene into the top of a column
fed with an ethanol-water mixture, the ternary azeotrope containing benzene
(53.9 mol %), water (23.3 mol %), ethanol (22.8 mol %), boiling at 64.9°C, is
readily separated from the ethanol (bp = 78.4°C), which leaves as a residue
product. In this case also the azeotropic overhead product separates into two
liquid layers, one rich in benzene which is returned to the top of the column as
reflux, the other rich in water which is withdrawn, Since the latter contains
appreciable quantities of both benzene and ethanol, it must be rectified sep-
arately. The ternary azeotrope contains nearly equal molar proportions of
ethano! and water, and consequently dilute ethanol-water solutions must be
given a preliminary rectification to produce substantially the alcohol-rich binary
azeotrope which is used as a feed,

In still other cases the new azeotrope which is formed does not separate into
two insoluble liquids, and special means. for separating it, such as liquid
extraction, must be provided, but this is less desirable.

It is clear that the choice of entrainer is a most important consideration, The
added substance should preferably form a low-boiling azeotrope with only one
of the constituents of the binary mixture it is desired to separate, preferably the
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constituent present in the minority so as to reduce the heat requirements of the
process. The new azeotrope must be of sufficient volatility to make it readily
separable from the remaining constituent and so that inappreciable amounts of
entrainer will appear in the residue product. It should preferably be lean in
entrainer content, to reduce the amount of vaporization necessary in the
distillation. It should preferably be of the heterogeneous-liquid type, which then
simplifies greatly the recovery of the entrainer. In addition, 2 satisfactory
entrainer must be (1) cheap and readily available, (2) chemically stable and
inactive toward the solution to be separated, (3) noncorrosive toward common
construction materials, (4) nontoxic, (5) of low latent heat of vaporization, (6) of
low freezing point to facilitate storage and outdoor handling, and (7) of low
viscosity to provide high tray efficiencies.

The general methods of design for multicomponent distillation apply, the
principal difficulty being the paucity of vapor-liquid equilibrium data for these
highly nonideal mixtures {23]. Computer programs are available {4].

Extractive Distillation

This is a multicomponent-rectification method similar in purpose to azeotropic
distillation. To a binary mixture which is difficult or impossible to separate by
ordinary means a third component, termed a sofvent, is added which alters the
relative volatility of the original constituents, thus permitting the separation. The
added solvent is, however, of low volatility and is itself not appreciably

vaporized in the fractionator.
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Figure 9.54 Extractive distillation of toluene-isooctans with phencl [Vapor-liuid equilibria Jrem
Drickamer, Brown, and White, Trans. ATCHE 41, 555 {1945).)
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As an example of such an operation, consider the process of Fig. 9.54. The
separation of toluene (bp = 110.8°C) from paraffin hydrocarbons of approxi-
mately the same molecular weight is either very difficult or impossible, due to
low relative volatility or azeotropism, yet such a separation is necessary in the
recovery of toluene from certain petroleum hydrocarbon mixtures. Using isooc-
tane (bp = 99.3°C) as an example of a paraffin hydrocarbon, Fig. 9.54a shows
that isooctane in this mixture is the more volatile, but the separation is obviously
difficult. In the presence of phenol (bp = 181.4°C), however, the isooctane
relative volatility increases, so that, with as much as 83 mole percent phenol in
the liquid, the separation from toluene is relatively easy. A flowsheet for
accomplishing this is shown in Fig. 9.545, where the binary mixture is in-
troduced more or less centrally into the extractive distillation tower (1), and
phenol as the solvent is introduced near the top so as to be present in high
concentration upon most of the trays in the tower. Under these conditions
isooctane is readily distitled as an overhead product, while toluene and phenol
are removed as a residue. Although phenol is relatively high-boiling, its vapor
pressure is nevertheless sufficient for its appearance in the overhead product to
be prevented. The solvent-recovery section of the tower, which may be relatively
short, serves to separate the phenol from the isooctane. The residue from the
tower must be rectified in the auxiliary tower (2) to separate toluene from the
phenol, which is recycled, but this is a relatively easy separation. In practice, the
paraffin hydrocarbon is a mixture rather than the pure substance isgoctane, but
the principle of the operation remains the same.

Such a process depends upon the difference in departure from ideality
between the solvent and the components of the binary mixture to be separated.
In the example given, both toluene and isooctane separately form nonideal
liquid solutions with phenol, but the extent of the nonideality with isooctane is
greater than that with toluene. When all three substances are present, therefore,
the toluene and iscoctane themselves behave as a nonideal mixture and their
relative volatility becomes high. Considerations of this sort form the basis for the
choice of an extractive-distillation solvent. If, for example, a mixture of acetone
{bp = 56.4°C) and methanol (bp = 64.7°C), which form a binary azeotrope,
were to be separated by extractive distillation, a suitable solvent could probably
be chosen from the group of aliphatic alcohols. Butanol (bp = 117.8°C), since it
is a member of the same homologous series but not far removed, forms
substantially ideal solutions with methanol, which are themselves readily sep-
arated. It will form solutions of positive deviation from ideality with acetone,
however, and -the acetone-methanol vapor-liquid equilibria will therefore be
substantially altered in ternary mixtures. If butanol forms no azeotrope with
acetone, and if it alters the vapor-liquid equilibrium of acetone-methanol
sufficiently to destroy the azeotrope in this system, it will serve as an extractive-
distillation solvent. When both substances of the binary mixture to be separated
are themselves chemically very similar, a solvent of an entirely different chemi-
cal nature will be necessary. Acetone and furfural, for example, are useful as
extractive-distillation solvents for separating the hydrocarbons butene-2 and
n-butane.
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Generally the requirements of a satisfactory extractive-distillation solvent
are f16, 51, 61]:

1. High selectivity, or ability to alter the vapor-liquid equilibria of the original
mixture sufficiently to permit its easy separation, with, however, use of only
small quantities of solvent.

2. High capacity, or ability to dissolve the components in the mixture to be
separated. It frequently happens that substances which are incompletely
miscible with the mixture are very selective; yet if sufficiently high concentra-
tions of solvent cannot be obtained in the liquid phase, the separation ability
cannot be fuily developed, .

3. Low volatility in order to prevent vaporization of the solvent with the
overhead product and to maintain high concentration in the liquid phase.
Nonvolatile salts can be especially useful [15), _

4. Separability; the solvent must be readily separated from the mixture to which
it is added, and particularly it must form no azeotropes with the original
substances.

5. The same considerations of cost, toxicity, corrosive character, chemical
stability, freezing point, and viscosity apply as for entrainers for azeotropic
distillation.

The general methods of design for multicomponent distillation apply. Since
in most cases all the components of the feed streams are found in the bottoms,
the method of Lewis and Matheson can be used, starting at the bottom and
computing to the top. There will be an optimum solvent-circulation rate: small
solvent rates require many trays, but the column diameters are small; large
ratios require fewer trays but larger column diameters and greater solvent-circu-
lation costs.

Comparison of Azeotrepic and Extractive Distillation

It is generally true that adding an extraneous substance such as an entrainer or
solvent to a process is undesirable. Since it can never be completely removed, it
adds an unexpected impurity to the products. There are inevitable losses
(ordinarily of the order of 0.1 percent of the solvent-circulation rate), and they
may be large since solvent/feed ratios must frequently be greater than 3 or 4 to
be effective. An inventory and source of supply must be maintained. Solvent
recovery costs can be large, and new problems in choices of materials of
construction are introduced. It follows that these processes can be considered
only if, despite these drawbacks, the resulting process is less costly than
conventional distillation.

Extractive distillation is generally considered to be more desirable than
azeotropic distillation since (1) there is a greater choice of added component
because the process does not depend upon the accident of azeotrope formation
and (2) generally smaller quantities of solvent must be volatilized. However, the
latter advantage can disappear if the volatilized impurity is a minor constituent
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of the feed and the azeotrope composition is favorable, ie., low in solvent
composition. Thus, in the dehydration of ethanol from an 83.6 mole percent
ethanol-water solution, azeotroping the water with n-pentane as entrainer is
more economical than using ethylene glycol as an extractive distillation solvent
[3]. The reverse might be true for 2 more dilute alcohol feed.

LOW-PRESSURE DISTILLATION

Many organic substances cannot be heated to temperatures which even ap-
proach their normal boiling points without chemical decomposition. If such
substances are to be separated by distillation, the pressure and the correspend-
ing temperature must be kept low. The time of exposure of the substances to the
distillation temperature must also be kept to a minimum, since the extent of
thermal decomposition will thereby be reduced. For distillation under absolute
pressures of the order of 7 to 35 kN/m? (I to 5 lb;/in?), packed towers can be
used, bubble-cap and sieve trays can be designed with pressure drops approach-
ing 350 N/m? (0.05 Ib,/in?, or 2.6 mmHg), and other simpler designs, such as
the shower tray of Fig. 6.18, for which the pressure drops are of the order of
103 N/m* (0.015 Ib;/in?, or 0.75 mmHg), are possible. Mechanically stirred
spray and wetted-wall columns provide even smaller pressure drops [45].

In the distillation of many natural products, such as the separation of
vitamins from animal and fish oils, as well as the separation of many synthetic
industrial products such as plasticizers, the temperature may not exceed perhaps
200 to 300°C, where the vapor pressures of the substances may be a fraction of a
millimeter of mercury. The conventional equipment is, of course, wholly unsuit-
able for such separations, not only because the pressure drop would result in
high temperatures at the bottom of columns but also because of the long
exposure time to the prevailing temperatures resulting from high holdup.

Molecular Distillation

This is a form of distillation at very low pressure conducted industrially at
absolute pressures of the order of 0.3 to 3 N/m? (0.003 to 0.03 mmHg), suitable
for the heat-sensitive substances described above,

The rate at which evaporation takes place from a liquid surface is given by
the Langmuir equarion

_ 1 03
NA = ;%PA(W) (9213)
where R’ is the gas constant. At ordinary pressures the net rate of evaporation
is, however, very much less than this, because the evaporated molecules are
reflecied back to the lquid after collisions occurring in the vapor. By reducing
the absolute pressure to values used in molecular distiflation, the mean free path
of the molecules becomes very large, of the order of 1 cm. If the condensing
surface is then placed at a distance from the vaporizing liquid surface not
exceeding a few centimeters, very few molecules will return to the liquid, and the
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netrate of evaporation of each substance of a binary mixture will approach that
given by Eq. (9.213). The vapor composition, or the composition of the distillate,
will now be different from that given by ordinary equilibrium vaporizafion, and
the ratio of the constituents in the distillate will approach

Ny _ molesof A _ pa/MR°

Ny molesof B 5 /05

(9.214)

If this ratio is to be maintained, however, the surface of the liquid must be
rapidly renewed, since otherwise the ratio of constituents in the surface will
change as evaporation proceeds. The vigorous agitation or boiling present
during ordinary distillations is absent under conditions of molecular distillation,
and in most devices the liquid is caused to flow in a thin film over a solid
surface, thus continually renewing the surface but at the same time maintaining
low holdup of liquid.

Figure 9.55 shows a device which is used industrially for accomplishing a
molecular distillation [19, 65]. The degassed liquid to be distilled is introduced
continuously at the bottom of the inner surface of the rotor, a rotating conical-
shaped surface. The rotor may be as large as 1.5 m in diameter at the top and
may revolve at speeds of 400 to 500 r/min. A thin layer of ligquid to be distilled,
0.05 to 0.1 mm thick, then spreads over the inner surface and travels rapidly to
the upper periphery under the action of centrifugal force. Heat is supplied to the
liquid through the rotor by radiant electrical heaters, and the vaporized material
is condensed upon the water-cooled louver-shaped condenser. This is main-
tained at temperatures sufficiently low to prevent reevaporation or reflection of
the vaporized molecules. The residue liquid is caught in the collection gutter at
the top of the rotor, and the distillate is drained from the collection troughs on
the condenser. Each product is pumped from the still body, which is evacuated
to the low pressures necessary for molecular distillation, and the time of

Cocling
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To ~— WK - § o4 Eiectricol
vacuum ) . ¥ © radiant
pumps g ¥, hecter
i %4 -—Thermal
Feed —= — insulation

Beoring

Residue
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Figuve 9.55 Schematic section, centrifugal molecular still of Hickman [19].
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residence of the substances in the still may be as low as 1 5 or less. Such a device
is capable of handling 5 X 107 to 25 x 10™°m’/s (50 to 250 gal/h) of liquid to
be distilled and gives a separation 80 to 95 percent of that indicated by Eq.
(9:214). Multiple distillations are necessary for multistage separation effects [20,
32

Falling-film stills are constructed of two vertical concentric tubes. The inner
tube is heated internally, and the liquid to be distilled flows down the outer wall
of the inner tube in a thin film. The outer tube is the condenser, and the annular
space is under vacuum. Some thin-film arrangements involve continuous wiping
of the film by a rotating blade,

NOTATION FOR CHAPTER 9

Any consistent set of units may be used.

a specific interfacial area, L2/L7
A more volatile component of a binary mixture absorption factor = L/m(, dimension-
less
B less volatile component of a binary mixture
C molar heat capacity at constant pressure, FL/mole T
d differential operator
D distillate rate, mole/® for tray towers, mole /L@ for packed towers
Eq overall tray efficiency, fractionat
[ Murphree vapor tray efficiency, fractional
F feed rate, mole/O for tray towers, imole /L8 for packed towers
quantity of feed, batch distillation, mole
{with subscript ¢ or L) mass-transfer coefficient, mole /L9
& conversion factor, ML/F&*
G vapor rate, enriching section, mele/@ for tray towers, mole,/L?8 for packed towers
G vapor rate, stripping section, mole/@ for tray towers, mole/L*® for packed towers
H molar enthalpy, FL/mole
Hg height of a gas transfer unit, L
Hy height of a liquid teansfer unit, L
Hyge height of an overall gas transfer unit, I,
Hoor keight of an overall liquid transfer unit, L
AH integral heat of solution per mole of solution, FL/mole
L] components I, J
k; liquid mass-transfer coefficient, mote/L*@(mole fraction)
k, gas mass-transfer coefficient, mole/L*@(mole fraction)
o overall liquid mass-transfer coefficient, mele/L*6(mole fraction)
K overall gas mass-transfer coefficient, mole/L*&{mole fraction)
L liquid rate, enriching section, mole/© for tray towers, mole/L*® for packed towers
L liquid rate, exhausting section, mole/® for tray towers, mole/L*® for packed towers
Ly external reflux rate, mole/@ for tray towers, mole /IL*® for packed towers
" equilibrium distribution coefficient, y*/x, y / x*, dimensionless
M molecular weight, M/mole
N mass-lransfer flux, mole /L8
N, minimum number of trays
N, number of theoretical trays
Ng number of gas transfer units
Ny number of liquid transfer units
Noe number of overal! gas transfer units

Nor number of overall liquid transfer units
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vapor pressure, F/L?

partial pressure, F/L*

quantity defined by Eq. (9.127)

net rate of heating, FL./6

quantity defined by Eq. (9.60), FL/mole-

quantity defined by Eq. (9.70), FL/mole .

heat added at the reboiler, FL/8 for tray towers, FL /L6 for packed towers
heat removed at the condenser, FL/8 for tray towers, FL/L%8 for packed towers
heat loss, FL/® for tray towers, FL/ L8 for packed towers

external reflux ratio, mole reflux/mole distillate, mole/mole

gas constant, FL/mole T

minimum reflux ratio, moles reflux/mole distillate, mole/umole

stripping {actor, mG/ L, dimensionless

temperature, T

absolute temperature, T

allowable vapor velocity, L/

residue rate, mole/© for tray towers, moIe/Lza for packed towers
coneentration {of A in binaries) in the liquid, mole fraction

x in equilibium with y, mele fraction : )

concentration. (of A in binaries) in the gas, mole fraction

y in equilibrium with x, mole fraction )

average concentration in a solution or multiphase mixture, mole fraction
height of packing, L

relative volatility, defined by Eq. (9.2), dimensionless

relative volatility of component I with respect 1o component C, dimensionless
activity coefficient, dimensionless

difference point, representing a fictitious stream, mole/8 for tray towers, maole/L20
for packed towers

molar latent heat of vaporization, FL/mole

density, M/L?

summation

root of Eq. (9.165)

operating-line intersection
average

components A, B

bubble point

distiflate

enriching section

feed tray

feed

gas

heavy key component
interface; any component
light key component
liquid

tray m; minimum

tray n

tray r

stripping section

reflux siream; base condition for enthalpy
residue

bottom of packed tower; tray 1
top of tray tower, tray 2
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PROBLEMS

9.1 Solutions of methanoel and ethanol are substantzally ideal,

(a) Compute the vapor-liquid equilibria for this system at 1 and at 5 atm abs pressure, and plot
xy and fxy diagrams at each pressure.

(b} For each pressure compute relative volatitities, and determine an average value.

{¢) Using Eq. (9.2) with the average volatilities, compare the values of p* at each value of x 5o
obtained with those computed directly from the vapor pressures,
9.2 A 1000-kg baich of nitrobenzene is to be steam-distilled from a very small amount of a
nonvolatile inpurity, insufficient to influence the vapor pressure of the nitrobenzene. The operation
is 10 be carried out in a jacketed kettle fitted with a condenser and distillate receiver. Saturated
steam at 35 kN/m? (5.1 Iby/in?)} gauge is introduced into the ketile jacket for heating. The
nitrobenzene is charged to the kettle at 25°C, and it is substantially insoluble in water.

Liquid water at 25°C is continuousty introduced into the nitrobenzene in the kettle, to maintain

a liquid water level. The mixture is distilted at atmospheric pressure. {2} At what temperature does
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the distillation proceed? (5) How much water is vaporized? (¢) How much steam must be condensed
in the kettle jacket? Neglect the heat required to bring the still up to operating temperature. The heat
capacity of nitrobenzene is 1382 J/kg - K, and its latent heat of vaporization can be deterntined by
the methods of Chap. 7. :

9.3 A solution has the following composition, expressed as mole fraction: ethane, 0.0025; propane,
0.23; isobutane, 0.185; n-butane, 0.560; isopentane, 0.0025. In the following, the pressure is 10 bars
(145 Ib;/in®) abs. Use equilibrium’ distribution coefficients from the Depriester nomograph (see
Illustration 9.3). ‘

(a) Calculate the bubble point.

(&) Calculate the dew point.

(¢) The solution is flash-vaporized to vaporize 40 mol % of the feed. Calculate the composition
of the products.

(d) The solution is differentially distilled to produce a residue containing (.80 mole fraction
a-butane. Calculate the complete composition of the residue and the percentage of the feed which is
vaporized.

9.4 Vapor-liquid equilibrium data at 1 std atm abs, heats of solution, heat capacities, and latent
heats of vaporization for the system acetone-water are as follows:

Equivalent mole

Mole fraction  Integral heat fraction VYapor-liquid ~ Heat capacity at
acetone in of solution at 15°C, acetone in temperature, 17.2°C,
liquid, x kI /kmol soln vapor, y* °C ki/(kg soln) - °C
0.001 0 0.00 100.0 4.187
0.01 0.253 91.7 4.179
0.02 —188.4 0.425 86.6 4.162
0.05 —447.3 0.624 757 4.124
0.10 —668.7 0.755 66.6 4.020
0.15 -770 0.798 63.4 3.894
0.20 —786 0.815 62.2 3.810
0.30 ~719 0.830 61.0 3.559
0.40 - 509 0.839 60.4 3.350
0.50 —350.1 0.849 60.0 3,140
0.60 —2526 0.859 59.5 2.931
0.70 0.874 58.9 2,763
(.80 0.898 58.2 2.554
0.90 0.935 515 2.387
0.95 0.963 57.0 2.303
1.00 1.00 56.5

¢, °C 20 318 65.6 93.3 160

Heat capacity 2,22 2.26 2.34 243

acstone, kI /kg - °C

Latent heat of vaporization, 1013 976 917 863 850

kI /kg

Compute the enthalpies of saturated liquids and vapors relative to pure acetone and water at 15°C
and plot the enthalpy-concentration diagram, for 1 std atm abs. Retain for use in Probs. 9.5, 9.6, and
.10,

95 A liquid mixture containing 60 mol % acetone, 40 mol % water, at 26,7°C (80°F), is to be
continuously flash-vaporized at 1 std atm pressure, 1o vaporize 30 mol % of the feed.
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(a) What will the composition of the products and the temperature in the separator be if
equilibrium is established?
(k) How much heat, kJ/mol of feed, is required?
Ans.: 13 590.
{c) If the products are each cooted to 26.7°C, how much heat, kJ/mol of feed, must be removed
from each?

9.6 A saturated vapor at 1 std atm pressure, containing 50 mol % acetone and 50 mol % water, is
subject to equilibrium condensation to yield 50 mol % of the feed as liquid. Compute the equilibrium
vapor and liquid compositions, the equilibrium temperature, and the heat to be removed, J /kmol of
feed.

9.7 The liquid solution of Prob, 9.5 is differentially distilled at | atm pressure to vaporize 30 mol %
of the feed. Compute the compesition of the composited distillate and the residue. Compare with the
results of Prob. 9.5. )

Ans.: y, = 0.857.

28 A jacketedl’keltle is originally charged with 30 mol of a mixture containing 40 mol % benzene, 60
mol % toluene. The vapors from the kettle pass directly to a total condenser, and the condensate is
withdrawn. Liquid of the same composition as the charge is continuously added to the kettle at the
rate of IS5 mol/h. Heat to the kettle is regulated to generate vapor at 15 mol/h, so that the total
molar content of the kettle remains constant. The mixture is ideal, and the average relative volatility
is 2.51, The distillation is essentially differential.
{a} How long will the still have to be operated before vapor confaining 30 mol % benzene is
produced, and what is the composition of the composited distillate?
Ans.: 1,466 h, 0.555 mole fraction benzene.
(&) If the rate at which heat is supplied 1o the kettle is incorrectly regulated so that 18 mol/h of
vapor is generated, how fong will it take until vapor containing 50 mol % benzene is produced?
Ans.: 1.08 h.

9.9 An open kettle contains 50 kmol of a dilute aqueous solution of methanol, mole fraction
methanol = (.02, at the bubble point, inte which steam is continuously sparged. The entering steam
agitates the kettle contents so that they are always of uniform composition, and the vapor produced,
always in equilibrium with the liquid, is ied away. Operation is adiabatic. For the concentrations
encountered it may be assumed that the enthalpy of the sieam and evolved vapor are the same, the
enthalpy of the liquid in the kettie is essentially constant, and the relative volatility is constant at 7.6.
Compute the quantity of stear to be introduced in order to reduce the concentration of methano! in
the kettle contents to 0.001 mole fraction.
Ans.: 20.5 kmol.

Continuous fractionation: Savarit-Ponchion method

9.10 An acetone-water solution containing 25 wit % acetone is to be fractionated at a rate of 10 000
kg/h at 1 std atm pressure, and it is planned to recover 99.5% of the acetone in the distillate at a
cencentration of 99 wi %. The feed will be available at 26,7°C (80°F) and will be preheated by heat
exchange with the residue product from the fractionator, which will in tum be cooled to 51.7°C
(125°F). The distilled vapors will be condensed and cooled to 37.8°C (125°F) by cooling water
entering at 26.7°C and leaving at 40.6°C. Reflux will be returned at 37.8°C, at a reflux ratio
Lo/ D = 1.8. Open steam, available at 70 KN /m?, will be used at the base of the tower. The tower
will be insulated to reduce heat losses to negligible values. Physical property data are given in Prob.
9.4. Determine:

(a) The hourly rate and composition of distillate and reflux.

(&) The hourly condenser heat load and cooling water rate,

(¢) The hourly rate of sleam and residue and the composition of the residue,

() The enthalpy of the feed as it enters the tower and its condition {express quantitatively).

{2) The number of theoretical trays required if the feed is introduced at the optimum location.
Use large-size graph paper and a sharp peacil.

Ansg.: 13.1.
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(/) The rates of flow, kg/h, of liquid and vapor at the top, at x = 0.6, 0.1, 0.025, and at the
bottom tray. For a tower of uniform diameter, the conditions on which tray control the diameter, if
the criterion is a 75% approach to flooding?

8.11 In a certain binary distillation, the overhead vapor condenser must be run at a temperature
requiring mild refrigeration, and the available refrigeration capacity is very limited. The reboiler
temperature is very high, and the available high-temperature heat supply is also limited. Conse-
quentily the scheme shown in Fig. 9.56 is adopted, where the intermediate condenser £ and reboiler
& operate at moderate temperatures. Condensers C and E are total condensers, delivering liquids at
their bubble points. Reboiler S is 2 total vaporizer, delivering saturated vapor. Heat losses are
negligible, D = W, the external reflux ratic R = L,/ D = 1.0, and other conditions are shown on
the figure. The system is one which foliows the McCabe-Thisle assumptions (H,x and Hgy curves
are straight and parallel). Feed is liquid at the bubble point. .

(e} Per mole of feed, compute the rates of How of all streams, the relative size of the two
condenser heat loads, and the relative size of the two vaporizer heat loads.

(5) Establish the coordinates of all difference points. Sketch the Hxy diagram®and locate the
difference points, showing how they are related to the feed. Show the construction for trays.

(c) Sketch the xy diagram, show all operating lines, and locate their intersections with the 45°
diagonal, Show the construction for trays.
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w Figure 9.56 Arrangement for Prob. 9.11.

9.12 A distillation column is operated at a temperature below that of the surroundings (as in the
distillation of air). [mperfect insulation causes the entire enriching section to be subject to a heat
leak inward of Og J/s, while the entire stripping section is subject to a heat leak inward of O 1/s.
Aside from the heat leaks, the system has all the characteristics which satisfly the McCabe-Thiele
requirements.

(a) Sketch the Hxy and the xy diagrams, labeling the coordinates of all significant points. Are
the operating curves on the xy diagram concave upward or downward?
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(&) For a given condenser heat load, explain which is better: to design a new column with the
inward heat leak minimized, or to take any possible advantage of a heat leak. Consider the reboiler
heat load free, available from the surroundings.

() Suppose the column with the inward heat leak is operated at full reboiler heat load, limited
by the available heat-transfer surface. The column is then insulated thoroughly, essentially eliminat-
ing the heat leak, but without provision to alter the heat load of the reboiler or otherwise to alter the
operation. Explain whether the separation obtained will be better than, worse than, or the same as,
before the insulation was installed.

9.13 A distillation tower for a binary solution was designed with a partial condenser, using
Lo/ D = 1.0, as in Fig. 9.57a. When built, the piping was installed incorrectly, as in Fig. 9.576. It
was then argued that the error was actually a fortunate one, since the richer reflux would provide a
withdrawn distillate richer than planned. The mixture to be distilled has all the characteristics of one
obeying McCabe-Thiele assumptions. For a reflux ratio = 1.0, reflux at the bubble point, and the

Partial
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Flgure 9.57 Arrangements for Prob.
9.13.
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arrangement of Fig. 9.576:

{a) Sketch the Ponchon-Savarit and xy diagrams for the parts of the columus indicated in the
figure. Label the indicated vapor and liquid concentrations.

(&) Establish whether or not the distillate will be richer than originally planned.

9.14 Figure 9.584 shows a few of the top trays of a conventionally arranged fractionator. It has been
suggested that a richer distillate might be obtained by the scheme shown in Fig. 9585, because of
the richer reflux to tray 1. All trays are theoretical. The condenser is a total condenser, delivering
liquid at the bubble point in both cases, For both arrangements, Ly /D = Lo /L, = 1.0,

(a) For a binary mixture which in every respect follows the McCabe-Thiele simplifying
assumptions, sketch fully labeled Hxy and xpy diagrams for the scheme of Fig. 9.58b, Mark on the
Hxy diagram the location of every stream on Fig. 9.58b and the required difference points. Show
construction lines and tie lines,

(&) Prove that for all otherwise similar circumstances the scheme of F ig. 9.58b in fact delivers a
leaner distillate than that of Fig. 9.584.
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Figure 9.58 Arrangements for Prob. 9.14,

Continuous fractionation; McCabe-Thiele method

9.15 A solution of carbon tetrachloride and carbon disuifide containing 50 wt% each is to be
continuously fractionated at standard atmospheric pressure at the rate 4000 kg/h. The distillate
product is {o contain 95 wt % carbon disulfide, the residue 0.5%. The feed will be 30 mol % vaporized
before it enters the tower. A total condenser will be used, and reflux will be returned at the bubble
point, Equilibrium data (“The Chemicat Engineers’ Handbook,” dth ed., p. 13-5), x, y = mole
fraction CS,:

1, °C x »* ¢, °C X »*

76.7 0 o] 59.3 0.3908 0.6340
749 0.0296 0.0823 553 0.5318 0.7470
73.1 00615 0.1555 52.3 0.6630 0.8290
70.3 0.1106 0.2660 504 0.7574 0.8780
68.6 0.1435 0.3325 48.5 0.8604 0.9320
63.8 0.2585 0.4950 46.3 1.000 1.000
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(g) Determine the product rates, kg/h.

() Determine the minimum reflux ratio.

(c) Determine the minimum number of theoretical trays, graphically and by means. of Eg.
{9.85).

(d) Determine the number of theoretical trays required at a reflux ratio equal to twice the
minimum and the position of the feed tray.

Ans.: 12.5 theoretical trays.

(¢) Estimate the overall tray efficiency of a sieve-tray tower of conventional design and the
number of real trays.

(/) Using the distillate temperature as the base temperature, determine the enthalpy of the feed,
the products, and the vapor entering the condenser. Determine the heat foads of the condenser and
reboiler. Latent and specific heats are available in “The Chemical Engineers’ Handbook,” 5th ed.,
pp. 3-116 and 3-129.

9.16 A solution of carbon tetrachloride and carbon disulfide containing 50 wt % of each is to be
continuously fractionated to give a distillate and residue analyzing 99.5 and 0.5 wt % carbon
disulfide, respectively, Feed will be available at the bubble point, and reflux will be retumed at the
bubble point.

There is available a sieve-tray tower of conventional design, suitable for use at I std atm
pressure abs. The diameter is 0.75 m (30 in), and it contains 26 identical cross-flow trays at a spacing
of 0.50 m (20 in). A feed nozzle is available only for the tenth tray from the top. Each tray contains a
straight weir, 0.46 m (18 in) long, extending 65 mm (2.5 in) from the tray floor. The perforated area
is 12% of the active area of the perforated sheet. Adequate condenser and reboiler will be supplied.
Equilibrium data are listed in Prob. 9.15.

The listed products represent the minimum purities acceptable, and higher purities at the
expense of additional heat load or reduced capacity are not warranted. Estimate the largest feed rate
which the column can reasonably be expected to handle.

9.17 Refer to Fig. 9.46, the McCabe-Thiele diagram for separating partially miscible mixtdres.
Determine the coordinates of the point of intersection of the enriching-section operating line of
tower I and the 45° diagonal of the diagram.

9,18 An aqueous solution of furfural contains 4 mol % furfural. It is to be continuously fractionated
at I std aim pressure 1o provide solutions containing 0.1 and 99.5 mol % furfural, respectively. Feed
is liquid at the bubble point. Equilibrium data {“The Chemical Engineers” Handbook,” 4th ed., p.
13-5), x, ¥ = mole fraction furfural:

1, °C x y* 1, °C x y*

£00. 0 0 100.6 0.80 0.11
98.56 0.01 0.055 109.5 0.90 0.19
98.07 0.02 0.080 122.5 0.92 0.32
97.90 0.04 0.092 146.0 0.94 0.64
97.90 0.092 0.092 154.8 0.96 0.81
97.90 0.50 0.092 158.8 0.98 0.90
98.7 0.70 0.095 161.7 1.00 1.00

(a) Arrange a scheme for the separation using kettle-type reboilers, and determine the number
of theoretical trays required for a vapor boilup rate of 1.25 times the minimum for an infinite
number of trays.

(b) Repeat part (@) but use open steam at essentially atmospheric pressure for the tower
delivering the water-rich product, with 1.25 times the minimum steam and vapor boilup rates.

{¢) Which scheme incurs the greater furfural loss to the water-rich produet?

6.19 An aniline-water solution containing 7 wi % aniline, at the bubble point, is to be steam-stripped
at a rate of 1000 kg/h in a tower packed with 38-mm (1.5-in} Berl saddles with open steam to
remove 99% of the zniline. The condensed overhead vapor will be decanted at 98.5°C, and the
water-rich layer returned to the column. The aniline-rich layer will be withdrawn as distillate
product, The steam rate will be 1.3 times the minimum. Design the tower for & pressure drop of 400
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(N/m?)/m at the top. Note: For concentrations where the equilibrium curve is nearly straight, it
should be possible to use overall numbers and heights of transfer units,

Ans.: 6,5 m of packing, :

Data: at 98,5°C, the solubility of znmiline in water is 7.02 and 89.90 wt % aniline. The
vapor-liquid equilibria at 745 mmHg, at which pressure the tower will be operated, are [Griswold et
al., Ind. Eng. Chem., 32, 878 (1940)]:

x=mole | 0.002 | 0.004 | 0.006 | 0.008 | 0.010 | 0012 Two

fraction Hquid

aniline phases, 98.5°C
»* = mole | 0.01025 | 0.0185 { 0.0263 | 0.0338 |0.03575 | 0.03585 0.0360

fraction

aniline

9.28 A distillation column is to be fed with the following solution:
r-CyHg = 0.06 mole fraction

#CH g = 0.65
n-C4Hyp = 0.26

0.03
n-CsHu = m

The distillate is 1o contain no more than 0.05 mole fraction n-CyH g and essentially no CH,;, The
bottoms will contain no more than 0.05 mole fraction CyHq and essentially no C;Hy. The
overhead vapor will be completely condensed at its bubble point, 37.8°C (100°F), with reflux to
the top tray at the rate 2 kmol reflux/kmol distillate withdrawn, Compute the column pressure 1o be
used.

9.21 The following feed at the bubble point at 827 kN /m? {120 b, /in?) abs, is to be fractionated at
that pressure to provide no more than 7.45% of the n-CsH |, in the distillate and no more than 7.6%
of the #-CyH,, in the bottoms, with a total condenser and reflux returned at the bubble point:

Component Xg 60°C 99°C 120°C
n-CyHg 0.05

m 2.39 3.59 5.3

H, 33730 36 290 39 080

H, 20 350 25 800 31 050
CyHyp 0.15

] 1.21 .84 2.87

Hg 40 470 43 960 47 690

H, 24050 28 800 34 560
n-CeHg 0.25

m 0.80 1.43 2.43

Hg 43 730 46 750 50 360

H, 24 960 30010 35220
-CH,, 0.20

n 0.39 0.72 1.29

Hg 51 870 55270 59 430

Hy 29 080 34 610 40 470
n-CsH,, 0.35

m 0.20 0.615 113

H 54310 57 680 61 130

Hy 29 560 35 550 41710
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The table provides Henry's-law constanis and enthalpies expressed as kJ/kmol, from the same
sources and using the same base as the data of Hlustration 2.13, ’

Compute the minimum reflux ratio, the minimum number of theoretical trays, and for a reflux
ratio R = 2.58 estimate the product analyses, condenser and reboiler heat loads, vapor and liquid
rates per mole of feed throughout, and the number of theoretical trays.

Ans.: 8 theoretical trays + reboiler.

9.22 The following feed at 60°C (140°F), 2070 kN/ m? (300 1b,/in?) abs, is to be fractionated at that
pressure so that the vapor distillate product contains 0.913 percent of the isopentane and the
bottoms 0.284 percent of the isobutane:

CH, = 0.50 mole fraction
C,H, = 0.03
i-CgHyp = 0.10
n-CyHy = 0.15
i-CsHy, = 0.07
n-C;H,, = 0.05
n-CgHyy = 0.10
1.00

Compute: (@) The minimum reflux ratic and (6) the minimum number of trays. At a reflux
ratio = 2.0, estimate (c) the product analyses and (d) the number of theoretical trays by the
correlations of Gilliland {17}, Erbar and Maddox [12], Brown and Martin [5], and Strangio and
Treybal {55].






LIQUID-LIQUID OPERATIONS

Liquid extraction, the only operation in this category, is basically very similar to
the operations of gas-liquid contact described in the previous part. The creation
of a new insoluble liquid phase by addition of a solvent to a mixture accom-
plishes in many respects the same result as the creation of a new phase by the
addition of heat in distillation operations, for example, or by addition of gas in
desorption operations. The separations produced by single stages, the use of
countercurrent cascades and reflux to enhance the extent of separation—all
have their liquid-extraction counterparts. The similarity between them will be
exploited in explaining what liquid extraction can accomplish.

Certain differences in the operations nevertheless make it expedient to
provide a separate treatment for liquid extraction. The considerably greater
change in mutual solubility of the contacted liquid phases which may occur
during passage through a cascade of stages requires somewhat different tech-
niques of computation than are necessary for gas absorption or stripping. The
considerably smaller differences in density of the contacted phases and their
relatively low interfacial tension, compared with the corresponding gas-liquid
systems, require consideration in the design of apparatus. The larger number of
variables which apparently influence the rate of mass transfer in countercurrent
equipment makes the correlation of design data much more difficult. For these
reasons separate treatment is desirable, at least for the present.

Despite the increasingly extensive application of liquid extraction, thanks to
its great versatility, and the extensive amount of research that has been done, it
is nevertheless a relatively immature unit operation. It is characteristic of such
operations that equipment types change rapidly, new designs being proposed
frequently and lasting through a few applications, only to be replaced by others.
Design principles for such equipment are never fully developed, and a reliance
must often be put on pilot-plant testing for new installations.






CHAPTER

TEN
LIQUID EXTRACTION

Liquid extraction, sometimes called solvent extraction, is the separation of the
constituents of a liquid solution by contact with another insoluble liquid. If the
substances constituting the original solution distribute themselves differently
between the two liquid phases, a certain degree of separation will result, and this
can be enhanced by use of multiple contacts or their equivalent in the manner of
gas absorption and distillation. _

A simple example will indicate the scope of the operation and some of its
characteristics. If a solution of acetic acid in water is agitated with a Hquid such
as ethyl acetate, some of the acid but relatively little water will enter the ester
phase. Since at equilibrium the densities of the aqueous and ester layers are
different, they will settle when agitation stops and can be decanted from each
other. Since now the ratio of acid to water in the ester layer is different from
that in the original solution and also different from that in the residual water
solution, a certiin degree of separation will have occurred. This is an example of
stagewise contact, and it can be carried out either in batch or in continuous
fashion. The residual water can be repeatedly extracted with more ester to
reduce the acid content still further, or we can arrange a countercurrent cascade
of stages. Another possibility is to use some sort of countercurrent continuous-
contact device, where discrete stages are not involved. The use of reflux, as in
distillation, may enhance the ultimate separation still further.

In all such operations, the solution which is to be extracted is called the feed,
and the liquid with which the feed is contacted is the solvent. The solvent-rich
product of the operation is called the extract, and the residual liquid from which
solute has been removed is the raffinate.

More complicated processes may use two solvents to separate the compo-
nents of a feed. For example, a mixture of p- and e-nitrobenzoic acids can be

477
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separated by distributing them between the insoluble liquids chloroform and
water. The chloroform preferentially dissolves the para isomer and the water the
ortho isomer. This is called double-solvent, or fractional, extraction.

Fields of Usefulness

Applications of liquid extraction fall into several categories: those where extrac-
tion is in direct competition with other separation methods and those where it
seems uniquely qualified.

In competition with other mass-transfer operations Here relative costs are im-
portant. Distillation and evaporation are direct separation methods, the products
of which are composed of essentially pure substances. Liquid extraction, on the
other hand, produces new solutions which must in turn be separated, often by
distillation or evaporation. Thus, for example, acetic acid can be separated from
dilute solution with water, with difficulty by distillation or with relative ease by
extraction into a suitable solvent followed by distillation of the extract. For the
more dilute solutions particularly, where water must be vaporized in distillation,
extraction is more economical, especially since the heat of vaporization of most
organic solvents is substantially less than that of water. Extraction may also be
attractive as an aliernative to distillation under high vacuum at very low
temperatures to avoid thermal decomposition. For example, long-chain fatty
acids can be separated from vegetable oils by high-vacuum distillation but more
economically by extraction with liquid propane. Tantalum and niobium can be
separated by very tedious fractional crystallization of the double fluorides with
potassium but with relative ease by liquid extraction of the hydrofluoric acid
solutions with methyl isobutyl ketone.

As 2 substitute for chemical metheds Chemical methods consume reagents and
frequently lead to expensive disposal problems for chemical by-products. Liquid
extraction, which incurs no chemical consumption or by-product production,
can be less costly. Metal separations such as uranivm-vanadium, hafnium-
zirconium, and tungsten-molybdenum and the fission products of atomic-energy
processes are more economical by liquid extraction. Even lower-cost metals such
as copper and inorganic chemicals such as phosphoric acid, boric acid, and the
like are economically purified by liquid extraction, despite the fact that the cost
of solvent recovery must be inciuded in the final reckoning.

For separations not now pessible by other methods In distillation, where the
vapor phase is created from the liquid by addition of heat, the vapor and liguid
are necessarily composed of the same substances and are therefore chemically
very similar. The separations produced then depend upon the vapor pressures of
the substances. In liquid extraction, in contrast, the major constituents of the
two phases are chemically very different, and this makes separations according
to chemical type possible. For example, aromatic and paraffinic hydrocarbons
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of nearly the same molecular weight are impossible to separate by distillation
because their vapor pressures are nearly the same, but they can readily be
separated by extraction with any of a number of solvents, e.g., liquid sulfur
dioxide, diethylene glycol, or sulfolane. (Extractive distillation is also useful for
such operations, but it is merely extraction of the vapor phase with a solvent,
whereas liquid extraction is extraction of the liquid phase. Frequently the same
solvents are useful for both, as might be expected.) Many pharmaceutical
products, e.g., penicillin, are produced in mixtures so complex that only liquid
extraction is a feasible separation device.

LIQUID EQUILIBRIA

Extraction involves the use of systems composed of at least three substances,
and although for the most part the insoluble phases are chemically very
different, generally all three components appear at least to some extent in both
phases. The following notation scheme will be used to describe the concentra-
tions and amounts of these ternary mixtures, for purposes of discussing both
equilibria and material balances.

Notation Scheme

1. A and B are pure, substantially insoluble liquids, and C is the distributed
solute. Mixtures to be separated by extraction are composed of A and C, and
B is the extracting solvent.

2. The same letter will be used to indicate the quantity of a solution or mixture
and the location of the mixture on a phase diagram. Quantities are measured
by mass for batch operations, mass/time for continuous operation. Thus,

E = mass/time of solution E, an extract, shown on a phase diagram by
point £

R = mass/time of solution R, a raffinate, shown on a phase diagram by
point R

B = mass/time of solvent B

Solvent-free (B-free) quantities are indicated by primed letters. Thus,

E’= mass B-free solution/time, shown on a phase diagram by point £
E=E(l+ Ng)
3. x = weight fraction C in the solvent-lean (A-rich), or raffinate, liquids
» = weight fraction C in the solvent-rich (B-rich), or extract, liquids
x' = x/(1 = x} = mass C/mass non-C in the raffinate liquids
Y =p/(1 ~ y} = mass C/mass non-C in the extract liquids
X = weight fraction C in the raffinate liquids on a B-free basis, mass
C/(mass A + mass C)
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¥ = weight fraction C in the extract liquids on a B-free basis, mass C/(mass
A + mass C)

N = weight fraction B on a B-free basis, mass B/(mass A + mass C)
Subseripts identify the solution or mixture to which the concentration terms
refer. Stages are identified by number. Thus, x, = wt fraction C in the
raffinate from stage 3, Y, = wt fraction C (B-free basis) in the extract from
stage 3, etc. For other solutions identified by a letter on a phase diagram, the
same letter is used as an identifying subscript. Thus, x,, = wt fraction C in
the mixture M. An asterisk specifically identifies equilibrium concentrations
where the condition of equilibrium is emphasized. Thus, y% = wt fraction C
in the equilibrium solution E.

4. Throughout the discussion of equilibria, material balances, and stagewise
calculations, mole fractions, mole ratios, and kilomoles may be consistently
substituted for weight fractions, weight ratios, and kilograms, respectively.

Equilateral-Triangular Coordinates

These are used extensively in the chemical literature to describe graphically the
concentrations in ternary systems. It is the property of an equilateral triangle
that the sum of the perpendicular distances from any point within the triangle to
the three sides equals the altitude of the triangle. We can therefore let the
aititude represent 100 percent composition and the distances to the three sides
the percentages or fractions of the three components. Refer to Fig, 10.1. Each
apex of the triangle represents one of the pure components, as marked. The
perpendicular distance from any point such as K 1o the base 4B represents the
percentage of C in the mixture at X, the distance to the base AC the percentage
of B, and that to the base CB the percentage of A. Thus x; = 0.4. Any point on
a side of the triangle represents a binary mixture. Point D, for example, is a
binary containing 80 percent A, 20 percent B. All points on the line DC
represent mixtures containing the same ratio of A to B and can be considered as
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mixtures originally at D to which C has been added. If R kg of a mixture at
point R is added to E kg of a mixture at E, the new mixture is shown on the
straight line RE at point M, such that
; _ Ve &.e/

Reyoline MEy, Yg.— X w\fw A (101

E . lineRM xp, — xg pAl@
Alternatively the composition corresponding to point M can be computed by
material balances, as will be shown later. Similarly, if a mixture at M has
removed from it a mixture of composition E, the new mixture is on the straight
line EM extended in the direction away from E and located at R so that Eq.
(10.1) applies.

Equation (10.1) is readily established. Refer to Fig. 10.2, which again shows R kg of mixture at R
added to E kg of mixture at E. Let M represent the kilograms of new mixture as well as the
composition on the figure. Line RL = weight fraction C in R = xg, line MO = weight fraction Cin
M = x,,, and line ET = weight fraction C in E = x;. A total material balance,

R+E=M
A balance for component C,
R(line RL) + E(line ET) = M(line MO)
Rxp + Exp = Mxy,
Eliminating M, we get
R _ line ET — line MO _ Xg — Xy

E line MO — line RL  x, — x5

But line ET — line MO = line EP, and line MO — line RL = line MK = line PS. Therefore

R ].incEP_ line ME
E line PS line RM

The following discussion is limited to those types of systems which most
frequently occur in liquid-extraction operations. For a complete consideration of
the many types of systems which may be encountered, the student is referred to
one of the more comprehensive texts on the phase rule [51].

A L 7] 7 g  Figure 102 The mixture rule,
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Systems of Three Liquids—One Pair Partially Soluble

This is the most common type of system in extraction, and typical examples are
water (A)-chloroform (B)-acetone (C) and benzene (A)-water (B)-acetic acid
(C). The triangular coordinates are used as isotherms, or diagrams at constant
temperature. Refer to Fig, 10.34. Liquid C dissolves completely in A and B, but
A and B dissolve only to a limited extent in each other to give rise to the
saturated liquid solutions at L (A-rich) and at K (B-rich). The more insoluble the
liquids A and B, the nearer the apexes of the triangle will points L and.K be
located. A binary mixture J, anywhere between L and K, will separate into two
insoluble liquid phases of compositions at L and K, the relative amounts of the
phases depending upon the position of J, according to the principle of Eq.
(10.1).

Curve LRPEK is the binodal solubility curve, indicating the change in
solubility of the A- and B-rich phases upon addition of C. Any mixture outside
this curve will be a homogeneous solution of one liquid phase. Any ternary
mixture underneath the curve, such as M, will form two insoluble, saturated
liquid phases of equilibrium compositions indicated by R (A-rich) and E
(B-rich). The line RE joining these equilibrium compositions is a tie line, which
must necessarily pass through point M representing the mixture as a whole.
There are an infinite number of tie lines in the two-phase region, and only a few
are shown. They are rarely parallel and usually change their slope slowly in one
direction as shown. In a relatively few systems the direction of the tie-line slope
changes, and one tie line will be horizontal. Such systems are said to be
solutropic. Point P, the plait point, the last of the tie lines and the point where the
A-rich and B-rich solubility curves merge, is ordinarily not at the maximum
value of C on the solubility curve.

The percentage of C in solution E is clearly greater than that in R, and it is
said that in this case the distribution of C favors the B-rich phase. This is

piitie. ¥
eac - lignt Yo N
P wee s, (2
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A Pl AU S
D 3 'Figure 103 System of three liquids, A and B partially mmﬁs"
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conveniently shown on the distribution diagram (Fig. 10.35), where the point
{E, R) lies above the diagonal y = x. The ratio y*/x, the distribution coefficient,
is in this case greater than unity. The concentrations of C at the ends of the tie
lines, when plotted against each other, give rise to the distribution curve shown.
Should the tie lines on Fig. 10.34 slope in the opposite direction, with C favoring
A at equilibrium, the distribution curve will lie below the diagonal. The distribu-
tion curve may be used for interpolating between tie lines when only a few have

been experimentally determined. Other methods of interpolation are also availa-
ble [72].

Effect of temperature To show the effect of temperature in detail requires a
three-dimensicnal figure, as in Fig, 10.4a, where temperature is plotted vertically
and the isothermal triangles are seen to be sections through the prism. For most
systems of this type, the mutual sotubility of A and B increases with increasing
temperature, and above some temperature {,, the-critical solution temperature,
they dissolve completely. The increased solubility at higher temperatures in-
fluences the ternary equilibria considerably, and this is best shown by projection
of the isotherms onto the base triangle, as in Fig. 10.45. Not only does the area
of heterogeneity decrease at higher temperatures, but the slopes of the tie lines
may also change. Liquid-extraction operations, which depend upon the forma-
tion of insoluble liquid phases, must be carried on at temperatures below 7,
Other, less common, temperature effects are also known [51, 72].
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Flgure 10.4 Effect of temperature on ternary equilibria,
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Effect of pressure Except at very high pressures, the influence of pressure on the
liquid equilibrium is so small that it can generally be ignored. All the diagrams
shown are therefore to be considered as having been plotted at sufficiently high
pressure to maintain a completely condensed system, i.e., above the vapor
pressures of the solutions. However, should the pressure be sufficiently reduced
to become less than the vapor pressure of the solutions, a vapor phase will
appear and the liquid equilibrium will be interrupted. Such an effect on a binary
solubility curve of the type APB of Fig. 10.4a is shown in Fig. 9.8.

Systems of Three Liquids—Two Pairs Partially Soluble

This type is exemplified by the system chlorobenzene {A)-water (B)-methyl
ethyl ketone (C), where A and C are completely soluble, while the pairs A-B
and B-C show only limited solubility. Refer to Fig. 10,54, a typical isotherm, At
the prevailing temperature, points K and J represent the mutual solubilities of A
and B and points H and L those of B and C. Curves KRH (A-rich) and JEL
(B-rich) are the ternary solubility curves, and mixtures outside the band between
these curves form homogeneous single-phase liquid solutions. Mixtures such as
M, inside the heterogeneous area, form two liquid phases at equilibrium at E
and R, joined on the diagram by a tie line. The corresponding distribution curve
is shown in Fig. 10.55.

Effect of temperature Increased temperature usually increases the mutual solu-
bilities and at the same time influences the slope of the tie lines. Figure 10,6 is
typical of the effect that can be expected. Above the critical solution tempera-
ture of the binary B~C at 1, the system is similar to the first type discussed.
Other temperature effects are also possible [51, 72]. '
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Figure 10.5 System of three liquids, A-B and B~C partially miscible.
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Figure 10.6 Effect of temperature on ternary equilibria.

Systems of Two Partially Soluble Liguids and One Solid

When the solid does not form compounds such as hydrates with the liquids, the
system will frequently have the characteristics of the isotherm of Fig. 10.7, an
example of which is the system naphthalene (C)-aniline (A)-isooctane (B). Solid
C dissolves in liquid A to form a saturated solution at K and in liquid B to give
the saturated solution at L. A and B are soluble only to the extent shown at H
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Flgure 10.7 System of two partially soluble liquids A and B and one solid C.
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s

Figure 168 System of two partially soluble liquids A
A £ and B and one solid C.

and J. Mixtures in the regions AKDH and BLGJ are homogeneous liquid
solutions. The curves XD and GL show the effect of adding A and B upon the
solubilities of the solid. In the region HDGJ two liquid phases form: if C is
added to the insoluble liquids H and J to give a mixture M, the equilibrium
liquid phases will be R and E, joined by a tie line. All mixtures in the region
CDG consist of three phases, solid C, and saturated liquid solutions at D and G.
Liquid-extraction operations are usually confined to the region of the two liquid
phases, which is that corresponding to the distribution curve shown.

Increased temperature frequently changes these systems to the configuration
shown in Fig. 10.8.

Other Coordinates

Because the equilibrium relationship can rarely be expressed algebraically with
any convenience, extraction computations must usually be made graphically on
a phase diagram. The coordinate scales of equilateral triangles are necessarily
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Figure 109 Rectangular coordinates.
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always the same, and in order to be able to expand one concentration scale
relative to the other, rectangular coordinates can be used. One of these is formed
by plotting concentrations of B as abscissa against concentrations of C (x and y)
as ordinate, as in Fig. 10.9a. Unequal scales can be used in order to expand the
plot as desired. Equation (10.1) applies for mixtures on Fig. 10.94, regardless of
any inequality of the scales.

Another rectangular coordinate system involves plotting as abscissa the
weight fraction C on a B-free basis, X and ¥ in the A- and B-rich phases,
respectively, against &, the B-concentration on 2 B-free basis, as ordinate, as
shown in the upper part of Fig. 10.10. This has been plotied for a system of two
partly miscible pairs, such as that of Fig. 10.5.

The similarity of such diagrams to the enthalpy-concentration diagrams of
Chap. 9 is clear. In extraction, the two phases are produced by addition of
solvent, in distillation by addition of heat, and solvent becomes the analog
of heat. This is emphasized by the ordinate of the upper part of Fig. 10.10. Tie
lines such as ('S can be projected to X, Y coordinates, as shown in the lower
figure, to produce a solvent-free distribution graph similar to those of distilla-

tion. The mixture rule on these coordinates (see the upper part of Fig. 10.10) is
M _ Yy— Y, Xy= Xy lineNP 7, muis ke

N’ = Yo — Yy h Xp— Xy = line PM L,gi:;g,vﬁ- (20.2_,){‘.
88 A DA
where M’ and N’ are the B-free weights of these mixtures, free an
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Figure 10,10 Rectangular coordinates, solvent-free ba-
X, A-rich soletions sis, for a system of two partly miscible liquid pairs.
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Multicomponent Systems

The simplest system of four components occurs when two solutes distribute
between two solvents, e.g., the distribution of formic and acetic acids between
the partly soluble solvents water and carbon tetrachloride. Complete display of
such equilibria requires a three-dimensional graph [72], which is difficult to work
with, but frequently we can simplify this to the distribution (xy) curves, one for
each solute, such as that for a single solute in Fig. 10.35. More than four
components cannot be conveniently dealt with graphically.

Choice of Solvent

There is usually a wide choice of liquids to be used as solvents for extraction
operations. It is unlikely that any particular liquid will exhibit all the properties
considered desirable for extraction, and some compromise is usually necessary.
The following are the quantities to be given consideration in making a choice:

L. Selectivity. The effectiveness of solvent B for separating a solution of A and
C into its components is measured by comparing the ratio of C to A in the
B-rich phase to that in the A-rich phase at equilibrium. The ratio of the
ratios, the separation factor, or selectivity, 8 is analogous to the relative
volatility of distillation. If £ and R are the equilibrium phases,

_ (wtfraction Cin E)/ (wt fraction A in £) _ yf(wt fraction A in R)
(wt fraction Cin R)/ (wtfraction A in R)  x(wt fraction A in E)

B

(10.3)

For all useful extraction operations the selectivity must exceed unity, the
more so the better. If the selectivity is unity, no separation is possible.

Selectivity usually varies considerably with solute concentration, and in
systems of the type shown in Fig. 10.3 it will be unity at the plait point, In
some systems it passes from large values through unity to fractional values,
and these are analogous to azeotropic systems of distillation.

2. Distribution coefficient. This is the ratio y*/x at equilibrium. While it is not
necessary that the distribution coefficient be larger than 1, large values are
very desirable since less solvent will then be required for the extraction.

3. Insolubility of solvent. Refer to Fig. 10.11. For both systems shown, only
those A—C mixtures between D and A can be separated by use of the solvents
B or B, since mixtures richer in C will not form two liquid phases with the
solvents. Clearly the solvent in Fig. 10.11a, which is the more insoluble of the
two, will be the more useful. In systems of the type shown in Figs. 10.54 and
10.74, if the solubility of C in B is small (point L near the B apex), the
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Figure 10.11 Influence of solvent solubility on extraction.

capacity of solvent B to extract C is small and large amounts of solvent are
then required.

4. Recoverability. 1t is always necessary to recover the solvent for reuse, and
this must ordinarily be done by another of the mass-transfer operations, most
frequently distillation. If distillation is to be used, the solvent should form no
azeotrope with the extracted solute and mixtures should show high relative
volatility for low-cost recovery. That substance in the extract, either solvent
or solute, which is present as the lesser quantity should be the more volatile in
order to reduce heat costs. If the solvent must be volatilized, its latent heat of
vaporization should be small,

5. Density. A difference in densities of the saturafed liquid phases is necessary,
both for stagewise and continuous-contact equipment operation. The larger
this difference the better. In systems of the type shown in Fig. 10.3, the
density difference for equilibrium phases will become less as C concentrations
increase and will be zero at the plait point. It may reverse in sign before
reaching the plait point, in which case continuous-contact equipment cannot
be specified to operate at the concentrations at which the density difference
passes through zero.

6. Interfacial tension. The larger the interfacial tension, the more readily
coalescence of emulsions will occur but the more difficult the dispersion of
one liquid in the other will be. Coalescence is usually of greater importance,
and interfacial tension should therefore be high. Interfacial tension between
equilibrium phases in systems of the type shown in Fig. 10.3 falls to zero at
the plait point.

1. Chemical reactivity. The solvent should be stable chemically and inert
toward the other components of the system and toward the common materi-
als of construction.

8. Viscosity, vapor pressure, and freezing point. These should be low for ease in
handling and storage.

9. The solvent should be nontoxic, nonflammable, and of low cost.
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EQUIPMENT AND FLOWSHEETS

As with the gas-liquid operations, liquid extraction processes are carried out in
stagewise equipment which can be arranged in multistage cascades and also in
differential-contact apparatus. We shall consider the methods of calculation and
the nature of the equipment and its characteristics separately for each type.

STAGEWISE CONTACT

Extraction in equipment of the stage type can be carried on according to a
variety of flowsheets, depending upon the nature of the system and the extent of
separation desired. In the discussion which follows it is to be understoed that
each state is a theoretical or equilibrium stage, such that the effluent extract and
raffinate solutions are in equilibrium with each other. Each stage must include
facilities for contacting the insoluble liquids and separating the product streams.
A combination of a mixer and a settler may therefore constitute a stage, and in
multistage operation these may be arranged in cascades as desired. In counter-
current multistage operation it is also possible to use towers of the multistage
type, as described earlier.

Single-Stage Extraction

This may be a batch or a continuous operalion. Refer to Fig, 10.12. The
flowsheet shows the extraction stage. Feed of mass F (if batch) or F mass/time
(if continuous) contains substances A and C at x, weight fraction C. This is
contacted with mass §, (or mass/time) of a solvent, principally B, containing yg
weight fraction C, to give the equilibrium extract E, and raffinate R,, each
measured in mass or mass/time. Solvent recovery then involves separate re-
moval of solvent B from each product stream (not shown).

The operation can be followed in either of the phase diagrams as shown. If
the solvent is pure B (yg = 0), it will be plotted at the B apex, but sometimes it
has been recovered from a previous extraction and therefore contains a little A
and C as well, as shown by the location of §. Adding S to F produces in the
extraction stage a mixture M, which, on settling, forms the equilibrium phases
E, and R, joined by the tie line through M. A total materia} balance is

F+8§=M=E+R, (10.4)

and point M, can be located on line FS by the mixture rule, Eq. (10.1), but it is
usually more satisfactory to locate M, by computing its C concentration. Thus, a
C balance provides

Fxp + S, ys = Mxy, (10.5)

from which x,,, can be computed. Alternatively, the amount of solvent to
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Figure 10.12 Single-stage extraction. '

provide a given location for M| on the line FS can be computed:

S| Xp~ X

—m A 10.6

F ooy —ys (106)
The quantities of extract and raffinate can be computed by the mixture rule, Eq.
(10.1), or by the material balance for C:

E\y,+ Rix) = Mx,, (10.7)
= Mi(x, — x))
h—x

and R, can be determined through Eq. (10.4).

Since two insoluble phases must form for an extraction operation, point M. 1
must lie within the heterogeneous liquid area, as shown. The minimum amount
of solvent is thus found by locating M, at D, which would then provide an
infinitesimal amount of extract at G, and the maximum amount of solvent is
found by locating M, at K, which provides an infinitesimal amount of raffinate
at L. Point L also represents the raffinate with the lowest possible C concentra-
tion, and if a lower value were required, the recovered solvent § would have to
have a lower C concentration.

Computations for systems of two insoluble liquid pairs, or with a distributed
solute which is a solid, are made in exactly the same manner, and Egs. (10.4) to
(10.8) all apply.

All the computations can also be made on a solvent-free basis, as in the
upper part of Fig. 10.13, if the nature of this diagram makes it convenient. If

E, (10.8)
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solvent § is pure B, its N value is infinite and the line FS is then vertical.
Products £, and R, lie on a tie line through M, representing the entire mixture
in the extractor. Material balances for use with this diagram must be made on a
B-free basis, Thus,

F 4+ 8 =M =E +R{ (10.9)
where the primes indicate B-free weight (the feed is normally B-free, and
F = F’). A balance for C is

F'Xp+ S'Yg = M{Xy = EY, + RX, (10.10)
and for B F'Ny + X'Ng = M{Ny,, = E{Ng, + R{Ng, (10.11)
(ordinarily, Np = 0 since the feed contains no B). The coordinates of M| can be
computed, point M, located on line FS, the tig line located, and the B-free
weights, £ and R, computed:
- Ml’(XMl _ Xl)

Y, - X

and Ry is obtained through Eq. (10.9). The total weights of the saturated extract
and raffinate are then

Ey = E{(1 + Ng)) Ry =R{(1+ Ny (10.13)

E; (10.12)
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If the solvent is pure B, whence Ng = co, these equations still apply, with the
simplification that §' =0, ¥ =0, §'N; = B, and F’ = M/, Minimum and
maximum amounts of solvent correspond to putting M, at D and K on the
figure, as before.
Equations (10.9) and (10.10) lead to

Rf _ Y, - XMI

E - X = X, (10.14)
When the equilibrium extract and raffinate are located on the lower diagram of
Fig. 10.13, Eq. (10.14) is seen to be that of the operating line shown, of slope
— R{/ E}. The single stage is seen to be analogous to the flash vaporization of
distillation, with solvent replacing heat. If pure B is used as solvent, the
operating line on the lower figure passes through the 45° line at X, which
completes the analogy (see Fig. 9.14).

Multistage Crosscurrent Extraction

This is an extension of single-stage extraction, wherein the raffinate is succes-
sively contacted with fresh solvent, and may be done continuously or in batch.
Refer to Fig. 10.14, which shows the flow sheet for a three-stage extraction. A

Camposited
axtroct

, finol roffinate

Flgure 10.14 Crosscurrent extraction.
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single final raffinate results, and the extracts can be combined to provide the
composited extract, as shown. As many stages as desired can be used.
Computations are shown on triangular and on solvent-free coordinates. All
the material balances for a single stage of course now apply to the first stage.
Subsequent stages are dealt with in the same manner, except of course that the
feed to any stage is the raffinate from the preced